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ABSTRACT

Production of poly(3-hydroxybutyrate} (PHB) was done in a cyclone bioreactor

using various culture methods; including batch (lab and pilot scale) fed-batch and selt~

cycling fermentation with and without starvation periods. Alcaligenes eutrophus DSM 545

was used to accumulate about 87% (wtlwt) PHB to a total of 6.2 g L-I PHB at the end of a

48 hour batch. Similar pilot seale experiments contained a maximum of 96% (wtlwt) PHB

with 4.9 g L-i accumulated. Fed-batch culture of A. eutrophus produced 96% (wtlwt) PHB

with a final PHB concentration of 22.2 g L-i after 54 h. Self-cycling fermentation (Sep)

production of PHB resulted in an average of 35% (wtlwt) PHB without starvation periods

with production rates reaching 0.24 g L-i hri . With starvation periods of 4, 6 and 8 h

extended on the cycle times, production of PHB decreased except in the 8 hour s!?J"valion

period which was 59% (wtlwt). However, the rates of production all decreased to below

0.13 g L-i hri as the lengths of the starvation periods were increased.
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RÉSUMÉ

La production de 'poly(3-hydroxybutyrate)' (PHB) a été accomplie dans un

bioréacteur cyclonal avec des méthodes de culture variées, soit la fermentation fractionné (à

l'échelle du laboratoire et de l'usine pilot.::), la fermentation fractionné alimentée, et la

fermentation auto-cydique avec et sans périodes de jeûne. L'organisme Alcaligenes

eutrophus DSM 545 a été utilisé pour accumuler environ 87% (m/m) de PHB avec un total

de 6.2 g L-I de PHB à la fin de 48 heures. L'expérimentation à l'échelle de l'usine pilote a

permis l'accumulation un maximum de 96% (mlm) avec 4.9 g LI de PHB accumulée. La

culture de PHB en fermentation fractionnée-alimentée, permis l'accumulation 96% (mlm)

de PHB avec une concentration finale de 22.2 g LI après 54 heures. La fermentation auto­

cyclique du PHB sans période de jeûne a permis l'accumulation en moyenne 35% (m/m)

avec un taux de production de 0.24 g L-l hr1. Avec des périodes de jeûne de 4, 6 et 8

heures ajoutées à !afin de chaque cycle, la production de PHB a diminué sauf pour la

période de 8 heures qui a subit une accumulation de 59%. Cependant, les taux de

production ont tous diminués en bas de 0.25 g L-l hr1 en même temps que les périodes de

jeûne ont été augmentées.
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CHAPTER 1 INTRODUCTION

1.1 J>oly(3-hydroxybutyrate) and other poty hydroxyalkanoates

Poly(3-hydroxybutyrate) (PHB) is a microbial polyester which is accumulated in

the form of amorphous inclusions in certain bacteria (Lausier, et al, 1992). Il is a

biodegradable substitute for thermoplastics. In tests carried out by Krupp and Jewel (1992)

PHB was the only so-caIled biodegradable plastic to show substantial degradation in a

bioreactor. When PHB is extraeted from the bacteria it crystaIlizes to form a polymer with

similar properties to polypropylene as shown in Table 1.1. PHB is accumulated as a

caIbon reserve under nutrient limitation. This microbial polyester, which was fust

discovered by Lemoigne in 1927, was not produced commercially since PHB is more

brittle than polypropylene and cannot replace it completely. Il was not until 1974 (WhaIlen

and Rohwedder) that PHB was found to he part of a larger family of poly­

(hydroxyaIkanoates) or PHAs. The general structure of PHA is represented in Figure 1.1.

The tirst industrial production of PHB and PHA did not occur until 1982 when ICI

marketed a copolymer under the trade narne BiopolrM.

The hydroxy acid monomer units depend on the carbon source utilized. Bacteria

such as Alcaligenes eutrophus have utilized various C4 and Cs sources to produce

polymers with monomer compositions of 3HB, 4HB, 3-hydroxyvalerate (HV) and 5HV

(Anderson and Dawes 1990). Pseudomonas oleovorans have produced polymers with 3­

hydroxy acids with side chains ranging in length from Q; to C12 which had aIkanes such as

hexane through dodecane as carbon sources (Anderson and Dawes 1990). Co­

polymerization may aIso occur if more than one carbon source is utilized. Poly(3­

hydroxybutyrate-eo-valerate) (PHB-co-HV) is an example of co-polymerization which is

currently produced by zeneca, formerly ICI (PA Holmes, et al, European Patent 69,497,

April 1987). Il is produced by adding proprionic acid to the glucose rich media as polymer

accumulation occurs. This co-polymer is not a blend as are sorne of the so-eaIIed photo­

degradable polymers made from starch and polypropylene. The HB and HV monomer

unils are randomly linked aIong the polymer chain .

1



• Table 1.1 PHB Compared to Polypropylene.

Property PHB
175
80

ooסס50

1.25
6
40
20

Good
Good

No

pp
176
70

ooסס20

0.905
400
38
0.5
Poor
None
Yes

Comparison of physica1 properties between Poly-(3-hydroxybutyrate) and

Polypropylene. PHB and pp possess similar melting points, crystallinity,

and tensile strength. PHB is more brittle than pp but is biodegradable.

R H

\ __1. H

__ a/CH \ __ -
..-,-- c---

Il
o

-'

n

•
Figure 1.1 The PHB Monomer Structure.

Shown is the molecular structure of monomeric units of poly(3­

hydroxybutyrate. The R group is a methyl group for PHB and varies for all

other hydroxyalkanoates.
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BiopoFM bas had limited use because of the high price it demands (20$lkg

compared to 0.50$lkg for polypropylene) but has been used for specialty products

(biodegradable shampoo boUle) and in the medical field (degradable sutures). Until either

the demand becomes 50 high for biodegradable products that consumers will be willing to

pay such a premium or the production costs drop considerably, these plastics will remain

too expensive for the average consumer. 50, it is of utmost importance that the synthesis

of PHAs and PHB in particular be examined carefully and production alternatives be

investigated.

1.2 Alcaligenes eutrophus DSM 545

Because of its high yield and rapid production rate A eutrophus has been the species of

choice for PHB production. It is Iimited to sugars such as glucose and fructose as its

carbon source but does not have the invertase enzyme to degrade sucrose. These sugars

are a renewable resource unlike the petroleum needed for the production of synthetic

polymers. The optimal growth temperature for A. eutrophus is 30°C. It is therefore

important to have an efficient cooling system to keep the high-density, rapidly growing

culture at the optimal temperature during industrial production (Ramsay, et al, 1990). A

eutrophus typically accumulates up to 80% (wtlwt) PHB with glucose as substrate

(Holmes 1985). Typical batch fermentation techniques can produce PHB in quantities of

onlyabout JO g L-l. This is due to the inhibitory effect Glucose has on A. eutrophus al

concentrations above 15 g L-l. Fed-batch cultures ofA. eutrophus D5M 545 produced 24 g

of PHB L-l under ammonium Iimited conditions (Ramsay et al, 1990). A chemostat

culture of the same strain resulted in a maximum production of 1.5 g L-l of PHB at a

dilution rate of0.15 h-1 (Ramsay etai, 1990).

1.3 PHB synthesis

During normal metabolism and cell growth, Alcaligenes eutrophus converts glucose

into Iwo pyruvate molecules via the glycolytic pathway. Pyruvate is then converted to

acetyl coenzyme A which then enters the citrie acid cycle, releasing energy in the form of

3
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ATP, and GTP as well as NADH which then enters the electron transport chain and

donates ils electrons to Ü2 where the energy released is trapped in the form of ATP

(Prescott et al, 1990). However, as the growth becomes limited by an essential nutrient

such as nitrogen, Alcaligenes eutrophus begins to convert the acetyl-CoA to PHB as a

mechanism for storing carbon. PHR is synthesized from acetyl-CoA by a sequence of three

reactions catalyzed by 3-ketothiolase, acetoacetyl-CoA reductase, and poly(3­

hydroxybutyrate) synthase as shown in Figure 1.3. The two pyruvate molecules which exit

the glycolytic pathway are converted to 2 acetyl CoA molecules. These are combined to

form acetoacetyl-CoA catalyzed by 3-ketothiolase (acetyl-CoA acetyl transferase)

acetoacetyl-CoA is then converted to 3-hydroxybutyryl-CoA with the aid of acetoacetyl­

CoA reductase (hydroxybutyryl-CoA dehydrogenase). The final polymerization is

catalyzed by the poly(3-hydroxybutyrate) synthase.

poly(3-hydroxybutyrate) synthase

GLUCOSE,
..

2CH
3
CO-SCoA

•CH3COCH2CO-SCoA

•CH 3<[HCH 2CO-SCoA

OH +

glycolytic
pathway

3-ketothiolase

acetoacetyl-CoA reductase

•

PHB

Figure 1.2 Synthesis of Poly(3-Hydroxybutyrate) from Glucose.

Shown are the enzymes which catalyze the reactions from glucose to Acetyl­

CoA to acetoacetyl-CoA to 3-hydroxybutyryl-CoA to PHB.
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1.4 Batch Growth

Growth may be defined as an increase in cellular constituents. It lcads to an increase

in cell number when microorganisms reproduce by budding or binary fission. In the latter,

individual cells enlarge and divide to yield Iwo progeny of approximate equal size. It has

not usually been convenient for scientists and engineers to investigate the growth and

reproduction of individual microorganisms because of their small size. Therefore, they

normally follow changes in the total population numbers when studying growth.

Population growth is studied by analyzing the growth curve of a microbial culture.

When microorganisms are cultivated in liquid medium they are usuaIly grown in a batch

culture or closed system; that is, they are incubated in a closed culture vessel with a single

batch of medium. Because no fresh medium is provided during incubation, nutrient levels

decline and concentrations of metabolic byproducts increase. If the growth of

microorganisms reproducing by binary fission is plotted as the logarithm of cell number

versus the incubation time, the resulting curve is composed of four distinct phases (Figure

1.3).

1.4.1 Lag Phase

When microorganisms are introduced into fresh culture medium, no immediate

increase in cell numbers or mass is usually seen, and therefore this period is referred to as

the lag phase. Although .:elI division does not occur right away and there is minimal

. increase in mass, because new ceIl components are being synthesized. A lag phase prior to

the star! of cell division may be necessary for a variety of rcasons. The cells may be old and

depleted of energy and ceIl components must be synthesized before growth cao begin. The

medium may be different from the one the microorganism was growing in previously. In

this case, new enzymes would be needed to utilize different nutrients. Possibly, the

organisms have been injured and require time to recover. Whatever the cause, eventually

the cells replicate DNA, begin to increase in mass, and finaIly divide.

5
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Lag
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Time

Figure 1.3 Microbial Growth Curve in a Closed System.

Shown, the four phases identified on the curve are each discussed in the

text

The lag phase varies considerably in length with the condition of the

microorganisms and the nature of the medium. This phase may he quite long if the

inoculum is from an oid culture or one that bas bren refrigerated. Inoculation of a culture

into a chemically different medium also results in a lag phase. On the other hand, when a

young, vigorously growing exponential phase culture is transferred to fresh medium of the

same composition the lag phase will he short or absent.

1.4.2 Exponential Phase

During the exponential or log phase, microorganisms are growing and dividing at

the maximum rate possible given their genetic potential, the nature of the medium, and the

conditions under which they are grown. Their rate of growth is constant during the

exponential phase, the organisms dividing and doubling at regular intervals. Beeause each

individual organism divides at a slightly different moment, the curve Tises smoothly rather

than in discrete jumps (Figure 1.3). The population is most ncarly unifonn in terms of

chemical and physiological properties during this phase; therefore exponential phase

cultures are usually used in biochemical studies.

6
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1.4.3 Stationary phase

Eventually population growth ceases and the growth curve becomes horizontal

(Figure 1.3). This stationary phase is usually attained by bacteria at a population level

around 109 cells mL-! (Prescott et al, 1990). Of course, the final population size depends

on the nubient availabilily and other factors as weil as the Jype of microorganism being

culture<!. In stationary phase the total number of viable microorganisms remains constant.

This may result from a balance between cell division and cell death, or the population may

simply cease to divide even though remaining metabolically active.

Microbial populations enter stationary phase for a number of reasons. One obvious

factor is nubient limitation; if an essential nubient is severely depleted, population growth

will slow. It is during this phase where Alcaligenes eutrophus celis œase to multiply and

begin to accumulate PHB in the form of inclusions. Aerobic organisms are also often

limited by Oz availabilily because it is not very soluble. As cultures ofA. eutrophus become

more concentrated, Oz transfer in conventional stirred bioreactors is often not adequate for

cell growth. Population growth may also cease due to the accumulation of waste products.

For example, A. eutrophus can produce so much butyric and other organic acids during its

growth phase that its medium becomes acid and growth is inhibited unless pH control is

used.

1.4.4 Death Phase

Dettimental environmental changes such as nutrient deprivation and the buildup of

toxic wastes lead to the decline in the number of viable <:t'Ils characteristic of the death

phase. The death ofa microbial population, like its growth during the exponential phase, is

usually logarithmic. Although most of a microbial population dies in a logarithmic fashion,

the death rate may decrease after ti,~ population has been drastically reduced. This is due to

the extended survival of particularly resistant cells. This resistance may come from

7
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sporulation or the storage of energy in the forrn of PHB in the case of A1caliRenes

eutrophus.

Alcaligenes eutrophus grown in batch cultures is limited to a maximum yield of 10

g L-i of PHB due to the problem of substrate inhibition, since glucose tends to inhibit cell

growth in concentrations above 15 g L-i. The maximum theoretical yield calculated for

PHB from glucose is 0.48 (Yamane, 1993). Batch growth is norrnally achieved in aerated

stirred tank fermentors which have limited oxygen transfer at higher concentrations of

microorganisms. A. eutrophus has been grown in a cyclone column fermentor under

nitrogen limitation to produce 6.2 g L-i after 48 h (Sheppard et al, 1994a), as these results

were obtained for this thesis and were subsequently published they will be discussed

further in the experimentation section of this paper. The fed-batch technique is a method

simi1ar to batch growth which is used to obtain greater PHB concentrations without

inhibition from the substrate.

1.5 Fed-Batch Growth

Batch culture has sorne disadvantages that reduce its utility for commercial

production for commercial production. It is a non-continuous cell growth method which in

sorne cases, such as with Alcaligenes eutrophus, suffers from substrate inhibition. These

difficulties are less problematic with the semi-continuous fed-batch technique. Fed-batch

extends the normal batch fermentation by supplementing the broth with one or more

essential nutrients as they become exhausted. However, products of metabolism are not

removed and the working volume in the reactor increases as a result of each nutrient

addition (Sheppard 1993). At the end of the batch and fed-batch growth of Alcaligenes

eutrophus the cells are recovered and the PHB is extracted. Fed-batch culture has been

reported to produce over 25 g L-i from glucose although the feeding regimen was not

given (Ballard and Senior, 1987). Fed-batch culture of Protomonas extorquens was

reported toproduce up to 149 g ofPHB L-i (Suzuki et al, 1986). A. eutrophus was found

to produce up to 24 g of PHB L-i in fed-batch culture. During the accumulation phase, the

glucose was kept between 5 and 16 g L-i by the constant addition of a 50 % (wtIvol)

glucose solution. The maximum production rate of PHB was 2 g L-i hri and the maximum

8
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specific rate of PHB production was 0.14 g L-! h-! g of cellular protein-1 (Ramsay et al,

1990).

This method is still the most widely used means for production but bas certain

inherent disadvantages. The major concern is that this is not a continuous process. Once the

batch is completed, the process starts over from the initial startup, wasting time during

cleanup and sterili:zation, preparation of new inocula and the Iag phase before exponentiai

growth. The reasons for the problematic interpretation of data from batch culture was best

described by Sheppard (1989):

1) Bach generation of cells i~ subjected to a different environment as the medium

constantly changes.

2) The physiologicai state or condition of the cens usoo as the inoculum is not well

definOO as a result of the source aIso being a batch culture.

3) A batch culture is a transient phenomenon in which a steady state or equilibrium is

never obtainOO.

4) Control of a batch culture is limited to deftning the initial composition of the

medium and the end point of the fermentation.

These limitations of the batch culture technique result in generaI1y poor

reproducibility and limited understanding of the mechanisms underlying the growth and

reproductive process. The need for a more quantitative technique 100 10 the development of

an open, continuous method for continuous culture fust proposed by Monod (1950).

1.6 Continuous Culture

ln closed systems, such as batch and fOO-batch (fed-batch is not strictly a closed

system since nutrients are addOO) nutrient supplies are not renewOO nor wastes and PHB

removed. Exponentiai growth lasts for only a few generations and soon the accumulation

phase has passed and the bacteria are recovered. II is aIso possible 10 grow microorganisms

in an open system, a system with constant environmentai conditions maintainoo through

9
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continual addition of nutrients and removal of wastes. According to Monod (1950) and

later Herbert, et al, (1956) these conditions are met in the laboratory by a continuous

culture system, and a rnicrobial population can he maintained in the exponential growth

phase and al a constant biornass concentration for extended periods of time. The basis for

this technique is that a constant nutrient environment is provided to actively growing cells

by supplying a continuous feed of nutrient solution, with removal of microbial broth at an

equivalent volumetrie flow rate. The cells achieve a constant growth rate !hat is a function

of a lirniting nutrient concentration, represented by t~e following empirical equation:

1.1 = l.lmax (S 1Ks + S)

where 1.1 is the specifie growth rate (l/x • dx/dt) (hrl);

l.lmax is the maximum specifie growth rate at 2' Ks (hrl);

Sis the lirniting substrate concentration (g L-l);

Ks is the saturation constant (g L-l).

This system for continuous culture is known as the chemostat.

1.6.1 The Chemostat

A chemostat is constructed in such a way that sterile medium is fed into the culture

vessel at the sarne rate as the broth containing the rnicroorganisms is removed. The culture

medium for a chemostat possesses an essential nutrient (e.g., ammonia nitrogen) in rate­

lirniting quantities. Because of the lirniting concentration of this nutrient, the growth rate is

deterrnined by the rate at which new media is fed into the growth chamber, and the final cell

density depends on the initial concentration of lirniting nutrient. The culture is considered to

be at a steady state if there is no change in biornass concentration. Under this condition it

has been shown !hat the specific growth rate 1.1 is equal to the rate of nutrient addition

expressed as the dilution rate (0). The dilution rate is the rate at which medium f10ws

through the culture vessel relative to the vessel volume, where F is the flow rate (mL hrl)

and V is the volume (mL).

D=F/V

10
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Both the micrci:Jial population level and the generation time are related to the dilution

rate (Figure 1.4). With nutrient concentration constant, an increase in the dilution rate

shortens the generation time while the microbial population density remains unchanged.

The limiting nutrient will be almost completely used up under these balanced conditions. If

the dilution rate rises too high, the microorganisms can actually be washed out of the

culture vessel before reproducing because the dilution rate is greater !han the maximum

growth rate. The limiting nutrient concentration rises at a higher rate because there are

fewer microorganisms to use the nutrients.

Dilution Rate

Figure 1.4 The Effects of Dilution Rate on Continuous

Cultivation.

Shown is the theoreticai relationship at steady state between the bacterial

concentration (â), the cell doubling time(+), and the substrate

concentration in the broth (0) as a function of the dilution rate; from

Herbert, et al. (1956).

A. eutrophus has been grown in a chemostat at a dilution rate of 0.15 h-l in a 3.5 L

reactor, well below the criticai dilution rate D of 0.35 h- l (Ramsay et al, 1990). The

11



•

•

glucose concentration was varied from 0 to 20 g L-l. Below 8 g L-I no PHB accumulation

occurred, and above this PHB accumulation increased until the glucose concentration

exceeded 18 g L-l (Ramsay, et al, 1990). At the point of maximum accumulation, 0.6 g of

PHB per g of cellular protein was produced. This is an example of the disadvantages of

chemostat growth related to PHB accumulation. A final PHB accumulation of 1.5 g L-I

was obtained. Most bacteria, such as A. eutrophus, do not accumulate high concentrations

of PHA in a single stage chemostat because high growth rate and maximum PHA

accumulation cannot occur simultaneously (Ramsay, et al, 1990). Chemostat growth rates

of A. eutrophus cannot attain Ilmax since the cells would spend more of their energy on cell

division and less on accumulation. Culturing cells near Ilmax is also an unstable situation

where the growth rate fluctuates. If the rate increases beyond Ilmax then the cells would be

washed out. However, there is a method for continuous cell culturing known as continuous

phasing which allows growth near Ilmax while also producing high concentrations of

secondary metabolites.

1.6.2 Continuous Phasing

In response to the limitations of both the bateh and chemostat methods, a new

technique was developed to further advance the science of cell culturing. This technique is

referred to as continuous phasing (Dawson, 1972). It consists of growing the

microorganisms for a period equal to their doubling time and then feeding the

microorganisms with a fresh supply of nutrients. In order to maintain a constant volume,

half of the culture broth is harvested before dosing an equal volume of fresh nutrients to

refill the reactor. This ensures that each successive generation is grown under an identical

environment. The concept is ilIustrated in Figure 1.5 by showing the changes in limiting

nutrient and biomass concentrations. This technique has the advantages of being a

continuous growth method as well as only growing in the exponential pha.~\ removing the

lag phase and growing near Ilmax. Il also elimirtates certain problems Inherent with bateh

growth by producing two equal, identica1 samples of harvested broth. One remains in the

12
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reactor, the other is kept for analysis. Every sample is also nearly identical to the next since

there is only one doubling time of the bacteria to reach the next cycle. Which leads 10 the

theory of cell synchrony, where the tem}XIral correspond.ence between the period of

nutrient feeding and the biomass doubling time can result in synchronized growth and

division of the cells. A synchronized œIl culture is able 10 revea1 metabolic phenomenon

related directly to the cell cycle, something that is not possible with a random population.
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Figure 1.5 The Principles of Continuous Phasing.

Shown are the periodic variations in both the nutrient (À) and the biomass

(0) concentrations (g L-l). Bach nutrient cycle corresponds to one

generation of cells.

Continuous phasing has not been widely used compared to batch and chemostat for

microbial culture. Edwards (1981) criticized that the method of periodically adding

nutrients resuIts in environmental changes that throw doubt on how nonnal this

synchronized œil division and œIl cycle events are. This criticism is not valid because the

concept of L~e normal œIl cycle is impossible to define (Sheppard, 1989). Metabolic

phenomena cao ooly be defined in relation 10 the environment in which these phenomena
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are observed, and almost ail we know about the microbial world has been observed under

laboratory conditions that are certainly abnormal compared to nature. The principle problem

with the phasing technique is not that the technique is abnormal, but rather in the

interpretation of the experimental observations. Interpretation is problematic because of the

rather arbitrary selection of the period between feeding times. Testing may determine the

shortest period over which the microorganisms can double, however small errors in

harvesting and dosing quickly resuIt in instability and inconsistent performance as a result

of changes in biomass concentration (Sheppard, 1993). Since the cycle time (estimated

doubling time) is chosen from batch cycle experiments the exact doubling time may differ

as the cycles progress. It is possible to know if toc short of a cycle time is chosen since the

cells are not aIlowed enough time to divide and they are washed-out. But with longer cycle

times it is not possible to know how close l!max has been approached. An adaptation to this

technique was conceived by Sheppard (1989) by adding a feedback control t'l improve the

stability of the culture and eliminate the need for an arbitrary pre-determined cycle time.

1.6.3 Self Cycling fennentation

Self-eycling fermentation (SCP), a term first coined by Sheppard, et al (1990) is

similar to continuous phasing, except the growth rate of the microorganisms determine the

cycle time. The time at which fresh nutrients are added is determined by the time of

exhaustion of a limiting nutrient. Since there is a direct correlation between nutrient

limitation and oxygen utilization (Figure 1.6), the dissolved oxygen (DO) is monitored until

the exact point of nutrient limitation. It is used to trigger the cycle during which half the

nutrients are harvested and replenished with an equal volume of fresh nutrients. The

limiting nutrient used to trigger the cycle is nilrogen ~ince PHB accumulation occurs after

nitrogen limitation. When the nitrogen becomes limiting the cells stop growing and thus

their need for oxygen decreases, showing an increase in dissolved oxygen in the media as

shown in Figure 1.6. This change in slope of the dissolved oxygen is monitored by the

data acquisition system and the computer then initiates a sequence of operations that result

14



• in the rernoval of halfof the broth and the addition of fresh nutrients, thus beginning a new

cycle. lt has been noted that sorne PHB accumulation occurs before complete nitrogen

depletion is reached (Ramsay, 1990). This procedure bas been used to grow Bacillus

subtilis ATCC 21332 for surfactin production (Sheppard, 1989, Sheppard and Cooper

1990), and Acinetobacter calcoaceticus RAG-l (Brown and Cooper, 1991) for the

production ofbioemulsifiers (emulsan).
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Figure 1.6 The Effeet of Nitrogen Concentration on
Dissolved Oxygen

Shown is the relation between disso1ved oxygen (_) and nitrogen (+)

cuncentration during an individual seF cycle. The respiring cells utilize

nitrogen until it becomes depleted. As this point is reachcd the cells no

longer grow and the need for oxygen decreases. The computer feedback

loop is used ta detect the change in slope and thus trigger the next cycle.

Each consecutive cycle will undergo the same periodic fluctuation in

oxygen.

•
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In conventiona! SCF systems harvesting will occur directly after nitrogen depletion

and a new cycle will star! again. At this point, an extended starvation period could he

added to the end of each cycle to aceumulate greater amounts of PI-IB. Since the majority of

PHB accumulation occurs after nitrogen limitation, an extended period would, in theory

produce a higher PHB concentration. There may be a point at which the high concentration

of PHB inclusions inhibits the doubling time of the next cycle. This research will attempt to

determine the optimum control strategy.

1.7 Objectives

The objectives of this work were to determine the rate of PHB production and yield

of PHB from glucose using a culture of A. eutrophus grown under the following

conditions:

1. In a l-liter cyclone bioreactor using a batch culture method.

2. In a 75-liter cyclone bioreactor using a batch culture method.

3. In a l-liter cyclone bioreactor using a fed-batch culture method.

4. In a l-liter cyclone bioreactor using a self-cycling culture method with various

imposed starvation periods.

By achieving these objectives, the utility of the cyclone bioreactor for PHB

production al both the Iab and pilot sca1es can be assessed and the potentia! advantages of

the self-cycling technique for PHB production determined.
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CHAPTER II MATERIALS AND METHODS

2.1 Biomass concentration

The concentration of biomass in the fermentation broth was detennined by dry

weight analysis. Between 2S and 30 mL of broth was pipetted and centrifuged at 4000 x g

for 10 min (International Equipment Company model #We4q8934). The supernatant was

removed and the cel1s were washed with about 2S mL of distilled water and then

recentrifuged. After removing the supernatant the cells were transferred with a smal1

volume of distilled water to pre-weighed aluminum dishes. The dishes were placed in a

convection drying oven (Fisher Isotemp) at IOS°C and dried until constant weight. Weights

were <k..>termined using an analytical balance (Saratorius Basic Model BA1l08) with an

accuracy of 0.1 mg.

There were two potential sources of error from using this method: the inefficient

washing of the cells due to poor cel1 compaction white centrifuging, and measurement

errors (volume and weight) due to small sample sizes.

2.2 Glucose Concentration

In order to ascertain the efficiency of glucose utilization (PHB yield), glucose

concentration was determined by the DNS method for reducing sugars. The samples were

taken from the supernatant (which was frozen after the initial centrifugation) for biomass

deterrnination and were diluted to achieve a glucose concentration between 0.5 and 2 g L-i.

One mL of the appropriately diluted samples was placed in test tubes while 1 mL of

distilled water was used for a blank. A standard curve between 0 and 2.5 g L-i was also

prepared. One mL of 0.1 M citrate buffer was added and mixed using a vortex mixer.

Three mL ofDNS reagent (1.6% (wtIvol) NaOH, 1% (wtIvol) 3,S dinitrosalicylic acid and

30 % (wtIvol) NaK tartrate) were added and mixed weil. The tubes were placed in boiling

water for 10 min and allowed to cool. The absorbance was read at 600 nm using a

Pharmacia Novaspec II spectrophotometer with the blank as zero. The standard curve was

used to calculate the glucose concentration based on the appropriate dilution factors.
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In the case of cloudy samples they should be centrifuged to remove the cloudiness.

The number of samples to be tested should be limited to approximately 30 at a time

(including blank and standards) since the colour degrades within 30 min of removal from

the boiling water bath.

2.3 Ammonia Nitrogen Concentration

The nitrogen content of the broth was determined in order to ascertain if nitrogen

limitation had occurred and whether the cells had entered the PHB accumulation phase.

Five mL samples of supernatant were diluted to 50 mL in order to be within the I:mge of

lA to 140 ppm NH3. Five M NaOH was used to adjust the solution to a measured pH of

13 which shifted the balance of the equilibrium from Nl4+ to NH3 for direct quantitation.

The nitrogen content was quantified with an Orion specific ion electrode (Model 95-10).

Standard solutions of ammonium sulfate were used to construct a calibration curve to

correlate mV to NH3 concentration. The possible sources of error for this technique arise

from the dissappearance of the NH3 from solution since in its gaseous form it tends not to

remain in solution over time. Samples must be read immediately after NaOH adjustment

2.4 PHB Concentration Using Gas Chromatography

The samples for PHB deterrnination were prepared by the method of Rüs and Mai,

(1988), where 5 mL of broth was centrifuged at 3500 x g for 20 min in screw cap test

tubes. The supematant was removed (centrifuged biomass may be frozen for anaIysis later)

and 2 mL of 1,2 dichloroethane or trichloroethane was added to the tubes. To this 2 mL of

a solution containing 4 volumes of propanol to 1 volume of concentrated HCL were added

with 0.2 mL of an internai standard solution of 2.0 g of benwic acid in 50 mL propanol.

An externa1 standard solution was prepared in the same way with 0.02 g of PHA

containing 78% (wtlwt) PHB. The tubes were vortexed and placed in an oyen (Fisher

Isotemp) at !05°e for 3 h. They were removed every half hour, vortexed and replaced.

After the tubes had cooled, 4 mL of water was added and the tubes were vortexed again for

30 seconds. The organic (dichloroethane-propanol; bottom phase) was removed with

Pasteur pipettes for anaIysis.
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The PHB content of the samples was then quantified using an HP 5890 Series II

gas chromatograph. The gas chromatograph was fitted with an automatic injector and a

flame ionization detector which was supplied with 500 mL of air, 30 mL of hydrogen and

30 mL ofhelium min.- l . The injection split ratio was 100:1 with a helium flow of 0.9 mL

min.- l through the 25 m long HP5 capil1ary column (Hewlett Packard, Palo Alto, Calif.).

The injector port temperature was 180°C, and the detector temperature was 2000C. The

initial oyen temperature was 120"C and increased by 8°C per min. to a final temperature of

21O°C. Injections of 5 III were made and the retention times for the methyl ester of 3­

(hydroxybutyrate) and benzoic acid were 4.1 and 7.0 min regpectively.

The automatic injection system improves the reproducibility of this method by

reducing the error which arises from manual injections. These errors occur as users tend to

inject at different rates which may alter retention times or widen peaks. Other errors arise

from contaminants which accumulate in the column, however, proper conditioning of the

column overnight before a ron of samples will eliminate this effecl The conditioning

program is simi1ar to the temperature profile for a sample except the final temperature of

210"C is maintained for severa! hours. The threshold value of PHB was deterrnined to be

0.05 g L-t. Therefore, it was decided that A. eutrophus should be grown to produce PHB

above 0.5 g L-I to increase the reproducibility of the data.

2.5 Dissolved Oxygen Concentration

In order to deterrnine the on-line time of nitrogen exhaustion, the dissolved oxygen

must be monitored in situ. This was accomplished using an Ingold model (IL532)

polarographic oxygen sensor connected to an Oz meter (Instrumentation Laboratories Inc.

ModeI531). The multimeter provided the amplifier and a 4 - 20 mA output was measured

by connecting a chart recorder (BBC Goerz Metawatt model SE 420) across a 47 ohm

resistor. The data acquisition unit (Chapter 3.2) could also he used to convert the ana10g

output to a digital signal for monitoring by the computer. The IL 532 contains two

electrodes suspended in an electrolyte and isolated from the sample by a stainless steel

reinforced silicone membrane. Oxygen diffuses through the membrane where it is reduced

at the platinum cathode to hydroxy1 ions. A current flows between the cathode and anode

that is proportional to the concentration of oxygen in the sample. The probe can be
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sterilized by heating at 120°C for 20 min and has a built in thermistor for temperature

compensation between 15°C and 45°C.

The probe was mounted in a stainless steel fitting placed directly below the outlet

from the cyclone column for the laboratory scale fermentor (Figure 3.1). The recirculating

pump sucked the broth past the probe at high velocity (0.46 m s·I), ensuring no stagnant

layer or dead spaces around the membrane. The sensor was installed in the recirculation

100p of the pilot scale fermentor and placed perpendicular to the flow (Figure 3.2).

2.6 Viable Cell Count

Viable ceil count was measured to determine if there was any degree of cell

synchrony, ie. to show if there was a specific point during the cycle when most cell

division occurred. The method was a simple enumeration by Plate Count Method

(DepartmentofNatural Resource Science, McGiIl University, 1994). This method involves

serial dilutions of the sample foilowed by dispensing aliquots of the dilutions onto the

surface of agar plates. This technique is ca11ed the spread plate technique because the

aliquot is spread over the entire surface of the agar with a glass rod spreader. A 10-2

dilution of the sample was prepared by aseptica11y transferring 1.0 mL of culture into a 99

mL sterile dilution bottle filled with H20. Three subsequent dilutions were made of 10-4,

10-6, and 10-7. Sterile plate count agar plates were inoculated from the 10-6 and 10-7

dilution bottles with 0.1 mL of aliquot The aliquot was spread over the plates with a glass

rod until the 9 mm diameter surface was completely covered. The plates were inoculated at

30°C for 24 h and those containing between 30 and 300 colonies were individually

counted. Viable ceil count in the original samp1e was calculated using the formula:

CFU mL' _ r. # ofcolonies 1 plate 1 1

- # of plates counted X aliquot (mL) X decimal dilution

example:

150 + 175 + 164 X_1 X _1_ = 163XlO· = 1 63XlO' CFU mLI
3 0.1 10-5 •

20



• 2.7 Medium Preparation

Alcaligenes eutrophus DSM 545 was grown in a medium described by Ramsay et

al (1990) which was subsequently modified for the scale-up and for use in fed-batch and

self-eycling experiments according to Table 2.la and 2.lb.

Table 2.la Medium Composition

SCF**

Ingredient Concentration (g L-i), _

Ramsay's* Batch** Fed-batch

0.83

3.3

2.5

9.9

2.5 or 0.83

9.9 or 3.3

2.5

9.9

Phosphate buffer

KH2P04

Na2P04 • 7 H20

Salts solution

CaCl2 0.01 0.01 0.01 0.01

NH4· Fe (III) Citrate 0.06 0.06 0.06 0.06

MgS04 0.2 0.2 0.2 0.2

(NH412S04 0.84 0.28 or 0.84 3.36 0.84 or 1.68

Trace element solution*** 1 mL L-i 1 mL L-i 1 mL L-i 1 mL L-i

Glucose· 1 H20 16.5 16.5 16.5 5.5 or 16.5

*From Ramsay et al (1990) ** Batch growth: phosphate concentration

decreased when scaled-up, batch and SCF growth: glucose and nitrogen

concentration varied depending on experiment

Table 2.lb Trace Element Solution

•

Ingredient Concentration (mg L:ll
H3B03 300

CoClz • 6H20 200

NaMo04 • 2H20 30

NiCIz • 6H20 20

CUS04 • 5H20 10
***Concentration of trace elements.
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During batch growth, the excess phosphate buffer was used to maintain the pH

between 7 and 7.5. The potassium/sodium phosphate buffer solution, the minerai salts

solution and the glucose solution were each autoclaved separately in quantities of 700, 100

and 100 mL respectively, and then allowed to cool to avoid precipitation. The contents of

the three flasks were aseptically transferred to the 1 L cyclone bioreactor. The 100 mL

inoculum was prepared in the same manner as the medium, with the same concentration of

nutrients and also transferred aseptica\ly. The inoculum took between 15 and 24 h to grow

in a controlled environment incubator shaker (New Brunswick Scientific Co.) set at 3O"C

and 300 rpm. The limiting nutrient for the fermentation was the nitrogen source.

The pilot scale experiment used the same nutrients in the same proportions to a total

of 75 L Two different ammonium sulfate concentrations were used for the different

experiments. A lower phosphate buffer concentration was used since the pH was

maintained using an Ingold Model 2301 pH transmitter, Ingold pH electrode Model 405­

DPAS-K8Sf200 and a Masterflex peristaltic pump aJding 2 mol L-l NaOH. The

sterilization of the media was more complex, it was performed in situ and is explained

further in Section 3.2.

The fed-batch experiment was done in a laboratory scale cyclone bioreactor. The

identical medium was used for the batch growth except the initial (Nl4)zS04 concentration

was 4 times higher and a 50% (wtJvol) glucose solution was added with a maximum

addition of 25 mL (12.5 g glucose anhydrous) when the measured glucose in the reactor

fell to 2.5 g L-i.

The self cycling experiments also had the same medium except for the glucose,

(~hS04 and phosphate buffer concentrations. The glucose concentration for the initial

experiment was decreased to 5.5 g L-i since there was no accumulation phase added to the

cycle lime. The phosphate buffer concentration was kept low (Table 2.1a) for the same

reason while the initial (NH4)zS04 concentration remained at 0.84 g L-l for preliminary

results and testing of equipment. The medium from the second experiment contained an

(~hS04 concentration raised to 1.68 g L-i to increase the number of bacteria, or
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biomass concentration. AIl of the experiments with imposed starvation periods used the

initial measured glucose concentration of 16.5 g L-I, while the phosphaIe buffer remained

low since short starvation periods (Jess than 10 h) were planned. The potassium/sodium

phosphaIe buffer solution (8 L) was autoclaved in a ID L Nalgene bottle connecIed to the

control solenoid valve on the inlet to the reactor. The mineral salts solution and the glucose

solution were each autoclaved separaIely in quantities of 1 L respectively, allowed to cool

and the contents of the Iwo smaller flasks were aseptically transferred to the 10 L Nalgene

bottle. The medium was replenished periodically by autoclaving a second Nalgene bottle

(same as above) which could be connecIed with a Swagelock™ stainless SIeeI quick-release

tube fitting. The 100 mL inoculum was prepared in the same manner as for bateh growth.

CHAPTER III APPARATUS

3.1 The Cyclone Column Reactor

AIl the experiments were performed in a reactor referred to as a cyclone colurnn. Il

has been used eXIensively by Dawson (1963, 1971 and 1974) for the growth of Candida

utitis at both bench and pilot plant scales and is the subject of a patent licensed to W.H.E.

Process SysIems Limite<!. Bench scale units have been used for the study of Bacillus

subtilis by Sheppard (1989) one of which is illustraIed in Figure 3.1. These studies of

Alcaligenes eutrophus were also done with a bench scale reactor and a modified version of

the pilot scale reactor the details of which have been published by Sheppard et al (1994a).

3.1.1 Lab Scale Reactor

The laboratory scale bioreactor consisIed ofa custom made 7.6 cm inIema1 diarneIer

Pyrex cyclone with a total height of 59 cm and a working volume of 0.5 ta 2.0 L. The

cyclone was connecIed at the bottom with 112" flexible laIex tubing to a 14 Watt

magnetically driven centrifugal pump (March Model MDX). The pump recirculaIed the

broth through a side-arm and back into a tangential entry point at the top of the vessel al a

velocity of 1.0 m s-I. This caused swirling down the inside surface of the column where

the mixing occurred.
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Figure 3.1 The Cyclone Column 8ioreactor

Shown is the 1 L bioreactor used for batch and fed-batch growth.

(Sheppard et al, 1994b)

•

Fiitered air was introduced into the column about 15 cm from the bottom at a rate

between 0.5 and 1.0 L min-I . The air rose counter-current to the liquid f1ow, escaping out

the top after passing through a condensor (not shown) and po1ypropylene filters. Oxygen

transfer from the gas into the Iiquid phase occurred al..'ross the falling film and from the

bubbles entrained into the recircu1ation Ioop. The recirculation loop had a Iength of 0.6 m, a

volume of 0.1 L and a measured liquid residence lime of 0.8 s.
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The cyclone column was selecled for these studies because the units have severa.l

advantages over conventional stirred tanks. The advantages include:

1) Uniform mixing without the need for baffles is accomplished with a high measured

recirculation rate (7.9 L per minute or a 7.6 second turnover rate for 1.0 L). This

ensures that uniform measurements can be obtained for in situ analysis with a

dissolved oxygen probe and for extemallaboratory purposes (Sheppard, 1989).

2) The action of pumping around a recirculation requires a power to volume ratio

which is considerab1y higher than that required in a stirred tank, thus ensuring

superior mixing that is applied uniformly to the entire broth. Unlike the stirred tank

there are no need for coils for temperature control or for an air sparger ring to

regulate the environment , (Sheward etal, 1994b).

3) There are no aseptic seals. Sterilization of the complete unit is accomplished by

simp1y unclipping from the mounting board and placing it (including the side-arm,

pump-head and dissolved oxygen sensor) in the autoclave for 30 min at 121°C. The

magnetically-driven recirculation pumps are raled for continuous dutY, the heads

being sterilizab1e after addition of aluminum clamping plates. The absence of seals

and gaskets in addition to the Iight weight, all glass construction results in a simple

but reliable reactor (Sheppard, 1989).

3.1.2 Pilot Scale Reactor

A scaIed-up version of the cyclone bioreactor is shown in Figure 3.2. The pilot

scaIe reactor consisled of a 316 stainless steel cyclone reactor, a progressing-eavity type

recirculating pump (Seepex Model, 17-12NS) with a variable capacity of 50 to 125 L min-l

which required a power of400 to 1700 W and a tube-in-tube heat exchanger. The cyclone

and heat exchanger were custom made by Triton Engineering Ltd. (Halifax, N.S.) and

DoraI Ltd. (Montréal, Québec) respectively. The various instruments for process

monitoring and control shown in Figure 3.2 are Iisled and described in Table 3.1. The

working volume of the entire reactor (including recirculation loop) can vary between 40 and

140 L but is usually filled with 75 L, resulting in a scaIe-up factor of about 100.
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:Figure 3.2 The Pilot Scale 8ioreactor

The 75 L pilot scale reactor showing the locations of pressure gauges (P),

pH probe (pH), level probe (L), thermistor (T) and dissolved oxygen

sensor (DO).

In order 10 obtain the same rate of oxygen in the pilot scale reactor as in the

laboratory scale cyclone, the same ratio of interfacial film area 10 total volume would he

required. However as the size of the reactor increases, the working liquid volume increases

faster than the area of the liquid film. Since the swirling film area in the 1.0 L laboratory

scaIe bioreactor is about 960 cm2 (Sheppard and Cooper, 1990), the pilot scale reactor

would requITe 9.6 m2 with a 100 L volume, resulting in a height 10 diameter ratio greater
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than 15. This was not practical, especially if even larger reactors would be built. Instead,

the rate of oxygen transfer relied more on bubbles entrained in an extended recirculation

loop, while the reactor itself had a height to diameter ratio of only 2. The recirculation loop

was constructed of 5 cm diameter schedule 40 pipe on the suction side of the pump and 2.5

cm diameter schedule 40 pipe on the discharge side, which included the heat exchanger.

The total volume of the recirculation loop was 26 L, or about 30 % of the normal working

volume, with an overalI length of 22.9 m and a residence time ranging from 12 to 31

seconds depending on the pump speed.

Temperature control YSI Model2158

Function

pH control

Liquid flow

Liquid volume

Air flow

Air pressure

Dissolved oxygen

Instrument

Ingold Model 2301

pH transmitter

Controltron

System 180

Drexel Brook Eng.

Co. Series 700

Cole Parmer Model

32603-00 meter

Weksler Model

AA44-2 Guage

Ingold Model 170

% air amplifier

Specifications

Thermistor output ± 0.1 oC; control to ±O.5 oC;

two re1ays for hot and cold water solenoids

Dual relays for acid and base pumps; control to

±O.05 pH units

Dual ultra-sonic high temperature heads;

0-1585 LI min ±l %FS

Input from capacitance level probe Model

700-2-24; 38-130 L± 1%FS

0.5-4.0 scfm (14-113 L1min) ±l0% FS;

steam sterilizable

0-60 psig (0-141 kPa) ±O.5% FS

Input from Ingold 120 mm polarographic

sensor; 98%response in 20 s at 37°C;

0.3% linearity; temperature compensated

•

Table 3.1 Instrumentation for the Pilot Scale Bioreactor
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In order to attain a power input per unit volume equivalent to that of the laboratory

scaie reactor (17 W L-1) a pump speed of 350 rpm was required. However, the time in the

recirculation loop was still 13 times longer than that of the lab scale reactor, thus the

extended recirculation loop required more than one air injection point. The points of air

injection are shown in Figure 3.2: just before the broth enters the cyclone (primary

aeration), and at the pump discharge (secondary aeration).

3.2 Control Equipment

The 1 L laboratory scaie cyclone column reactor was operated in batch and fed­

batch mode with minimal control equipment other !han the recirculating water bath (Haake

Model FE2) for temperature control and a rotameter (Brooks Model 1355BB1B1AAA) for

control of the air supply. Samples were obtained manuaily from a sterile sample tube at the

top of the recirculation loop. In the case of fed-batch, a Masterflex peristaitic pump was

used to add the 50 % (wtJvol) glucose (anhydrous) feed after the level reached 2.5 g L-I.

The periodic addition of the nutrient solution and removal of the cel! broth, as occurs

during SCF, required considerably more hardware.

For SCF operation sterilizable solenoid valves (Skinner Model V52LB2052) were

used to control the flow of fresh medium from the medium storage through 114" latex

tubing into the reactor (Figure 3.3) and out of the reactor 10 the sarnple containers. The

media was gravity fed from sterilized media bottles above the reactor. Harvesting was also

done by gravitYand controlled by a sequence of three solenoid valves which can harvest up

to three sarnples in a row without requiring their immediate removal. There is a fourth valve

upstream from the other three 10 ensure sterility. In order to measure the liquid volume

entering and leaving the reactor several methods (Dawson 1972, Sheppard, 1989,

Sheppard, et al 1990) have been used for volume control as wel! as 10 control the cycle

itself. Self-eycling fermentation with improved volume control (Sheppard, 1993) requires

that the entire cyclone be mounted on a stand place<! on an electronic balance (Precisa

ModeI8000D-24000G).
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Figure 3.3 Lab Scale Self-Cycling Apparatus

The fermentation apparatus showing the cyclone column reactor mounted on

an electronic balance, the dissolved oxygen probe and the six solenoid valves

for accomplishing the harvesting, dosing and aeration during the SCF.

•

Both the control flexibility and accuracy were improved with the use of a computer

in conjunction with a data acquisition and control interface connected ta the electronic

balance in lieu of the relays and timers which had been previously used to control

continuous phasing (Sheppard, 1989). The computer was a Hewlett Packard Model 87
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XM, connected via an HP-IB parallel interface bus to a Hewlett Packard 3421 data

acquisition and control unit which performed the ana10g to digital conversion of the 0-0.8

V signal from the balance and a 0-0.8 V input from the dissolved oxygen meter. A

thermistor was required to compensate for the effect of temperature on the electronic

balance. A linear correlation was obtained hetween the balance temperature and the balance

output in volts with a slope of 0.39 % 1°C. Even though this is apparently a small effect,

the entire reactor plus fermentation broth weighs about 4.7 kg. Thus a three degree change

in temperature can result in a change in weight of about 67 grams or 13% of a 500 mL

harvest volume. The software was designed to measure the thermistor temperature before

every cycle and calibrate the balance input signal to the data acquisition and control unit as

shown in the simplified flow char! of the controllogic for the prograrn in Figure 3.4.

Peripheral computer equipment consisted of a dual disk drive (HP Mode19121) and

a printer (HP Model 82906A) ail connected via HP-IB para11el interface. The setup of the

system is ilIustrated in Figure 3.3, showing the HP 3421 A acting as a bi-directional

interface. The HP 342lA is capable of heing connected to up to 30 devices through three

1/0 cards. Bach card can he configured to receive 8, 9, or 10 analog inputs with up to two

channels functioning as control relays. One of the cards was connected to a relay box

which increased the number of control relays to 10 per card instead of 2 per cardo This was

done in order to not limit the control capacity in the case of future scale-up of the self­

cycling bioreactor since there are many more components to control in the pilot scale

bioreactor (Table 3.1). In this system the control relays were attached to six solenoid

valves, five of which controlled dosing and harvesting and one which turned the air inlet

valve and circulating pump on and off.
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Figure 3.4 The Flowchart of the Computer Program

Simplified flowchart illustrating the logic of the computer prograrn used for

control of the broth harvesting and nutrient dosing taken from Sheppard

(1993). This flowchart does not dernonstrate the possibility of adding a

starvation period at the end of each cycle.
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The appmatus was controlled with an HP BASIC custom program written for the

personal computer. A copy of the prograrn is included as Appendix A. The program used

simple instructions to the data acquisition and control unit. To read the balance voltage for

example, the command is to output to the data acquisition and control unit device number

asking for the OC voltage reading of a specific channel on one of the boards; OUTPUT

709; "OCV02". This stores the value in the internal memory of the data acquisition and

control unit which can be read with ENTER 709; BALWT to enter the value as the variable

describing the balance weight in volts. The two-wire resistance of the thermistor is read

with "TWOO4", and the DO probe is read with "OCV03". The solenoid valves and pump

are controlled by c10sing the circuit with relays with the command "CLS12" for example to

close the second relay on board number 1. The prograrn is structured with control loops to

fill and empty the reactor and also to calculate average values for the dissolved oxygen,

thus providing a means for determining the precise time of nutrient exhaustion.

CHAPTER IV EXPERIMENTATION

4.1 Lab Scale Batch Culturing

4.1.1 Procedure

The main purpose of producing PHB in batch cultures using A. eutrophus was to

compare the results from the lab scale cyclone with the pilot scale reactor. A1so, the results

could be used to estimate the potential PHB accumulation during the starvation period (after

nitrogen limitation) in SCF experiments. The entire bioreactor, including recirculation arm

and pump head, was autoclaved at 121°C for 30 min. The same was done for the 900 mL

of medium which was prepared in separate flasks and allowed to cool to avoid precipitation

of sorne salts. The 10% inoculum was prepared as stated in Section 2.7 and was aseptically

transferred to the reactor along with the medium. Samples were taken every 3 h except for

near the point of nitrogen limitation (generally between 10 to 15 h of growth) where

samples were collected every 1 hour.
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• 4.1.2 Results

The data from this experiment have been published, (Sheppard et al. 1994a). Figure

4.1 illustrates the accumulation of PRB and biomass while showing the point of nitrogen

limitation which coincided with the dip in dissolved oxygen concentration. The

concentration of PHB was 0.58 g L-l in 1.89 g L-l of biomass when the initial nitrogen

supply of 180 mg was exhausted after about 14 h. At this point, 3.1 g L-l glucose was

consumed resulting in a biomass yield on glucose of 0.61 g g-1. After this point the cells

are respiring less and are accumulating PRB. The glucose was exhausted after 48 h,

resulting in a final production of 6.2 g L-l PHB in 7.1 g L-l at the end of the bateh

corresponding to a PRB content of 87% (wtIwt).
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Figure 4.1 Batch (Bl) Growth of A. eutrophus
Accumulation of PRB. while growing A. eU/rophus DSM 545 in the

laboratory scale bioreactor showing the changes in dissolved oxygen (.),

glucose (A), biomass dry weight (0), and concentration of PRB (+).

Growth of the culture was limited by 0.84 g L-l ammonium sulfate.
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The overall yields from glucose were 0.53 and 0.46 for total biomass and PHB

respectively. This is very close to the maximum theoretical yield calculated for PHB from

glucose of0.48 (Yamane, 1993). The overall PHB accumulation rate was determined to be

0.13 g L-I hrl over the 48 h, corresponding to an accumulation rate of 0.018 g PHB g

biomass-I hrl . The minimum concentration of dissolved oxygen, 78%, occurred just prior

to nitrogen limitation.

A duplicate of this batch was done, producing similar results as shown in Figure

4.2. The 180 mg of nitrogen was exhausted after 15 h and the glucose was exhausted after

48 h. The final PHB content was found to be 6.1 g L-I with a biomass concentration of 6.8

g VI after 48 h.
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Figure 4.2 Batch (B2) Growth of A. eutrophus

Accumulation of PHB while growing A. eutrophus DSM 545 in the

laboratory scale bioreactor showing the changes in nitrogen (.), glucose

(~), biomass dry weight (0), and concentration ofPHB (+). Growth of the

culture was limited by 0.84 g L-I ammonium sulfate.
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The overall PHB accumulation rate was 0.128 g L-! br over 48 h, corresponding to

an accumulation rate of 0.018 g PHB g biomass-! br! because little accumulation took

place after 48 h. The minimum concentration of dissolved oxygen, 86.5%, occurred just

prior to nitrogen limitation. The kinetics for both growth and PHB production for

experiments BI and B2 are very similar to those reported by Sonnleitner et al (1979) for A

eutrophus H 16 growing on lactate as a carbon source in a conventional stirred reactor,

a1though only 15% (wt/wt) PHB based on dry weight was achieved during the growth

phase, with a maximum accumulation of 78% (wtIwt) PHB.

4.1.3 Discussion

As expected, most of the production of PHB in a conventional bateh culture using

A. eutrophus DSM 545 occurs after the point of nitrogen limitation. There was an

accumulation of 30% (wtIwt) PHB in biomass dry weight before the point of nitrogen

limitation was reached which agrees with Ramsay et al, (1990). The maximum specific

growth rate, /.l, during the exponential growth phase prior to nutrient limitation was

determined to be 0.21 br! which would be equivalent to a 3.3 hour doubling time for the

bacteria This was below the critica1/.1max which bad previously bœn determined to be 0.35

hr' (Ramsay et al, 1990).

The final PHB level of 87% (wtIwt) of the biomass dry weight were substantia11y

higher than those reported by PA Holmes (1985) and Sonnleitner et al (1979) of 80%

(wt/wt) and 78% (wt/wt) respectively. It bas been previously demonstrated that A

eutrophus is influenced by the concentration of dissolved oxygen for both controlling

respiration rate during growth (Sonnleitner et al, 1979) and affecting the synthesis of PHB

(Steinbüche1 and Schleigle, 1989; Sleinbuchel and Pieper, 1992). The uniform mixing and

high levels of dissolved oxygen may account for the higher PHB content with respect to

biomass dry weight Another possible factor may he a result of using the pumped

recirculation loop for achieving agitation which results in plug flow hydrodynamics, unlike

the uniform mixing of a stirred tank (Sheppard et al, 1994b). The culture is continuously
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cycled through variations in both the pressure and concentration of dissolved oxygen, with

a frequency determined by the pumping rate and the total working volume. In the

laboratory scale cyclone, the cycling frequency was about 7.5 min- I . The cycling

frequency, as weIl as the aeration, would have an effect on the on the magnitude of changes

in the dissolved oxygen concentration. The higher the frequency, the closer the agitation

will approach perfect mixing with correspondingly less change in the level of dissolved

oxygen. Therefore, a possible explanation for the high PHB percentages is the extra stress

imposed on the cells as a result of fluctuations in the oxygen supply. However, this

hypothesis requires further investigation.

4.2 Pilot Scale Batch Culturing

4.2.1 Procedure

TItree experiments were done using the 75 L reactor at different pump speeds and

aeration in order to compare the results with the laboratory scale bioreactor. The

sterilization procedure was more complex than with the pilot scale reactor since it was

performed in situ. The sterilization consisted of 2 stages. The first stage was performed

when the reactor was empty. Steam was sparged into the system at two points: in through

the inlet filter and flow meters, and in the bottom of the cyclone through the air exhaust

filter. After sparging for 20 mins, the steam supply was closed and the filters were cooled

to ambient temperature with about 30 L min-lof air. After completion of this stage, the air

lines were isolated from the reactor by closing bail valves. The reactor was then filled with

70 L of water, the recirculating pump was started, the glucose powder was added and

steam was supplied to the heat exchanger. The composition of the pump stator, Buna-N,

limited the sterilization temperature to a maximum of 95°C. This temperature was

maintained by regulating the rate of steam supplied to the heat exchanger. After 1 h the

steam was replaced by cooling water, regulated by a YSI Model 2158 controller to maintain

the fermentation temperature at 30±0.5°C. Before inoculation of the pilot scale reactor, the

mineraI salt solutions were sterilized as two separate 2 L fractions in an autoclave, cooled

and then aseptically pumped into the reactor to obtain a working volume of 74 L. The

inoculum was grown in the laboratory scale cyclone for 15 h and then asepticaIly pumped
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in10 the large reactor 10 give a final volume of 75 L. Samples were taken at similar time

intervals 10 the lahoratory scale reactor, however the method for removing samples

differed. The sampling system on the pilot scale reactor consisted of a sample pipe,

perpendicuIar to the flow of the recirculation loop (Figure 4.3). The sampling took place by

fust opening the steam valve and the outer sample valve (2) to sterilize the outlet The steam

valve was then shut and the sample pipe was allowed to cool. The upstream sample valve

was then opened 10 remove a sample and closed again. The steam was opened again and

valve 2 and the steam valve were then closed

i
Flow

Sample valves

Q)/~~@

Sample outlet

Steam valve

•

Figure 4.3 Sampling Valve Diagram

The sample pipe consisted of two ball valves with steam injection m

between.

The three pilot scale experiments differed by the amount and place of aeration,

pump speed and initial concentration of nitrogen in the growth medium. In the fust and

second experiments, the 0.28 g L-l was used with a pump speed of200 rpm and either 57

L min- l ofprimary aeration or 107 L min-lof secondary aeration. For the third experiment,

approximately 0.84 g L-l of ammonium sulfate was used. Since the increased nitrogen

content increases the amount of growth, it increased the need for oxygen and hence a

higher pump speed was used, but aeration was reduced to a total of 45 L min-l, split

between the primary and secondary injection points to ensure more unifonn aeration.
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4.2.2 Results

The results for the pilot scaIe experiments have also previously been published

(Sheppard et al, 1994a) and are summarized and compared in Table 4.1. ln the pilot scale

experiments the groy..th kinetics closely resembled those obtained in the laboratory scale

cyclone, with the nitrogen being exhausted between 15 and 20 h. Accumulation of PHB

continued for an additional 40 to 45 h or until the time of glucose exhaustion. In the third

experiment with the higher initial nitrogen concentration (Figure 4.4), the final biomass and

PHB concentrations were 5.1 and 4.9 g L-I. Although in the larger reactor the

accumulation of PHB as a percentage of biomass remained very high, the yield of PHB

based on total glucose consumed decreased to between 0.28 and 0.38 g PHB g glucose-l,

less than what was obtained in the laboratory scaIe cyclone.

PHB PHB
PHB Yield Yield Min.
Conc. (g/ g (% of Aeration* Power** 0.0.

Experiment (g/L) glucose) Biomass) (wm) (W/L) (% sat.)
Pl 2.0 0.28 80 0.76/0.0 8 0
P2 2.0 89 0.0/1.4 8 74
P3 4.9 0.38 96 0.2/0.4 17 84

Table 4.1 Summary ot'PHB production in pilot scale reactor.

* Refers to both primary/secondary aeration and wm is volume of air per volume of liquid

per minute.

** Data refers to electricaI power consumed for pumping.

The PHB accumulation rate was determined to be 0.10 g L-I hr l at the end of the

experiment which was similar to that of the batch growth in the lab scaIe cyclone. There

was a PHB accumulation rate of 0.020 g PHB g biomass-I hr1, which was an

improvement over batch growth in the lab-scaIe cyclone due to the nigher concentration of

PHB as a %of biomass dry weight.
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Figure 4.4 Batch growth (P3) in Pilot Scale Reactor

Accumulation of PHB while growing A. eutrophus DSM 545 in the pilot

scale bioreactor with 15 L min-lof primary aeration plus 30 L min-lof

secondary aeration and a pump speed of 350 rpm, showing the changes in

the dissolved oxygen (.), glucose(Â), biomass dry weight (0), and the

concentration ofPHB (+). Growth of the culture was limited by 0.84 g VI

of ammonium sulfate.

4.2.3 Discussion

The results have provided sorne preliminary information with respect to th~ ~e-up

criteria of the cyclone bioreactor. The lower height 10 diameter ratio of the 75 L bioreactor

and the long recirculation loop had a significant effect on the concentration of dissolved

oxygen that could he maintained without using secondary air injection. Adequate oxygen

supply for high densities ofbacteria could not he maintained with a pump speed of 200 rpm

and injection ofprimary air alone. The concentration of oxygen in solution, however, was

increased by increasing either the pump speed or secondary aeration at the pump discharge.

lncreasing the pump speed resulted in a lower reteotion time in the cyclone reactor and

greater liquid velocity and turbulence in the recirculation loop, albeit with increased power

consumption.
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With a pump speed of 350 rpm and a recirculation rate of 118 L min- l • the broth

spends only about 20 s in the loop. This was adequate to maintain in excess of 84%

saturation of dissolved oxygen with 5.1 g L-l of biomass. Il is apparent that the most

important criterion for scale-up of PHB production in a cyclone bioreactor was the power

input per unit volume. This power requirement will vary depending on the concentration of

biomass and it will require further study to characterize this relationship.

As was the case with the laboratory sca1e bioreactor. there were high levels of PHB

with respect to biomass dry weight ranging from 80 to 95% (wtlwt). The relationship

between the cycling of the oxygen in the recirculation loop may be even more pronounced

in this case since the cycling frequency of the broth in the pilot sca1e reactor varied between

1.6 min -1 and 1.2 min- I . This would have an even greater effect on the magnitude of

changes in the dissolved oxygen. Another possible explanation for the high PH B content

cornes from the gentle action of the progressive cavity pump which has no sharp edges and

rotates much slower !han conventional larger scale mixers used in stirred tanks which

produce high shear forces which may rupture bactcria

4.3 Fed-Batch Culturing

4.3.1 Procedure

The procedure for the fed-batch was essentially identical to that of the lab-scale

batch experiment except that glucose was added periodica1ly and the initial nitrogen

concentration was increased to 3.36 g L-1 for increased bioma~s before the PH B

accumulation phase. Glucose was added with a Masterflex perista1tic pump in quantities of

25 mL at a time. The subsequent additions of 50% (wtIvol) glucose were added when the

glucose concentration fell below 2.5 g Vi. Sterilization, production duration and sampling

were aH done the same way as in the lab-sca1e batch growth experiments.
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4.3.2 Results

Shown in Figure 4.5 are the results from the fed-batch experiment. This technique

differs from a conventional batch technique by the periodic addition of supplemental

glucose at the times shown by the arrows in Figure 4.5. The biomass dry weight was

inereased by the higher initial nitrogen concentration to about 6 g L-l before any significant

PHB production began.

Figure 4.5 Fed-Batch Experiment (FI)

Production of PHB using A. eutrophus DSM 545 in the Iaboratory seale

reactor with a fed-batch technique, showing changes in the dissolved

oxygen (.), biomass dry weight (0), and the concentration of PHB (+).

GroWtJl of the culture was Iimited by 3.36 g L-l of ammonium sulfate.
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The growth kinetics were similar 10 the previous laboratory and pilot scale batches

with the nitrogen heing exhausted after about 15.5 h, coinciding with the minimum

concentration of dissolved oxygen, 32 % of saturation. The PHB concentration at the end

of 54 h was 22.2 g L-l, which was 96% (wtJwt) of the biomass dry weight The overall

yields of PHB and biomass were also very high, 0.41 and 0.43 g g of glucose-l,

respectively.

4.3.3 Discussion

The concentration of 22.2 g L-1 PHB attained was similar to fed-batch experiments

performed by Ramsay et al (1990) except for the high yields of PHB with respect to

glucose which were again near the theoretical maximum yield for PHB of 0.48 (Yamane,

1993). The PHB production rate was determined to be 0.41 g L-l hr l at the end of the

experiment (54 hrs) which was 4 times higher than the batch growth. lt also had an

accumulation rate of0.018 g PHB g biomass-1 hr l . AIl the batch experiments had similar

growth kinetics. The kinetics are, however, highly dependent on the inoculum since a long

lag phase tends to retard cell division. This is why self cycling is such a useful

experimental too1. It results in near identical, consecutive cycles which have littIe or no lag

phase. This is due to the cycling of half the reaclor volume, which leaves another half of

the broth to inoculate fresh medium. Thus, each cycle is inoculated with the same fresh,

viable, and highly concentrated inoculum eliminating the conditioning of the medium by the

bacteria which causes long lag phases.

4.4 Self CyC\ing Fermentation

4.4.1 Procedure

Six experiments were carried out (SCFI, 2, 3...), three of which had no starvation

period added imposed nitrogen depletion. The other three had starvation periods of 4, 6,

and 8 h respectively. The medium chosen for the fust two was identical, using the same

nutrient concentrations used for batch growth except for a decreased amount of glucose (5

g L-l). This amount was chosen since the cycle time would he short enough that there

would he little PHB accumulation and thus no need for high concentrations of glucose.

The experiment SCF3 used an increased concentration of glucose (10 15 g L-l) and

nitrogen (10 1.68 g L-l), thereby increasing PHB concentrations and achieving more
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reproducible analysis from the gas chromatography. The final three experiments ail had the

same concentrations of nutrients as experiment SCF3. A decreased phosphate buffer

concentration was used for all six experiments since, even with the 8 hour starvation

periml, there were not enough hydroxy acids to drastica1ly affect the pH. The sterilization

procedure was similar to that used for bateh experiments; the cyclone reactor, side-arm,

pump head, dissolved oxygen probe, dosing and harvesting solenoid valves, and air filters

were ail assembled and pIaced in an autoclave at 1210 e for 30 min. The medium was

autoclaved as described in Section 2.7. After the reactor was cooled, the data and control

acquisition unit was attached to the solenoids, pump, D.O. sensor, and the prograrn was

started.

The user is prompted by the program with questions concerning the date and time

of the experiment, the desired reactor volume when full, the cycle volume and the initial

inoculum volume. The choice of irnposing a cycle time or using the self cycling feedback

loop controlled by the dissolved oxygen is then offered. If the feedback loop is chosen, the

user is then prompted to choose a starvation period after nutrient limitation (zero if none is

desired). The reactor is autornatica1ly filled to 900 mL and the user is prompted to add the

100 mL of inoculum. The pump is autornatically started and the dissolved oxygen is

monitored by the computer until the point of nitrogen exhaustion. At this point, either a

timer is started equal to the starvation period or one half of the broth is harvested if the

starvation period is set to zero.

4.4.2 Results

4.4.2.1 Minimal Starvation with Decreased Glucose

The resu1ts for all six experiments are summarized in Table 4.2. Figures 4.6 and

4.8 represent the PHB production by self-eycling fermentation using no starvation period

after the point of nitrogen limitation. The experlments were concluded after 18 and 36

cycles respectively. The harvested PRB averaged 0.41 and 0.23 g L-! respectively,

producing a yield of 37.5 and 27.9 % (wtIwt) PHB with respect to biomass. The average

residual glucose levels for each were 2.56 and 1.65 g L-! respectively. Thus having a yield

on glucose of0.17 g PHB g glucose-! and 0.45 g biomass g glucose-! for SeF 1 and 0.07

g PHB and 0.25 g biomass g glucose-! for SCF 2.
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Figure 4.6 PRB and Biomass Concentrations l'rom SCFI

Self cycling fermentation of A. eutrophus DSM 545 in the laboratory scale

bioreactor showing the PHB (+) and biomass dry weight (0) accumulation.

With a straight line through the average. Growth of the culture was limited

by 0.84 g L-! ammonium sulfate. Starvation time was minimal.

•

Figures 4.6 and 4.8 show the cycle times and volume harvested for every cycle of

SCF1 and scn. These values were ca1culated and printed by the program. The average

cycle time for each were 157 and 148 min respectively. During scn (Figure 4.8), the

initial startup volume was inaccurately dosed due to an error in dead volume calculations

and had to he corrected by placing a 50 g weight on the balance until the next cycle where

the program corrected itse1f. Therefore, the average cycle time was ca1culated based on the

stabilized section of cycles. The production rates for PHB in each experiment were 0.08

and 0.5 g L-! hr! respective1y. The production with respect to biomass was 0.072 and

0.053 g PHB g biomass-! hr! respective1y. The specific growth rate, Il for each of the two

experiments were 0.26 hr! and 0.28 hr! respectively, higher than the 0.15 hr1 used in

chemostat growth (Ramsay et ai, 1990).
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Fi~ure 4.7 Volume and Cycle Time from SCFl

Selfcycling fermentation of A. eutrophus DSM 545 in the laboratory scale

bioreactor showing the cycle volume (.) and cycle time (~) with straight

line through the average values. Starvation time was minimal.
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Figure 4.8 PHB and Biomass Concentrations from SCF2

Selfcycling fermentation of A. eutrophus DSM 545 in the laboratory scale

bioreactor showing the PHB (. ) and biomass dry weight (0) accumulation.

With a straight line through the average. Growth of the culture was limited

by 0.84 g L-l ammonium sulfate. Starvation time was minimal.
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Figure 4.9 Volume and Cycle Time from SCF2

Self cycling fermentation of A. eutrophus DSM 545 in the laboratory scale

bioreactor showing the cycle volume (.) and cycle time (.6.), with minimal

starvation time.

4.4.2.2 :Minimal Starvation with Increased Glucose and Nitro~en

Figure 4.10 shows the self-eycling production of PHB with A. eU/rophus DSM 545

equal to an average concentration of 1.2 g L-l and biomass dry weight equal to 3.0 g L-l.

The experiment ran for 26 cycles without contamination. The PHB content with respect to

biomass was 40% (wt1wt) at a production rate of 0.47 g L-l br-l with an accumulation of

0.15 g PHB g biomass-l brl . The specific growth rate, JI, for SCF3 was determined to be

0.27 brI .
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Figure 4.10 PHB and Biomass Concentrations from SCF3

Self cycling fermentation of A. eutrophus DSM 545 in the laboratory scale

bioreactor showing the PHB (+) and biomass dry weight (0) accumulation.

With a straight line through the average. Growth of the culture was limited

by 1.68 g L~l ammonium sulfate. Starvation time was minimal.
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Figure 4.11 Volume and Cycle Time from SCF3

Self cycling fermentation of A. eutrophus DSM 545 in the laboratory scale

bioreactor showing the cycle volume (.) and cycle time (~) with straight

Une through the average values. Starvation time was minimal.
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4.4.2.3 Intercycle cell growth

During cycle 23 of the SeFJ, samples were taken directly from the reactor every 20

min for analysis and plate-count in order to verify if any cell synchrony was occurring. The

data presented in Figure 4.12 shows the ceIl numbers double midway through the cycle. As

shown in Figure 4.12, the PHB and biomass concentrations double throughout the cycle.

Since there was 3.45 g VI of glucose utilized during the cycle, the yield of PHB on

glucose was equal to 0.18 g PHB g glucose~1 and the yield of biomass on glucose was

0.44 g biomass g glucose-1•
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Figure 4.12 Inter Cycle Glucose Concentration and

viable cell count from SC.~3

Single cycle of self-cycling fermentation. Shown is the glucose (8)

concentration and number of colony forming units mL·I (x 109) (.) of A.

eutTophus during the 23rd cycle with a limiting nitrogen concentration of

1.36 g L-l.Starvation time was minimal.
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Figure 4.13 Inter Cycle PHB and Biomass Cone. from SCF3

Single cycle of self-eycling fermentation ofA eU/rophus DSM 545. Shown

are the PHB (. ) and biomass dry weight (0) concentration during the 23rd

cycle with a limiting nitrogen concentration of 1.36 g L-l with minimal

starvation time.

Shown in Figure 4.12, the glucose is not completely utilized, its concentration is

increased ta 14.6 gIL at the beginning ofevery cycle. The PRB concentration (Figure 4.13)

increases gradually throughout the cycle but not unifonnly, after the point where the cells

double, the slope of PRB increase decreases slightly, thus accumulating less PRB after the

time of cell division.

4.4.2.4 Four Hour Starvation Period

The results for SCF4 are shown in Figure 4.14 where there was a PRB

accumulation of 0.95 g L-l and a final biomass concentration of 3.30 g L-l resulting in a

paB content of 29% (wtlwt). SCF4 ran for Il cycles before it became contaminated The

doubling time increased ta an average of 167 min (Figure 4.15) which is equivalent ta a
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• specifie growth rate of 0.25 hr1. The PHB was produced at a rate of 0.14 g L-l hr1 and

accumulated at a rate of 0.04 g PHB g biomass-1 hr1.
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Figure 4.14 PUB and Biomass Concentrations l'rom SCt'4

Selfcycling fermentation of A. eutrophus DSM 545 in the laboratory seale

bioreactor showing the PHB (+) and biomass dry weight (0) accumulation.

With a straight line through the average. Growth of the culture was limited

by 1.68 g L-l ammonium sulfate. A four hour period of starvation was

imposed after each cycle.
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Figure 4.15 Volume and Cycle Time l'rom SCF4

Selfcycling fermentation of A. eutrophus DSM 545 in the laboratory seale

bioreactor showing the cycle volume (.) and cycle time (~) with straight

line through the average values. Note, the cycle time includes 240 min of

imposed starvation, so the average doubling time is 167 min.
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• 4.4.2.5 Six hour starvation period

SCF5, shown in Figure 4.16 accumulated 0.71 g L-! PHB and had a fmal biomass

concentration of 2.91 g L-! resulting in a PHB content of 25% (wtJwt). SCF4 ran for 23

cycles before becoming contaminated. The doubling time was on average 176 min which is

equivalent to agrowth rate of 0.23 hr!. The PHB was produced ata rate of 0.08 g L-! br!

and accumulated at a rate of 0.03 g PHB g biomass-! br!.

600

()

500 l
=-.
~

400

700..
0

0 n n 0 0 0 0
voo v v v 0

'" A A A A à A.. ~ ~ ~ ~~ ~ .. ~ ~

~

• • .. ... • • •.... .. ~.. • ~~.
300

o 2 4 6 8 10 12 14 16 18 20 22

Cycle number

3.50

3.00

~ 2.50
~

·B 2.00

j;l
1.50c

8c
1.000u
0.50

,
0.00\

Figure 4.16 PHB and Biomass Concentration with

Cycle Time for SCF5

Self cycling fermentation of A. eutrophus DSM 545 in the laboratory scale

bioreactor showing the PHB (+), biomass dry weight (0) and cycle time

(~) with straight line through the average values. Note, the cycle time

includes 360 min of imposed starvation, 50 the average doubling time is 176

min.

•

4.4.2.6 Eight hour starvation period

The results for SCF6 are shown in Figure 4.17 where there was a PHB

accumulation of 2.72 g L-! and a final biomass concentration of 4.60 g L-! resulting in a

PHB content of 59% (wtJwt) at the end of each cycle. SCF6 ran for 9 cycles before it
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• became contaminated. The doubling time of the A. eutrophus was 164 min which is

equivalent to a growth rate of 0.25 hrl. The PHB was produced at a raIe of 0.31 g L-l kt

and accumulated al a rate of 0.07 g PHB g biomass-I hr'.
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Figure 4.17 PHB and Biomass Concentration with

Cycle Time for SCF6

Self cycling fermentation of A. eutrophus DSM 545 in the laboratory scale

bioreactor showing the PHB (+), biomass dry weight (0) and cycle time

(À) with straight line through the average values. Note, the cycle time

includes 480 min ofimposed starvation, 50 the average doubling time is 164

min.

Exp. Nmbr. PHB Biomass OfoPHB Prod. Prod. Doubling Starv.
# of conc. st. dev. conc. st. dev. in rate' rate' time period

Cycles g/L g/L g/L g/L Bio. g/g'hr g/L'hr mins. mins.
SCF1 19 0.41 0.05 1.08 0.07 38 0.072 0.08 157
SCF2 37 0.23 0.05 0.89 0.08 26 0.053 0.05 148
SCF3 26 1.20 0.09 3.02 0.13 40 0.077 0.23 155
SCF4 1 1 0.95 0.16 3.30 Q.20 29 0.021 0.07 167 240
SCF5 23 0.71 0.08 2.91 0.09 25 0.014 0.04 176 360
SCF6 9 2.72 0.28 4.60 0.17 59 0.028 0.13 164 480

Table 4.2 SCF Experiment Results

• * The rate ofPHB production is in units of g PHB g biomass-I hr' and of

g PHB L-I brl.
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4.4.3 Discussion

The SCF results had a high degree of reproducibility with respect to consecutive

cycles, the three SCF experiments which had no starvation period had a PHB content of

between 26 and 40% (wtJwt) based on biomass (Table 4.2). The difference between SCF2

and SCFI and SCF3 is probably a result of inacurate control of cycle volume. It seems also

that because growth rate was faster the medium was probably somewhat different. Figure

4.7 shows that the fust cycle of SCFI is a bateh cycle of 14 h and the subsequent cycles

are equal to the doubling time of A. eutrophus. The cycle times did stabilize immediately

and the averages are based on the cycle times subsequent to the fust cycle. In Figure 4.8

however, there was a temperature fluctuation in the initial cycle which affected the

dissolved oxygen concentration and caused the computer to cycle the reactor prematurely.

The subsequent cycle was extended automatically to fully utilize the excess nitrogen in the

reactor left over from the flfSt cycle. It may be that the initial glucose concentration was

lower as a result of mixing the medium before it had a chance to cool properly. This could

cause the formation of a precipitate and reduced the availability of glucose. This theory

cannot be verified since the samples were taken automatically at the end of the cycle and no

data on initial concentrations are available.

The effects of starvation on PHB accumulation were noticed only when starvation

periods of 8 h were used. The growth rate (doubling time) remained constant throughout

the experiments and the overall production rate decreased as cycle times increased. The

SCF3 experiment which had double the nitrogen as the medium for bateh growth (BI-2)

produced double the amount of PHB 1g of biomass. The rate of PHB accumulation of0.23

g L-! hrt was also much higher than 0.03 g L-! br! after nitrogen limitation (14 hrs) or

compared to the 0.13 g L-! br! at the end of the batch (BI). This rate was similar to that

obtained in chemostat growth by Ramsay, et al (1990) which had a rate of 0.225 g L-! br

1. The accumulation rate of PHB of0.077 g PHB g biomass-! br1 during SCF3 was also

higher than the bateh by a faclor of six at the point of nitrogen limitation and a factor of 4.3
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at the end of the 48 h . This was because the biomass and PHB were harvested every 2.7 h

(i.e. each cycle) instead of after 14 h of batch growth or after the 34 h of accumulation at

the end of the batch. The accumulation rate of PHB during SCF3 was a1so 1.5 times

greater than that of the chemostat accumulation rate of 0.05 g PHB g biomass-1 hr1

(Ramsay et al, 1990).

Although experiments SCF4 and SCF5 produced significant amounts of PHB they

\Vere not equiva1ent to the amounts produced after an equivalent amount of starvation

period during the batch growth (BI). The batch cycle (BI), after 18 h produced 1.72 g

PHB L-I hrl with a PHB content of 68% (wtlwt) of biomass which was 1.8 times higher

than the amount of PHB accurnulated after a 4 hour starvation (Table 4.2). The rate of PHB

accumulation in SCF4 decreased compared to SCF3 because the PHB content remained the

same while the cycle time increased This a1so affected the rate during the longer cycle

times of SCF5 and SCF6. It appears that forcing the cens to star! reproducing again after

accumulating PHB may affect the subsequent cycles by slowing the growth and a1so

inhibiting the accumulation of PHB early in the cycle. Experiment SCF6, however, did

show an inl.,'rease in PHB production compared to SCF3, similar ID PHB accumulation

during batch growth after 22 h, where the rate of PHB accumulated in BI (obtained

through extrapolation) was 2.77 g L-I hrl. Perhaps with longer imposed periods of

starvation PHB accumulation is less inhibited by the effect of cycling. However, as cycle

times increase the accumulation rate decreases. In SCF6 where the PHB accumulation was

the highest at 59 % (wtIwt) of biomass; the production rate was half of that of the SCF3

experiment with no starvation period.

Although the da:a presented concludes !hat shorter starvation periods are more

productive, it is important to remember that product recovery costs must be factored into

production costs. In order to reduce recovery costs, higher concentrations of PHB must be

accumulated, al the expense of greater productivity. Further study could use this method to

study the control of PHB molecular weight, the utilization of stored PHB, or cell division

in the presence of high concentrations of PHB.
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CHAPTER V CONCLUSIONS

Several methods of microbial cell culture were used to produce poly-3­

hydroxybutyrate (PHB) in a cyclone bioreactor using Alcaligenes eutrophus DSM 545.

The batch (Iab and pilot scale), fed-batch and self-cycling fermentation (SCF) procedures

were used to determine the utility of the cyclone bioreactor and SCF technique for PHB

production. The following conclusions have been drawn based upon the objectives set

forth in this study:

1) PHB was grown reproducibly in al-liter lab-scale cyclone bioreactor using a batch

culture of A. eutrophus DSM 545. GeneraIly PHB concentration increases

significantly during the final generations of cells, achieving an overaIl production

rate of 0.13 g PHB g biomass-I hrl with 6.2 g L-I of PHB.

2) A scale-up of the bioreactor to 75 L produced results with similar growth kinetics to

the batch growth when producing PHB. The PHB concentrations obtained in the

pilot and lab-scale batches were also similar with the same medium and power input

for recirculation.

3) The fed-batch growth ofA. eutrophus in a 1 - liter cyclone bioreactor was attained

with similar growth kinetics to and higher PHB concentrations than previously

published work, achieving an overa11 production rate of 0.018 g PHB g biomass-1

hrl with 22.2 g L-I of PHB.

4) Self-cycling fermentation of A. eutrophus DSM 545 produced PHB while still

retaining the ability for cells to divide during subsequent cycles. Inter-cycle data

shows how the PHB and biomass are accumulated during cell growth and the point

at which the cells divide. The production rate is optimal when the reactor is cycled

just after nitrogen limitation and decreases when higher starvation periods are

chosen even though higher PHB concentrations are obtained. The maximum overall

production rate achieved was 0.077 g PHB g biomass-I hr1 with 1.2 g L-I.
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CHAPTER VII APPENDIX

Computer I)rogram for SCF
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(THERM/IOOO) -. Ol)t)024*LOG (THEF:M/ 1()t)l) ""3

....CALCUL.,;TE INDICATED TEMPEF:ATURE
~CORRECT FOR TEMPERATURE
""CORRECT FOR TEMPERATURE
*CORRECT FOR FOAM!I'IG
~CALCULATE FOAM PRODUCTION

OUTPUT 709 : "DPNl1"
OUTPUT 7l)9 : "CloSlO"
v/A 1 T 1(l1)(tI)

OUTPUT 7<)9 : "OPNl('"
OUTPur 7'>? : "CLSIL"
OUTPUT ?1)9 : "OCI/2" !
E:!'ITER 709 : r1,'Jl l
I~·lT:.:: Il'·J T r.,. (1- (R fEl"IF'-"S:2. 4/1>:. (JO.3'-?)
Ë'.'Jr=F~·1 T- l',') r-9~8AL,,'Dr::

iF El<JT<= Cl THEH (Jû ro ~7('

GOrD 52t) !
OUTPUT 7 1>9 : "OF'~ll1" ~

DIS? "F:Ei4CrOF: FILLE!). ADD IHüCLJLUI"!"
DISP "F'PESS CDNTll'lUE !<E:' ~lHEN F !r-II3HED"
PAUSE
OUTPUT 7CJ9 : "CL5Lû" !
SETTIME ('.1
IF i-'rCYCLË=l l'HEN Garo 670
SPER l DO=CPER IOD*6000(,
ON TIMER'" 1.5F'ERIOO GOTO 890
GoTO 680
ON TI !"IER# 1. 1800000 GOTO 69('
GoTO 680
OFF TIMERD
rlINOXY=2 !
SCOUI\IT=I) !
OXYIA=I) !
SCOUI'lT=SCOU,,!T+ 1
OUTPUT 709 :" DCV04" !
ENTER 709 ~ OXYl
OXY1=-OXYl !
OXYtA=OXYIA+OXYl
IF SCOUNT=l(;O THEl\! GOTO 790
GaTO 730 !
OXY1=OXYIA/SCOUNT !
IF OXY1<MINOXY TH EN GOTO 840 !
OELTAOXY=OXYI-MINOXY !
IF DELTAOXY>.006 THEN GOTO 860
GOTO 710 ~

MINOXY=QXYI
GOTO 710
ON TIMER# 2.SSPERIOD GOTO 880 ~

GoTO 870
OFF TIMERtt ::
MTIME=TIME 160
OUTPUT 709 : "OC'J2"
ENTER 709 : PUMP
OUTF'UT 709 : "OPN1('" !
lolA! T 60(1)(1 !
OUTPUT 71:19 : "0CV2" !
ENTER ïCJ9 : PHLol r
OUTPUT 709 : "CL511)" !
OUTPU r 7(19 :" HIO::" ~

ENTER 709 : THEEi'1
rEM?=. 00:3123+. I)OO.;:;(IT!'!'LOG
ITEMP-=I/TEMF'-273 1

PHlol rC=F"HI·lT *' (1- '. 1TEMP-32. :2) '*'. (1039)
PUNPC=PUf"lF""" (1- (ITEMP-32. 2>"'i'. 0(39)
CORR= (. (J(t68-PHloJTC+FUMF'C' IBALVDC !
FOAt'l=t:ORR~. 29 !

5')4
5('6
~~O8

31.)
51:2
52')
5:~o.)
..,.-..,.
..J.';''')

~4':'

55')
500
57')
581)
59(1
6C'(1
61(1

620
63(J
640
650
66')
67 ')
680
69')
700
710
720
730
740
750
755
761)
770
780
790
800
811)
820
830
840
850
860
87<)
880
890
89:2
894
91)(1

910
9:::(1
9.30
'732
941)
951)
~OIJ

'~7(J

975
<:;l7,':1

978
979

•
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.,CONT ff\lUE H:~F.;\,'EST!I'IG

HARVEST L~T.

NO.
NO. :?
NO. .'

*CALCULATE HARVESTED VOLUME
*TURN OFF F'UMF'

*MEASURE TOTAL WEIGHT

*OPEN MEDIUI1 DOSIl\IG VALVE

*CLOSE SAC1F'LE VALVE
*CLüSE SAf'!F'LE I/ALVE
*CLOSE SAl'lF'LE VAL \,lE
""vIA l T 10 SECONDS
*MEASURE FINAL POST

*DPEN Si':'I'IF-'LE \)~1L. \JE:': l'!L) , .:;.
'''l'IEASUF:E rDl ?',L t-JË l OH (

"'OFEN Sm'lF'LE

*CONTINUE DOSIl'lG
*CLOSE MEDIUM DOSING VALVE
*MEASUF:E FINAL IJ.SE l GHT

*fNCRE!"lËNT SAMf:'U:: \.JAU,'E NO.
980 OUTPUT 709 : "CLS15"
991) S'JALVE=SVALVE+l
1000 IF 5VHL.'.JE<4 rHEN Garo 1020
1010 SI/ALI/E=l ~

1(l:~':' IF SI/P,L \/E;:- 1 T'HEt·1 GOiù t (15')
10:;::0 DUTF'UT 7::·9 : "CLS12" !
ti)'l(J GOTO 109\)
1('50 !F SV':;'~LVE=3 THEl'l Garo 108('
1(61) OUlF'ur 7 1)9 : "CLSt.:."
11)70 Goro 1090
l(180 OUTPUT "1(1"? : "CLS14"
!t)9(1 OUTF'U r 709 : "DC',/~:" !
Il r)U ENTEF: 71)9 : Nl'! 1
1 t t l) l'J,,,JTC=Ht·IT*.; 1- ( r TEI'U-:'-:;';2. :::) .,.. (11).39)
1135 Hl'JTC=mJT+ l F:IJOL-C\lDL- 285+COF:F: ~i!-Bt~L\.lDC ~ ;.:.C,::LCULATE POST-HARI,IES TI'! r
lt4·') EI.'JT=NI)ITC-HvHC-5;o.8AL'/DC
1150 IF El'JT<= Cl THEN Goro 1170
1160 GOTO 1090 !
1170 OUTPUT 709 :HOPN15"
118(1 lllAIT 15000
1190 OUTPUT 709 :':OPN12"
1200 OUTPUT 709 :"OPN13"
1210 OUTPUT 709 : "DPN14"
1220 "'JP!IT 100(1)
1230 OUTPUT 709 • "DCV2" !
1240 ENTEF: 709 ,: Pl,ajT
1245 PloJTC=Pt<IT* (1- (ITEMP-32~2) *. 0039l
1250 HVOL=(PUMPC-PWTCl/BALVDC !
1252 OUTPUT 709 : "OPN10" !
12eO OUTPUT 709 :"OCV2" !
1265 ENTER 709 : PD"'JT
1270 OUTPUT 709 : "CL511"
1275 OUTPUT 709 ~"DCV2"

1280 ENTER 709 : PDWT
1285 POWTC=PDWT*(1-(ITEMP-32.2l*.0039l
1291) EWT=RL'IT-PDl>JTC+ (RVoL-140) *8ALVDC
1300 IF EWT<= 0 THEN GoTo 1320
1310 GOTO 1270 !
1320 OUTPUT 709 :"O?N11" !
1340 OUTPUT 709 :" DCV:" !
1350 ENTER 709 ~ PDWr
1355 PDtAITC=POI,a/T*' (1- t l TEMP-.32. 2 l '*.00.39)
1360 DI/DL= (PDWTC-PWTCl IBALVDC ! *CALCULA'TE DDSED I/OLUl"lE
1370 FINAL=<PHl'.iTC-RtoJT> /8ALVDC+IOO ! "CALCULATE FINAL VOL 8EFORE HARVEST
1380 OUTPUT 709 : "CLS10" ! *RESTART PUMP AND TEM? CONTROL
1390 SETTIME (l.1 ! -*RESET CYCLE TIMER
1400 PRINT USING "6A.3D.2A.4D.5A.3D.20A.4D.3D.9A.3D.D.A" ; "CYCLE ".CCOUNT.";
MTIME." MIN ".HVOL." HARVEST: FINAL VOL ".FINAL.FOAr1." ML FOAM ".ITEMP."C"
1410 CCOUNT=CCOUI'IT+1 ~{~DVANCE CYCLE COUNTEF:
1420 GOTO 630 1 "START A. NE~'I C'iCLE LOOP
143/;1 END

•
62




