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ABSTRACT

A study of mobile-bed contacting with a 5.5-inch dia-
meter column packed with low density (0.15 gm./cc.) spheres,
was carried out with countercurrent gas and liquid flow rates
in the range 200 ( G ( 3,600. and 4,000 ( L (.25,000 1b./hr.sq.-ft.
Aspects studied include hydrodynamic parameters - minimum fluid-
ization velocity, G bed expansion, h, liquid holdup, and axial
mixing of liquid, Pe, for four sizes of spheres, 0.5, 0.75,

1.0 and 1.5-inch, and mass transfer parameters including effec-
tive interfacial area and '"true" liquid-phase mass transfer co-
efficients for 0.75-inch spheres.

Liquid mixing and liquid holdup were determined by pulse
testing using finite bed transfer function analysis. The hy-
drodynamic results are presented as relationships between
liquid-phase Peclet number and the stirring number, £ = E—:—Emi'

G 9
mf
correlations for G_ . and h, and graphical representation for

liquid holdup.

Three separate modes of mass transfer, those for
droplets, films and bubbles, were identified. The relation be-
tween the new process of mobile-bed contacting and the well-
known contacting techniques in packed beds, aerated vessels, and
spray columns has been established. Correlations for interfacizal

area and mass transfer are given for use in design.
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. _INTRODUCT ION

1.1 MOBILE-BED CONTACTORS

A recently developed method of gas-liquid contacting
involves countercurrent flow of these two phases through a bed
of low density packing which is kept in a state of violent motion
by the combined action of the gas and‘liquid flow. Typically
the packing consists of plastic spheres of density about 0.15-g/c.c.
1 1/2-inch or .less in diameter. Hollow, molded polyethylene
or pblypropylene spheres and foamed polystyrene balls have
been used. The vigorous movement of the packing has a strongly
beneficial effect on the region in the vicinity of the gas-
liquid interfaces which is so important in processes involving
interfacial transport. The ability of the bed to expand provides
an additional advantage over contactors with fixed beds in that
much higher gas and liquid mass velocities may be used. In
comparison with conventional columns with fixed beds of packing
it is therefore possible in mobile-bed contacting to obtain higher
rates of gas absorption and heat transfer in columns of signi-
ficantly smaller diameter. A practical feature of great utility
is the self-cleaning feature of mobile-beds when used with gases
or liquids which contain materials that deposit on the packing
of fixed-bed contactors.

As a new technique, this type of operation has been
described by a variety of names. The technique is known in-
dustrially primarily under two trade names, Turbulent Contact

Absorbers (TCA) or Floating-Bed Wet Scrubbers (14€-T).



Although Douglas and co-workers have referred to the process

in the past as "turbulent-bed contacting", or "three-phase
fluidization', the generic term "mobile-bed contacting' has now

been adopted as the most generally descriptive name (25,29,115,149) .,
For convenience the designation MBC will therefore be used in

this thesis.

The new technique was invented by Kielback (146,148)
who had been concerned with a specific gas-liquid contacting
problem at the smelter of the Aluminum Company of Canada at
Arvida, Quebec. During the production of aluminum by the
electrolysis of alumina dissolved in cryolite and other
fluorides, a hot tarry mist is evolved which contains hydrogen
fluoride, carbon dioxide and particulate matter. Conventionally,
the gas was treated in a large grid-packed tower which required
frequent and expensive maintenance because of fouling by the
particulate matter. This problem provided the stimulation for
the solution conceived by Kielback of using a bed packed with
low density spheres which would be kept free of fouling by
the self-cleaning action of the motion of the balls. The use
of low density spherical packirg gave a low pressure drop, which
is one of the main limitations in most scrubbing applications.
Further development and application to other chemical process
problems was carried out by a group at Howard Smith Paper Co.,
Cornwall, Ontario. Douglas et al. (147) reported a modification
to Kielback's version of the contactor for use in the pulp and

paper industry for the carbonation of treated sulphite liquor



in the production of vanillin, and in the preparation of
various pulping liquors} sodaf ite, semi-chemical 1liquor,
and the liquor for the new Magnefite process.

A number of workers (25,28-9,146-52) have published
preliminary data which are helpful in the design of MBC for
industrial applications., The limited design procedures
available are based primarily on the operating experience
of units already installed. While a good record of industrial
applications has been achieved, the availability of a general
calculation model would make it possible to design with
greater confidence and economy for new applications, and to
optimize design procedures and operating conditions.

As the majority of gas-liquid contacting operations
are conducted for the purpose of effecting mass transfer be-
tween the fluid phases, and as the only mass transfer studies
published for MBC are of an extremely 1imited nature (147,149),
a thorough investigation of mass transfer in MBC was needed.
Mass transfer, or any interfacial transfer operation, is
affected rather sensitively by the conditions of axial mixing
in the contacting vessel. Unfortunately, most published mass
transfer studies do not properly account for the effect of mixing
on mass transfer. Published transfer coefficients therefore fre-
quently are strongly affected by the extent of axial mixing in

the experimental equipment used. In order that this error



be avoided in the present study, an extensive study of axial
mixing was carried out in the same equipment as used for
the mass transfer study.

Along with the mass transfer study, the interfacial
area in MBC was also determined. Knowledge of the effect of
processing conditions on this variable is in itself valuable,
and in addition the determination of interfacial area made
it possible to obtain and examine an area-based mass transter
coefficient rather than the volumetric-based coefficient which
is more commonly available.

The need to have some information on the hydrodynamics
of MBC in order to carry out a sound mass transfer investigation
jeads to extending the determination of physical characteristics
to include studies of bed expansion, minimum fluidization
velocity, and liquid holdup.

These, then, were the specific features of a
study which was oriented to providing the basis of a more
efficient and reliable method of design of industrial mobile-

bed contactors.



I1. LITERATURE SURVEY

This chapter contains a brief survey of the

published literature relevant to this thesis.

2.1 LIQUID HOLDUP

Liquid holdup is one of the basic liquid-side de-
pendent variables in the operation of fixed- and mobile-bed
contactors. The importance of holdup in the mass transfer
process is demonstrated by the number of attempts made to
correlate and explain data on the basis of liquid holdup (1-10).
Holdup has been shown to have a direct influence on liquid-
phase mass transfer (6-9), on loading behaviour (7) and on

the gas-phase pressure gradient (7).

2.1.1 Liquid Holdup in Packed Beds

The two types of procedures by which holdup in packed
beds has been measured may be designated as:
- direct method (2,9-18)
- indirect method (6,22-27)
Using the direct method, early workers identified
two components of total holdup, i.e. operating and static
holdup. In the more recent indirect method, the amount of
liquid retained is obtained by tracer techniques with transient

response, a method which gives total holdup under actual



operating conditions with the advantage of not requiring

-

interruption of the flow.
Most of the correlations of operating holdup are

dimensionally inconsistent, In 1953 Otake and Okada (20)

proposed the first generalized correlation in dimensionliess

form asf
0.676 3 2 ~-0.44
= da. d’q p~ -
Hop L295(u) ( u2 ) (%F) (2.1)

The proposed modifications of equation (2.1) which have since
then been proposed by Davidson (6), Varrier and Rao (5) and
Mohunta and Laddha (21) have been reviewed by Khanna (22).

The earlier holdup measurements, obtained for use
in design, were not related to any theory. Recently some
effort has been directed to elucidating the mechanism of flow
of liquid in packed beds (6,18-9 ). This approach should lead
to a better understanding of the hydrodynamics of packed beds,
including a theoretical basis for the prediction of holdup
for use in modelling for design and optimization of gas-liquid

contacting in fixed and mobile beds.

2.1.2 Holdup in Mobile~Bed Contactors (MBC)

in MBC, for which the spherical packing is constantly
in motion, the ratio of static to operating holdup is zero,
so that the distinction which has conventionally been made

between operating and total holdup effectively disappears.



Gel'prin et al. (28) have measured liquid holdup in MBC

by the direct method while Chen and Douglas (29) employed
the indirect method based on the transient-response tracer
technique. The latter concluded that holdup is independent
of gas flow rate but is primarily influenced by the liquid
filow rate and diameter of the packing, as is indicated by

their empirical correlation

Hp = 0.02 + 2.83 x 107 (L)O'6 (d)‘o'5 (2.2)

It is important to note that, in this correlation, HT is
based on the static height, not the expanded height, of the
mobile-bed. Also, this correlation may not apply to the
entire range of MBC operation as it was obtained for values
of bed expansion anly up to approximately H/hs= 2, where hg
and H indicate the static and expanded bed height respectively.
The results of Gel'prin et al. (28) for a mobile-bed in fact
show that the increase in amount of liquid retained in propor-
tion to the increase in bed expansion is considerably less
than given by equation (2.2). This difference may be due to
differences in the range of bed expansion for the two

investigations.



2.2 _INTERFACIAL AREA

Although earlier work concerning mass transfer in
gas-liquid contactors involved the use of volumetric-based
transfer coefficients, the trend to put mass transfer on a
more theoretical foundation has brought the need to separate
the interfacial area term from the more basic area-based
transfer coefficient. As it is this approach which has been
used in this thesis, the literature on interfacial area

will now be reviewed briefly.

2.2.1 Drv, Wet and Effective Interfacial Area

For packed beds various workers (10,30-4€) have
est imated the wetted area per unit volume, 3, and the
effective interfacial area for mass transfer per unit volume,

a. The relationship between these values and a the surface

d’
area of the dry packing, is in general

The difference between a and a, derives from the fact that the
liquid associated with some of the wetted area remains nearly
saturated and thus effectively unavailable for absorption. This
difference has been reported to be greater for the case of

small rings. Davidson (€) has suggested that this effect is

due to the retention of a comparatively large volume of

relatively stagnant liGuid between the rings by surface ten-



sion forces. In a subsequent study Whitt (32) concluded that,
for countercurrent air-water flow through random packed
Raschig rings, the gas and liquid flow tend to separate. For
1/2- to 2-inch rings, almost complete lack of flow of one of

the phases over half the total surface could occur.

2.2.2 Measurement of Interfacial Area

Interfacial areas for gas-liquid contacting have been
measured by both indirect and direct methods. The indirect
method (30,32,38) involves separate measurements of kg2 and K¢,
the ratio of which gives the area, a. For example, k.2 is
available from the experimental data of Fellinger (46) on
absorption of ammonia in water. The gas-phase coefficient, kg s
was obtained by Shulman et al. (30) from the rate of evaporation
of dry naphthalene packing, and by Whitt (32) for evaporation
from porous packing saturated with water, The indirect
method gives reasonably good measures of interfacial area. A
complicating factor is the fact that the same mechanism which
tends to make a ( 3 also leads to different values of effective
interfacial area for absorption and evaporation. The main
shortcoming of the indirect method is the need to assume that
the hydrodynamic conditions for the two quite separate experi-
ments (for kg @ and for kG) are the same. The validity of this
assumption is questionable for the system noted above, and is
a severe restriction in the application of this technique to

other gas-liquid systems.
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Among the direct measurements are various optical,
photographic and chemical methods. The first two of these
methods are, however, applicable primarily to gas-liquid
dispersions and foams where determination of mean bubble size
permits calculation of interfacial areas from geometric con-
siderations.

The chemical method of determination of effective
interfacial area involves absorption of a gas which reacts
with the liquid phase. In addition to measurement of mass

transfer rates under chemisorption conditions, it is necessary

to have
- an exact description of the kinetics of
the reaction, and
- several physico-chemical properties of the
system.
This method is applicable to our system and will therefore now

be discussed in greater detail.

2.2.3 Effective Interfacial Area by
Absorption with Chemical Reaction

The rate of absorption is given by

pel
1}
3

6 (8) . x(5) o (2.3)
0
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where ¢(0) is the surface-age distribution function and
x(6) is the rate of absorption per unit area at any instant
6. The function ¢ depends on the physical properties and
hydrodynamics of the system. The function X will take
different forms according to the behaviour of the liquid
and gas. It is in fact estimated from the solution of
appropriate partial differential diffusion equations with
the required boundary conditions. However, Danckwerts ( 47)
has shown that this laborious process is not always necessary.
Both Higbie (48) and Danckwerts (49) have made
postulates about the nature of the function ¢. Higbie's
assumption of a constant exposure time is improbable unless
the physical nature of the contacting apparatus imposes this
constraint on the system. In Danckwerts surface-renewal model,
¢, represents the fraction of fluid elements that remain at a
phase interface for a period of time 6, and the displacement
of fluid elements from the interface is assumed to be com-

pletely random. This gives

¢(6) = se (2.4%)

and

= s ™% x(8) & (2.5)
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For the case of a first-order or pseudo-first-order
reaction between dissolved gas and solvent, the partial differ-
ential equations representing the chemisorption process are

dc 3%¢

- = Db —] - rc (2.6)
36 ax2

with boundary conditions

c = c, s x )0 s 6 =0
c =c* |, x=0 |, 6 =0 (2.7)
c (¢, s X = o , 6 )0 -

. . . . . . ~sf
Multiplying each term in the differential equation by e ,

integrating with respect to 6 between O and », and using

the first boundary condition, one gets

c
sC - ¢ = D—% - rC (2.8)
o] dx2
where C, the Laplace transform of c, is defined by
® -s8
C(X,S) = S e C(X,e) (e 2] (2.9)
The transformed boundary conditions are:
C*
C = < x =0
(2.10)

C
C (S—o', X % o
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The solution in terms of the transformed variable C is given

by

. r+ s
c + [c (L—i—i) - ¢, ] e D

c = 2 79 (2.11)

The rate of absorption is then given by

m

R = s S e 50 x(6) db
A v

= =-sD S ~s6 ( do
x-O

= [ - e (+25)1/0(r + s) (2.12)

For physical absorption

R (" -¢)) /os (2.13)
L / Ds (2.14)

R = [ -c, Dr + kE (2.15)

whence

x
]

and

- r+s)3
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which for a reactive system (c, = 0) leads to

R = c* Dr + k

~n

(2.16)

In cases for which

/ Dr ) 5 kL

the concentration of reactant in the neighbourhood of the
interface is very little different from that in the bulk of
the liquid, and the dissolved gas undergoes a pseudo-first;
order reaction; equation (2.15) may be satisfactorily

approximated as

R = ¢ / br = ¢ /Dk2[B] (2.17)

Thus for these conditions the specific rate of
absorption of a gas undergoing first-order or pseudo-first-
order reaction becomes a unique function of the physico-
chemical properties, i.e. is independent of the hydrodynamics

of the system (which affects k, only). It is this independance

L
of absorption rate with respect to the hydrodynamics which pro-
vides the basis for the direct chemical method of determination
of effective interfacial area.

Three reaction systems have been used most exten-

sively (39-45,50-57):
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~ ..carbon dioxide-carbonate bicarbonate
buffer solution
- oxygen-sodium sulphite solution, and
- carbon dioxide-sodium (or potassium)
hydroxide solution
Success in the determination of effective interfacial area
by this method depends entirely on the availability of re-
liable physico-chemical data. For example, the results of
de Waal et al. (39-40) are probably in error because of the

uncertain kinetics of sodium sulphite oxidation (58).

2.2.4% Influence of Liquid Properties

The dependence of effective interfacial area on
fluid properties has not been studied. Sharma et al.
(42-3,57) have shown that, provided the liquid properties
such as viscosity, surface tension and ionic strength are
kept nearly equal, the effective interfacial area as deter-
mined by the direct, chemisorption method remains practically
independent of the nature of the reacting species and of
the kinetics of the reaction. Detailed quantitative investiga-
tion of the influence of liquid properties is however essential
before the interfacial area results presently available can be

<IN

fully utilized.
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2.2.5 Interfacial Area in Mobile-Bed Contacting

In addition to the measurements for fixed-bed packed
columns already noted, interfacial area has been evaluated
for many other types of gas-liquid contacting devices - sieve
trays (52,55,56,59,60), bubble trays (52,54%,61), stirred
tanks (40-1,62-5), bubble columns (57), cocurrent horizontal
and vertical flow (66), flow through helical coils (66), aerated
mixing vessels (67-8), and spray columns (69). However, no mea-
surements of interfacial area have yet been reported for the

important new technique, mobile-bed contacting.

2.3 LIQUID-PHASE MASS TRANSFER IN PACKED BEDS

Having considered interfacial area as a separate
variable, it is now appropr iate to review the developments

concerning area-based mass transfer coefficients.

2.3.1 Experimental Studies

The basic correlation for volumetric 1iquid-phase
mass transfer coefficients in a packed column has been the one
derived by Sherwood and Holloway from their measurements of
rates of desorption of oxygen, carbon dioxide and hydrogen

from water (70):

He = = () <—“5)L (2.18)



The effects of type and size of packing are reflected
in corresponding variations in a, from 80 to 550, and in n, from
0.22 to 0.46. Since in their study the interfacial area was
not separated from the transfer coefficient, this correlation
does not reveal the dependence of kﬁ on flow rate, L. Shulman
and co-workers (30) did make this separation, using the in-
direct method discussed in section 2.2, thereby obtaining the

following equation for kt in packed columns:

(5D, = )T G ' (2.19)

Correlations similar to or extensions of the above (6,38,45,
71-80) have demonstrated that 1iquid-phase mass transfer data
can be adequately represented in terms of the dimensionless
variables designated as the Sherwood, Reynoids, Schmidt and
Gallileo numbers. Van Krevelen and Hoftizer (73) showed from
theoretical considerations that the Gallileo number, g_%g_’ is
important in describing the nature of the liquid film %Iowing

over the packing surface.

2.3.2 Theoretical Studies

In contrast to these semi-empirical approaches,
attempts have been made more recently to predict the transfer
coefficient from theoretical modeis of interphase mass transfer.
However, the only successful description of mass transfer in

liquid films flowing over random packings has been that of
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Davidson (6), who predicted the mass transfer coefficient, %i,
from a theoretical analysis of a packed bed using the penetra-
tion model of mass transfer. Agreement between experimental
data and his theory is quite good. By contrast, the recent
second-order stochastic model of Schmalzer and Hoelscher (82)
fail; to expiain mass transfer in packed beds.

Although the preceding discussion has been limited
to mass transfer without chemical reaction there is great in-
terest, because of its importance industrially, in the case of
absorption with chemical reaction of the solute in the liquid
phase. The extensive research of the past decade on this case
is the topic of a recent book by Astarita (83), to which the
interested reader is referred for an up-to-date and compre-
hensive treatment.

Some special features of mass transfer with simul-
taneous chemical reaction may be seen by reference to Figure
2.1 which illustrates the dependence of concentration profile
on order and rate of reaction.

The type of chemical reaction which has received
most attention is that in which the dissolved gas undergoes
an irreversible second-order reaction with a reactant dissolved
in the liquid. The effect of chemical reaction on the rate of

absorption may be represented as Figure 2.2, where
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8 = rate of absorption with chemical reaction _ .EL
rate of physical absorption O
L
*
) K,CgDp _zc Dy
X = —5 and Z = <.
Ky B "B

This figure is based on numerical solutions of the film model
by Van Krevelen and Hoftijzer (84-6) and of the Higbie surface-
renewal model by Brian et al. (87) andPearson (88).

These model studies are of limited use unless means
are devised to apply them to the design of industrial
scale equipment. The ideal cases, for which the solute con-
centration at the interface and bulk reactant concentration
remain constant, certainly simplify the mathematical analysis
of the problem, and are easy to achieve in laboratory studies.
Such conditions do not of course correspond to actual operating
conditions in industrial absorbers. Danckwerts and Sharma
(53) have suggested that a piecewise integration be carried
out over the entire column using the data given in Figure 2.2.
The use of such theoretically-based methods in the design
of industrial contactors where properties such as density,
viscosity, surface tension, interfacial area and reaction
rate may all vary significantly remains an unachieved ideal.
The fact that even for commonly encountered industrial systems
the physico-chemical data needed for these methods is scarce

still further limits application of theory to design.
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5.4 RESIDENCE TIME DISTRIBUTION AND AXIAL MIXING

The distribution of ages of the various fluid elements
as they leave a process vessel is generally determined by the
transient response method, the spread of residence times re-
flecting the phenomenon of axial mixing.

RTD does not, however, completely describe the flow.
It gives the ages of the different elements but tells nothing
about their history during flow through the vessel. An extensive
literature has accumulated on liquid mixing in the case of
single phase flow through straight pipes, packed and fluidized
beds and for countercurrent gas-1liquid flow through packed beds.
Those aspects which are relevant to axial mixing'of the liquid

phase in mobile-bed contactors are now reviewed.

o.4.1 Characterization of Axial Dispersion Phenomena

A mathematical mode! must be constructed to descr ibe
in some simplified way the flow behaviour of the system. For
most real flow systems of interest, for example, a packed bed,
the flow behaviour is too compliex to be described as it actually
is. The formulation of a model is therefore complicated by con-
flicting requirements for

- a realistic representation of the actual
fiow behaviour, and
- ease of model parameter evaluation and of use

of the model in engineering design.
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Four basic models for characterization of axial dis-

persion are:

- Diffusion (dispersion) model - employing a
modified diffusion coefficient

- CSTR model - employing mixed tanks in series
corresponding to mixing cells

- Mixed model - employing combinations of blocks
of simple flow systems

- Stochastic model - employing random walk in
space or velocity states.

The diffusion model (also called the dispersion model),
having gained the widest acceptance since it was presented by
Danckwerts (89) in 1953, will be discussed in detail; only a
brief description of the other models is presented for completeness.
Further only the diffusion model allows representation of mass

transfer in imperfectly mixed two-phase systems.

2.4.1.1 Diffusion Model
The basic premise of the dispersion model is an analogy
between mixing and molecular diffusion, mixing being described
as a Fickslan diffusion process with an effective dispersion coef-
ficient, DL’ super imposed on a mean convective plug flow. The

material balance for a particular component over a differential

section of a packed bed as shown in Figure 2.3 is

Input - Qutput = Accumulation
ac _ ac
(- D, - 3 ¢ Uc)x - DL Xt Uc)x+,_x
= 3¢

X+, AX + S, ‘X

3%
re
n
n
(o]



ACCUMULATION = %f—-Ax
RATE OF PRODUCTION = rAx +sAx

\ ln.ow

b1
\’(‘Lljhﬂfi ‘mc) X '*i
OCCUPIED
s ]
PACKING —-—k
AND —r"
OTHER ‘ (uc)x,Ax
PHASE (_DL_a_c_)”Ax
ot j_
g————— € |
i -
% FLOW

FIGURE 2.3: MATERIAL BALANCE COMPONENTS FOR
THE DISPERSION MODEL
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which reduces to
32

L 3x

For r = 0 and s = O (an inert system)

¢ _ ¢

njo

2
3 C 3C aC
p, =5 - U = 2=
L 3x2 Ox dt
or
2
3¢ 9c _ 1 3¢ _
- e 0 (2.22)

Equation (2.22) is a simplified form of a more general equation:

a3 3¢ \_y. 2¢_
i (Dxi axi) Ui axi tr+s (2.23)

where the vector-repeated index summation convention descr ibes
the multi-dimensional system.
The derivation of Equation (2.22) involives the
following assumptions:
- radial concentration and velocity gradients
are negligible
- material transport by axial dispersion is
directly proportional to axial concentration
gradient
- a single parameter, DL’ describes axial dis-
persion and is constant over the entire contact-

or length in the direction of the mean flow
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- system response is independent of solute
concentration, and
- there is no adsorption or chemical reaction
of the component for which the material
balance is written
The presence of gross flow irregularities would in-
validate the first assumption. However, experimental work
for single-phase systems ( 90-2) and two-phase systems
( 93-4 ) provide evidence that, in the absence of such flow
irregularities, radial gradients are sufficiently small in
comparison with axial transport that their effects are
negligible. There are by now many studies to support the hy-
pothesis that mixing in process vessels may be described

adequately by the single-parameter dispersion model.

2.h.1.2 Tank-in-Series Model

In 1953 Kramers and Alberda (95 ) proposed a perfectly-
mixed tank-in-series model to represent the axial dispersion
phenomenon. Mathematically, this model corresponds to re-
placing the partial differential Equation (2.22) of the diffusion
model by a series of ordinary differential equations with
s imple boundary conditions. The implied physical description
of flow in packed beds according to either of these models is

rather remote from the actual flow. Kramers and Alberda also

showed the equivalence of the diffusion and tank-in-series
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models as:
.~ 2n (2.24)

where n is the number of equal volume, perfectly mixed cells
in series. The model was extended to the case of unequal cells-
in-series by Mason and Piret (96) , and to a three-dimensional

array of mixing cells by Deans and Lapidus (97).

2.4.1.3 Mixed Models
Levenspiel ( 98-9) presented the idea of sub-
dividing a large region into a number of smaller regions, each
of which could be represented by the diffusion model, dead space,
by-passing, or some other simple concept of flow. This model
has the advantage of great adaptability but the complimentary dis-
advantage is rhat often a non-unique set of parameters results.

There is however an extensive literature on the application

of this concept.

2.h.1.4 statistical Models
Mixing in packed beds has also been described
according to a number of statistical models,of which an early
example was given by Einstein (100), and the most recent one

by Schmalzer and Hoelscher (82). The random-walk model (100)

for the flow of solid particles suspended in flowing streams
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was extended by Jacques and Vermeulen ( 101-2 ) and Cairns
and Prausnitz ( 92). This model, as well as the one based
on mixing-cells, approach the simple diffusion-model at high
flow rates.

The recent study of Schmalzer and Hoelscher (82)
described & second-order stochastic model for a packed bed.
They considered fluid packets to change velocity states
according to a given set of transition probabilities. The
multi-parameter nature of this model makes it particularly

convenient to fit experimental mixing data.

2.4.1.5 Evaluation of Mode] Parameters

Considerable attention has been paid to the problem
of evaluation of the parameters of models from transient
response experiments. The parameters must be evaluated from
some modification of the solution to the model differential
equations. Methods of moments and slope at the mid-point of
the breakthrough curves are easy to apply but limited in
accuracy for systems with a high degree of mixing. Recent
developments (103-105) extended these concepts to yield
more accurate estimates even with imperfect tracer inputs.
Lees (104) has proposed a simpler method of obtaining moments
of the impulse response of a complex model directly from its
transformed equations instead of the solution. However, these
quick methods of parameter estimation are still limited to the

case of nfinite beds.
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2.4.2 Axial Dispersion in Packed Beds

The case of single-phase flow of liquid through
packed beds is now quite well documented, as is indicated
by the representation of these data on Figure 2.4 Although
not directly relevant to this thesis, it is at least of
interest to note that the data from > number of studies of
single-phase flow of gas through packed beds are also rea-
sonably coherent. The remaining uncertainties primarily
concern the effect of particle size, shape and packing
arrangement.

By contrast, the present state of knowledge of
axial mixing for countercurrent two-phase flow through packed
beds is quite unsatisfactory. In large part, this
situation reflects the considerable increase in experimental
difficulty which is associated with carrying out transient
response studies on one phase in the presence of a counter-
current flow of the other phase. For example, the choice of
a suitable tracer material and the problem of sampling one
phase from a two-phase flow system both add to the experimental
difficulties. Also, the methods of analysis of transient
response curves which have been available did not give very
reliable estimates of the mixing parameter for RTD curves

with long tails.
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There is considerable disagreement between the
results of the relatively few studies which have been reported
of axial dispersion for liquid-phase flow through packed beds.
The striking differences between the results of various in-
vestigators are evident by reference to the representation
of these data given on Figure 2.5. The first of these studies,
that of Kramers and Alberda ( 95),reported the RTD in a 15-cm.
diameter column packed to a height of 66-cm. with 10 nm.
Raschig rings. The spread of experimental data for gas-phase
dispersion for two-phase flow through packed beds is equally
as wide as that for the liquid phase, thus providing further
evidence of the difficulty of obtaining reliable mixing data
for two-phase flow systems. For the condition of zero gas
flow (often referred to as a trickle-bed contactor), they
observed the packing Peclet number Ud/DL, to increase from C.3
to 0.5 as liquid flow rate was increased over the range 3200
to 6900 1b./(hr.-sq.ft.).

In 1958 Otake and Kunugita (16) correlated their
liquid-phase mixing data in term of the dimensionless variables,
Peclet, Reynolds and Gallileo numbers. For flow of water in a
laboratory column filled with 7.85- and 15.5-mm. Raschig rings
for the liquid phase Reynolds number range of 70-100 and gas
flows from zefo to 13 1b./(hr.-sq.ft.), the correlation

obtained was:
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As the gas flow rate was always below the loading point, it is
not surprising that they observed no effect of gas flow rate.
They concluded that essentially plug flow prevailed for long
beds, high mean liquid velocity and small packing. Hoogendorn
and Lips (106) confirmed this for trickle columns of 1.33-ft.
diameter and 5- and 10-ft. height packed with 1/2-inch porcetain
Raschig rings. These observations are in general agreement
with those of Schiesser and Lapidus (24). Hofmann (108)
working with industrial size columns found the above equation
to be inapplicable, and Weber (109) referred to the experi-
ments yielding much higher values for the dispersion coefficient
than those calculated from the correlation.

In 1962 Harrison et al. (110) carried out an
interesting test of the use of the diffusion model for mixing
in packed beds. They modelled a packed bed as a continuous
vertical string of spheres and concluded that the simple
diffusion model does indeed provide a fairly good representa-
tion of the axial dispersion of the liquid. Tailing of the
breakthrough curves was attributed to transfer from regions
of low velocity or stagnation.

Stemerding (111) in 1961 reported dispersion mea-
surements in a 10-ft. column filled with 13 mm Raschig rings.

The dispersion coefficient was observed to be essentially con-
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stant for an interstitial liquid velocity of 0.2 to 1.0 cm./Sec.,
and dependent on the air flow rate only. These resultsare contra-
dicted by an almost identical study of Otake et al. (112)

for which the dispersion data were correlated by an equation

of the same form as used in the earlier study of Otake and
Kunugita{

0.777 (939%3) 0.333

(1) = 1.2 (TR

2.26
b/, (2.26)

word (M3) and Dunn et al. (114%) measured axial
dispersion in a 2-inch diameter column packed to a height
of 6-ft. with 1- and 2-inch Raschig rings and 1-inch Ber!
saddles. The diffusion model gave a better fit than the
random-walk or mixing-cell models. However, it is to be noted
that the reproducibility of the data was poor and the liquid-
phase Peclet numbers found are at the extreme low end
of the range of the published data, as may be seen by reference
to Figure 2.5. The dispersion coefficient was found to de-
crease with increasing liquid flow rate, but no quantitatively
significant variation with gas flow rates was observed over
the range O to 1100 1b./(hr.-sq.ft.).

In 1965 Chen and Douglas ( 115) correlated their
results for fixed beds of 0.5, 1.0, and 1.5-inch spheres, in
terms of the same variables as used by Otake et al. (112 ) but

with considerably different constants. The Chen and Douglas
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correlation is

0.583 2 -0.081
(35, = 007 (8) @3%) (2.27)

De Waal and van Mameren (40 ) measured RTD for liquid
in a 1-ft. diameter, 10-ft. high column packed with 1-inch
Raschig rings. The height of a perfectly mixed unit, HMU,
was independent of gas flow rate from 1340-3750 kg./(hr.-sq.m.)

~ and liquid flow rate from 27,000 to 69,000 kg./(hr.-sq.m.)and re -
mained constant at one nominal packing diameter. These results are
consistent with the findings of Hofmann (108) and Harrison
et al. (110) but are in disagreement with those of
Kunugita et al. (116).

In contrast to the above findings, Sater and
Levenspiel (9% ),using a radioactive tracer technique,recently
reported results for 1/2-inch Raschig rings and Berl saddles
packed to a height of 5-ft. in a 4-inch column which were
fairly close to those of Otake and Kunugita (16). They
proposed the following correlation which includes the liquid
phase Gallileo number. The reliability of the exponents on the

dimensionless groups is low because of considerable experi-

mental scatter.

0.747 2 -0.6
Y = 19.4 (ﬁ) (d—sﬂp—) 9(ad)"97 (2.28)
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Khanna (22) working with 1-ft. diameter and 2-ft.
high beds of 1- and 1.5-inch Raschig rings found results for
liquid phase dispersion coefficients that were different
from those of Sater and Levenspiel. The effect of gas flow
was negligible and the results were expressed by the

following correlation:

0.383 3 2 -0.21
ud ud_p d2 g p
(2) = 0.789 (—) (25— (2.29)
L L ML M L

The predominant characteristic of liquid-phase
mixing data for two-phase fiow through packed beds is the
enormous amount of disagreement between the results of
different investigators. This feature may be due in con-
siderable part to problems of scale associated with the use
of laboratory-sized equipment. Another source of variation
arises from the different, and somet imes inadequate, methods
of data processing which have been used. This problem should
not affect future data since reliable techniques are now
available. However, it is probable that in some studies a
considerable amount of error has been present as a consequence
of inherent difficulties of sampling and determining to
sufficient accuracy the concentration of the 1liquid phase in
the presence of a gas flow in a packed bed. At this stage,
therefore,it can be concluded only that additional studies are

required, and that investigators must take even greater care
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than in the past in order that reliable results may be obtained.
Most of the mixing studies for both single and two-

phase systems have been carried out with non-reacting tracers.
The results, however, are used for the cases where chemical
reactions occur. The reliability of such a procedure is
unknown. Pearson et al. (117) have in fact proposed that

RTD be determined by measuring the conversions obtained with
first-order reactions when one experimentally varies the rate
constant. Lelli (118) has shown that RTD could be derived
from the unsteady behaviour of chemical reacting systems.
General applicationandtesting of these more advanced concepts

also remains as a problem for future work.
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2.5 MASS TRANSFER CALCULATION MODELS WITH AXIAL MIXING

Past practice with respect to mass transfer was to
process experimental data from laboratory packed-bed contactors
in terms of a model which assumed plug flow, then use these
transfer coefficients and correlations for the subsequent
design of industrial packed-bed contactors, again using a
design model based on plug flow. Such a procedure ignores
the fact that the flow characteristics for the laboratory
and industrial contactors will each differ to a different
extent from the plug-flow model. During the past decade
considerable effort has been directed to obtaining and testing
models which allow for the occurrence of axial mixing. Such
models are required in the processing of experimental data,
so that the resulting mass transfer coefficients are not at
the same time some kind of a measure of the specific axial
mixing characteristics of the contactor used. They are
required again in the use of such "true" mass transfer
coefficients in the design of industrial contactors for
the specific mixing conditions applicable to the latter. The
more signiticant steps in the development of such calculation
models will now be reviewed.

Both Sleicher (119) and Miyauchi and Vermeulen (93)
used the diffusion model as the basis for incorporating the
effect of axial mixing into a mass transfer calculation model.
Consequently, they arrived at the same differential equations

and boundary conditions. Sleicher presented a computer solution
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in graphical form and gave an empirical formula for the ratio
of the number of "apparent' transfer units to the number of
"true" transfer units. Miyauchi, McMullen and Vermeulen (120 )
extended the concept of van Deemter, Zuiderweg, and Klinkenberg
(107) for chromatographic separations to the design of mass
transfer equipment with axial mixing, and developed a calcul-
ation method for countercurrent extraction systems in which
the height of a true transfer unit could be obtained from a
summat ion of those due to the apparent transfer unit (plug
flow) and axial mixing. Both Sleicher and Miyauchi proposed
approximate semi-empirical equations for rapid estimation of
the effect of axial dispersion. Stemerding and Zuiderweg (121)
and Rod (122-3) have presented further simplification of the
analysis of the Sleicher-Miyauchi equations by approximating
their solution in the form of a simple nomogram.

In a subsequent study Dunn et al. (114) applied a
modified form of above analysis to the earilier data of both
Fellinger ( 46) and Sherwood and Holloway (70), thereby
establishing that axial mixing of liquid had occurred in both
cases to an appreciable extent. For liquid-side controlled

absorption the following empirical relationship was developed:

2
0.9€ (NOLP)
(2.30)
PeL + 0.63
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When applied to the oxygen desorption data of Sherwood
and Holloway ( 70) and ammonia absorption data of Fellinger
(46), significant differences between the '"trueY and
"apparent" number of transfer units was obtained. However,
it should be recalled (cf. section 2.4, Figure 2.5) that experi-
mental results for m'xing in packed beds of Dunn et al. show
exceptionally high degrees of liquid-phase dispersion. Al-
though their precise results are subject to future verification,
they did nonetheless provide a significant quantitative model
which allows for the effect of axial mixing in the tiquid
phase for the case of liquid-side controlled absorption
processes.

By working out two examples using the data of Tepe
and Dodge (124) and Fellinger (46 Sater (125) in 1963
showed that mixing can cause a large difference between the
mass transfer coefficient calculated assuming plug flow, and
the “'true" coefficient determined by taking into account the
axial mixing by the use of dispersion model. Mecklenburgh
and Hartland (126-130 ) have recently presented a series of
papers in which they have used the diffusion model to allow
for the effect of axial dispersion on mass transfer in two-
phase systems. These authors have furnished a detailed

analytical solution for stagewise as well as differential

contactors.
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Further measures of the magnitude of the effect of
axial mixing on mass transfer coefficients are given by two
recent studies. In applying the two-phase dispersion model
to the study of distillation columns with axial mixing,

Furzer and Ho (131) found that meaningful results could be
obtained only when the available values of l1iquid-phase Peclet
number were increased by a factor of 8. Sullivan et al. (132)
found that in a mechanically agitated absorption tower,
correction for axial mixing results in mass transfer coef-
ficients which are T to 25 percent larger. There is thus

ample evidence of the need in all future mass transfer studies
to extract the transfer coefficients using a procedure which
adequately allows for the influence of axial mixing on transfer

rates.

2.6 SUMMARY

- Holdup in packed beds has been fairly well correlated
on a semi-empirical basis. Recently, the prediction of holdup
from basic considerat ions of fluid mechanics has been attempted.
The holdup data for mobile-bed contactors presently available
do not cuver the entire range of industrial interest, and
there are large differences between the results of the only
two studies which have been published. Further study of

hoidup in mobile-bed contactors is therefore required.
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- Proven methods are now available for direct
measurement of effective interfacial area of mass transfer,
i.e. based on absorption of a gas which undergoes a pseudo -
first-order reaction on dissolution. Data are available for
a variety of aqueous systems for fixed beds, but no informa-
tion is available for mobile-bed contactors. There is also
need for further study of the effect of fluid properties
on effective interfacial area, and on the measurement of
interfacial area for organic systems.

- The industrially important case of gas absorp-
tion with chemical reaction has been analysed theoretically,
especially absorption with second-order chemical reaction. One
of the main difficulties in application of the theory of mass
transfer with chemical reaction to the design of industrial
reactors is the scarcity of physico-chemical data required
by the models.

- The diffusion model is the most widely-used
model for representing axial dispersion in singie-phase and
two-phase systems. In the case of two-phase flow through
packed beds, the spread of experimental results between dif-
ferent investigators is enormous, apparently due in large part
to the extremely difficult experimental problems associated

with such measurements.
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- Calculation models are now available which
incorporate the effect of axial mixing into the analysis
of integral mass transfer equipment. The successful use of
such models for two-phase contactors is however restricted
by the present uncertainty concerning the quantitative results
for mixing in gas-liquid contactors. This approach has not

previously been applied to the important new technique,

mob ile-bed contacting.
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It1. THEORY

3.1 TRANSFER FUNCTION METHOD OF EVALUATION OF PECLET
NUMBER AND RES IDENCE TIME

In 1970 Ostergaard (105) and Michelsen and Ostergaard
(103) presented a transfer function analysis for the deter-
mination of Peclet number from the concentration-time records
at two points in a flow system. This analysis is particularly
useful in that it eliminates the need to evaluate Peclet
number by the method of diréct trace matéhing or from
simplified relations obtained from the solution of model
equat ions. Because of the boundary conditions used in their
ana,ysis however, their method is limited, in theory, to
contactors which are sufficiently long that they may be ade-
quately described mathematically with the boundary conditions
for an infinite length contactor. This assumption is fre-
quently not tenable and, in particular, is not valid in the
case of mobile-bed contactors where the bed height is relatively
small. The development of a transfer function analysis for
finite length boundary conditions follows. The finite bed
analysis is applied subsequently to the experimental program
for a mobile-bed contactor, but is completely general for any
flow system. It is necessary for continuity to present first
the essential features of the analysis of Michelsen and
Ostergaard for the infinite-bed boundary conditions, following

which the extension to the finite-bed case is shown.
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3.1.1 Transfer Function Analysis for Infinite
Length Boundary Conditions

The differential equation for concentration of a
component in a system for which the flow may be described

by the dispersion model is:

ac % _ 1 98¢ .
TS o Pl 0 (2.22)

If the flow system may be considered of infinite length and
if there are no discontinuities in the concentration in the
flow across the bed boundaries, the boundary conditions can be

written as

c = O , t ( 0, X = 0
c = finite, t ) 0O, X = 0 (3.1)
c = finite , t y 0, X = o

The Laplace Transform of Equation (2.22) is

2
dc 1 d°C
P R (3.2)
dX P dX2
The auxiliary equation is
(M - P.M - TsP)C = O (3.3)

the two roots of which are
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The sotution of Equation (2.22) can then be written as:

C = A,. exp(MX) + A,. exp(MX) (3.5)

Using boundary conditions (3.i), the solution in transformed

form is:

C=Cyo - exp[%(l - (1 + 4 g Ty Y1 x (3.6)

The transfer function, F(s), for a linear system

is defined as

K c2(t) . exp (-st) dt

F(s) = C—xﬂ = V: (3.7)
Y c](t) . exp (-st) dt

-0

If the concentration-time records, c(t), at two measuring points
across the flow system are available, numerical values of F(s)
may be computed from Equation (3.7) for any arbitrary set of
values of s.

Equation (3.6) can be rearranged:
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= TS

l = -
In(1/F(s)) (En(l/F(s)))a

(3.8)

O~

Thus, as Michelsen and Ostergaard have shown:

S

1 .
when plotted against
In(17F () (2n(1/F (5)))2

should give a straight line of slope T and inte}cept - % for
a system obeying Equation (2.22). Therefore, when a finite
length flow system may be satisfactorily approximated by

the simple boundary conditions for an infinitely long
system, Peclet number, P, and residence time, T, can be
evaluated from the two-point concentration-time records. A
general transfer function analysis for the finite length

condition is presented in the following section.

3.1.2 Transfer Function Analysis for Finite
Lenqth Boundary Conditions

Cons ider the case of a finite bed. The most rigorous
boundary conditions for this case are those proposed by
Danckwerts (89), although these have subsequently been elaborated
by others (133-7). The boundary conditions for no mass
transport by axial dispersion in the fore- and after-sections

of any vessel are given by:
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dc

(Ue)g- = (US) e - D (e x=0, t)O0

)o+’
and (3.9)

dc
rri o} , x=H, t)O0

The boundary conditions given as Equation (3.9) do
not allow for any axial dispersion in the section upstream of
the system under consideration, i.e. upstream of the bed for
a packed-bed contactor. For gas-liquid contactors this
assumpt ion is frequently valid, and is valid for the
specific case to which the analysis will be applied in the
present study by virtue of the arrangement of the inlet
liquid distribution. The solution of Equation (2.22) with these
boundary conditions was presented by Brenner (138), Yagi and
Miyauchi (139), and others. Chen and Douglas (29) evaluated
P by direct trace matching with the solution given by Brenner.
Though the evaluation of P by this direct method is claimed
to be accurate,the whole process is slow, tedious, and to some
extent subjective.
Extension of the transfer function analysis to the

case of a finite bed proceeds as follows. The initial con-

ditions are:

(3.10)
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The solution of Equatipn (2.22) in the transformed form (Equation

(3.5)) can be written asE

C = Aexpl5() + B)X] + A, - expl5(1 - 8)X] (3.11)
where
005
5 = 14257

Using the finite length boundary conditions given by Equation
(3.9) and simplifying, the transfer function for the case of
finite bed can be written as

X=1
A s

] b p
[(148)2 .+ exp[- 2(1-8) 1-(1-8)% . exp[- 5(1+8) 1]

A value of T and P obtained from infinite-length

boundary conditions as given by Equation (3.8) can be used as

the initial estimate. Values of F(s) from Equation (3.12) for

a particular value of s may then be computed for a large number
of values of T and P in the range around the initial estimate of 1 and

These values of F(s) are. compared with the experimental value of
The combination

P.
F(s) usingEquation (3.7) for the same value of.s.

of = and P which most closely satisfied Equation (3.12) is then

computed. In this way, T and P may be calculated digitally, thus

eliminating the shortcomings of the trace-matching procedure.
The method is applicable to any flow system for which the finite
length boundary conditions given as Equation (3.9) apply. Details

of the calculation procedure are given in Appendix V.
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3.2 EVALUATION OF MASS TRANSFER COEFF ICIENT IN
THE PRESENCE OF AXIAL DISPERSION

A model for countercurrent gas-liquid flow with
interfacial mass transfer and with axial mixing is required
either for the extraction of "true" mass transfer coefficients
from experimental measurements or for the application of
such coefficients to the design of gas-liquid contactors. The
model used in the present study is given below, along with
its solution for the specific conditions which prevailed.

A composite model describing simultaneous axial
dispersion and mass transfer is obtained by combining models
representing the indiv idual phenomenon. Figure 3.1 shows
the individual fluxes for the three modes of material trans-
fer, bulk flow, transport across the interface, and axial
dispersion as given by the diffusion model. A material
balance for each fluid phase gives basic differential equations:

For liquid phase:
2

- ) (3-130)
=D, e + — —/— 4+ k,a(c, - mc =0 3.13a
L'L 42 p dx L' L G
and for gas phase:
e ¢ de,
%% g2t eg  *kale mmeg) =0 (3.13b)

These equations can be rewritten with dimensionless coef-

ficients as:
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FIGURE 3.1: MATERIAL BALANCE OVER A DIFFERENTIAL
SECTION OF COUNTERCURRENT TWO-PHASE
FLOW SYSTEM
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d2CL dc,
dx2 - PL —ax N0L PL(CL - mCG) = 0 (3.14a)
and
d2CG dc,
o2 e * Nog - PelC T mee) =0 (3.146)
where
(ot C
CL - 0 ’ CG ©
L L
P = -l-J—ﬁ P = M
L D, ’ G D
N ) kLa H PL N ) kLa H Pq
oL L ’ 06 G
L G
T : U -
Lol e & P %
X = x/H

The same finite bed boundary

conditions, Equation

(3.9), which were used in the dispersion model for the study

of liquid phase mixing should be used for both phases in the

model for two-phase flow with mass transfer. The boundary

conditions in dimensionless form for the gas phase which are

analogous to Equation (3.9) for the liquid phase, are as follows:
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(c,) (¢,) (L
C = C - 7B ’
L - Lo+ PL dx o+
X =0
dC
G
&« - ° ’
|dC, (3.15)
(C.) (¢ -5 (m) ,
G G H- PG dx H-
X =1
dC '
L _
- ’

The application of the finite bed boundary conditions
for gas flow through packed beds was tested by Wehner and
Wilhelm (134) for the case of a first-order reaction in a
cont inuous-flow reactor. Bischoff (81) has shown their
validity for reactions of any order. A critical evaluation
of these and alternative boundary conditions as applied to
single-phase flow through tubular flow reactors has been
presented by Fan and Ahn (136). Although only homogeneous
single-phase reaction systems have been studied the same
reasoning applies to the case of two-phase flow systems. In
fact these boundary conditions have been successfully used
for the cases of countercurrent extraction (14)1),mechanically
agitated countercurrent absorption (132), and distillation

columns (131).
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The analytical solution of Equation (3.14) with a
linear equilibrium relationship has been discussed by Sleicher
(119 ), Miyauchi and Vermeulen (93,140-2) and Hartland and
Mecklenburgh (126). The most general case for extraction of
the transport coefficient from the solution of Equations (3.14)
would require the axial dispersion coefficient for both
phases and the experimental rates of mass transfer. For MBC, no
est imate of gas mixing is available at the present time.

For experimental conditions for which there is only a very
small change in gas-phase composition, however, the transport
coefficient, kLa, can be obtained from the knowledge of
liquid mixing and the experimental rates of mass transfer
alone, as the influence of gas-phase mixing becomes negligible.
in the absence of any investigation of gas-phase
mixing in mobile-bed contactors, the mass transfer experiments
were carried out under conditions of negligible change in gas-
phase concentration. For this case, therefore, the solution
of Equations (3.14) with the appropriate finite-bed boundary
conditions, Equations (3.9) and (3.15) can be carried out for
either of the two limiting conditions of gas mixing, plug flow
or perfect mixing. This simplifies the analytical solution
to Equation (3.14) somewhat.

In addition to giving the general solution to
Equations (3.14) with the boundary conditions given by
Equations (3.9) and (3.15), Miyauchi and Vermeulen (93) also
give the solution for the special case of plug flow in the

gas phase, PG - ». The solution is
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C, - mCI i=3
L G - 5 A, . exp (2:X)
1 - mCG i=1
. (3.16)
m(C~. - C.) i=3
G ,G = T a.A, . exp (1:X)
. it i
1 - mC =1
G
which for the terminal condition X = 1, becomes:
' ]
c c
1-a3
cL cL i=3
+— = T A, .exp (};) (3.17)
s i=1
1 - m:a
L
or
¢! - me,
o r = A exp(l]) + A, exp(lz) + A3 exp(x3)
c, - mc
L G
where
AI = DAi/DA
Dy = DAl + 11 - kg/P 1 - X3/P
lrexp(le) 13.exp(l3)
Dy = le.exp(ke) X3.exp(l3)

a2.exp(x2) a3.exp(l3)
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DA2 = X3.exp(x3), DA3 = - xz.exp(lz)
- _ 2 v
kl = 0
2

x2,13 = (a/2) i’J/(a/e) + b

a=P + /N\.Ny

b= (1 -y N . P

and
/\ - LydH - Gy)

H = Henry Law constant, atm/mole fraction

For the sake of convenience, PL in the above has been re-

placed by P.
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IV. EXPERIMENTAL

4.1 DESIGN OF EXPER IMENTS

An outline follows of the rationale behind the experi-
mental program, and of the key factors which determine the sel-

ection of the experimental techniques of particular systems used.

L.1.1 General Determinants of the Experimental Program

Behaviour of packed columns with respect to mass trans-~
fer has generally been characterized in terms of volumetric-based
transfer coefficients, k @ and kg@, or their equivalent. The
basic shortcoming of this procedure is that the relationship be-
tween the system variables and area-based coefficients, K and
kG’ may be quite different from that which applies for interfacial
area, a. Thus measurement of kGa and kLa determines only the
compos ite effect which, for that reason, tends to obscure an un-
derstanding of the basic processes occurring in gas-liquid con-
tactors. Also, different scale-up criteria may apply to inter-
facial area and to the area-based transfer coefficient.

Another consideration which influenced the design of
the experimental program is that mass transfer theories predict
the area-based transfer coefficient, kL or kG’ for simple flows.
These theories may be used as a guide in model ling transport
under more complex hydrodynamic conditions. This approach re-
quires that the functional dependence of the hydrodynamic para-

meters of the contactor be determined for kL and kG, not k, a

L
and kGa. The interfacial area, on the other hand, depends on

the geometry of the packing, the physical and flow properties
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of the fldids and on the mode of contacting. The fact that no

generalized theoretical prediction of interfacial area appears

yet to be feasible does not, however, detract from the value of
determining “its functional dependence on the system variables

separately from that for the transfer coefficients.

The independent determination of interfacial area and
an area-based transfer coefficient requires in turn that the
volumetric-based mass transfer coefficient from which it is
derived be properly corrected for the effect of axial mixing
(section 3.2). Only by allowing for axial mixing is it possible
to obtain values of the area-based transfer coefficient which re-
flect purely the influence of fluid flow on mass transfer. Al-
though one study has been published of axial mixing for the
liquid-phase of a mobile-bed contactor, it was done on a dif-
ferent sized column, using a more difficult, less accurate
method of data processing than is now available, and did not
cover as wide a range of mass velocities as was desired for the
present mass transfer study. Thus, in order to have the re-
quired mixing data available with maximum accuracy and over
the entire range of conditions of interest, the present study
incorporates an extensive study of liquid-phase mixing in the
same column as was used for the studies of mass transfer and in-
terfacial area.

A 5.5-inch (1.D.) column with spheres of sizes 0.5, 0.75,
1.0 and 1.5-inches was used for all studies of the hydrodynamics

of MBC. The relatively large 1.5-inch spheres were included be-
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cause this is the size most used in industry and also to facili-
tate comparison with results of Chen. The size of the .column was
limited by chemical consumption and the facilities required for

the mass transfer study. A1l mass transfer experiments were per-

formed with 0.75-inch spheres only.

4.1.2 Basic Elements of the Experimental Program

Experiments were designed which provided:

® liquid-phase axial mixing data; since liquid holdup
could be obtained from the same experiments, measurement of hold-
up became part of the experimental program,

e effective interfacial area of mass transfer, 'a',

e true liquid-phase volumetric mass transfer coeffic-
ient, K a, determined with appropriate allowance for the effect
of axial mixing,

° area-base& liquid-phase mass transfer coefficient from

K, @
= L
KL a
The design of each of these sub-studies is now presented.

4.,1.3 Mixing and Holdup Study

Axial mixing and holdup of the liquid phase (sections
2.4,2, 2.5, 3.1) were studied by measuring the RTD of the liquid
phase by the transient-response method. This technique requires
selection of an input signal from the alternatives of a step, im-
pulse, sinusoidal or random variation of some property such as
color, temperature or concentration. For the present study a

pulse injection of potassium chloride solution was chosen for the

following reasons:
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e step input gives cumulative breakthrough curves
from which the information required for determination of RTD
must be extracted by numerical differentiation, a process
which inherently introduces inaccuracy.

e sinusoidal input requires freedom from higher
harmonics, which involves the use of sophisticated injection
equipment; the use of more complex input functions requires
more complex analysis and offers no advantage for this system
over the simpler inputs.

e the results from a pulise input give the desired
data directly and accurately; the use of this input function
was restricted in the past by the requirement that a satis-
factorily pure pulse be produced; although it was found possible
to do so in the presence case, this was not, however, essential
because the method of analysis employed could use any kind
of input.

e equipment for monitoring electrical conductivity
of potassium chloride solutions was available from a previous

study.

4.,1.4 Dpetermination of Effective Interfacial Area

Among the available systems for determination of
effective interfacial area by absorption of a gas which under-
goes a pseudo-first-order reaction in the liquid (section 2.2.3),

the carbon dioxide-sodium hydroxide system was chosen because
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e the physico-chemical constants of the reaction
can be est imated with a satisfactory degree of reliabilitys
the kinetics of oxidation of sodium sulphite, a possible
alternate system, is questionable.

e the reaction velocity constant of the C02-OH_
reaction step, Ky is large; the small values of Ky which
apply for the alternative system carbon diox ide-carbonate
buffer solution limits the application of that previously
used system to cases with a small rate of surface renewal (and
thus, small mass transfer coefficient). With a Tow reaction
rate constant and high rates of surface renewal there could be
appreciable buildup of carbon dioxide in the bulk of the
1iquid phase such that the reaction would no longer be pseudo-
first-order, as is required by the theory for this method of
determination of interfacial area.

e air diluted with carbon dioxide can be used
and a correction made for gas-side resistance which is not
possibie in other systems.

e specific rate of absorption, R, is independent
of the hydrodynamics of the system and a single measurement
of absorption rate is necessary. Other systems require a
simultaneous variation of k2 and the measurement of absorption
rate for the evaluation of K before 'a' can be obtained (see

Equation (2.16)).
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For the system chosen, absorption of carbon dioxide
from air into sodium hydroxide solutions, it is essential to
allow for the gas-phase resistance. This can be done by mea-
suring the gas-phase mass transfer coefficient for a system
which is entirely gas-film controlled, such as the sulphur
dioxide-alkali, acetone-water and ammonia-water systems. The
system sulphur dioxide-sodium hydroxide was chosen because
of the similarity of analysis procedure to that for carbon
dioxide-sodium hydroxide.

The surface area may then be calculated from the

expression for additivity of resistances:

\

1 1 1

+
K.a K.a HkLR

G

(4.1)

a

with experimental values of K.a (CO,-NaOH system) and k.a
(S0,-NaoH system), along with k . from the theory, and the
physical property, H.

4.1.5 Liquid-Phase Mass Transfer Coefficient

In most systems of industrial interest the main resis-
tance to mass transfer is in the liquid-phase. Thus a study of
liquid-phase mass transfer for this new gas-liquid contacting
technique was considered to have the highest priority. The
system used for determination of k a was desorption of carbon

dioxide from saturated water. Actually a dilute solution of

ethylene glycol in water was used so as to match the viscosity
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of the liquid phase to that of the sodium hydroxide 1iquor
used in the determination of- interfacial area, thus minimizing
differences in hydrodynamic effects and physical properties

of the two systems. Desorption of carbon-dioxide was chosen
instead of absorption because

@ it is more accurate to measure large concentra-
tion changes in the liquid.

e absorption would require either pure carbon
dioxide (at ~ 200 cfm) or a high concentration in the air
for significant absorption in the liquid. The supply of such
large flows of carbon dioxide is major disadvantage.

e the absence of static holdup; differencesbetween
values of 'a' for the two cases of absorption and vapor ization
in packed beds are reported to be due to static holdup. As
the static holdup for MBC is quite negligible relative to the
operating holdup, kLa could be determined for either system.

The )iquid-phase mass transfer coefficient, k 2,
was determined using the model which allows for the actual
extent of axial mixing in the liquid phase, as determined
from the mixing study. Finally, the close physical matching
of the systems used for determination of interfacial area
and of liquid-phase mass transfer coefficient makes it
possible to determine the area-based transfer coefficient by
simple combination of the results from these two extensive

K, a

. . L
sub-studies , t.e, kL = - -
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4.2 INTRODUCTION TO EXPERIMENTAL PROGRAMS

The experimental program was carried out in three
parts;

1. Axial mixing investigation, involving deter-
mination of residence time distribution by the use of pulse
inputs in the liquid phase.

2. Measurement of interfacial area by absorption
of carbon dioxide and sulphur dioxide from air mixtures into
solutions of sodium hydroxide.

3. Measurement of liquid-phase mass transfer co-
efficients by desorption of carbon dioxide from aqueous
solution into air.

The  experimental facility as used for the
mixing study is described first, then those modifications
which were required for the absorption and desorption experi-

ments.

4.3 EQUIPMENT AND PROCEDURE FOR MIXING STUDIES

Figures 4.) and 8.2 show a schematic representation
and photograph of the experimental equipment. The test
column was made of 6' 0.D. by 1/U4" thick plexiglas pipe,
designed so that the spacing between grids could be varied
cont inuously from 5.5 to a maximum of 30 inches by sliding
telescopic joints. The lower supporting grid was retained

between the flanges which connect the gas distribution system
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to the test section. Both grids consisted of stainless
steel wire mesh of 70% free area; mesh size for experiments

with 1/2-inch spheres was 0.209 inch,and 0.42 inch for

others.

4.3.1 Liquid Flow System

Water at flow rates from 3950 to 24,500 1b/(hr.-
sq.ft.) could either be drawn from the mains and used on a
once-through basis or could be recirculated through a 60
gallon stainless steel tank at a controlled temperature.

For mixing studies water was not recirculated.

Uniform distribution of the liquid phase to the bed
was obtained by the use of a specially designed 18-leg
spider~type distributor, shown as Figure %.2. The distri-
butor was fabricated of 18, 1/8'-0.D. stainless steel tubes
which were welded to a}]”-diameter by 1/2"'-deep stainless
steel box having a 1/2"~tube inlet for the liguid. The length
of each tube was exactly the same so as tc equalize the flow
rate through each. The legs of liquid distributor were posi-
tioned so that each irrigated 1/18th of the column cross-
section. This type of liquid distribution system has pre-

viously been used (25 ) with good uniformity of flow.
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4.3.2 Gas Flow System

Air was drawn through a humidifying tower by a
5 H.P. blower and monitored by an orifice meter before it
entered the gas distributing system. The humidification
tower consisted of a similar MBC unit containing 1/2-inch
spheres. It was provided primarily for mass transfer experi-
ments to cool and saturate air.

The gas distribution section was designed so that
a nearly flat velocity profile at the bed entrance could be
obtained. The gas passed first through a cylindrical section
12-inch diameter by 12 inch high, then through a converging
conical section 12 inch high. In the cylindrical section
the air passed through air filters before emerging from a
bundle of 32 plexiglas tubes, each 3/4-inch in diameter.
The filters were made of rubber and-had open cell structure.
By adjusting the amount of filter material at different
points on the cross-section, a uniform distribution of gas
was obtained. Figure 4.3 shows typical gas flow profiles
measured at the level of lower supporting grid using a
standard 1/8-inch pitot tube and a pressure indicator
(Barotron). The gas was exhausted through the telescoping
pipes to the roof level. Gas mass velocities up to 4000

1b/(hr.-sq.ft.) could be employed.
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4.,3.3 Tracer Injection System

An injection system was required for the tracer,
a potass ium chloride solution, which would produce in the
liquid phase entering the column a sharp, smooth pulse of
less than 0.1 second duration., Figure 4.4 gives a sketch-
matic diagram of the system used. Potassium chloride solution
from a pressurized vessel, A, was introduced into the liquid
stream immediately before the liquid distributor. The flow
of tracer solution was controlled by a three-way solenoid
valve. When tﬁe Qa]ve waé nbt energized, a small stream of
water from the supply to the column continuously purged the
line from the injection point to the solenoid valve. When
the valve was energized the flow in this line reversed as
tracer solution flowed into the column. The purge action
after each brief energized period had the desired feature
of eliminating entirely the shortcoming sometimes associated
with pulse inputs, i.e. the presence of a tailing effect
at the end of the input pulse. An assembly of automatic
timerand a non-release relay was used to control the pulse
width, An electric impulse, generated simultaneously by
means of a 1.5V flashlight battery, was fed to both the
recording oscillograph and the data acquisition system to
mark the exact time of tracer injection. This system entirely

satisfied the required performance.
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4.3.4 Instrumentation

The concentration of potassium chloride was deter-
mined by the measurement of electrical conductivity. Cairns
and Prausnitz (92), Hennico et al. (143), Kramers and
Alberda (95) and others have used similar concentration mea-
surement methods in their respective studies. Also, the
equipment required for accurate, fast and continuous recording

was available from a previous study (25).

%.3.4.1 Conductivity Cells

Each conductivity cell consisted of a pair of I-mm.
diameter platinum electrodes embedded in a 1-mm. slot of a
cylindrical body, 0.5-cm. diameter x 1.3-cm. long. Each
probe was constructed by immersing a U-bed of platinum wire
of 1-mm. diameter x 1.2-cm. long, into liquid Epoxy resin
contained in a cylindrical brass mould. The bend was posi-
tioned 2-mm. from the end of the mould. The resin setting
was slotted at the U-bend,thus cutting a sharp 1-mm. wide by
5-mm. deep gap in the epoxy resin and platinum wire perpen-
dicular to its length. In this way, pairs of plane-parallel,
circular platinum electrodes of I-mm. diameter with a gap of
]-mm. were prepared. Copper leads were soldered to the

platinum wires prior to immersion in the resin.
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One probe was used at each end of the test section.
At the inlet section the probe was attached directly to one
of the legs of the liquid distributor so that the entire amount
of liquid emerging from the tube passed between the electrodes.
The conductivity monitoring cell at the outlet was mounted in a
Tiquid sampler, shown in the lower photograph of Figure %.5. This
sampler could be moved in all directions, but was positioned at
the centre-line at a distance of 0.5-cm. below the supporting
screen. Liquid flowed continuously through flexible tygon
tubing (not shown in the photograph) attached to the lower end
of liquid sampler. An adjustable pinch-cock was used to regulate
the flow of liquid to the maximum value consistent with the
complete exclusion of gas flow, as the presence of any gas dis-
rupted the monitoring of 1iquid concentration at the electrodes.
This arrangement for continuous measurement of the concentration
of 1-cu.mm. elements of the liquid stream essentially eliminated
time lags in the determination of the transient response of the

liquid phase.

%.3.4.2 cConductivity Measuring Circuit
A basic network, such as illustrated in Figure 4.6,
has been used successfully by a number of investigators
(22,25,91,92,113) for the continuous measurement of electrical
conductivity with fast response times. Basically the method
involves connecting a constant-voltage audiorange oscillator

across the electrodes and the resistor *rt. |If 'r!' is chosen

such that its values is small compared to the resistance of



FIGURE 4.5: PHOTOGRAPH OF CONDUCTIVITY MONITOR ING
D CELL (LOWER) AND SAMPLERS (UPPER)
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the solution, the potential, V., across 'r! becomes propor-
tional to the current passing through it, and hence pro-
port ional to the conductance of the solution between the
electrodes. Polarization of the electrodes was eliminated
by using the audio range of frequency. For the present
study 'r' was set at 51 ohms which was only 2% of the
smallest value of cell resistance encountered during the
experiments. The voltage V., was amplified and demodulated,
thus giving a D.C. voltage directly proportional to the
total conductivity of the solution. The signal from a
reference channel containing an electrode dipped in tap
water was subtracted from that of measuring channels to get
net D.C. voltage signals which were proportional to that
part of the conductivity of the solution due to the pre-
sence of salt tracer.

The time record of this conditioned signal, being
proportional to tracer concentration, provides the basic
data for the mixing analysis. The signal from the cell at
the liquid exit from the bed was recorded digitally on
analog-to-digital data acquisition system, (Dymec Model 20108
made by Hewlett-Packard) which provided two outputs, a
printed record and a punched paper tape. For this purpose
the unit was operated at its fastest speed, i.e. with a gate

interval of 0.01 second.
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The time record of the signal from the conductivity
cell at the liquid inlet to the bed could, however, not be
digitized directly by the data acquisition unit because its
max imum speed was approximately the same as the duration of
the input pulse. This signal was recorded instead with a
1ight-beam recording oscillograph (a Heiland type, Model 916C
"y isicorder", made by Honeywell). The signal from the input
event marker was of course fed to both recording systems.

The conditioned signal from the inlet conductivity cell
drove the electromagnetically dampled moving-mirror type
galvanometers which had a sensitivity of 1.2 mv./inch. The
time constant of the system was adjustable by suitable
choice of series and shunt resistors for the galvanometers.
The galvanometers were critically damped so that a pulse

as short as 11.4 milliseconds could be reproduced with
amplitude fidelity.

The Visicorder was operated at a chart speed of
5-inches per second and 100 timing lines per inch. The
inlet-pulse record from the Visicorder was digitized manually
and the data punched on computer cards. The complete linear-
ity of this system had been established earlier in a test

by Chen (25).
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4.3.5 Procedure
A warm-up period of at least one hour was allowed

for all electronic equipment. The column was always packed
to a static height of 5.5 inches, the bed height being con-
trolled precisely by using the same number of plastic balls.
The flow system was allowed to come to a steady-state for
at least 10 minutes prior to throwing open the relay, R, of the
tracer injection system (Figure 4.4) to start a run. For
|nJect|ng tracer the switches S] and S2 were rapidly closed.
This started the following series of events

e the input event mark was made on the Visi-
corder paper and the printed and punched-paper tape outputs
of the data acquisition unit; the tracer injection started,
then stopped after the set delay by the timer, T;

e the input pulse was recorded on the Visi-
corder paper;

e the output pulse was digitally recorded sim-
ultaneously on the printer and the punched paper tape; and

e a stream of water flushed the tracer line of
the remaining traces of the sait after the injection stopped.

The rather good reproducibility of the total system

is indicated by Figure 4.7 which shows three records for the
same operating conditions. Figures 4.8 and 4.9 show the
outlet response for typical liquid and gas flow rates for a
trickle-bed operation and for a MBC, respectively. Table
4.1 gives the packing characteristics, flow ranges and

other pertinent data.
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TABLE 4.1

SCOPE OF EXPER IMENTS

GAS MASS VELOCITY 0-3,600 1b./(hr.-sq.ft.)
LIQUID MASS VELOCITY 4,000-2%,000 1b./(hr.-sq.ft.)
COLUMN DIAMETER 5.5 inches inside

STATIC HEIGHT 5.5 inches

FREE BOARD * 4 x Static Height

PACK ING SIZE 0.5, 0.75, 1.0 and 1.5 inches
PACKING DENSITY 0.15 gm/cc, polystyrene foam
GRID FREE AREA T0%

TEMPERATURE 20-30 °c

*Free Board = Grid spacing - Static height

4.4 EQUIPMENT AND PROCEDURE FOR MASS TRANSFER STUD IES

The equipment used for the mixing study was
slightly modified to accommodate the sampling and analysis
systems which were required for determining the rate of
desorption of carbon dioxide from aqueous solution into air
and, in the determination of interfacial area, the rates
of absorption of carbon dioxide and of sulphur dioxide into
solutions of sodium hydroxide. Temperatures of both gas
and liquid streams were kept as close as possible, preferably
be low 30°C. The values of physico-chemical constants can be
estimated more accurately below 30°¢C. Figure 4.10 shows the
control panel, the gas analysis system, the inclined-tube

manometer for the inlet gas flow rate, the large rotameter for

the liqu id-phase and the experimental column.
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4. 4,17 Liquid Flow System

The liquid flow system consisted of a 60-gallon

capacity stainless~steel recirculation tank, fitted with a
liquid-level indicator, cooling coils and a stirrer, and a
gear pump capable of producing about 100 psig at 8 gpm. The
tank was constantly purged with nitrogen when sodium hydroxide
solutions were being circulated, or with carbon dioxide in

the case of the desorption experiments. Chilled water from

a General Electric cooling unit was circulated through the

cooling coils to cool the solution.

b, 4,2 Gas Flow System

Carbon dioxide and sulphur dioxide were drawn from
compressed gas cylinders, metered with a gas rotameter, then
introduced into the 3-inch duct at a point about 15 feet from
column inlet. The exhaust from the column was led by a 20-ft
high duct to the exterior above the roof level. The gas
regulator on the manifold connecting a series of 11 carbon-
dioxide cylinders was heated with an electric heating tape.
Two cooling coils made from 50-feet of 1/4-inch copper tubing
were installed in the 3-inch gas inlet pipe (upstream of the
point of carbon dioxide and sulphur dioxide introduction) to
cool the air. This was required for close control of re-

action conditions,
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4.4.3 Sampling and Analysis System

For the composition of liquid entering the test
sect ion, samples were drawn from the inlet'liquid stream.
The exit composition was determined on samples drawn through
a small liquid sampler, which originally housed the con-
ductivity probe, positioned at the center of the column at
0.5-cm. below the lower supporting screen. The samples
were collected simultaneously at the two points in stoppered
Erlenmeyer flasks which were initially flushed with dry
nitrogen.

The liquid concentration was determined by volu-
metric analysis using automatic titration Fisher Titralyzer.
In the case of carbon dioxide desorption from aqueous solu-
tions, a known quantity of standard, carbonate-free sodium
hydroxide solution was added to each sample to neutralize
the dissolved gas. The concentration of sodium hydroxide in
the sample and the amount of carbonate formed was determined
by titration against standard hydrochloric acid in the pre-
sence of slight excess of barium chloride solution to pH values
of 8.6 and 3.6, respectively (144). For the experiments
involv ing chemisorption of carbon dioxide into solutions of
sodium hydroxide, the same procedure was used to determine
the amount of carbonate formed. In the case of sulphur dioxide
absorption runs, the liquid sample was acidified with an excess
of hydrochloric acid, then a known volume of standard iodine

solution was added. The resulting solution, which had a
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distinct brown colour, was titrated against standard sod ium-
thiosulphate solution using the dead-stop end-point technique
(lhu). The Fisher Titralyzer was employed for this purpose
also, the end-point being determined by the use of two
platinum electrodes.

Gas samples were drawn through specially designed
samplers mounted in the test section. The sampler at the gas
inlet to the bed consisted of a 1/8-inch stainless steel
tube, -sealed at one end and perforated up to a 1/4-inch from
the sealed end with approximately 60 holes of 1/64-inch
diameter. The sample tube was placed inside a concentric
plexiglas cylinder, approximately J-cm. diameter by 2-cm.
long, with one end sealed. The sampler at the gas exit
was an inverted stainless steel conical cup of 1-cm. diameter
at the base and 3-cm. high. The converging end was connected to
a 1/b-inch stainless steel tube protruding 1/4-inch into
the cone. The end of the tube was sealed and about 64
holes of 1/64-inch were drilled along the periphery in the
protruding part. Both samplers were found to be satisfactory,
in that completely liquid-free gas was obtained with every
sample.

The gas was collected in a glass sampling tube by
mercury displacement. Concentrations of carbon dioxide and
sulphur dioxide were determined by standard Orsat analysis,
using sodium hydroxide solutions and an accurate gas burette

with an extended scale.
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4.4.4 Procedure

Sodium hydroxide solutions of concentration approx-
imately 2-Normal were prepared from distilled water and pellets
with continuous stirring and cooling for about two hours.
The 1liquid flow rate was monitored with a calibrated
Schurette and Koerting Safeguard rotameter.

For experiments involving the desorption of
carbon dioxide from water, the tank was filled with distilled
water and the viscosity was adjusted to that of sodium
hydroxide 1iquor of 2N concentration at the same temperature
by the addition of ethylene glycol. The liquid in the
circulation tank. was kept saturated by pure carbon dioxide
at atmospheric pressure.

For all mass transfer runs the system was allowed
to come to the steady-state for 10 minutes, then gas and
liquid samples were drawn simultaneously over a period of
about 3-5 minutes and analyzed immediately. For the carbon
dioxide desorption runs, only liquid analysis was used for

computing the rate of desorption.
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V. CORRELATION OF EXPERIMENTAL DATA
AND DISCUSSION OF RESULTS

The results are grouped in two basic categories:

1. Hydrodynamic Effects. Liquid holdup and axial

dispersion of the liquid, both determined by the impulse testing
transient response technique, and expansion of the mobile bed,
determined visually in the present study.

2. Mass Transfer Effects. True liquid-phase mass

transfer coefficients i.e. with axial mixing appropriately

allowed for, and the effective interfacial area of mass transfer.

5.1 HYDRODYNAMIC EFFECTS

The complex interaction between the solid, liquid
and gas phases, all of which are in quite vigorous motion in
mob i le-bed contacting, determine the physical behaviour of MBC,
including such measures as the degree of mixing and the holdup
of each fluid phase, the bed expansion and the pressure drop.
Although complicated by the additional presence of a down-
flow of liquid, MBC operation is somewhat analogous to a gas
fluidized bed. Based on the experience from that operation, the
minimum fluidization velocity, Ger 3t which the bed just begins
to expand from the static condition has been used also as an
important correlating variable for MBC. The results for

minimum fluidization velocity will be presented first as this
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variable enters into subsequent correlations. The results
follow for bed expansion, which is correlated in terms of
minimum fluidization velocity. The bed-height correlation
is in turn required for the normalization of liquid holdup
data with respect to bed volume. Presentation of various
hydrodynamic effects concludes with correlation of the data

on axial mixing in the liquid phase.

5.1.1 Minimum Fluidization Velocity

The previous work of Chen (25,29) has established the
method of determining the minimum fluidization velocity for
mobile-bed contacting by extrapolation of the linear relation-
ship between bed height and gas mass velocity to the limiting
value of the static bed height. Likewise, the similarities
and differences between mobile-bed contacting and the much
more thoroughly studied operation, fluidization with a single
fluid phase has been treated fully in the works noted above.
The new data from the present study have been obtained following
the pattern set by Chen, and may therefore be presented without
reviewing in detail the justification for the treatment used.

The new data for height of a mobile bed are reported
in full in Appendix I.1, Table !Il. As before, a least squares
straight-line fit to the data for bed height as a function of
gas velocity gives the value of minimum fluidization velocity,

G_., the extrapolated value of G which corresponds to the static

mf

bed height, h_. The height of the expanded bed was determined



visually,

given in Table 5.1,
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The values of G,¢ Obtained by this method are

while the variation of minimum fluidiza-

tion gas velocity with the .1iquid flow rate and with packing

diameter is shown on Figure 5.1

TABLE 5.1

Minimum Fluidization Velocity for MBC

Liquid F low Rate Mvn;ggThilgéd;zatlon Velocity,

Rotameter Packing Size, Inch

Setting Ib/(Er—
GPM 0.75 1.0 1.5
0.5 3,044 630 1000 2000
1.0 6,977 500 860 1600
1.5 9,707 koo 700 1480
2.0 12,513 340 600 1300
2.5 15,319 230 400 900
3.0 18,201 160 240 820
3.5 20,856 120 210 520
4.0 23,813 80 150 k20

By extension of the work on conventional two~phase

fluidization to the present operation,

viewed as three-phase fluidization

the correlation of Gmf for MBC as

which may in fact be

» Chen derived the form of
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6.¢ = A" (107" (5.1)

The presentation of data given as Figure 5.1 indicates that

all the data may be adequately represented by one value of

the parameter Y. For the data of the present study, a value
of v = 4.3 x 1072 is satisfactory. Separate correlations

with this value of v for each of the three diameters of packing
used would correspond to replacing the product A(d)m of
Equation (5.1) by the values 1016, 1570,and 3780 for d = 0.75,
1.00 and 1.5 inches, respectively. However, Figure 5.2
indicates that not only all the data of the present §tudy,

but those from Chen's study also may be represented satis-

factorily by Equation (5.1) with:

A = 1570
m = 1.5
y = 4.3x 1072

For comparison, the constants in the corresponding
correlation obtained by Chen for his data, i.e. assuming the
same dependence of Gmf upon L for all values of d , are as

follows:

>
1}

1300

5.17 x 1072

<
[}
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Chen obtained this correlation by first obtaining
the slope for the dependence of Gmf upon L. The slope used
was that which was best for the 1-in. spheres, the slope of
the data for the 0.5-in. and 1.5-in. spheres deviating slightly
on either side of this mean slope. Having thus chosen the
slope, he then determined the best values of the other two
parameters, A and m.

Chen's data was processed by a simple multiple re-
gression analysis, a somewhat better procedure, by both the
writer and by |. Rabin of Bechtel Corp.(153). The values of the
three parameters thus obtained by both of' the above for the

correlation Equation (5.1) are

A = 1054
m = 1.067
v = 3.8x 107

It is of interest to note the considerable difference in
numerical values of these parameters from those obtained
by Chen.

An attempt was made to determine the minimum fluidiza-
tion velocity for 0.5-inch spheres. However, the experimental
scatter at the low gas velocities involved was such that the
variation with liquid flow rate of the extrapolated values of
G,¢ COuld not be observed with reasonable accuracy. The

values of G,¢ computed from £tquation (5.1) were, however,
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judged to be sufficiently close to the experimental data that
this correlation cguld be used where necessary for the
evaluation of Gmf fér 0.5-inch spheres.

As the column diameter in the present study was
one-half that used by Chen, the new data for small packing
are expected to be the closest to those of Chen. /Thus the
0.75-inch packing of the present study corresponds to about
the same ratio of d/d, as the 1.5-inch packing of Chen. It
may be seen frommFigyre'§.2 that the results for 0.75-inch
spheres are indistinguishable from Chen's results, while
those for 1.5-inch spheres diverge significantly. This
behaviour provides strong indication of the presence of wall

effect even for the relatively stationary condition at incipient

fluidization.

5.1.2 Bed Expansion in Mobile-Bed Contact ing

In the correlation of results for holdup, mixing,
mass transfer and interfacial area it is essential to know the
true height of the bed. As it is evident that bed height is
also one ot the important variables in design, a correlation
was sought for the data obtained on bed expansion.

As bed height was found by Chen and again in the
present study (Section 5.1.1) to increase linearly with the

gas flow rate, the following statements may be made:



97

H o G
For G < G_¢, H = hg (5.2)
For G ) G ¢, H = m(G - Gmf) + h

where m is an insensitive function of liquid flow rate and

of packing diameter. For G ) Gmf the relation may be written

in terms of dimensionless variables as,

H -h _ mef

— = )
hs hs Gmf

G - Go¢

(5.3)

Neither liquid flow rate nor packing diameter appear explicitly

in these correlations, but Gmf is of course a strong function

of both.

Multiple regression analysis of the bed-expansion

data for the correlation form

yields the following values for the parameters:

gL M " "2
0.75 7 x 1072 1.116 1.27
1.0 25 x 1072 1.0 1.16

1.5 1.1 x 1072 1.085 1.545
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However, it is questionable whether the data justify
allowing such extensive variation of parameters with packing
size. A simpler, yet satisfactory correlation for dimension-

less bed expansion, h, is

- 1.2
h M. .6 ¢ (5.5)
where M = 1.5 x IO-I‘L for d =0.75, 1.0 and 1.5-in.
and M = 3.,5x IO-4 for d = 0.5-inch

G.¢ is given by Equation (5.1).

Figure 5.3 shows the fit of experimental data with
this correlation. It is strikingly evident that bed expansion for
0.5-in.spheres differs . from those for the larger sizes not only
in absolute magnitude, but also because of the excessively
large scatter. This difference in behaviour for the smallest
packing is quite evident when observing the operation of mobile
beds. The 0.5-in. spheres tended to agglomerate and to stick
to the column walls. These features are presumed to result
from the same underlying phenomena. Visually, the observed
behaviour is as if there is an electrostatic buildup which
attracts the balls to the wall and into clumps within the bed,
but this possibility was discounted because the liquid phase
is tap water. It is believed that the tendency to aggliomerate

and stick to the walls results when the surface tension forces
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in the packing-water-packing regions of contact become
comparable to the weight of the sphere. Spheres only 0.5-in.
diameter, of density 0.15 gm/cc, weigh only 1.29 gm. This
tendency to stick together and to the column walls became
much less pronounced at higher liquid flow rates. The
additional liquid loading on each ball at higher liquid rates
would reduce the relative importance of surface tension forces
at all liquid-solid interfaces. The packing of large dimen-
sions neither displayed this phenomenon nor gave larger than
normal scatter in bed expansion, as may be seen from Figure
5.3. It is for this reason that the results for 0.5-in.
packing are excluded from the general correlation given above.
It is apparent from the scatter of the 0.5-in. data that the
constant given for the correlating Equation (5.5) for this
packing can indicate nothing more than an order-of-magnitude
value of bed expansion.

The correlation for the data of the present study
is compared on Figure 5.4 with the data of both Chen (25)
and Blyakher et al. (150). Chen presented no correlation of
his extensive observations of bed height; a straight line has
been drawn through his data for the ease of comparison with the
present correlation. The correlation of Chen's data is lower
by 30 to 40% than that obtained in the present study. However,
a comparison of Figures 5.3 and 5.4 indicates that the scatter
of each set of data around the corresponding correlation

(excluding the data of the present study for 0.5-in. packing)
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is in fact somewhat greater than the difference between the
correlations. In spite of the considerable degree of overlap
for the data from the two studies, the fact that the correlation
of Chen's data is appreciably lower may at least in part be
due to the use of a different criterion in the measurement of
bed expansion. The problem is complicated because of the fact
that bed height is far from uniform across the cross-section
at any instant, and it fluctuates between max imum and minimum
heights. The height reported is the average of the maxima in
bed height, time averaged over 5 minutes of observation. In
fact, a pointer mounted on the side of the column was adjusted
to correspond to average height of the top of the fluctuating
bed across the entire cross-section. The height of the pointer
recorded was based on 5 minutes of observation at steady-state
conditions. Chen (25) notes that he averaged the bed height
over a period of not less than 30 seconds.' As both criteria
are subjective and the fluctuation of bed height"is quite large,
appreciable differences between observers may be expected. Use
of a quantitative criterion based on statistical fluctuations
in true bed height would be preferable, but such must be based
on some instrumental method of determining height of the mobile
bed, as the visual method is inadequate.

The 6nly other published data for bed expansion for
the three-phase mobile-bed type of operation are those of
Blyakher et al. (150). They correlated their data in the

alternate form
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Beoo a7+ a (6 - 6 )2 (5.6)

‘n which A is a coefficient which is dependent upon the liquid
Jloading. However, the main interest in their work is not the
alternate form of correlation, but the fact that their results,
expressed as dimensionless bed expansion, h, are larger by a
factor of from 3 to 15 than the results of Chen or of the
present study. This difference appears to be due to differences
in the criteria used for bed height, large differences in the
grid which supports the bed, and packing density. "

The criterion probably used by Blyakher et al. is the
maximum height attained at any point in the cross-section over
a significantly long period of observation. If so, this
criterion would correspond to decidedly higher values of bed
expans ion than that used for either of the other two studies.
Also, there is some doubt about the packing used. They re-
ported having used two densities of packing, 0.09 and 0.18
gm/cc, but have failed to indicate which density applies for
their bed expansion observations.

Another important variable affecting bed expansion
is the opening in the grid which supports the bed. In the
case of Blyakher et al. the free area of the comb ined support
and gas-distributing grids for the four different arrangements
they used was 19, 30, 41 and 90%. Their upper grid had, in all

cases, 90% free area. Unfortunately, it is not clear which
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bottom grid was used when the bed expansion data were recorded.
Based on the total open area, the linear gas velocity through
the grids of Blyakher would be approximately 3.7, 2.3, 1.7,

and 0.78 times that from our grid, (70% free area). Linear

gas velocities, larger by such amounts, would produce signi-
ficantly higher bed heights.

Chen used a supporting grid of thin wire of unspeci-
fied mesh size. However, the wire diameter of the grid was
less than 0.5-mm. The free area of his grid could have been
higher than the 70% which applies in the present study. The
influence of reduced linear gas velocity from a grid with
higher free area on the operating characteristics of MBC
cannot be estimated quantitatively. But it could be a signi-
ficant reason for the lower bed heights obtained by Chen.

Chen made no mention of any agglomeration or sticking
behaviour for his experiments with 0.5-in. packing. The fact
that there is no abnormal scatter in his bed expansion data
further confirms the absence of this problem in his study.

The ratio of wall surface area to bed volume for Chen's 12-in,
column is slightly less than half that of the 5.5-in. column of
the present study. The lower ratio of wall area to bed volume
for the larger column greatly reduces the relative effect of a
few balls adhering to the wall. In the 5.5-in. column by con-
trast, the same percentage of wall area covered by balls makes
a larger reduction in column cross-section, hence causes larger

fluid mass velocities in the remaining cross-section, which in
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turn leads to abnormally high bed expansion.

The results for minimum fluidization velocity and
for bed expansion clearly indicate the existence of two sepa-
rate effects related to packing size. For the largest spheres
(1.5-in.) used in the present study, for which the ratio d./d
is only 3.7/1, it appears that the results for minimum fluid-
ization velocity are affected by the "wall effect" as it has
been understood in work on fixed-bed columns. On the other
‘hand,_the_sm§llestﬂspheres“(0.5-in.) were not uniformly dis-
tributed in the column due to the tendency of these lightm.
weight spheres to stick to the walls of the column as well
as to agglomerate into clumps of balls within the column.

It will be appropriate therefore in each sub-study of the
thesis to check for the presence of either or both of these
effects. The results for minimum fluidization velocity and
for bed expansion certainly indicate that results for any
mob i le-bed exper iment with either 0.5 or 1.5-in. spheres in
a 5.5-in. diameter column should be examined carefully for
further evidence of these effects. Conversely, it appears
that results of any experiment using 0.75 or 1.0-in. spheres
in a 5.5-in. column may be effectively free of either effect.
It is relevant in this connection to note that the 5.5-in.
column was chosen to obtain high gas mass velocities with an
available blower, and also because of the large consumption

of chemicals for mass transfer studies in a larger unit.
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5.1.3 Liquid Holdup

5.1.3.1 Liquid Holdup_in F ixed Beds
As data and correlations are available for holdup
in fixed beds, such data were obtained with the pulse testing
technique of the present study as a test of the reliability
of results prior to application of this technique to the mobile-

bed contactor. Total liquid holdup was calculated from average

residence time, T, according to the relation

= v
Hy = § - T (5.7)

The mean residence time was obtained from the concentration-
t ime measurements using the transfer function analysis.
Operating holdup was obtained using values of static holdup,

Hg according to the definition:

Hop = Hp = Mg (5.8)

The static holdup for beds of spheres required for Equation
(5.8) was obtained from the work of Chen (25). The data for
operating holdup determined in this way for fixed beds of
spheres are compared on Figure 5.5 with Chen's data for spheres
(25), Sater's data for rings and saddles (94), and with the
generalized correlation of Otake (16). Although the values of
1iquid holdup shown on Figure 5.5 have been measured by a
variety of techniques, rather good agreement exists between the

different studies. With respect to the data from the present
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study, it is significant that there is no strong trend

with respect to sphere diameter over the range 0.5 to 1.0 inches.
In terms of Otake's correlation, the holdup for 1.5-in.
spheres is in the order of 30% lower than for the smaller
spheres. As the ratio dt/d is only 3.7/1 for this packing, it
would be surprising if holdup were not affected by the wall
effect. It is interesting that this effect is in fact sur-
prisingly small for packing which is quite large relative to
the column diameter. However, as the basic objective is to
study mobile beds, the main conclusion of the work with fixed
beds is that the satisfactory agreement with the results of
invest igators who used different methods of determining holdup
confirms the accuracy of the pulse testing technique as used

in the present study.

Chen and Douglas (29) noted that in mobile-bed con-
tacting the distinction between operating and total holdup
disappears because there is in this case no static or in-
effective holdup. Thus the results for holdup for MBC derive
directly from Equation (5.7), the transfer function analysis
of the concentration transients, and the volume of the bed, V,
as determined from the correlation for bed expansion given as
Equation (5.5). The designations "operating' and ""total" that

were used for holdup in fixed beds have been dropped in the
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presentation of results in MBC. For the four packing sizes
tested these results are given on the series of plots,
Figure 5.6.

The new results for holdup may best be considered
in detail for 1-in. packing because the results for bed ex-
pansion and minimum fluidization velocity indicate that in
MBC, the hydrodynamics for 1-in. packing in a 5.5-in. column
arenot distorted by either of the effects which were observed
for the largest and smallest spheres. While it appears that
results with 0.75-in. spheres are also free from these
effects, Chen obtained data for holdup in MBC for 1-in. but
not for 0.75-in. spheres. Although Chen's results cover a
more limited range of gas and liquid mass velocities, they
provide a valuable reference for the extension made in the
present study.

A central feature of the correlation for holdup in
MBC by Chen and Douglas (29) is that holdup is independent
of gas velocity. However, reference to the new data for I-in.
packing given on Figure 5.6 indicates a significant effect
of gas velocity. The effect of liquid velocity is as before,
i.e. holdup increases with increasing liquid rate. The over-
lap in conditions used by Chen occurs only for the lowest
two of the seven values of liquid mass velocity from 6977 to
23813 1b./hr.-sq.ft., used in the present study. Although the

representation by Chen and Douglas of their data for five
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values of liquid rate over the range 1840 ( L ( 10850 as in~
dependent of gas velocity at values greater than G.g- For the
two lowest values of liquid rate in the present study, the
moderate decrease of holdup with gas velocity is in fact not
unlike that displayed by Chen's results. However, the new
results at the higher liquid mass velocities which are of
importance in industrial practice show clearly that holdup
decreases with gas velocity at values above Gt e

The same features displayed by the results for I-in.
spheres are seen also on the plot of results for 0.75-in.
spheres. A new feature seen here, however, is that at the
h igher values of liquid velocity, the holdup passes through a
shallow minimum at an intermediate/value of gas vélocity,
then begins to increase again at higher values of gas velocity.

The results for the smallest and largest packing
must now be examined critically for evidence of deviations
with respect to holdup analogous to those noted in the previous
sections. Because of the dependence of holdup on gas velocity,
the data for 0.5-in. spheres may most conveniently be compared
with that for 0.75 and 1-in. spheres by making comparison at
constant values of gas velocity. At G = 2000 1b./hr.-sq.ft.,
for example, the liquid holdup for 0.5-in. spheres at every
value of liquid velocity tested is about 3 to 4.5 volume per-

centage points less than for 0.75-in. spheres. Thus for L = €977,
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the volume fraction liquid holdup decreases from about 0.09
to 0.06 when the sphere diameter is reduced from 0.75 to
0.5-in. This decrease is anomalous, because the Chen and
Douglas correlation for MBC shows holdup to be inversely
proportional to do’5. it will be recalled that the bed ex-
pansion data of the present study for '0.5-in. spheres was
anbmalously high (Figure 5.3) due to the lack of uniform dis-
tribution of these beds. As the value for bed volume used

to obtain 1iquid holdup on a volume fraction basis comes
directly from the bed expansion data, poor performance with
respect to bed expansion is reflected also in the data for
holdup. Thus the holdup results for 0.5-in. spheres deviate
from the predicted trend for packing diameter, and deviate in
the direction expected as a result of the already noted problem
of non-uniform distribution of 0.5-in. balls in the 5.5-in.
column. The holdup data for 0.5-in. spheres must therefore be
rejected as not indicative of holdup in a mobile-bed which has
a satisfactorily uniform distribution of packing.

At the other extreme of packing size, i.e. for 1.5~
in. spheres, the holdup data in the lower range of liquid
velocities used appear to be affected by a wall effect. Again
choosing G = 2000 1b./hr.-sq.ft. to make the comparison, the
present results for L = 6977 and 9707 1b./hr.-sq.ft. indicate
an increase of 1 to 1.5 percentage points in the volume percent

liquid as one goes from 1 to 1.5-in. spheres. By contrast,
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according to the previously observed inverse dependence of
holdup with do‘5, the holdup would be expected to decrease by
about 1.5 points in volume percent. These significantly higher
than expected values of holdup are believed to derive from a
wall effect associated with a value of dt/d = 3.7. Interest-
ingly enough this effect on the results for holdup disappears for
the higher range of liquid velocities. Thus at L = 12513
Ib./hr.-sq.ft., and G = 2000, the holdup for d = 1.5-in. is no
tonger higher then at d = 1-in., but is essentially unchanged.
At the highest values of liquid rate tested, i.e. L = 18201
and 23813 1b./hr.-sq.ft., and for G = 2000, the holdup con-
tinuously decreases as packing diameter increased from 0.75
to 1.0 to 1.5-in., in reasonable accord with the a0 depend-
ence. Thus for 1.5-in. spheres there appears to be an
appreciable wall effect which increases holdup when the bed
is only moderately expanded from the fixed-bed condition.
This wall effect however gradually decreases at very high
liquid mass velocities which correspond to a greatly agitated
mobile-bed type operation. At the condition of highly agitated
bed, the movement of packing could be expected to be less
influenced by the presence of the column wall.

Returning to the question of the reliability of the
data for 0.75-in. packing it is significant that the change
in holdup between 0.75 and 1.0-in. spheres is in all cases
in general accord with the inverse do’5 dependence of the Chen

and Douglas correlation.
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Due to the complex relations apparent between the
variables holdup, bed expansion, packing size, and gas and
liquid mass velocities, no general correlation is offered
at this time. However, the new data point out that the hold-
up correlation of Cﬁen and Douglas (29) must not be used for
liquid velocities outside the range for which it was derived.
With respect to the new holdup data, it is believed that all
of the results with 0.75 and 1.0-in. packing, some of the
results with 1.5-in. packing, and none df the results for
0.5-in. packing may be taken as indicative of holdup in
mob i le-beds which are not significantly affected by problems of

uniform distribution or wall effects.

5.1.4 Liquid Mixing

The applicability of transfer function analysis
to the study of axial mixing is examined first, then the
results for liquid mixing in fixed beds and in mob i le-bed

contacting are discussed.

5.1.4.1 Evaluation of Peclet Number and

The transfer function analysis used to compute
Peclet number and mean residence time of liquid in the MBC
also provides a test of the applicability of the diffusion
model for liquid mixing in MBC. The concentration-time data
for both inlet and outlet tracer pulses are used to evaluate
the transfer function from Equation (3.7) fur arbitrary values

of parameter s. The ordinate and abscissa values for Equation
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(3.8) are evaluated from

y = |
= In (OF ()

and (5.9)
1

(4n(1/F(s)))2

for a number of arbitrarily chosen values of s. A: least
squares straight line was used to extract mean residence time
and Peclet number from the slope and intercept of the line
corresponding to Equation (3.8). A typical case for two sets
of values of s is shown in Figure 5.7. The fact that the re-
lationship between X and Y is in fact linear confirms the
hypothesis that liquid mixing in MBC may be represented ade-
quately by the diffusion model with infinite-bed boundary
conditions.

Since the breakthrough curves in the present study did
not show significant tailing,the magnitude of the correction for
finite-bed conditions was not very significant and depended
on the value of mixing parameter Pe. Maximum correction to the
values of Pe for the infinite-bed correction was less than 5%.
It should,however, be appreciated that the magnitude of the cor-
rection could be large for a system exhibiting high degree of
mixing. Detailed computer programs and information flow charts
to carry out the calculations for Peclet number and mean residence
time are included in Appendices 1.2 and V.

The values of Peclet number and mean residence time
were corrected as outlined in Section 3.1.2. Detailed computer

programs and information flow charts to carry out the calculations
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for Peclet number and mean residence time are included in

Appendix 11.2.

5.1.4.2 Liguid Mixing_in Packed Beds

- — e Sy - —— —— — ——-—— T~ ——

The results for liquid mixing in the trickle-bed
type operation were compared in order to establish the relia-

bility of the pulse testing techpique used in the present study.
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Earlier Chen (25) and Harrison et al. (110) studied liquid
mixing in trickle-bed operation with packed beds of spheres
using the transient response technique. The variables studied
by Chen were essentially the same as in the present study; his

results were correlated as

Pe, = 0.07 (ReL)O’583 (Ga)~0-081 (5.10)

Multiple regression analysis between these dimensionless
numbers and the combined data of Chen and the present study
gave the following correlation for liquid mixing in trickle-

bed operation through beds of spheres:

Pe, = 1.06 (Re )O*! (Ga)70-095 (5.11)

Representation of these data on Figure 5.8 indicates a reason-
ably good fit for correlation in this form.

The effect of packing size is of particular interest.
In this connection it is to be noted that there is relatively
little spread in the data of the present study for 0.5, 0.75
and 1.0-in. spheres, and within the experimental scatter there
is no systematic trend with respect to packing size. As may
readily be obtained from equation (5.11), the Peclet number
for trickle-bed operation at constant liquid flow rate in-
creases proportional to d0.125.
One can visualize this increase of Peclet number

with packing diameter as occurring due to the less tortuous

path taken by the liquid for the larger packing. The more



121

direct the fluid flow path, the lower the axial dispersion
coefficient, the narrower the RTD, and the closer the approach
to plug flow conditions. However, it may be seen from Figure
5.8 that the values of Peclet number for 1.5-in. spheres are
distinctly lower than the measurements of the present study
for all smaller packing sizes. The occurrence of dispro-
portionately high values of effective axial dispersion co-
efficients for 1.5-in. spheres is believed to result from
channelling and/or excessive wall flow of liquid. This be-
haviour provides evidence of a significant wall effect for
the case of 1.5-in. spheres in a 5.5-in. column, evidence in
addition to that already noted from measurements of liquid
holdup for both fixed and mobile-bed operation, and for
minimum fluidization velocity in MBC. The data for 1.5-in.
spheres has been included on Figure 5.8, but it should be
remembered that these data are strongly influenced by the
wall effect present for the case of d./d = 3.7.

The results of the present study for liquid mix ing
in trickle-bed operation may be compared with the results of
others, although most of the other data available are for
packed beds of raschig rings. The data of Khanna (13) for
0.5, 1.0 and 1.5-inch ceramic raschig rings in a 12-in.
diameter column, Harrison et al. (110) for 1.5-in. spheres,
Kramers and Alberda (95) for 10-mm. raschig rings and the
present data were found to correlate by the generalized

equation:
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Pe, = 1.635 (ReL)O'l“ (6a)™0:995 (a4)70-*1 (5 12
This correlation is essentially the same as Equation (5.11)
with the additional parameter 'ad' to account for the shape
of the packing. Figure 5.9 illustrates the fit of data to
the proposed correlation. Although the data for 1.5-in. spheres
from the present study has been included on both Figures 5.8
and 5.9, it should be remembered that these data are signifi-
cant only in showing the extent of the wall effect on axial
mixing for the case of dt/d =3.7. For the purpose of the
present study, however, favorable comparison of the new data
obtained with the pulse testing technique with resuits obtained
by a variety of other methods for the trickle-bed operation
provided further support for the use of this method to evalu-

ate mixing in MBC.

Axial mixing in MBC occurs as a result of the same
basic flow phenomena encountered in packed or trickle-bed
operation, but with an additional contribution due to the
interact ion between the phases and the packing which in this
case is generally in a state of vigorous motion. The follow-
ing dimensionless numbers have been identified (16,112) as
important in describing liquid mixing for gas-liquid flow
through packed beds: Peclet number, Reynolds number of the

gas and the liquid phase, Gallileo number and the diameter ratio



Pe, ( Ga)O.095 (ad )0.4I

RASCHIG RINGS

6 SIZE 15 10 05
KHANNA o 4

i SPHERES
SIZE 15 10 075 OS5
PRESENT WORK @ O O A

2~ CHEN e O A
HARRISON ETAL [

I | \ | | | | \ | |

10 2 4 6 100 2 4 6 1000 2
'ReL

fcl

F IGURE 5.9: GENERAL IZED CORRELATION OF AXIAL MIXING
DATA FOR LIQUIDS IN TRICKLE-BED OPERAT ION



125

dt/d’ The 1iquid mixing characteristics may therefore be
represented by a functional relationship between

Pe, ReL, ReG, Ga and dt/d'
Fox fixed beds, it has been shown (95) that the flow of gas,
below loading point, does not influence mixing of the liquid
phase. The gas phase Reynolds number has therefore been
omitted for the case of fixed beds. Otake and Kunugita (16)
invest igated the effect of aspect ratios, dt/d and H/dt’ and
concluded that the influence of dt/d between 4.3 - 6.9 and
H/d, from 14 to 24.2 on liquid mixing was not significant
and proposed a correlation of the form:

Pe, = 1.895 (Re )03 (Ga) 0333 (2.24)
Thus, for packed beds one can write,

Pe, = A, (Re,)® (Ga)° (5.13)

As mobile-bed contacting may be viewed as an ex-
tension of the fixed-bed system, it may be assumed that a
similar functional relationship between these dimensionless
variables would apply for MBC, plus an additional parameter
for the effect of gas flow. Thus, for MBC,

Pe = A, (Re)® (Ga)* f(6G) (5.14)
On dividing equations (5.14) by (5.13), one gets

%%5 = £(G) (5.15)

Chen and Douglas (115) successfully used this
approach in correlating their data for axial mixing of the

liquid phase in mobile-bed contacting. The function f(G)
G - Gn
G

was taken as the stirring number, A _
mf
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The stirring number is the dimensionless gas flow rate above
that required for incipient fluidization. It was thought that
this is the gas flow variable which best represents the effects
on mixing in MBC. On the basis of their successful use of this
model, the same approach was used for the present study which
extends considerably the range of flow rates for the MBC oper-
ation. |

The results are presented in terms of both Pe, and
the ratiq Pe/Pe,, on Figures 5.10 and 5.11, respectively. As
the stirring number increases, the rapid increase in liquid
mixing as reflected by the corresponding sharp decrease in
Peclet number on Figure 5.10 is a consequence of the increased
turbulent mixing in the contactor. This measured effect con-
curs with that anticipated from visual observation of MBC
operation.

The effect of motion of the packing for the case of
MBC is to give greater mixing than for a fixed-bed contactor.
Thus, in the representation of results given on Figure 5.11,
the data in general lie in the region Pe/Pe < 1.

The effect of packing size was of particular interest
in discussion of results for trickle-bed operation, and is so
again for the mobile-bed case. Referring to Figures 5.10 and
5.11, it can be seen that the results, with few exceptions,

fall in the following ranges:
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Packing Size, in. Range of Pe Range of Pe/Pe
0.5 0.15 -1 0.05 - 0.3
0.75 0.4 -2.5 0.17 -1
1.0 0.7 -3 0.4 -1
1.5 ] - 2.5 0.5 -1
Equation (5.11) indicates that, at constant liquid flow rate,
Pe, increases with do‘]25. The steady increase in the ratio |

Pe/Peo with packing diameter indicates that, at constant liquid
flow rate, Peclet number for a mobile-bed contactor also in-
creases with packing size, but is rather more strongly in-
fluenced by packing size than is the case for trickle-bed
operation. When we recall that the effect of packing size on
Peclet number for a fixed-bed appears as a consequence of a
less obstructed path for 1iquid flow with larger packing, the
trend of results for MBC is seen to form a consistent pattern
because the liquid flow path becomes less obstructed yet when
the bed expands in mobile-bed operation. The results reported
in previous sections do in fact show that bed expansion, h,
increases with packing size at constant gas and liquid flow
rate. A more expanded bed allows the liquid to follow a less
tortuous path, thus permitting the appreciable increase in
Peclet number with packing diameter in mobile~bed type oper-
ations.

It will be recalled that for 1.5-in. spheres,

mixing data for trickle-bed operation indicated a large wall
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effect which causes experimental values for Peclet number to
be significantly less than would be predicted by the correlation
equation (5.11). The same effect is displayed for the MBC oper-
ation. In the tabulation of values of Peclet number given above,
large increases in Pe with packing size may be noted over the
range 0.5 to 1.0-in., whereas there is essentially no change
in Pe from 1.0 to 1.5-in. spheres. It is thus apparent that
there is a large wall effect in the data for MBC operation with
1.5-in. packing just as there was for the trickle-bed case.
Although the continuous motion of balls acts in the direction
of maintaining a uniform distribution of liquid flow over the
column cross-section, the larger the balls are, the less effect-
ive they become in reducing wall flow and channelling of liquid.

For the case of 1.5-in. balls in a 5.5-in. diameter
mobile bed (dt/d = 3.7), therefore, the conditions unfortun-
ately fall in the region of strong wall effect. Consequently,
the data for 1.5-in. spheres on Figure 10(d) must not be taken
as representative of results that would be expected for 1.5-in.
balls in a larger diameter column. Likewise, the data for
Pe/Pe for 1.5-in. spheres on Figure 11d represent the ratio
of results for two experiments, both of which were strongly
influenced by wall effect. Little significance should there-
fore be attached to this plot. Although the analysis of data
for the effect of packing diameter, and thereby to the deter-
mination of wall effect for 1.5-in. diameter spheres, has
proceeded on the basis of Figures 5.10 and 5.11, all con-

clusions reached may be substantiated by more precise com-
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parisons based on the data for Peclet number, and gas and
liquid mass velocities as tabulated in Appendix 1.1.

It was hoped that representation of mixing data as
the ratio Pe/Pe0 on Figure 5.11 would eliminate the effect
of liquid flow rate. Comparisons between Figures 5.10 and
5.11 indicate that this objective has been to a considerable
extent, but not entirely achieved. For reasons which are not
understood this representation is least successful for 1.0-in.
spheres. Although only one curve has been shown on Figure
5.11(c), the data for liquid flow rates L = 20886 and 23813
Ib./hr.-ft.% and some of the data for L = 18201 1b./hr.-ft.2
lie in one region, above the curve shown, while the results
at the lower liquid flow rates could be correlated reasonably
well by a second curve located below the one shown.

For the representation of Pe/Peo given as Figure 11,
it is of interest to note that these four plots could each
show the value Pe/Peo =lataA=-1, i.e., the trickle-bed
condition. Work with gas-liquid flow through fixed-bed con-
tactors indicates that the Peclet number for the 1liquid phase
is not much affected by gas flow rate. Thus, a plot of Pe/Peo
for operation between the trickle-bed andthe onset of the
mobile-bed condition should be approx imated by a horizonta]
line at Pe/Pe, =1 for -1 < 4o < O, Figure 11(c), for 1.0-in.
spheres, thus indicates that the ratio Pe/Peo may pass through
@ maximum in the operating region just above the min imum

fluidization 1imit. The region for which Pe/Peo Y 1 corres~
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ponds to conditions for which reduction in tortuosity of flow
path for the liquid, resulting from a modest amount of bed
expansion, is more effective in reducing axial mixing than
the as yet limited amount of ball motion is in increasing
mixing.

As primary industrial interest is for conditions
giving a rather more expanded bed, the region of a maximum
in Pe/Pe,, and hence in Pe, will not usually be of great
practical interest.

Figure 5.12 provides a comparison of results of
the present study with those reported by Chen. As agreement
between the two studies for trickle-bed operation was quite
good, comparison in terms of Pe/Pe is effectively a compari-
son of Peclet number for the MBC operation. Two features are
immediately apparent: first, the present study covers a much
wider range of gas and liquid flow rates, as reflected by the
value of the stirring number, A; second, the wide discrepancy
between the results of the two investigations. There are two
distinct aspects to the differences:

I. The present study indicates that liquid mixing
decreases as the packing size is increased, while Chen's re-
sults indicate the opposite.

I1. The magnitude of mixing in the present in-
vestigation is less by a factor of from 4 to 10 than that
obtained by Chen.

The increase in liquid-phase Peclet number with
increase in packing size at constant gas and liquid mass

velocities may be expected because the less tortuous path



Pe / Pe,

139

0.10
0.08

0.06
005
004

PRESENT STUDY

FIGURE 5.12:

|
10 20 30

STIRRING NUMBER , A

COMPAR ISON OF THE DATA ON AXIAL DISPERSION
IN MOBILE-BED CONTACT ING




140

reduced number of interactions of liquid in the case of the
larger packing. The physical picture of mixing in a mobile-
bed contactor is thus in agreement with the results of the
present study, while those of Chen show a trend with packing
diameter opposite to that which would be predicted.

| Reference to Figure 5.12 indicates, however, that
the spread of Chen's results with packing size is modest com-
pared to the much larger differences between the relatively
narrow region in which all his results lie and the results of
the present work. Possible sources of such differences will
now be examined.

Although carried out in the same laboratory, the
present study was performed with a different mobile-bed
facility, with a different liquid distributor, tracer in-
jection system, design of conductivity cells, and basic data
processing procedure. Any of these aspects could influence
the results and, as the present study followed that of Chen's,
it is believed that improvements were achieved in each. The
Jiquid distributor used by Chen gave four times the holdup
of tracer of the one now used, and as his liquid flow rates
covered a range one-half that used here, there could have
been some tailing in the input function which was treated as
a pure step-function in his data processing. Any such effect

would give results with a higher apparent value of mixing.
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Based on Chen's experience, the conductivity cells
and liquid sampler used in the present study were redesigned.
The cells used here were one-half the diameter, the sampler
one-third the diameter, and the liquid holdup in the sampler
before the 1iquid reaches the electrodes was about one-fifth
that of Chen's setup. It is relevant to note that Chen's
measurements show step-input tails as long as the mean resi-
dence time in the present case. Such tailing could occur as
a combination of liquid holdup and mixing in the liquid dis-
tributor and the samplers, and has the effect of indicating
more mixing in the bed than actually occurs., |

Development for the present study of the technique
of measuring Peclet number by transfer function analysis for
finite-bed boundary conditions made possible the use of
s imultaneous two-point measurements under actual flow con-
ditions. At the time of Chen's study it was necessary to
consider end effects as consisting only of a time delay in
injection. Thus it was necessary for him to determine this
correction for the trickle-bed mode of operation without gas
flow, then apply this correction to the measurements for
MBC operation.

There is no way of knowing whether the various
improvements which were possible since the time of Chen's
study have reduced any source of experimental error which
was of sufficient magnitude to affect his results. What is

known is that each of the changes made was in the direction
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of removing a source of error which, if present, would in
every case give erroneously high mixing (i.e., incorrectly
Jow Peclet numbers). As there is a significant difference
in results, the evidence is strongly in favor of the present
results which have the advantage of additional development
and newer techniques.

An exception is the case of results for 1.5-in.
spheres, which are shown on Figure 5.12 only fpr comparison.
As already noted, these results are incorrectly low in Peclet
number because of a wall effect problem associated with the
5.5-in. diameter column.

No more general correlation of axial mixing in MBC
is presented than is shown as Figure 5.12. By reference to
equation (5.1) it may be seen that the effect of diameter on
Peclet number enters in three ways - through liquid phase
Reynolds number, Gallileo number, and stirring number. Due
to the limited number of variables which have yet been studied
it is considered inappropriafe at this time to propose a cor-
relation more general than the representation of Figure 5.12.
Further investigation of mixing in MBC with meticulous
attention to every detail is necessary to arrive at a cor-
relation of all the variables. Reference to the enormous
differences in liquid-phase mixing in packed bed shown on
Figure 2.5 and discussed in the review of previous work does
in fact indicate the great experimental difficulties of accur-

ate measurement of mixing in counter-current gas-liquid flow.
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5.1.5 Conclusion

A number of physical characteristics of mobile-
bed contacting have been established by study of four as-
pects of the hydrodynamics of this process, namely, minimum
fluidization velocity, Gmf’ bed expansion, h, liquid holdup,
Ht’ and liquid mixing as given by the Peclet number, Pe.
New insight into the mechanism of liquid flow in MBC has
thereby been provided. Also, these four important para-
meters of MBC can now be predicted with reasonable accuracy
over the entire range of mass velocities of gas and liquid
flow of industrial interest. The investigation shows that
mixing conditions are considerably further in the direction
of plug flow limit than had previously been thought, and
this, of course, further increases the economic attractive-
ness of this new gas-liquid contacting technique. Liquid
mixing in MBC has also been found to be more strongly de-
pendent on size of packing than is the case for fixed-bed
contactors. The scale effect associated with the importance
of relative size of the packing and the column has, however,
not been completely resolved. Until this effect has been
investigated further, care should, therefore, be exercised
in using this mixing data in the des ign of mobile-bed con-
tactors of industrial size. Thus, the need remains for more
mixing studies for both liquid and gas phase in MBC, in
particular, the influence of size of packing, diameter of

column, and effect of physical properties.
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5.2 MASS TRANSFER EFFECTS

The performance of a mobile-bed contactor as a
mass transfer device is presented and analyzed in this sec-
tion. Effective interfacial area in MBC is considered first,
then the results for "“true" 1iquid-phase mass transfer, i.e.
values of K a corrected for effect of liquid mixing. Finally,
the variation of the area-based transfer coefficient, kL,is
examined as a further indicator of the relationship between

flow behaviour and mass transfer characteristics of MBC.

5.2.1 Results for Effective Interfacial Area

The central feature to a basic analysis of mass
transfer behaviour in MBC is that the total effective inter-
facial area is the summation of three types of interfacial
area, and that the mass transfer occurring across each of these
types of interface contributes in a different way to the
total mass transfer. The types of interfacial areas are

Bubble area - due to swarms of small gas bubbles

dispersed in the liquid

Droplet area - due to liquid droplets produced by

the turbulent conditions
Film area - due to liquid flowing as a film and to
fragments of liquid larger than droplets.
it is important to note that the direct chemical
reaction technique used in the present study measures the

cumulative area due to all three types of interface. Varia-
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tion in the relative importance of these types provides the
key to understanding the mass transfer characteristics of MBC.

The values of effective interfacial area of mass
transfer as determined by absorption of carbon dioxide from
air into sodium hydroxide solutions were corrected for gas-
phase resistance using the rates measured under identical
flow conditions for the absorption of sulphur dioxide into
sodium hydroxide solution. The techniques have been used
successfully for determination of effective interfacial area
(37,39,47) and were described in Sections 2.2 and 4.1.4. The
computer program for calculation of physico-chemical proper-
ties of the system and processing of the data is recorded in
Appendix 11.3. Details of the calculation of physico-
chemical data are given in Appendix IV. Bed height for the
0.75-inch spheres used was obtained from equation (5.5). The
complete results for interfacial area are given in Appendix
|.2, Table IV.

The experimental results for effect of gas and
liquid mass velocity on interfacial aea are plotted with
linear and logarithmic representation on Figure 5.13(a) and
(b) respectively. The large increase of interfacial area
with gas and liquid flow rate is immediately evident. In the
upper range the values of interfacial area may be seen from
Figure 15(a) to increase continuously, the limit of which
would be the conditlons for which the packing would be carr-

ied to the top of the bed and the tower would flood. The
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highest gas and liquid velocities of the present study
approach this limit. The effective interfacial area may be
observed to increase with gas velocity continuously as this
limit is approached.

The limiting condition in the region of low values
of interfacial area is the trickle-bed operation, i.e. G = 0.
Yoshida and Koyanagi (37) have in fact measured effective
interfacial area in a sphere-packed column in trickle-bed
operation. Interpolating from their results, the value of
effective interfacial area of 0.84 cm?! may be obtained for
L= 7294 lb./hr.-ft%, which is the lowest liquid rate at
which extensive area measurements are available from the
present study.

From Figure 15(a) it may be seen that it would be
quite consistent with the data to terminate the line for the
new measurements with L = 7294 at the value of a = 0.84 cm?!
at G = 0. All lines shown on Figure 15(a) must of course
terminate along the ordinate at the value corresponding to
trickle-bed operation. The seven measurements made of inter-
facial area in the range G ( 500 lb./hr.-ftg may be noted on
this plot. However, as these values cover the full range of
liquid flow rates, 4089 ( L 24692, there is insufficient
data to define interfacial area accurately in the transition
region near the minimum fluidization velocity. For 0.75-inch

spheres it is of interest that the range for minimum fluidiza-

tion velocity is approximately 90 ( G¢ { 700 Ib./hr.-ftg
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for the range of liquid flow rates used. As the transition
region near G = G ¢ is not the region of primary industrial
interest, it was not studied in detail, and the lines on
Figure 15(a) are therefore not extended into this region.
Figure 5.13(b) shows on logarithmic scales the
variation of effective interfacial area for MBC with fluid
flow rates. As the seven data points for the transition
region close to minimum fluidization have been omitted from
Figure 5.13(b) for the reasons just noted, the straight lines
which represent the data on logarithmic coordinates for the
fully developed mobile-bed conditions must not be extrapola-
ted into the transition region. The equation which corres-

ponds to the correlation on Figure 5.13(b) is
a = 7.%6x 108 106 09 (5.16)

Figure 5.14 shows the adequacy of fit of experimental data
with the proposed correlation.

As noted at the outset, the interfacial area in MBC
comprises the contributions of areas of gas bubbles, liquid
droplets and liquid films. One can therefore interpret the
results by reference to aerated liquid systems, spray columns
and packed beds.

A packed bed is characterized by flow of liquid as
thin films on packing surfaces while the gas phase remains as
a continuous phase occupying most of the free space. Droplet

and bubble formation begins to occur only in the loading
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region close to the.flooding point. Interfacial area, as
well as the transport and other properties of a packed bed
below the loading point, are therefore influenced primarily
by liquid flow rate, the effect of gas flow rate usually
being insignificant (37,42,4T7).

Danckwerts and Sharma (53) have summarized for a
number of packings the data for effective interfacial area,
a, and liquid phase mass transfer coefficient, kL, for ab-
‘sorption of carbon dioxide. Typically, the effective inter-
facial area increases relatively rapidly with liquid flow
rate, in the low range of flows, probably due to difficulty
with fixed-bed contactors of wetting all the packing surface.
Effective interfacial area approached that of dry packing
below the loading point while at high flow rates, beyond the
loading point, effective interfacial area may eventually be
greater than that of the dry packing. It is probable that
some droplet and bubble formation occurs for the rather un-
stable conditions above the loading point. The region for
fixed-bed contactors near the flooding point has not however
been adequately studied.

An interesting point of comparison for the results
of the present study may be made at L = T294 Ib./hr.-ft2 At
this liquid flow rate the review of Danckwerts and Sharma (47)
indicates that effective interfacial area for columns packed
with various industrial packings (rings and saddles) is in

the range of | to 3.5 cm:]. This comparison is somewhat mis-
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the range of | to 3.5 cm:]. This comparison is somewhat mis-
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leading, however, in that it is only possible to reach inter-

facial areas in the order of 3.5 cm:]

with 0.5-inch packing,
and such small packing has rather restricted application
because of the correspondingly low flooding velocities.
Interestingly enough, the interfacial area at L = T294 is
effectively the same for 0.75-inch spheres in mobile beds
near the minimum fluidization condition, as it is for 1.5-
inch Raschig rings in fixed beds. As liquid flow rate in-
creases above this value, interfacial area increases more
rapidly for the MBC, and liquid rate for MBC can of course
be increased to much higher values before flooding (L )
25000 Ib./hr.-ft2) than is the case for a fixed-bed column.
The dependence of interfacial area on liquid flow
rate provides another point of comparison between mobi le-bed
and fixed-bed contactors. The correlation of results pro-
posed here, equation (5.16), indicates that interfacial area
in MBC increases with L0‘6, while Shulman et al. (30) report
that the exponent for a fixed-packed column is 0.45. As MBC
is characterized by much more highly turbulent flow condi-
tions than those in a packed bed, it is not surprising to
obtain a higher exponent for liquid flow rate in our case.
The dependence of interfacial area on liquid flow
rate may also be compared with the variation of liquid holdup
with liquid flow rate. The results for 0.75-inch spheres
given in Section 5.1.3.2 indicate that liquid holdup in MBC

L0.7

increases approximately proportional to . The fact that
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the dependence on liquid flow rate in the case of interfacial
area is somewhat less than it is for holdup is in fact a re-
flection of the same phenomena which cause the reduction in
axial mixing of the liquid as liquid flow rate increases (cf.
Section 5.1.%). Thus although liquid holdup increases app-
roximately with L0'7, interfacial area does not increase in
direct proportion to the increase in holdup because the
liquid flow conditions are changing in the direction of less
axial mixing associated with less tortuous flow path provided
by the more expanded bed. The result is less interfacial
area per unit amount of holdup, and thus a lower exponent for
interfacial area.

The contribution and effect of that fraction of the
interfacial area which is contributed by droplets will next
be examined. The recent results of Mehta and Sharma (69) for
interfacial area in a spray column are reproduced in Table 5.2;
the results tabulated for mass transfer coefficients will be
discussed in the subsequent section. It may be noted that
interfacial area in a spray column is relatively low and not
strongly dependent on either gas or liquid flow rate. An
estimate of the importance of droplet interfacial area may be
obtained from an order of magnitude calculation. Typical
values for holdup of the liquid and solid phases in MBC are
0.15 and 0.3 volume fraction, respectively, which correspond
to 0.55 volume fraction for gas-phase holdup. If 1 cm:I is

taken as a generously high estimate of droplet interfacial



TABLE 5.2

MASS TRANSFER AND EFFECTIVE INTERFACIAL AREA IN A SPRAY_COLUMN (69)

COLUMN DIAMETER = 7.9 cm. SHOWER TYPE NOZZLE:
DISC DIAMETER = 12.5 mm.
COLUMN HEIGHT = 134.0 cm. ORIFICE DIAMETER = 1.2 mm.
NUMBER OF HOLES = 69

LIQUID GAS

FLOW RATE VELOCITY kLa kL a

Ib./hr.-ft.2 cm./sec. hr.” ! cm./hr. cm.2/cm.3
9,950 1-15 32.4 65.5 0.495
9,950 25 38.2 65.5 0.584
15,930 1-15 47.9 85.5 0.57
15,930 25 61.2 91.8 0.666
15,930 4o 0.800

7G1
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area in a spray column at high gas and liquid velocitires,
and }t is assumed that droplet concentration in the gas
space in MBC is as high as in a spray column, then an upper
bound of 0.55 cm:l follows for the contribution of inter-
facial area from droplets in MBC. As experimental values of
total interfacial area for MBC would be about 3 cm? ! for
flow conditions corresponding to those for which the value
of 0.55 cm>! has been estimated, it is apparent that area
from droplets contributes a rather small amount to the total
interfacial area. Thus, in view of the low percentage of
total area which derives from droplets, combined with the
relative insensitivity of this contribution to gas and
liquid flow rate, it may be concluded that the strong effect
observed for gas flow rate on total interfacial area (a a(Go’g)
must originate from the third source of interfacial area,
namely, from bubbles. Interfacial area from liquid films as
they occur in normal packed bed operation cannot of course
provide any significant amount of this dependency on gas flow
rate because, as already noted, liquid phase behaviour in
packed beds (holdup, axial mixing, interfacial area) is
essentially independent of gas velocity.

Gas bubbles are the source of interfacial area for
the general class of equipment referred to as aerated con-
tactors. This class of contactor may be taken as including
sparged reactors, bubble columns, sieve and bubble trays

where gas bubbles rise through a continuous liquid phase. In
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this case, the gas-liquid contact area is in fact the area
of tiny bubble swarms. Bubble phenomena observed in these
systems have been extensively studied by Calderbank and co-
workers (63,67). The interfacial area was found to increase
with gas.flow rate. The relationship for sieve plates with
holdup ratios less than 7% (for gas velocity, Ug s below 1.5

cm./sec.) is given by

a d ug.704 (5.]7)

This is in good agreement with the exponent of 0.715 obtained
by Quigley's correlation (68) which was developed by measur-
ing bubble diameters and gas-phase holdup for this range of

gas flow rates. An empirical correlation:

a o ug'g (5.18)

was given (63) for values of gas holdup up to 40%, with gas
velocity, Ug s ranging from 12 to 100 ft./min. These gas flow
rates are low by comparison with MBC, for which interfacial
area was measured at gas velocities up to 3100 Ib./hr.-ft.2
i.e. for superficial velocities up to 580 ft./min. The above
relationship was later confirmed for foams with gas holdup up
to 80%. For sieve trays (67) interfacial area continues to
increase until it reaches a maximum of about 8 cm:l when it
remains almost constant. For bubble columns Sharma and
Mashelkar (57) measured interfacial areas in the range 1.5 to
3.5 cm:' for superficial gas velocities from 15 to 40 cm./sec.

Also, they consistently found interfacial area to vary with
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the 0.7 power of gas velocity.

In the operation of aerated mixing vessels, as
well as sieve plate columns, mechanical energy is dissipated
in stirring the fluid phases. The magnitude of transport
properties and effective interfacial area, therefore, depends
on the amount of energy input to the system. Calderbank (67)
suggested the following correlation as suitable for non-
agitated aerated mixing vessels as well as for sieve plate

co lumns:

A4 0.2
(P/v)°"*
a = C ——;m—"— . ug’s (5.19)

where C is a dimensional constant, and the specific power

input for non-agitated systems is defined as

P/V = (5.20)

This relation again predicts that interfacial area should be
proportional to ug'g. All of the experimental evidence for
dependence of interfacial area of bubbles in aerated vessels
supports the conclusion that the observed dependence with GO'9
derives from the fact that area of bubbles makes a large con-
tribution to total interfacial area in MBC.

in summary, recognition of three types of inter-
facial area in MBC - bubble, droplet, and film area - leads
to relating this new contacting technique to aerated proces-

ses, spray columns, and packed beds, respectively. At onset
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of mobile-bed type operation at the condition of minimum
fluidization, total interfacial area is in the order of
] cm:l, essentially all of which is film area. At the upper
end of the physical limit of operation of MBC, total inter-
facial area is about ¥ cm.), of which film area may have in-
creased to somewhat greater than 1 cm:l due to strong shear-
ing action of the solid and gas phase on the liquid films
and large globs of liquid in the much expanded bed. As an
order of magnitude analysis indicates that droplet area may
reach a maximum of 0.5 cm:I for high gas and liquid flow
rates, bubble area is therefore expected to reach a maximum
of close to 2.5 cm:]. The two dominant influences, area of
liquid films and of gas bubbles, is reflected in the experi-
mentally determined dependence of total interfacial area,
i.e. a o((L)o's(G)o'g. The dependence on LO‘6 derives
primarily from area of liquid films, while the contribution
from gas bubbles is the main source of the G0'9 variation.
The results for interfacial area thus indicate
that in the lower range of fluid flow rates, not far removed
from the minimum fluidization condition, MBC may be viewed
primarily as a modified packed bed which, by virtue of the
ability of the bed to expand, is able to operate in a com-
pletely stable manner in a state analogous to the unstable
loading-flooding region of a fixed-bed contactor. |In the

other limit of operation for MBC, i.e. near the maximum fluid

flow conditions possible, the bed behaves to a large extent
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as an aerated vessel with swarms of bubbles entrained in the
liquid, although the region of the expanded bed still has

attributes of a packed bed to a reduced extent, and also has
an appreciable concentration of droplets in the gas space in
the manner of a spray column. The mass transfer results to
be presented next will be interpreted in the light'of the

relative importance and effect of the three types of inter-

facial area across which the transport occurs.

5.2.2 RESULTS FOR LIQUID-PHASE MASS TRANSFER

The study of effective interfacial area has identi-
fied the three modes of mass transfer; film, droplet and
bubble. An indication of the relative proportion of the
three types of interfacial area was obtained, but this
informat ion reveals nothing about the conditions on the
)iquid-phase side of each of these three types of interfaces.
Measurement of 1iquid-phase mass transfer should therefore
provide further information concerning the characteristics

of the process of mobile-bed contacting.
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5.2.2.1 Evaluation of Volumetric Liquid-Phase

Mass transfer coefficients for desorption of carbon
diox ide from water in a mobile-bed contactor with 0.75-in.
spheres were calculated with appropriate allowance for the
effect of axial mixing in the 1iquid phase. Equation (3.17)
gives outlet liquid composition as a function of liquid
Peclet number, P, and the number of mass transfer units, NOL'
Fffective height of the mobile bed was computed from Equation
(5.5) and Peclet numbers were obtained from Figure 5.11(b).
Iterat ions were performed by changing Ny, to converge at the
measured value of 1liquid concentration at the exit from the
bed. The computer program for calculation of mass transfer
results is included in Appendix i1.4; complete results are
tabulated in Appendix 1.3, Table V.

Equation (3.17) with the assumption of plug flow in
the gas phase has been used as the calculation model. It is,
however, important to appreciate that the use of this model
does not imply that there is no back-mixing of the gas phase
in a MBC, nor that thisback-mixing does not affect the per-
formance of the contactor, including the mass transfer
coefficient. It is just that for the case of negligible
overall change in gas phase concentrat ion, as for the conditions
of this investigation, back-mixing in the gas phase does not
affect the driving force for mass transfer. Axial mix ing of

gas is no doubt present, and the calculated values of transfer
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coefficients do correctly allow for whatever effect this

mixing has on the transfer coefficients. Thus it is quite

valid to apply the transfer coefficients obtained here to

cases for which there are appreciable changes in gas .composition
from inlet to outlet and gas-phase mixing therefore exerts

an appreciable effect on the driving force for mass transfer.

5.2.2.2 Correlation_and Discussion of k a_Data

Mass transfer in MBC occurs across three types of
interfaces, those for films, bubbles and droplets. These
interfacial areas are characterized by the nature of mass
transfer process occurring through them which can give an
order of magnitude estimate of mass transfer coefficients
assoc iated with them. The contribution of these three types
of areas varies from one limit which applies for operation
near the point of minimum fluidization, where most of the
transport occurs across film area, to the strongly turbulent
region at high flow rates where bubble area predominates, but

where film and droplet area also contribute. Since k a measured

in the present study is the cumulative result, one can write

kLa=ka+ka+k

L0%D LF o L8

where ays 3 and ag are effective interfacial areas and kLD’
ST and k g are area-based liquid-phase mass transfer coef-

ficients for drops, films and bubbles, respectively. Repre-
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sentat ion of the overall transfer coefficient in this manner
is the key feature of the analysis and interpretation of
results for 1iquid-phase mass transfer.

Figures 15(a) and 15(b) show 1inear and logarithmic
variation of K a with flow rates in a mobile bed packed with
0.75-inch spheres. Before analyzing the results in detail,
however, it is interesting to compare the mass transfer co-
efficients for MBC with those of other gas-1iquid contactois.
Thus Tables 5.3 and 5.4 show typical data for spray, bubble
and packed columns while additional mass transfer daté for
spray columns appear in Table 5.2 given earl ier. The following
general characteristics become apparent form these figures
and tables{

a) volumetric mass transfer coefficients for MBC
are considerably larger than those for packed beds or other gas-
1iquid contactors (Tables 5.2, 5.3 and 5.%),

b) volumetric mass transfer coefficients for MBC
increase strongly with liquid flow rate but are only stightly
dependent on gas flow rate. After decreas ing somewhat with
gas velocity in the lower range of velocities, there is some
indication that at high gas flow rates, the volumetric transfer
coefficients. may approach a constant value which is character-
ist ic of the liquid flow rate used.

An empirical correlation was developed by cross-

plotting the experimental data (Figure 5.13(b)) and is given by
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TABLE 5.3

TYPICAL MASS TRANSFER DATA FOR CONVENT{ONAL CONTACTORS

Contactor L G kLa Remarks Ref .
Ib./hr.-ft. Ib./hr.-ft.2 hr.”!

Spray Tower 800 450 10 .66 154

Packed Tower 800 450 15.28 2" - R Rings 154

Packed Tower 20,000 No effect 183 0.75" sphere 70
packed
(interpolated)

Packed Tower 6, 140 No effect 10.32 0.75" sphere 78
packed (cal-
culated from
correlation)

Bubble Column No effect 18.1 15 1 mm particle 105

Bubble Column No effect 18.1 95 No particle 105

Bubble Column No effect 18.1 190 & mm particle 105

SOl



TABLE 5.4

LIQUID PHASE MASS TRANSFER IN BUBBLE COLUMNS (152)

LIQUID GAS MASS TRANSFER EST IMATED
FLOW RATE FLOW RATE COEFFICIENT INTERFACIAL MASS TRANSFER
AREA COEFFICIENT

LB./HR .-SQ.FT. HR. ™! M. CM./HR.

L G kLa a kL

1,000 18.7-7T4.2(55) 33-58 (40) 2-5(3) 7-30 (13)

10,000 18.7-74.2(42) 165-270(205) 2-5(3) 13-145(70)

24,000  18.7-74.2(38)  205-315(240) 2-5(3) 40 -155(80)

40,000 18.7-T4%.2(33) 2-5(3) 50-180(90)

248-362(280)

Values in parantheses indicate, for G, the value at transition, and

for k, a, a, and k
transition.

* INTERPOLATED

L2 the constant value of the variable above

991
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ka = 0.113 L 1-08 §-0.31 (5.21)

Figure 5.16 shows the fit of experimental data with the above
equation. It should be remembered that this correlation repre-
sents the cumulative effect of the changing proportion of three
modes of mass transfer. This feature will now be considered

in greater detail.

The effective interfacial area for mass transfer
in MBC varies between one 1imit where it is mostly film area,
to the other 1imit of highly dispersed gas-liquid flow, where
droplet and bubble area predominate. One can expect that the
mass transfer characteristics will vary in a similar manner.
Thus, for the mass transfer behaviour of MBC, there is not a
single analogue but three - spray, bubble and packed columns.
The mass transfer characteristics of these contactors are,
therefore, briefly discussed below.

Liquid-phase mass transfer in fixed-bed packed
columns is insensitive to gas flow rate below loading point.
Onda, Sida, Kido and Tanaka (78) studied the absorption of
pure carbon dioxide into water. The capacity coefficients
were related for 1,000 ¢ L ¢ 30,000 kg./(mz.-hr.) by the
equation
B

K, a = AL

L (5.22)

where A and B are constants given in Table 5.5.
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TABLE 5.5
CONSTANTS AND EXPONENTS IN EQUATION (5.22)

Packing A B
0.5-inch Ceramic spheres 1.35 x 1073 0.90
1.0-inch Ceramic spheres 0.944 x 1073 0.87
1.33-inch Ceramic spheres 1.23 x 1073 0.86

Interpolating for 0.75-inch spheres, one arrives at

the following equation:

ka = 1.15 x 1073 0-885

L (5.23)

where liquid mass velocity, L, is kg./me.-hr. and volumetric

I The fact that the

mass transfer coefficient, kLa, is hr.”
exponents for L in Equations (5.21) and (5.22) are quite close
indicates that the effect of liquid flow rate in MBC is
essentially similar to that for packed columns. The mass trans-
fer interfaces in packed beds are constantly renewed by a com-
bination of film phenomena. The liquid films in MBC are
apparently considerably more turbulent than is the case in a

packed bed, this effect being reflected by the much higher values

of kLa than in a packed bed.
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Bubble columns are characterized by no external
mixing, lov gas velocity (=2 fpm) and in most cases practically
zero liquid flow. However, Shulman and Molstad (152) examined
the mass transfer characteristics of bubble columns in which
there was a large downflow of water as the liquid phase. The
specific system studied was absorption and desorption of carbon
dioxide. The results are summarized in Table 5.4. Two
distinctly different regions were observed. At low gas velocities,
the rate of mass transfer increased with increasing gas velocity,
but at high gas veiocities, k a became independent of gas
velocity. The transition between the two regimes is characterized
by a decrease in mass transfer rate, as may be noted from
Table 5.4. The behaviour in the region of high gas flows could
be partly due to effective reduction in the level of turbulence
in the liquid adjacent to the bubble surfaces because of the
onset of slug flow of the gas. Also, the mass transfer rates
were of the same order of magnitude as packed beds at low
liquid flow rates, and much higher mass transfer rates at high
liquid flow rates. The increase in liquid flow rate results
in more intense gas-liquid interaction which causes k a to
increase significantly.

Spray columns are characterized by liquid drops
dispersed in a continuous gas phase. As can be seen from
Table 5.2, liquid-phase transfer coefficients in spray columns

are not strongly affected by large variations in gas velocity,
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although K 2 does increase significantly with liquid flow
rate. However, more significant yet is the fact that the
range of values of k a for spray columns is very low, in the

range 10 to 60 hel.

This low magnitude of k a values is due
to the very low level of fluid motion in the interior of
tiny drops.

Thus, analysis of available data for 1 iquid-phase
mass transfer indicates that k a can be varied over a wide
range for both packed and bubble columns, depending upon the
intensity of turbulence.in.éhe liquid phase. The rate of
liquid-phase mass transfer in drops is, however, small. The
observed behaviour of MBC as a mass transfer device can be in-
terpreted as the result of a combination of the flow conditions
typical of bubble columns, packed beds and spray columns.

Only two studies for mass transfer in MBC have
been reported, and these are of very limited scope (T147,149).
Also, these studies were for systems for which gas-side
resistance to mass transfer was predominant. Douglas et al
(147) observed that volumetric gas-phase mass transfer co-
efficients, k.2, for MBC were 80-130 times higher than those
for a large coke packed absorption tower which had been used
for the same service. However, a large part of this improve-
ment was no doubt due to the difficulty of wetting all the
packing in the fixed-bed tower. Similar results were obtained

by Douglas (149) in the study of ammonia absorption in water.
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More insight into the mechanism of mass transfer
in MBC can be obtained by studying the area-based mass trans-
fer coefficient, kL' As was done for effective interfacial
area and volumetric mass transfer coefficient, the behaviour
of K also will be analyzed in terms of the contributions to
total mass transfer from the three types of gas-liquid inter-
faces present in MBC. Thus k  may be expressed in terms of

the coefficients and areas for drops, fiims.and bubbles as

follows:

K a K n8n + K car + K o8
k@ ke T KE% T YisB
ke = =3 3 (5.24)

As order of magnitude estimates for the three components of
effective interfacial area in MBC are now available, and
estimates can be made of the values of the transfer coefficients
for each type of interface, the mass transfer results for MBC
will be examined by comparison-with predict ions based on this
approach. ’

Experimental values of kL were obtained by dividing
the corresponding values of volumetric mass transfer coefficient,
K @ by effective interfacial area, a, as calcutlated from
Equation (5.16). The results are shown in Figure 5.17(a) and (b)
for the range of flow rates studied. An empirical correlation
for est imating K, was obtained by dividing Equation (5.21) by

Fquation (5.16):
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4 0.48 g1-21

kg = 1.51x 10" L (5.25)

Figure 5.18 gives a comparison of experimental results with
those obtained from Equation (5.25).

It is essential to recognize that the KL shown on
Figures 5.17(a) and (b) and given by Equation (5.25) repre-
sents an area-averaged value of K for the three different
modes of mass transfer, as .indicated by Equation (5.24).
Because the proportionality between the three types of inter-
facial area changes appreciably over the range of flow
conditions for which the equation applies, the exponents on
L and G in Equation (5.25) bear no relationship to the
corresponding exponents for any of the three contributing
modes of mass transfer. The exponents of Equation (5.25)
are in fact a direct reflection of the changing weighting
factors for the three modes of transfer over the range of
operation of MBC. The data presented in Tables 5.2 and 5.4
show small increases in mass transfer coefficients of drops,
kL, with gas flow in spray columns, a positive dependence
of mass transfer coefficient due to bubbles, kLB’ on gas flow
through bubble columns and almost zero dependence of mass
transfer coefficient due to films, K| son the gas flow through
packed columns. However, in spite of positive or zero coef-
ficients for the dependence on L for each of the component modes
of transport, the weighted average kL of Equation (5.25) shows
a high negative coefficient on L due to variation in the weighting

factors for the three modes.
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Before proceeding further with analysis of mass

transfer in MBC based on the application of Equation (5.24)

it is necessary to estimate the values of kLD’ kLF and kLB
which would apply for conditions in a mobile bed.
For a rigid sphere model of small drops
- D
while for Kronig and Brink circulating large drops
- D
kKip = 17.90 3 (5.27)

Exper imental rates have been found to vary from those for

rigid spheres in the case of highly viscous liquids, upto three
or four times the Kronig and Brink rate for fluids of low
viscosities. The mass transfer coefficients for small non-
circulating drops is generally an order of magnitude smaller
than for turbulent liquid flims. The values of kL shown in

Tables 5.2 and 5.3 confirm this behaviour. The data given

in Table 5.2 are used to estimate k, for drops.

L
The magnitude of the transfer coefficient in the case

of turbulent liquid films depends on the rate of surface

renewal and is given for Danckwert's model of mass transfer

as kL o \/5; The experimentally measured values given in

Table 5.3 indicate that small values of k of 10-180 hr.”!

occur for the relatively calm conditions of a packed bed. As

liquid flow conditions in MBC are much more turbulent, one

should expect a significantly higher mass transfer coefficient.
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Figure 5.17(a) shows that this is indeed so at low gas
velocities where the liquid flows primarily as liquid films,
the contributions due to drop and bubble phenomena being
still quite small.

A further complication with respect to estimating
the value of k . results from the presence of swarms of
tiny gas bubbles dispersed in the liquid. The extent of
this effect is appreciable as indications are that, at high
rates of fluid flow, more than half of the interfacial area
may be present in this form. The presence of small bubbles
no doubt alters the structure of turbulence in the liquid
phase, including the interfacial region. If the presence of
bubbles acts as a turbulence suppressor in the liquid, the
£iIm mass transfer coefficient could be appreciably reduced
in the case of MBC.

The behaviour with respect to liquid-phase mass trans-
fer of bubble columns for which there is a significant downflow
of liquid is given in Table 5.4, The range of variation of K g
is very large, from 7 to 180 em./hr. The estimates for transfer
coefficients in agitated and non-agitated gas-sparged reactors
which are shown in Table 5.6 indicate a range of K B from 12
to 110 em/hr. It is particularly significant to note that
when high shear rates are applied to the liquid by means of

mechanical agitation, the increase in kL is strongly determined



Bubble
Size

large

small

large

TABLE 5.6
MASS TRANSFER IN AERATED SYSTEMS

G k2@
ib./hr.-sq.ft. Agitation hre.”!

25 No 48

25 No 48

250 No 450

25 High 192

25 High 480

Est imated

a_, KL
cm cm,/hr.,

4 12

3 16

4 110

6 32

5 96

6.1
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by the bubble diameter. For the agitation used, Ky increases
by a factor of about 2.5 for small bubbles (diameter ( 2 mmy
but by about a factor of 6 for larger bubbles. It is believed
that the bubbles present in MBC operation are in the small
range, less than 2 mm. in diameter. Thus the mass transfer co-
efficient, K’ for the bubble area in MBC is probably not strongly
dependent on the mixing conditions which prevail.

An order-of-magnitude estimate can now be made for
MBC. For conditions just above minimum fluidization, the inter-
facial area is believed to be mostly film area in a quite

I

turbulent state such that ap = 1 cm, ' and k g 600 cm/hr, = kL.

L
For MBC conditions approaching the upper 1imit of possible

fluid flow rates considerable drop and bubble phenomena occur, and

one can est imate
1

kp = 100 cm/hr., a; = 0.5 cm.
K = 600 cm/hr., ag = 1 cm. !
kLB = 80 cmwhr., ag = 2.5 cm._l

whence from Equation (5.24),
Kk = 100 x 0.5+ 600 x 1.0 + 80 x 2.5
L (0.5 + 1.0 + 2.5)

= 212 cm/hr.,
This estimate is probably somewhat high because of the assumption

that the value of kLF = 600 cm/hr. does not decrease as the
bubble population increases. No quantitative basis is available

for estimating this effect. |If it were estimated that
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kLF = 400 cm./hr., the weighted average value of kL would be
162 cm./hr. for MBC at high flow rates. From Figure 17(a)

it can be seen that at L = 24000,G = 3000 tb./hr.-sq.ft., the
value of kL is about 150 cm./hr. Errors enter the prediction
due to lack of complete and appropriate data for liquid-phase
mass transfer fpr films, droplets and bubbles, and to the
further difficulty of definition of flow conditions affecting
these modes of transfer within a mobile bed. However, such
close agreement between the actual and predicted values,
considering the difficulties associated with the prediction,
confirms the validity of the basic approach. This analysis
of the mass transfer results also confirms that the apparent
effect of gas and liquid flow rate on the mass transfer coef-
ficient for MBC is in fact only reflection of the changing
relative importance of transport across the quite different
interfaces of films, bubbles, and droplets all of which co-exist

within a mobile bed.

5.2.3 CONCLUS ION
Three modes of mass transfer in MBC have been identi-
f ied. The mass transfer which occurs across liquid films is
similar to that in a packed bed, except that the combined
effects of the shearing action of the moving balls and the
higher rates of countercurrent gas-liquid flow produce more

turbulent conditions with a higher rateof surface renewal and
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thereby, larger values of K - The other two modes of transport

correspond to those for droplets in spray towers and bubbles

in gas-sparged vessels or bubble columns. The area-based trans-

fer coefficients for both these modes are much less than for
Tiquid films. As the proportion of dispersed area, as bubbles
and drops, increases with gas flow rate in a mobile-bed, the
effect on the mass transfer coefficient which measures the
cumulative mass transfer is for a strong decrease in kK at
limiting values of high gas rate. The increase of total
interfacial area with gas flow rate due to small droplets and
swarms of bubbles produced is however sufficiently large that
the volumetric mass transfer coefficient, K a, decreases only

moderately with increasing gas velocity. The net effect is

that 1iquid-phase mass transfer rates are much higher in mobile-

bed contacting than for other gas-liquid contactors.
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VIi. SUMMARY AND CONTRIBUT ION TO KNOWLEDGE

Mobile-bed contacting was studied in a 5.5-inch
diameter column over the range of gas and liquid flow rates
200 ( G ¢ 3,600 and %000 ( L ¢ 25,000 1b./hr.-ft.2 with packing
of density 0.15 gm./cc. The results are of two types:

o HYDRODYNAMIC EFFECTS; including minimum
fluidization velocity, bed expansion, liquid
holdup and axial mixing of the liquid, and

® MASS TRANSFER EFFECTS; including effective
interfacial area and liquid-phase mass
transfer coefficient.

The important features of this study can be summarized
as follows:

1. The determination of residence time distribution by the
method of transfer function analysis, as presented recently by
Ostergaard (105) and Michelsen and Ostergaard (103), has been
extended to include the case of finite-bed boundary conditions
which give a better representation of a real system. With

this extension, the method has been applied in determining axial
mixing of the liquid phase in a mobile~bed contactor. The dis-
persion model is found to give a good representation of the
liquid flow. Axial mixing in MBC was determined for four sphere
sizes, 0.5, 0.75, 1.0 and 1.5-inch. The results for 1.5~inch

spheres are not reliable as they are significantly influenced by
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wall effect. Liquid mixing, character ized as Peclet number,
changes in the direction of plug flow when either lTiquid flow
rate or sphere diameter is increased, and towards a more com-
pletely mixed state when gas flow rate is increased, The in-
crease in Peclet number with packing size or liquid rate is
interpreted as resulting from a decrease in the tortuosity of
the liquid flow path. Increased gas rate on the other hand
increases the stirring action, hence leads to decreased Peclet
numbers. A graphical correlation of Peclet number as a function
of these variables is presented. An aspect  of the results
which is of direct relevance to the economics of industrial
application is that the general level of mixing conditions in
MBC is appreciably closer to plug flow than was indicated by

a previous study of more limited scope.

2. Minimum fluidization velocity, G ¢, Was studied and a

correlation is presented for use in the design of MBC:

Gne = 1570 al*5 x 107¥3 % 1001

for 4,000 ( L ( 25,000 Ib./hr.-ft.°

This correlation predicts values of G ¢ which are in good
agreement up to sphere size of 1.0 in.; some deviation from
the predicted values is observed for the case of 1.5-inch
spheres because of wall effect.

2. Bed expansion for MBC is correlated by:

_ -4 1.2
h = 1.5 x 10 A Gmf
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H -h G - Gmf

where h = ——2 , and A
h Gmf

S

This correlation is valid for 0.75- and 1.0-inch spheres, and
would probably apply for 0.5-inch spheres in a larger column.
In the 5.5-inch diameter column there was a severe problem of
the 0.5-inch balls sticking to the walls and agglomeratinj
within the bed, so the bed expansion results for 0.5-inch
spheres are not considered representative. The magnitude of
the wall effect for 1.5-inch spheres did not seem as serious
for bed expansion as in the case of the other measurements.
For systems using similar packing of 0.15 gm./cc. density
and a supporting grid of 70% free area, both G¢ and bed
expansion can be predicted with reasonable accuracy.
4, Liquid holdup was determined for all sphere sizes,but re-
sults for the smallest and largest spheres (0.5 and I.S-inch)l
are unreliable for the reasons noted in connection with the
bed expansion data. Liquid holdup increases with liquid flow
rate and decreases with packing size. With gas flow rate,
holdup decreases as gas velocity increases above the minimum
fluidization velocity and either approaches a constant value
or, in some cases, begins to increase again at high gas velocity.
Graphical representation of holdup data is presented.
5. For trickle-bed operation (no gas flow) liquid holdup and
liqu id-phase mixing were determined for spherical packing by the
same technique as used for the MBC study, i.e. by pulse testing

using simultaneous two-point measurements. The results in both
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cases agree well with those of other workers except for the
case of the 1.5-inch packing which give anomalously low values
of holdup andhigh values of dispersion coefficient because

of the presence of wall effect.

6. The various hydrodynamics results taken together form a
consistent pattern of the physical behaviour of a mobile-bed
contactor. Some limits have been established for conditions
of operation as a uniformly mobile bed and without significant
wall effect. Large differences between the liquid mixing re-
sults of Chen and Douglas on a 1.5-inch diameter column and
the present investigation with a 5.5-inch column indicate that
until further study resolves the disagreement, care must be
exercised in applying laboratory results for scalezup:to
larger units. As large discrepancies exist in the numerous
results for mixing in countercurrent gas-liquid flow through

f ixed-bed contactors, it is not surprising that the hydro-
dynamics of the much more recent mobile-bed technique remain as
yet imperfectly understood.

7. Three distinct types of interfacial areas, droplet, film
and bubble area, have been identified as contributing to the

total effective interfacial area in MBC. At the condition of
]

minimum fluidization, total interfacial area is about 1 cm .,

most of which is area of liquid films. For high fluid flow
rates near the upper physical limit of operation of MBC the

total interfacial area is about 4 cm.-', and this is now



187

believed to be distributed approximately as 2.5 em.” ! from
bubbles, 1.0 cm.-l from films, and 0.5 cm._' from droplets.

The dependence of total interfacial area

a = T7.56 x 10-6 Lo'6 g0-9 (0.75-inch spheres)
is consistent with the effect of gas and 1iquid flow on the
three components of total interfacial area.

This finding indicates that MBC has attributes to a varying
extent of three older classes of gas-liquid contactors -
packed beds, spray columns, and aerated processes such as
bubble columns and gas-sparged vessels. Thus MBC operation
varies from a lower limit which is similar to a packed bed
in the loading region with continuous liquid film flow, to
the other extreme of a highly dispersed gas (as bubbles) and
liquid (as droplets) system.

8. Liquid-phase mass transfer in MBC, determined with
appropriate allowance for the effect of axial dispersion in

the liquid phase, has been analysed on the basis of the contri-
but ions made by mass transfer in droplets, films and bubbles.
The liquid-phase volumetric mass transfer coefficients are

correlated by

ka = 0.113'-08 -0.31

L

and the area-based mass transfer coefficient as

y - 151 x ok (0-48 1.2
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These correlations are valid over the entire range of stable
operation of MBC and result from the continuous changes in
contribution to total mass transfer made by drop, film and
bubble phenomena with changing gas and liquid flow rate.
Order-of-magnitude calculations show that the overall values
of mass transfer coefficient which were measured are in
general agreement with predictions based on the contribut ions
by mass transfer through bubbles, films, and droplets, where
the contributions are weighted according to the relative
proportions of each type of area. This analysis of the mass
transfer behaviour reinforces the interpretation of MBC as
having varying degrees of similarity to three other classes
of gas-liquid contactor - packed beds, aerated processes,
and spray columns. Finally, mass transfer rates in MBC are

found to be superior to the older contacting processes.
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SUGGEST IONS FOR FUTURE WORK

Hydrodynamic behaviour of MBC appears to be strongly
influenced by the size of the unit and the packings used. One
of the important parameters that could provide some insight
into the flow behaviour of MBC is the pressure drop. It would
be interesting to examine the relationship between pressure
drop and physical parameters like bed expansion, minimum
fluidization velocity, properties of the fluids, packing size
and density and geometry of the supporting grid. Less sub-
jective criteria for measurement of bed expansion and min imum
fluidization velocity are needed.

In reacting systems the extent of mixing in the gas
phase determines the conversion that would be obtained in an
MBC reactor. Knowledge of the flow behaviour of gas in MBC
is therefore required. Since the residence time of gas in MBC
is very short (~ 0.1 sec.) it is rather difficult to determine
the residence time distribution in a two-phase flow system by
trans ient response experiments. However, it may be feasible
to obtain RTD for the gas phase from steady-state conversion
obtained for a system where gas undergoes a chemical reaction
of accurately known kinetics.

Although the diffusion model has been quite satisfactory
in the present study, there is need for better models for char-
acterizing mixing. The statistical approach to this problem may

be applicable in future studies.
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APPENDIX |

EXPER IMENTAL DATA AND CALCULATED RESULTS

Axial Dispersion Data

TABLE |

TABLE Il

TABLE 11

TABLE IV

TABLE V

Axial Dispersion Data for Fixed Bed
Axial Dispersion Data for Mobile Bed
Bed Height Data for Mobile Bed

Interfacial Area Data

Physical Mass Transfer Data



TABLE ! EXPERIMENTAL DATA AND CALCULATED RESULTS
FIXED BED RUNS

DIAMETER OF PACKING 0.5)

GALLELE1 NIJMBER

RUN
NUMB ER

14102
24102
3H1N2
4H102
5H102
6H1D2
TH1ID2
8H1D2

LIQUID

FLNW RATE

LBM/(HR-FT*$2} NUMBER

69771
97073
12513.4
15319. 4
18201.3
2085546
23813,3
26799.2

INCHES
0.20E 08

COLUMN PACKING

PECLET PECLET

NUMBER

19.58 1.78
21.78 1.98
23,42 2,13
23,84 2.17
26493 245
24482 2.26
29,15 2,65
26,67 2.22

STATIC HOLDUP 26029
Y = HOP ® GAS#*N 44 # ADS*-]

RESIDENCE
TIME
SECS.
1e764
le43
1,50
1,51
1,50
1l.38
1.2C
1.20

LIQUID
HOLDUP

0.,1181
061349
0.1823
0.2251
0o 2648
0.2786
C.2783
0.2896

A-2

0.095

PEQ * GA

ReT9

9,78
1J.52
12.70
12,09
11.14
13,09

10.99

TABLE 1 EXPERIMENTAL DATA AND CALCULATED RESULTS

DIAMETER OF PACKING 0475

GALLELEI NUMBER

RUN
NUMBER

14103
2H103
34103
4H103
SH1D3
6H103
TH103
8103

9H103

LIOQUID

FLOW RATE

LBM/(HR-FTs82) NUMBER

3963,6
6977.1
9707.3
12513. 4
15319, 4
18201,3
20855.6
23813.3

246799.2

FIXED BED RUNS (CONTINUED)

INCHES
0. 68E 08
COLUMN PACKING
PECLEY PECLET
NUMBER
19.57 267
1345 1.83
15073 214
21.17 2.99
20041 2,78
23.86 3,25
19.19% 2.61
19.9% 267
18,95 20 66

STATIC HOLDUP 0.025
Y u HOP ® GASS0,44 ¢ ADse-]

RESIDENCE
TInME
SECS.
1.17
0.83
0.78
0,86
0,946
0.91
0.82
0. 77

o. 95

L13U10
HOLDUP

0.0449
0.7562
02731
0ell42
001394
0s1601
Cel670
0,2235

0., 2284

PED ¢ GA

16080
10.17
11.89
16400
15643
18,04
16e67
14,78

13,65

0,095

28,0
“5e3
6506
R4s0

101,90

1€6.9

10648

11146

Y

2160
33.0
5Ce8
8346
12C.8
1642.6
149.9
2C€9.6

216.7



TABLE 1 EXPERIMENTAL DATA AND CALCULATED RESULTS

DIAMETER OF PACKING 1,00

GALLELE! NUMBER

RUN
NUMBER

1H1D4
2H1D4
3H1D4
4H104
SH1D4
6H1D4
TH1D4
BH1 N4

9H1D4

LIQuUInN

FLOW RATE

0o 156E

COLUMN
PECLET

LBM/ (HR=FT*%2) NUMBER

3943, 6
6977.1
9707.3
12513. 4
153194
1820143
2085546
23A13.3
2479962

1074

953
12.99
13454
15461
1599
16498
17.96

16455

FIXED RED RUNS (CONTINUED)

INCHES
09

PACKING

PECLET

NUMBER
1.95
1,73
24 34
2046
2484
2691
3+ 09
3.10
3.01

STATIC HOLOUP 0,022
Y = HOP & GA®8S0,44 ¥ ADSs-]

RESIDENCE
TIME
SECS.
1.37
le13
0.97
0.88
0e 76
0.73
CeT73
0646

0.63

LIQUID
HOLOYP

069525
07769
0.0911
C. 1070
Ce 1139
Ce1295
0o 1474
0e 1486

0.1520

PEO * 5A

11. 75
106 42
14619
14,82
17,08
17.59
18,58
18467

18.10

TABLE | EXPERIMENTAL DATA AND CALCULATED RESULTS

DIAMETER OF PACKING 1.50

GALLELEI NUMSER

RUN
NUMBER

1HING
2H106
31106
4H106
SH106
6H106
TH1D6
BH106

9H106

LIUIO

FLOW RATE

LBM/{HR=FTs%2) NUMBER

3943, 6
697761
9TNT.3
12513 4
15319. 4
18201.3
20855.6
23R13.3

26799,2

FIXED BED RUNS (CONTINUED)

INCHES
0e54E 09

COLUYN PACKING
. PECLET PECLEY
NUMBER

6457 1465
5«58 1459
%5.81 158
565 1s 54
4497 1. 36
6025 1.70
Te63 2,04
6422 1. 70
Te49 24046

STATIC HOLDUP 0,018
Y = HOP & GA®SN, 46 ¢ AD®s-]

RES IDENCE
TIme
SECS.
0.90
0.55
0437
Ce 45
0s 42
Coé3d
0e39
0e34

035

LiuIo
HOLCQUP

0475
0370
€349
01543
0.7613
CeI766
02790
0,0793

06 2840

PED & GA

11416
10.47
1N.79
10442

%.16
11.51
13.78
11.45

13.80

0.095

06095

3640
64aT
les

100.2

107.3

12647

147.7

149,1

153.2

Y

70.0
45,1
39,9
86e3

1061

139,3

145,0

145,89

15669
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TABLE Il FEXPERIMENTAL DATA AND CALCULATEZD RESULTS
MOBILE BED RUNS

DIAMETER (JF PACKING (LoSC [INCHFES DENSITY OF PACKING 0a167 GRA%S / CC,
GALLELEI NUMBER Ce.20E N8 PED = 1406 = (RELEBDG3]1) * (GA%%(=CeNGS5))
RUN LIQUID GAS MINIMUM DELTA PACKING RESIDENCE PE/PEN LIQUTD
NUMBER “ASS MASS FLUIDIZATION PECLET T14F HOLD Jo

VELOCITY VELOCITY VELOCITY NUMBER SEC.

102 6977,1 7944% 27862 le 86 Ca35 2627 04555 Me 990
202 6977.1 1151.4 27842 e 14 Ce?d 2477 %6310 Ce Q70
302 6977.1 157845 278,2 4eb7 Ce32 2034 0.21¢ CafhST
4n2 69771 197444 27842 6019 Ce25 26 48 Cele2 Cel535
502 6977.1 248649 27862 TeS% Ce29 2475 Oel31 fe{550
602 697761 299740 27862 GeT7 fel? 3e25 NDelfQ e 552
702 6977, 1 345C.3 278,2 1149 0424 3635 0el56 Cef513
ap2 1251344 5006.4 16048 2415 193 7450 0e522 Ce2219
902 125134 R46e9 16068 4e27 Ce b4 2406 Ne331 Cel515
1902 125134 1189,8 1608 Ge b Oe4l 2012 0.211 Cel1274

TABLE Il EXPERIMENTAL OATA AND CALCULATED RESULTS
MNBILE BED RUNS (CONTINUED)

DIAMETER OF PACKING Co50 INCHES DENSITY OF PACKING 0167 GRAMS / CCe
GALLELET NUMRER 0,20t 03 PFO = 14C6 & (REL®2D,01) & (GAs#(~(,(05))
RUN L1ouin GAS MINIMUN DELTA  PACKING FESIUENCE PE/PFO LiQuln
NUMRBER MASS MASS FLUIOIZATION PECLET TIvE poLoye
VELOCITY VELOCITY VELACITY NUMAER SECe
1102 - 1251364 16457,2 1600 & 8406 Ce27? le63 Nele? Ce N8R 3N
1202 12513, 6 1874548 160.8 1C. 09 0e206 2eN2 Cel3h CeN922
1302 12513, 4 24591 16048 14629 0e19 2o M 0e005 (eR5S
1402 12513.4 301246 160080 17. 74 O.l16 2495 0.0R3 (47953
1502 12513.4 1504, 6 16C.8 2089 Cels 3. 36 0076 € o7945
1602 18201.3 45804 91.6 4401 Oeb 7 1465 0,200 Cel9649
1702 182vul,.3 699.4% 91.6 6064 %e51 1.8 Ce270 Ce2136
1802 18201.3 A96e 4 91e.6 Be 79 Cell 2eN1 Celer Ce2172
1902 18201.3 1083,6 9166 . 1084 Ce35 le71 0e153 Celb2R

2002 18201.3 161644 91.6 16067 04248 1.98 0el24 Cel54h



TABLF I1 EXPERIMENTAL DATA AND CALCULATED RESULTS
MOBILE BED RUNS (CONTINUED)

DIAMETER OF PACKING 0,50 INCHES DENSITY OF PACKING 06167 GRAMS / CCe
GALLELEI NUMBER Ce2CE 08 PEG 3 1406 * (REL*%D,41) * (GA®*s(-Q,N05))
RUN LIQuUID GAS MINIMUM DELTA PACKING RESIDENCE PE/PEO LIQIn
NUMBER MASS MASS FLUIDIZATION PECLET TIuE +OLOYP
VELOCITY VELOCITY VELOCITY NUMAER SECe
21D2 1820143 184549 9146 19,16 0.20 1e79 0,090 (.1262
2202 18201.3 210661 9146 224,09 0e19 2442 0,083 Go1561
2302 18201.3 235349 91le6 24e 71 Oel8 2427 Ne080 Ce 1355
2402 182C1.3 274644 9166 29,00 024 2451 O0elCh Cel190
2502 18201.3 296449 Gleb 31.38 Oel6 3616 0s07C Co16N5
2602 18201.3 295640 9leb 31,72 Oel3 2041 0.058 €e1215
271D2 18201.3 3522,5 9166 37.47 0el3 2499 0759 €,1328
2802 234913.3 5206 5 5245 8,91 0439 1.86 Qel55 {.3031
2902 23813.3 97246 5245 17452 0030 le73 0120 Co23%
3002 23813.3 1187.7 5245 21461 0e28 - 203C Q.111 Ce.2921

TABLE 11 EXPERIMENTAL DATA AND CALCULATED RESULTS
MOBILE BED RUNS (CONT INUED)

DIAMETER OF PACKING CoS50 INCHES DENSITY OF PACKING 0,167 GRAMS 7/ CC.
GALLELCT NU4HER Ce20E 08 PEQO = 14C6 * (REL*80,4]1) & (hA®*(=(,095))
RUN LIQUID GAS MINIMUM DELTA PACKING RESINENCE PE/PFN L19Ui0
NUMBER ‘AASS MASS FLUIDIZATION PECLET TIvF HOLDYP
VELGCITY VELCCITY VELOCITY NUMBER SCCe

3102 23813,1 15374 525 28627 0.2} 1.97 Qe.06n re2127
3202 23413.3 202843 525 37.61 Oel? 2011 Je074 Ce19319
33p2 23913.3 25943 5245 48,39 Cols 2415 0e72¢5 Cel572
3eD2 22913,3 2973.0 5245 55059 OCel® 245¢ JeC5% C.1813
3502 238133 3200, 4 5265 59.913 Cel3l 2e14 0.CS51 Co 1445

3602 23R13.3 35256 5245 66012 0el2 2028 Qe 6t fel633



TABLE 11 EXPERIMENTAL DATA AND CALCULATED RESULTS
MOBILE BED RUNS (CONTINUED)

DIAMETER OF PACKING 0¢75 INCHES DENSITY OF PACKING 0e1CG3 GRAMS / CC.
GALLELEI NUMBER Ce6AF 08 PED = 1a06 % (REL*¥044]1) * (GAXS(=(,095))
RUN LIouln GAS MINTMUM DELTA  PACKING RESINENCE PE/PEO 1 19110
NUMBER MASS MASS FLUIDIZATION PECLET TIvE HOLD. P

VELOCITY VELOCITY VELOCITY NUMBER SFCe

103 6977,1 46244 S11.1 “0e10 1le34 1448 0.831 C,1001
203 6977.1 868143 511.1 0a72  1labl 2.2¢ 160201 Co1291
3p3 69771 126245 5111 147 0,95 2409 0eSRR (41014
4D3 6977, 1 1753.6 " 51lel 2,43 0e81 2445 0e503 (41008
503 6977.1 228149 511.1 3046  (e55 2.7C Ne344  €,0650
6D3 6977.1 292445 5111 4072 0649 3430 06302  Co0938
703 6977.1 3468,9 S1lel ‘5479 Ce38 3,03 0236 (40897
803 1251344 445,13 295+4 0e51 2451 1455 1,228 Ce1831
903 12513, 4 669,7 29544 1620 le24 1469 06607  Col?759
1193 12513,4 920.1 29544 2,11 1422 1le61 06597 Col519

TABLE Il EXPEPIMENTAL DATA AND CALCULATED RFSULTS
MOBILE BED RUNS (CNNTINUED)

DIAMETER OF PACKING Co75 [INCHES DENSITY OF PACKING De¢13 GRAYS / CCo
GALLELE] NUMRER Ce 68E 08 PED = 1o06 & (REL®®N,L1) & (GEws(~[,0035))
RUN LIQuLID GAS MINTHMUY DELTA PACKING RESIDENCE PE/PFN LIojto
NUMAEF MASS MASS FLUIDIZATION PECLET 14t KoL JP
VELOCLTY VELOCITY VELOCITY NUM3ZR SFCe
1103 12513.4 1665, 7 295,4 e 64 Gel7 le94 0e377 Felbd}d
1203 1251465 268448 29544 8409 003 242 Ce30R Ce1399
1303 12513.4 35C0. 3 29544 1Ce 85 Qe46 2499 Cu227 Telée53
1403 15319, 4 3794 22347 0. 70 lebd le68 00664 (o237
1503 1£2n1.3 74848 16842 3,45 CeB3 lea? 2e35¢C Ce?2034
1633 182¢1.3 16430.1 168.2 Te50 Ced0 leb7 0e334 Cel944
1703 182C1.3 1996,2 169,2 1C.81 Cebl 1le67 Ce258 (1673
1303 1802C1.3 2582,2 168,2 14435 Ca65 201C Ne274 (e lR5D
1703 1820143 3200.6 16802 13,013 Gue 2438 Ne2C 4 (+1849

2003 IR2M 1.3 3511.7 168,2 19.88 Ceb2 282 0,259 (2077



A-T7

TABLE 11 EXPERIMENTAL DATA AND CALCULATED RESULTS
MOBILE BED RUNS (CONTINUED)

DIAMETER OF PACKING 0e75 [INCHES DENSITY OF PACKING 04103 GRAMS 7 CC,
GALLELE! NUMBER Ce 68E 09 PED = 14C6 * (REL®*0,4]1) * (GA%®%(=(,095))
RUN LIQUID GAS MIN IMUM DELTA PACKING RESIDFNCE PE/PEN Liourn
NUMBER MASS MASS FLUIDIZATION PECLET TIvE HOLOUP
VELOCITY VELOCITY VELOCITY NUMAER SECe
2103 1865643 225163 160.8 13.09 0.76. le85 06318 C41794
2203 23813.3 967¢5 9645 9.03 0.32 1.34 0.3N9 Ce2327
2303 23R813,3 162241 9645 154A1 0e 71 led7 06269 (e2165
2403 23813, 3 204Ce & 9645 20e 14 0e67 le 56 0e252 Ce 2096
2503 2381343 23995 9645 23487 0e51 1469 0.194 (2101
2603 23813.3 266R, 4 9645 264 65 04?7 1e72 0el?77 (.2028
2703 23813,3 299243 9645 3C.01 050 1.91 OelBb Ce2121
2803 23813,3 3073.7 96.5 30.85 e 33 le6l Oel24 Cel761
2903 23813.,3 3369, 2 9645 33,91 0459 2430 06217 (Ce2393
3003 23812,3 1522.1 9605 35,50 044 2.;6 0el67 Ce 2495

TABLE [I1 EXPERJMENTAL DATA AND CALCULATED RESULTS
MOBILE BED RUNS (CONTINUED)

DUAMETER OF PACKING 1,00 [INCHES DENSITY OF PACKING 0.181 GRAMS / C(,
GALLELEY NUMBER Oe16E 09 PED = le0h & (PELS90,41) & (GAS®(~C,095))
RUN LiQulo GAS MINIMUM OFLTA PACKING RESININCE PE/PCN 1 1IN
NUMB ER MASS MASS FLUIDIZATION PECLETY 114 HOLDYP

VELOCITY VELOCITY VELOCITY N'IMBER SFCe

104 409%,3 2331.2 104647 1e23 lel} 2461 Qe 346 (41535
204 4%095.3 306546 104647 le9l Ce91 2676 0e677 CoN498
304 6977.1 1349,3 18648 0.71 1669 ls61 1.012 [P LEL
406 69771 1593. 7 186,.8 1.03 2627 2402 le362 Ce 0939
5Ne 6977.1 1893, 6 KLLYY) lebt leb8 2499 0e987 (+0869
604 6977.1 191662 18648 lebb le26 le72 0,764 feQ779
704 6977.1 225144 786,86 1. 86 1e57 2439 Qo964 Ce 0946
8D4 6977.1 272044 786.8 266 le29 2452 0,717 Ce0R12
9NG 6977.1 3222.9 78648 3.09 1.02 2489 0.611 07822

1004 6977.1 3567,0 TR6 .8 3.5)  0.84% 2,75 C.5r2  €,0723



TABLE I1 EXPERIMENTAL DATA AND CALCULATED RESULTS
MOBILE BED RUNS (CONTINUED)

DIAMETER OF PACKING 14C0 INCHES DENSITY OF PACKING 0.181 GRAMS / CC.
GALLELEI NU'RER Ns16E 09 PEU 3 L1406 & (RLL*®NG4L) & (GAS#(=-(,095))
RN LIQUID GAS MINTMUM DELTA PACKING PESINENCF PF/PHN) t19u10
NUMBER MASS MASS FLUINIZATION PECLET T HELN:YD
VELUCITY VELCCITY VELOCITY NUMHER SEC,
1104 97C7.2 1559.4 60045 le19 2¢2% 157 1,092 rell192?
1204 9707.3 174363 60045 1490 1e63° le91 0e8E5 Celllld
1304 9707.3 21R2.1 600.5 2463 1627 2.19 Ne6¢3 (a1113
1404 97C7.3 27918 60045 3465 lell 2415 0,582 f.N927
1504 9707.3 3191.4 600s5 4631 le96 2.14 06556 Ce0B42
1604 9707.3 358367 6G0.5 4e 97 0e73 2646 0e3R2 €eNR0
1704 1251344 9709 45448 lel3 2493 le38 1384 fel327
1804 125134 % 126545 454,8 le78 le%0 le78 06753 (e1537
1904 125134 4 1577.6 45448 247 lel5 lef4 06544 Cels21
2004 1251304 1312, 2 454.8 2498 le85 219 Ne872 (e1556

TARLE Il EXPERIMENTAL DATA AND CALCULATED RESULTS
MOBILE BED RUNS (CONTINUED)

DIAMETER OF PACKING 1,00 INCHES DENSITY OF PACKING Os1P1 GRAMS / CC,
GALLELE! NUMBER 04 16E 09 PEQ = 1,06 & (REL*PCe%l) o [GA®®(~(,095))
RUN LiQuio GAS MINTMUM OELTA PACKING RESIDENCE PE/PFD  LIQUIN
NUMBER MASS MASS FLUIOIZATION PECLET T19F HOLNUP
VELUGCITY VELOCITY VELOCITY NUMAER SEC,
2104 12513, 4 226140 45448 3,97 1443 2022 04573  ra1397
2204 1251344 2708, 1 45448 4095 1,19 1,93 Ce563 (41291
2306 12513.4 305645 456,8 5,72 0493 2.14 0e4h3  (o.1118
2604 12513. 4 31563,2 T 45,8 6083  Ce?9 2.1¢0 06379  (,r984
2504 15319,4 1095.3 344,5 2013 2,15 1o %4 0925 r,1577
2604 15319, 4 142640 36405 3016 14937 1.55 CeR58 (41563
2704 15319, 4 1A664 4 3664e5 4o62 1,08 1.52 06671  €o12649
2804 15319. 4% 2290.5 344e 5 $,65 1.8% 1459 04879 (41713
2904 15315.4 2580.,9 344,5 649 1410 1. 7¢ 0,679  (,1215

3006 15319,6 307447 344,65 Te93 le91 2402 0e437 Cel296



TABLE Il EXPERIMENTAL DATA AND CALCULATED RESULTS
MOBILE BED RUNS (CONTINUED)

DIAMETER OF PACKING 1,00 INCHES DENSITY NF PACKING D.181 GRAMS / CC.
GALLELE! NUMRER 0. 16E 09 PED = 1406 * (REL®50,41) & (GAS#(=,095))
RUN LiQuiD " Gas MINTMUM DELTA PACKING RESIDENCE PE/PEO L 10UID

NUMBER MASS MASS FLUIDIZATION PECLET  TIME HOLDUP

VELOCITY VELOCITY  VELOCITY NUMBER SECe
3104 15315, 4 3395.6 34445 886 099 2.0 0,430  Col1205
3204 15319, 4 3582.8 34445 9.40 0469 2.31 06297  Ce1340
3306 18201, 2 861, 7 25940 2,33 2.66 1,62 16078 £,2252
3404 18201,2 1411.1 25940 4045 1463 1.58 0e682 (,1R35
3504 18201.2 1941, 8 259.0 6050 1448 1084 0e598 (41845
36D4 18201, 2 249761 259.0 8s64 1437 le 65 06553  Cel4%5
3704 18201, 2 2827.8 259.¢ 9.92 1430 1.83 0,528 C€o1499
3806 18201.2 3129.9 259.0 11.09 1,27 1.92 0e513  Co1470
39064 18201, 2 3497.0 259,0 12,50 0.88 1o 8¢ 00357 Co1318
4004 18599.6 3002.3 249.1 1105 1,03 . 1,90 00415 (1528

TABLE Il EXPERIMENTAL DATA AND CALCULATSD RESULTS
MOBILE BED RUNS (CONTIMNIED)

OIAMETER OF PACKING 1,0C [INCHES DENSITY OF PACKING 4181 GRAMS / CCe
GALLELEL NUMBER Ce16E 09 PED = 1406 * (REL®®0,41) & (GASS(~(,(95))
RUN LIQuin GAS MINIMUM NELTA PACKING RESIDFNCE PF/PtO LIt
NUMBER MASS MASS FLUIOIZATION PECLET Tiut HOLNYP
VELOCITY VELOCITY VELOCITY NUMAER SEC.

4104 20855.6 1305,0 199,1 5055 1655 le 46 0s599 Cel976
4204 20855.6 1841.0 1991 8425 le 65 1655 0,636 Ce 1836
4304 2085546 21699 199,1 9,90 le67 lesl Peb41 Ce1758
4604 20855, 6 2783, 7 199.1 12.98 123 leb6 Ne6 T2 (1590
4504 20855.6 34699,5 199,1 16,58 1.03 1le97 Ne%l2 Colbs?
4604 23813.3 816.9 14846 4050 3.39 le 4] le198 Ce2565
4704 23813,3 1079.8 1648,6 6427 244 1l.30 0.A86 Ca2?150
4004 23813.13 1479.9 14806 8096 1.67 1.39 0e505 Ce2C84
4904 23R813,13 1855. 4 148,06 11.50 le 74 1.51 0,632 (2059

5004 23812,3 2074446 148.6 12.956 le56 le 47 0.557 (el99s



TABLE Il EXPERIMENTAL DATA AND CALCULATED RESULTS
MOBILE BED RUNS (CONTINUEN)

DIAMETER OF PACKING 1,00 [INCHES

DENSITY OF PACKING O¢1R1 GRAMS / CCe

GALLELEI NUMBER Cel6E 09 PED = 1006 * (REL$#0,41) * (GA%*(=(4095))
RUN LIQuiIn GAS MINIMUM DELTA PACKING RESIDENCE PE/PED LIQuin
NUMBER MASS MASS FLUIDIZATION PECLET TIVE rOLDYP
VELOCITY VELOCITY VELOCITY NUMAER SEC.
5104 23813.3 ‘2376.2 14846 14,98 le24 1. 55 0e449 C.1882
5204 23813.3 26325 14846 16672 1453 le 64 064555 Mo 1831
5304 23813.3 ' 30595 14Re 6 1959 1.13 1465 De4ll Celié8
54064 2381363 35191 148646 22469 1e27 197 Cet61 Ce1921

TABLE 10 EXPERIMENTAL DATA ANO CALCULATED RESULTS
MOBILE BED RUNS (CONTINUED)

DIAMETER OF PACKING 1450 INCHES

DENSITY OF PACKING -0e152 GRAMS / CCe

GALLELFI NUMRFR CeS4E 09 PED = 1.C6 ¢ (REL®$N,611 * (GA28(-C,C95))
RUN L1outo GAS MINIMUM DELTA PACKING RESIDENCE PE/PED LIUID
NUMBER MASS MASS FLUIDIZATION PECLET TIME LOLD'I?
VELOCITY VELOCITY VELOCLTY NIIM3ER StCe

106 6977.1 187006 16655 0629 le34 1456 1.C49 CeNBGS
206 6977.1 2399,2 146545 0 66 1695 2026 letll Ce0943
306 697761 29797 16655 le06 1455 2450 0.RA3 .N851
406 6977,.1 34T8e 6 14655 le 4l lels 3,01 CehS1 CeM B33
506 9707.3 200061 1103.1 Ce 81 2,154 1.92 1047 Coll?l
606 97C7.3 2471.9 110361 le24 130 1,99 0,659 (,1C26
706 9707.3 3030.1 1103.1 175 120 2400 0s496 feI7%%
80é 9707.3 3319.90 1103.1 2,01 1.97 257 Ce531 Ce1031
6 9707.3 3559.6 11031 2023 140 3021 0,698 Co1213
1006 12513.4 1457.2 835.,5 D74 2645 1.49 14102 (e1232



A-11

TABLE 1! EXPERIMENTAL DATA AND CALCULATED RESULTS i
MDBILE BED RUNS (CONTINUED}

DIAMETER OF PACKING 1.50 INCHES DENSITY QF PACKING 0e152 GRAMS 7 CCe.
GALLELEI NUMBER 0e5¢E Q9 DFU = 1406 * (REL*%0s41) * (GAS%(=0,195))
RUN LIoUlID GAS MINIMUM VELTA PACKING RPESINENCE PE/PEQD LIgUID
NUMBER “4ASS MASS FLUIDIZATION PECLET TIME HULDUP
VELACITY VELOCITY VELOCITY NUMS ER SEC.
1106 12513.4 i991.5 83545 1.39 le73 1657 0.776 Cel143
1206 1251344 2404e4 835.5 1.88 192 1695 CeRAD Ne12648
1306 1251344 2907.9 83545 2448 1450 2401 00673 Celll5
1406 125134 343667 835.5 311 1.30 2437 0.5R4 CellsS
1506 15319.4 175067 632.9 1e77 1.81 1le68 0e750 Ce155%
1606 153194 2023.2 632,9 242) 1.99 l.88 0.823 0.1598
1706 1531%.4 - 261062 632.9 2481 1425 1s7C 0.517 Cs1292
1806 153194 271601 63249 3.29 1439 1,87 0e572 C.1397
1906 153194 315564 63249 3499 1032 1696 0546 Ce 1245

2006 15319.4 3528.0 632.9 4e57 1040 - 2461 Ce579 €154

TABLE 11 EXPERIMENTAL DATA AND CALCULATED RESULTS
MOBILE BED RUNS (CONTINUED)

OIAMETER OF PACKING 1450 INCHES DENSITY OF PACKING 0152 GRAYS / CCo
GALLELEL NUMBER Qe 54E 09 PEQ = 1406 * (REL$%0,41) ¢ (GAs®(=-C,095))
RUN LIQUID GAS MINIMUM DELTA PACKING RESIDENCE PE/PEQD LI
NUMBER MASS MASS FLUIDIZATION PECLEY TIME HEeLY P
VELOCITY VELOCITY VELOCITY NUMRER SFCe
2106 18201.2 1263.3 47548 1e61 2032 1. 36 0892 fel723
2206 18201.2 1727.5 47568 2463 1.73 1,29 0665 {s130
2306 182C1.2 2194406 47548 3459 132 le 36 0509 (e1273
2606 182C1.2 2R534 % 475.8 5.00 le42 1.83 06545 CalsS5s
2506 1620162 35R9,0 475.8 64 54 1425 24 40 0e6F0 Fel552
2606 2085546 2604, L 365.8 6012 1e53 173 06557 Celo72
2706 208555 3073.4 36548 Te 40 leb7 le76 N.534 0a1535
29N6 20855, 6 35615 365.,8 Be 74 lebl 2019 0.515 Cel733
2906 21386, 5 16407 367.1 3615 1513 1623 0655C fe1671

3noes 2138645 2027.8 347.1 be B4 155 159 0,557 CelR23



DI AMETER OF PACKING 1450

GALLELET NUMHER

RUN
NU4BER
3106
3206
3306
3406
3506
3606
3706

LIQUID

MASS

VELOCLTY

23813.3
23313.3
23312.3
233133
23813.3
23813.3
23R813.3

MORILE BED RUNS (CONTINUED)

GAS
MASS
VELOCITY
1112.9
1531.3
196565
238662
287044
11609

342663

INCHES
Oe54F 09

MINIMUM
FLUIDIZATION
VELOCITY

27249
27269
27249
27249
27249
27249

27249

DELTA

3,08
bhe 61
6.20
Te T4
9.52
3425
11455

TABLE 1 EXPERIMENTAL DATA AND CALCULATED RESULTS

A-12

PACKING RESINENCE PE/PEU

PECLET
NUM3ER

1495
le 66
159
1lel7
lebl
1.78

le4)

TIME
SECe

1e1%
lell
le21
1¢37
le 459
lel3
2011

0e671
0573
0e54R
0e4N3
04445
0613

0.483

DENSITY OF PACKING 06152 GRAMS / CCe
PEN = 1,06 ® (RELSS0461) * (GA%S{=C,095))

LINUID
HALDYP

. Cel1920

(el63?
Cel6t7
(o164
Cel1678
telB5N

Ce 19893



GMF - LBS,
0P = 0,5C
L 1

3944, G 1526,
H 10,25

6977 6 840,
H Be 25

9707, G 653,
H 7.C0

12513, G 432
H T+00

15319, G 354,
H Tel3

18201 G 370
H Teb63

20856, G 328,
H Te88

23813, G 284,
H 9.4

GMF - LS,

op = 0.75

L 1

3943, 6 317,
H 64CC

6977 G 336,
H 56 A8

97C7., G 3256
H heI?

12513, G BhHle
H He 50

15319, G 1775
H 6450

1820l G AT6e
H 5.98

20856, G 329,
H ToC0

23813, G 909,
H Te5C

TABLE III
/ (HRe=FT#%2)
INCHES
2 3
2196, 269C,
12625 14,50
1387, 2238,
10e5C 1250
1128, 199C,
G, 75 12,00
984 2126
10e25 13450
1249, 2154,
10688 14450
1692+ 1950
11425 14450
1010, 2023
1150 17,00
76% 1397,
12670 1475
TABLE (I
/I (HRe=FT3%2)
INCHES
2 3
©1329s 1974,
7,00 8. 75
1423, 1930,
7425 8,50
13645, 1945,
T¢55 9e 25
1457« 19506
T. 38 9.0
1391, 195C.
890 9,00
144%, 1929.
8490 8,88
1372, 19¢1.
S.20 9.1
1335, 1949,
8.0C 9,00

BED HEIGHT DATA FOP

4

322%,
16425

2946
15,75

2934,
16675

2973,
18, 25

27826
18413

2536
20, 25

2340,
19, 5¢

2032,
18,15

5

3539,
17.09

3575
17. 75

3557,
2245C

3317.
21459

3167,
220 59

2846,
22450

21654
23450

2493,
2245C

(CONTINUED)

2484,
10 25

2617,
19.C0

2480,
9% 75

2449,
1C.CO

2491,
10,25

25600
10 CO

2499,
1C, S€C

251%.
11,09

3083,
11425

2978,
11e75

29624
1C,75

3CCo,
11.uC

3002
12.C0

3C19.
11452

2685,
1257

3Cal.
13.25

6

7930.

8,5¢

707,
Te25

553,
7.13

bbb,
T.13

347,
Tel?

512
8425

206,
7.50

MOBILE

1429,
10637

1481,
1C¢.5¢C

1374,
11.50

1123,
15413
1076,
10,75

1195,
11625

1151,
12,00

8€EN

8

24884
14,75

2407,
144,25

2341,
164,75

2254
14.0C

2015,
13,75

1736,
13425

1777
15,63

A-13

H - INCHECS
9 10
3213, 3534,
19,00 20,75
3096e 3555
18625 22450
3016, 3542
19,25 22,75
2959, 3418,
1775 2165%
2769 3220,
18650 22400
2278, 2789,
15025 21,75
2172« 26(T.
18.00 22.00

3ED HEIGHT DATA FOR MOBILE BED

3395,
13,25

3428,
12,2¢C

1458,
12,75

3396,
13, 15

3446,
16,25

34226
14,50

8CS,
Se 75

T84
6025

171,
6475

H ~ INCHES
8 9 10
1375, 1927, 246%,
Te13 9,0C 19,00
1393 1933, 2447,
T.25 9,25 1€.59
14G3, 1932, 2459
Te 75 9.50 10,75

1§

2664,
1Ce 75

2967,
11,25

30C8.
12,75

12

3462,
12,25

3379
12,75

3384,
14,25



GMF
ne

L
3943, 6

6977,

e g}

S7C7.

=9

12513, G

15319 6

19201, 6

2085he G

2381% G .

GuF
op

3943,

O

6977, 6
9707. G
12513, 6
15319, ©
182%1. G
208560 G

23613, G

TABLE (I1 (CGNTINUED)

- LA8S,
3 leCP

1

1416,
7.38

1441,
Te75

1043,
6,83

1935,
Te25

1143,
TeB7

815,
TelX}

35he
7.C0

607,
T¢C0

/ (HR =FT#*%2)

INCHES

2

2114,
975

2151,
104 50

1370,
8,88

1943,
10,25

1892,
Ca 13

1625,
8¢'75

1741,
925

1820,
9 15

3

2627,
11. 50

2844,
13.C0

2532,
11.C0O

2573,
11,50

2513,
11,59

2503,
10 75

2438,
10,75

2422,
11.C0

4

3227,
13. 75

3168,
14475

3158,
12,75

3196,
15,00

3083,
13.75

3118,
12,75

31CS,
1275

3060,

12075

TABLE [IIl (CONTINUED)

- LBS.
= 1,5C

1

2334,
5475

2132,
.13

1944,
T+75

2112,
8450

1236,
6013

1211.
625

1233,
he 5N

1200,
he 63

/ (HRo-FT%82)

INCHES
2

21%6.
8450

2577,
1000

2745,
9, 5N

2958,
11475

1943,
Te 75

1950,
8,70

L2654,
B,5C

1911
8.50

3

3191,
10,75

2948,
1Ce 75

3189,
1175

3176,
12,50

2559,
9 25

2668,
10.25

2628,
1C.C0

2615,
9,75

[

3503,
13.00

33380,
13,25

3511,
13,25

3497,
13,75

3115.
11425

3190,
11.75

3193,
1125

3161,
11.5¢

BED HEIGHT DATA FNR MCBILE BED

]

3503,
17,52

3529
17.25

3497,
14.CO

3550,
17.25

3521,
16,00

3sns,
1649

3490,
14675

3503,
15,00

6

1595,
7+38

124C,
Te 0O

1035,
7,00

992,
5088

849,
6,88

1064,
Te 75

69,
6,88

7

2051,
%13

1884,
9,00

1952,
10,00

1893,
875

1881,
9,00

1817,
963

1833,
975

BED HEIGHT DATA FOR

]

2457,
Te75

22624
Te 75

1971,
Te50

131G,
6038

3I5C0,
1275

3483,
13,01

35035,
12675

3801e -
12.75

&

290¢,
925

2737,
9,89

26493,
8,98

197C,
Te50

1254,
6425

1157.
5425

1115,
6663

3211,
1M 50

3153,
1Ce 78

3057.
10,20

2613,
975

1962,
7758

1911,
8613

1965,
B 75

A-1h

H - INCHES
8 9 1€
2551 30646, 3533,
1075 12,5C 14,50
2403, 3002, 3491,
10625 12488 14,13
252N0e 3104e 3535,
12,13 13,75 16650
25160 3162, 3482,
11603 12,25 14450
2511e 3013, 3477,
1613 12,00 14450
2651e 3CH66. 3511,
1256 1375 156,13
2718, 3124, 3532,
1200 13,25 14075
MOBILE BED
H = INCHES

8 9 10
3514,

12,20

35226

12.25

3490,

12625

31C2s 3484,

11,90 13,50

2667 3149, 3469,
9429 11,25 13,2%
2644, 2598, 3508,
1CeNC 11639 1325
26465, 3175, 3%38,
1725 11675 13,50



RUN
NUMBER

RUN
NUMBER

10
11
12
13
14
15
16

TABLE IV INTERFACIAL ARSA DETERMINATION
EXPERIMENT AL DATA

A-15

ABSORPTION OF CARPON DIOXIDT IN SODIUM HYPROXIDE SOLUTION
IN MDBILE BSD CONTACTOR
DP = 0,75 INCHES

LIQuUID
FLOW

GAS
FLOW

LBS/HR=FT#%2

7234¢5

T234e5

723405

723445
72344 5
72345
12065 2
1¢065¢ 2

83203
143962
200765
229649
246C1 6
2752646

8324 4
10473

TABLE IV INTFRFACIAL AFSA DETERMINATION
EXPERIMENTAL DATA (FANTINUED)

RATE OF
ABSORPTION

GM-MOL/SEC

0e 7520E5~03
Ca 1743€-02
00 2269E-02
Ce 2655E~C2
(s 2855E-02
0e 3973E~C2
0¢ 6387€E-03
Q0e1231E~-02

LIQUID
CONCNe

GM=MOL/Le

1248
lo 48
16 50
1o 48
le72
1469
le 78
179

LIQuID
TEMP

c

1600
1604
135
1404
1407
1543
163
1704

GAS
TEMP

c

2251
21,1
191
199
2062
2007
19,8

1964

LOG MEAN GAS
CONCENTRATION

L4

40972
4e 789
4780
4o 682
34915
4o 462
32018
4779

ARSORPTION OF CAFEON DIOXIOE IN SODIUM HYDROXIDE SOLUTION
IN MOSILE BED CONTACTOR

LiQuiIp
FLOW

GAS
FLOW

LBS/HR=FT*%2

129744 &
1297448
1297448
12974, 8
1297448
15RB84e &
18872 7
188720 7

884¢ 2
1431e 4
1912.2
2418,8
276563
2147 4

86146
1202+ 5

DP = 0675 INCHES

RATE OF
ABSORPTION

GM-MOL/SEC

Ce 14C8E-02
Oe 1 754E~02
00 38 T9E-02
00 364 T3E~02
0o 5824E-02
Qe 4032E-02
0e 1875E-02
Oe 2986E-C2

LiQuld
CONCN,

GM=NMOL /L.

1,80
189
le 77
le 77
le 77
2.01
1696

2+ 0%

L1QuIn
TFMP

c

1960
1963
1607
18,2
1965
1608
21e9
2401

GeS
TEMP

C

20,4
2043
20,9
2046
20e5
2103
2404

2560

LOG MEAN GAS
CINCENTRATION

4655
3,398
5039
4e308
4e979
4o 688
4o 4808

S5¢%510



RUN
NUMBER

17
18
19
20
21
22
23
24
25

RUN
NUMBER

26
27
28
29
30
31
32

A-16
TABLE IV INTFRFACI/L ARFA DRTEFMINATION
EXPERIMENTAL PATA (CONTIMUED)

ABSORPTION OF CARBGN DIOXIDE IN SODIUM HYDROXIDE SOLUTION
IN MOBILE BFD CONTACTOR
DP = Co75 INCHES

LIQUID GAS RATE OF LIQUID LIQUID GAS L0OG MEAN GAS
FLOW FLOW ABSORPTION  CONCNe TFMP TEMP  CONCENTRATION
LBS/HR=FT**2 GM=MOL/SEC G4-MOL/L,. c c L4

18872.7 164le4  0¢3003E-C2 2010 2405 2301 40144

18872, 7 3018s6  005989E-02 178 191 21e8 - 4eT4]

21625, T 242058 0o 6664E-02 2001 1809 21,1 40425

24691, 8 6779 0o 1454F=C2 2407 23,1 234 3e970

2469108 1019,9 0,4020€-02 20,06 2302 2342 Se 440

2669148 164062 0e4588E=-02 2406 238 227 40949

26691e¢8 219167 00 6950E-C2 1699 1507 218 Se 944

24661e8 23T4e6 0e7722E=02 2000 1507 206 4 5¢924

2669108 2935.1 0e5928E-02 2,00 172 2165 34657

TABLE IV INTERFACIAL AREA DETERMINATION
EXPERIMENTAL DATA {CCNTINUED)

A3SORPTION OF CARBON DIOXIDE IN SCDIUM HYCROXIDE SOLUTION
IN FIXED BED CONTACTOR
DP = 0o75 INCHES

Lioulp GAS RATE OF LIQUID LIQuln GAS LOG MEAN GAS
FLOW FLOW ABSORPTION  CONCNe TEVP TEMP  CONCENTRATION
LBS /HR=FT*s2 GM=MOL/SEC GM=MOL/Le 4 c L4
4CBReS 22965 0o 1726E-02 2,05 23e3 286 94691
7234¢5 4194 0e1C51E-02 2.05 2063 2642 66921
10065 2 22249 06 1963E-N2 2005 220 28,3 Re 653

12974, 8 382,3 06 1945€-02 2005 2Ce6 2645 Be 564

158840 4 203s 7  0e2456E-02 24C5 21e4 28,1 9516
18872, 7 20247 0.1215€-C2 2,05 191 2602 50846

2669148 45640 Ne2653E-02 205 18¢ 4 251 64291



RUN
NUMBER

® o O W > W N -

RUN
NUMBER

10
11
12
13
14
15
16

EXPERIMENTAL DATA

TABLE IV INTFRFACIAL AFEA DSTFRMINATION

ABORRPTION OF SULPHER DIOXIDE IN 2N SODIUM HYDRCXIOE S3JLUTICON

LIQuUID

GAS
FLOW FLOW
LBS/HR=FT%*2

7234, 5 855+ 8
723465 144506
72345 2007.8
723445 2163267
7234e5 25C309
72345 262849
10065 2 867,0
100652 11193

IN MOBILE BED CCONTACTOR

OP = Co75 INCHES

RATE - OF
ABSORPTION

GM~MOL/SEC

0e 3447F=01
Co 5061€-01
€5 6233€-C1
Ce T962E~-01
0. 1071E 00
0e 1C26E CC
Cs 2605E-01
0¢ 4069E-01

LIQUID
TEMP

c

2307
23,3
2600
3649
4le3
4243
244 8
2Teé

GAS
TEMP

26, 7
252
28,3
3C 7
2608
2607
2446
26409

TABLE IV INTERFACIAL AFEA DFTEFMINATION

EXPERIMENTAL DATZ (CONTINUED)

LOG MEAN GAS
CONCENTRATION

30182
30322
2,778
3,751
30282
2,863
14555
24556

ABORPPTION OF SULPHER OICXIDE IN 2M SODIUM HYDROXIDE SOLUTION

LIQUID
FLOW

GAS
FLOW

LBS/HR=ETH*2

12974, 8
12974 8
1297448
12974 8
12974 8
15884 4
18872, 7
188727

T46e5
145461
1896, 8
2633,3
267165
21864 4

8340 8
12393

IN MOPILE BFC CONTACTOR

DP = 0075 INCHES

RATE OF
ABSORPTION

GM-~MOL/SEC

Ce 3799E-C1
Ce 6NB3E-CI
Ce 9848E-C1
Ce1098E CC
0¢ 1097 CC
Cel161E GO
0e 26165-01
0e 6123E-01

LIQUID
TEMP

c

28,1
3066
3465
38:8
40,7
33.1
2303

2le b

GAS
TEMP

25,17
26, 8
2658
3.4
2605
26418
2649

2% 9

LOG MEAM GAS
CONCENTRATION

<

10438
24132
36370
3,100
3015
3o 842
0920

le604



RUN
NUMBER

17
18
19
20
21
22
23
24

25

RUN
NUMBER

26
27
28
29
30
31
32

TABLE IV INTERFACIAL A9EA DFTERMINATION

EXPERIMENTAL DATZ (CONTINKUED)

A-18

ABCRPRPTION OF SULPHER DIOXIODE IN 2N SODIUM HYDROXIDE SOLUTION

LIQUID
FLOW

GAS
FLOW

LBS/HR=FT*#2

1887207
1887207
21625 7
2469148
246910 8
24691. 8
24691, 8
24691, 8

24691, 8

176506
3111, 1
2495, 9
6778
1G24+ 0
1670 &
22C0e 1
2483, 8
2984y 4

IN MOBILF BFD COMTACTOR

DP = 0075 INCHES

RATE OF
ABSORPTION

GM=MOL/SEC

Cs 9031F=01
Ce 1884E 0C
C> 7954E-C1
0e 5014E-01
Co4673F=-01
Ce 9242E-01
Co 7683E-01
Ce 1701E GC
00 1796E 00

LIQUID
TEMP

c

32,0
4105
3440
32,0
33,5
4le5
399
45,9
4165

GAS
TE9P

2651
2460
257
257
259
2602
24.5
253
25¢7

TABLE IV INTFRFACIAL APEA DSTEFMINATICN
EXPFRIMENTAL DATA (CONTINUSD)

LNG MEAN GAS
CONCFNTRATION

10845
10655
le7C4
10943
10193
202139
12067
1e400
10253

ABORRPTION OF SULPHER CIOXIDE IN 2V SODIUY HYDPOXIDNE SOLUTION

LIQUID
FLOW

GAS
FLOW

LB S/HR=FT#%2

4CB8e5
723405
10065+ 2
12974486
15884 &
1887207

26691, 8

216
4C2 1
2180 7
37363
217,2
26104

972, 9

IN FIXED BSED CONTACTOR

DP = 0e75 INCHES

RATE OF
ABSORPTION

G4-MOL/SEC

0o 4064F=02
Co&T19E~-C2
Co 6244E-02
Ce T220£-02
Ce41135-02
Ce 3203E-02
Ce 8667E~C1

LIQUID
TEMP

c

2405
233
23+ 4
2347
2340
2362

41,5

GAS
TEMP

2504
23.3
2404
23,3
23,7
23,3
2549

LOG MEAN GAS
CONCENTRATION

24890
20483
1e504
IeT74
CefO}
Ce716

20257



A-19
TABLE IV INTERFACTAL AREA OSTEPMINATION
EXPERIMENTAL DATA AND CALCULATED RESULT FMR ABSORPTIIN

IN MOEILE AEC CONTACTOR
DP = 0,75 INCHES

RUN LIQUID GAS KG KG LIQUID SPLUBILITY DIFFUSIVITY RFACTION INTEQFACIAL
NUMBER FLOW FLOW (CC2) (S02) CONCN VELOCITY AREA
GM-MOL/L 10%»5 CONSTANT

LBS/HR=FT#%x2 GM=MOL/{SEC ATM CM#*3) GM=POL/L=ATM CM*+2/SEC L/GM=-MOL=SEC CM¥¥»2/Cuks3

1 72340 832¢ 0o 6CE-(5 0045F-03 1o 48 0,0269 1410 65%60 6 06690
2 72340 1439 CollE~04 CeS50E-03 le48 0o 0265 lell 6811.0 1.314
3 72340 2C07¢ (o l12E=C4 0061E-03 10 50 000287 1lo(1 541948 10538
4 T234e 22970 (o l4E~04 Co55E-03 1o 48 No 0281 1o C5 580102 14696
5 72340 2461le Nel70=064 CQe78E=03 lo72 0;6258 1lo 01 639047 16994
6 72340 2752e 0el9E~C4 0.82£-03 16 69 00,0256 1lo04 6644,0 20282
7 100654 8320 C280E=05 Cob6SE=C3 1,78 Nel 242 1e05 T391e4 0e905
8 10065 1047, 0o 89E~05 Co¢58E~03 le79 Ne 0233 lo08 8097 7 Ne983

TARLE IV INTERFACIAL AFEA DETFFMINATION
(CONT INUED)

FXPFRIMENTAL DATA AND CALCULATFD PFSULY FOR ARSORPTION
IN MOBILF BFD CIONTACTOR
DP = 0s75 INCHES

RUN LIQUID GAS KG KG LIQUIN SOLUBILITY NIFFUSIVITY REACTION INTEOFACIAL
NUMBER FLOW FLOW (Cn2) (S02) COMCN VELOCITY AREA
GM=-MOL /L 10%25 CONSTANT

LBS/HR=FT»r2 GM=-MOL/(SEC ATM CM=e3) GA-MOL/L=ATM CMt*2/SEC L/GM=YNL=~SEC CMe*2/Cusn]

9 12975¢ B884e CollC=C& O¢lCE~C2 1680 040222 le13 920Ce 5 10192
10 12975¢ 1431e e 16E=04 Ce91£-C3 1680 0Q.C221 lelé 9418s0 le 648
11 12975« 1912¢ Co21E-04 C081E-C3 le77 000239 1o €6 761067 24322
12 12975¢ 2419 03196=C4 CoeBTE-C3 1le 77 (00230 lo1l 8566,C 24050
13 12975¢ 2765 0e26E-C4 CeB83FE-~C) 1e¢77 0,.0221 1515 9498,5 é.723
164 15884, 21476 0o23E-C4 O0479E-03 2,01 N,0221 1. €3 8254e & 24552
15 18873, B842s NMNe156=-C¢ Co10E-C2 1le96  06C195 lel9 1209066 1e490

16 18873, 12C2 0s186-04 0e15€-02 205 NeG178 1023 1672347 1639
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TABLE IV INTERFACIAL AFEA CETESMINATION
{ CONT INUED)

EXPERIMENTAL DATA AND CALCULATED RESULT FCR ABSORPTION
IN MOBILE BFD CONTACTOR
DP = 0a75 INCHES

RUN LIQUID GAS KG KG LIQUID SCLUBRILITY DIFFUSIVITY REACTION INTERFACIAL
NUMBER FLOW FLOW (€02} {S02) CONCN viLnclTy AREA
GM-MOL/L 19%#5 CONSTANT

L3S/HR=FT?%2 GM=-MOL/(SEC ATM CM¥+3) GM=MOL/L=ATM CM**+2/SF( L/GM-MNL=-SEC CME*2/CMAR]

17 18873, 1641 ©321€E-C& 0015E-C2 2010 0oC174 122 1540306 1,919

18 18873¢ 3G19¢ Ce27€E-04 0025€E-02 le78 0e0223 lo14 923063 2,816
19 216264 2421s C»37E-04 0612F=C2 2601 0,02C8 1,09 9750, 1 30944
20 24692¢ 678s 0o14E-0C4 ColCE=-C2 200LT 0,182 1,19 1372805 15 3645
21 246924 102Ce 0o 26F=04 Cel4E~G2 206  CoG1l82 14 20 13817.3 20463
22 - 246926 16400 Coe27E-C4 0;135-02 206 0ef179 1022 1442644 24 605
23 246924 2192, 0o¢31E-N4 0420E-02 1le99 040229 1sC0 752745 3,534
24 246920 2375e 0033E~Céh 0e32E-02 200 0eC228 16O 754561 3,738
25 246524 2935 033TE=Ch 0e34E-02 2,00 000218 1lo 04 850669 4,039

TABLE 1V INTEPFACIAL AREA DETEFMINATICN
(CONTINUED)

FXPERIMENTAL DATA AND CALCULATED RESULT FOR ARSNRPTION
IN FIXED BSD CONTACTOR
DP = 0,75 INCHES

RUN LIQUID GAS KG KG LIQUIN SOLUBILITY DIFFUSIVITY REACTION INTFRFACIAL
NUMBER FLOW FLOW (co2) (S02) CCNCN VELOCITY AREA
Gr-MOL/L | Lol bl COMSTANT

LBS/HR=FT®%2 GM-MOL/(SEC ATM (Ms23) GA=MOL/L=-ATM CM#32/SFC L/GM=-MOL=-SEC CMe%2/CMen3

26 4089, 230, NeB3E=05 CabIE-C& 2,05 0.0182 1,21 13847, 8 0,887
27 7234s 419¢ O, TIE-05 G0e93[~-C6 2405 NeC198 lel2 10997,7 Ce 774
28 1N0065¢ 223¢ CollF=C4 0o2CE-C3 2,05 2.¢189 le17 125490, 2 1e 0861
29 12975« 3820 04 1GE~C4 Ne19E~-03 2,05 Ce0196 1el13 11251.8 1,073
30 15886, 204y D¢ 12E-06 0025%-C3 2005 0,0192 1,15 1196863 16 240
31 18873 203, 0395F=05 Ge2lE-03 2,CS 0sC2G4 leC8 100352 16527

32 2606920 456¢ Go 1SE-C6 0s15E~02 2405 0DoC208 1le€7 968445 14579



EXPER IMENTAL DATA 4ND CALCULATED RE

RUN
NUMBER

[

O ® =~ o0 w & w N

L
- o

LIQUID
FLOW
L

TASLE V

GAS
FLOW
o

LBS/HR=-FT#*x2

23813,
238130
23813,
23813,
23813,
23813.
208560
20856
éCBSb.
20856+
20856,

667,
1007,
1606,
20480
22360
28T3e

684.
12050
18516
24290

2865

LIQUID-SIDE MASS TRANSFEkK
FOR "UBILE BcD

LiQuil
CONCENTRATION
XIN XOUT

10%%2

GM=MOL /7L
105426 0a5798
10,8288 0o 6956
1.3143 00 5393
165195 005087
lo 4922 Qo 4574
20,0000 Oe STT3
165740 0. 5500
200943 0. 8387
2.,1406 0o 7767
2.0505 0o 6313
15914 0o 5070

SULTS FOR DESORPTI

CuerFICIENT DETERIMINATION
CUNTACTOR

N OF CARBUNDIOKIJE FROM wATER

TRANSFER UMITS

oxe
C.979
0,967
0,891
1,094
10175
10243
1.051
0,915
1,014
1,180

lol44

MASS TRANSFER
CCEFFICIENT
K A
L
HR*%(-1)
760,9
67851
28,8
599, 0
62756
83,5
710-6
€21.5
£92,0

511,2.

451.,4

HEISHT OF

TRANSFE? JNITS

H

oL

FT
0,502
0,563
0., 722
0,627
€, 608
0,654
0,470
0s€4l
0,679

0.654

0,741

le-v



RU
NUMB

12
13
14
15
16
17
18
19
20
21
22

TABLE V LIQUID-SIDE MASS TRANSFER COEFFICIENT CETERMINATION
FOR 4MOBILE BED CONTACTOR

EXPER IMENTAL DATA AND CALCULATED RESULTS FOR CESORPTION OF CARBINDIGXIDE FROM WATER

N LIQUID
ER FLOAW

L

GAS
FLOW
G

LBS/HR-FT=%2

18201,
18201,
18201
18201,
18201.
18201,
15319
15319,
15319.
15319
15319,

833.
1190,
1619,
2135,
26126
2949,

700,
1167
1517
2149

26450

LIQUID
CIUNCENTRATION
XIN XOUT

10*%2

oM=MOL /Lo
2,0149 10,0066
1e64194 006046
108723 006832
1,6675  0Oe 6501
1.9529 005864
1,9893 0.6303
2,0803 0, 7643
202490 048553
20,5228 008817
2,23%92 007610
203491 Qo 7138

(CCONTINUED)

TRANSFER UNITS

GX
e 751
vio 942
lot81
loti42
le 361
1,286
1092
1,071
10177
10205

lo 340

oxP
00694
0,853
0,970
00942
1,203
10149
1,001
0,967
1,951
1,079

1,191

MASS TRANSFER
COFFFICIENT
K A
L
HR»* (=)
374,11
416,9
¢28,2
364,1
428,3
379.5
433,1
412,54
4Q1l,1
348,5

34604

HEIGHT OF

TRANSFER

H
oL

FT
0,780
0,695
0.¢81
0.501
0.681
Co 769
$o5(8
00595
0o €12
0,704

0:709

JNITS

cec-v



TAUBLE V

LIQUID-SIDE MASS TRANSFER CNOFFFICIENT VDETERNMINATION

FOR MOBILE BED CONTACTOR

EXPER IMENTAL DATA AND CALCULATED RESULTS FJIR CESURPTION OF CARBONUIOXIDE FROM WATER

RUN LIQUID GAS
NUMBER FLOW FLOW
L G
LBS/HR=-FT**2
23 12513, 848,
24 12513, 1410,
25 12513, 1859,
26 12513, 2349
27 12513. 2686,
28 12513, 2929,
29 97C7e 8210
30 9707, 1020.
3l 9707, 1434,
32 9707. 2148,
33 9707. 2705,

LIQUID
CONCENTRATION
XIN XouT

10*%*2

Gv-MOL /Lo
169297 O 6476
201258 00 7204
202531 007659
202568 0065740
1,7775 Co 4334
200546 0. 3879
1045932 Qe 6576
19405 Qo 7039
2-,5112 0, 8412
227006 1. 0074
23780 Qe 7792

(CONT INUED)

TRANSFER UNITS

ox
1,161
1,205
1¢ 205
le567
le6l3
10942
1¢CC9
10.93
102€C7
1066
1o 241

oxp
10092
1.082
1,079
1.37C
1,411
10667
0. 946
1.014
1,094

00586

lo1l6 "

MASS TRANSFER
CCEFFICIENT

K A
L

HR¥**(~-1)

413,8

HEIGHT OF
TRAMSFER UNITS

H
oL

F1
0.485
0.579
0,659
0.574
0,672
0,527
0,551
0,550
0-585.
0,733
0,792

Eec-v




TARLE V LIQUID-SIDE MASS TRANSFER COEFFICIENT DETERMINATION
FOR 40BILE BcO CONTACTOR

EXPERIMENTAL DATA AND CALCULATED RESULTS FIR DESCRPTIUN OF CARBONDIOXIDE FROM WATER

RUN
NUMBER

34
35
36
37
38
39
o
41

“2

(CONT INUED)
LIQUID  GAS LIQUID TRANSFER UNITS MASS TRANSFEP HEIGHT OF
FLOW FLOW  CONCENTRATION CCEFFICIENT TRANSFER UNITS
L G XIN X0uT K A H
10%%2 N N L oL
LBS/HR-FT#42 GM-MOL /Lo oX oxP H%%(=1) ET
6977, 801c  2-2713 100255 0,840 0,795 176.,0 0,628
6977, 14100 2,8512 0.8511 1,328 10279 229,46 04507
6977, 1962, 2.5823  0,7974 1,306 1,175 131, 3 0.617
6977, 22160 107535 006369 10113 1,013 142,7 0,778
5977 2368e 107916 0.5873 1,238 1,115 153, 4 00729
6977 26840 220207, 0e5616  lo4és 1,286 165,0 0,e77
6977, 3010 159388 042622 20359 2,001 25450 00440
2943, 214%. 2~T7155 0o 8650 l, 264 1,143 96:3 Q,€56
3943, 2450, 3,0017 0.5277 2,028 10733 141,5 00047

he-v
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APPENDIX 11

COMPUTER PROGRAMS

Smoothening of the Experimental Pulse
Testing

Flow Diagram and Calculation of Liquid
Mixing Results

Calculation of Interfacial Areas of
Mass Transfer

Calculation of Physical Mass Transfer
Coefficients



[aXaXa¥ 2] ﬂﬂﬂﬂﬂﬂﬂ‘\ﬂﬂﬂﬂﬂhﬂﬂﬁﬂﬂhﬂﬂﬁ

anOnn

32

Vi.l.

NONMFNCLATURE

}
({33 TOTAL NUMBER OF RESPONSE PULSES
NA NUMBCR OF POINTS PER RESPONSE PULSF
NB MIYBFP OF POINTS PER INPUT FORCING PULSE
H NUMBER OF POINTS IN THE SMOOTHED RESPONSE PULSE AT EQUAL

TINE INTCRVALS

qrs NAME OF INPUT FORCING PULSE ARRAY
v's NAMF OF RESPONSE PULSF ARRAY
DIAP OIAMCYER OF PACKING

HITE COLUNN HFIGHT USED

RUN RUN NUMRER

FLOL LIQUID FLOW RATE

TENP TEMPERATURE OF AIP ENTERING THE COLUMN
(4] STATIC PRFSSURE OF AIR IN THE LINE

ODLF OPISICE PRESSURE ODIFFFRENTIAL

WATP WET BULB AIR TEMPERATURE

tsun NUMBER OF SUBSETS FOR EACH RUN

XN OEAD TIME FOR INPUY FORLING PULSE IN MULTIPLES OF 0.0l SEC.

N UEAD TIME FOR RESPONSE PULSE FROM THE INSTANT OF INPUT IN SEC.

DIMENSION NA(550),AL 1100, 701,Y¥201000,Y1100) 4AN(13)e A6(100,70),
\Nl(l!lolXNllSl.l(lOOolS)olleOOo10!ol3(100o70)pl§ll°0'70)o
2450100470}, AT{100,70)+A8(100,70)

THIS PROGRAM QFADS, ARRANGES+ SMDOTHENS AND PUNCHES *KKK!
SUTS OF NATA ON TO COMPUTER CARDS IN SEQUENCE

KK = 32

READU S + 1 ) ( NALI) o 1 = 1 o KKK )
FORMAT (4012)

NIAP » 0,73

HITF =27.%0

uw e 0

L = 0

s = 0

wusM ¢ O

1t11y = 0

READ BLL THE RESPONSE PULSFES FROM PUNCHED CARDS OBTAINED FROM
ANALOG TO OIGITAL CONVEATER

00 2 J =1, KKK

L = NALJ?

t a1l e J/70

1F(L = 2) 31 o 32 ¢ 03

READL 3 o 3 ) C AL U1 o J ) tf1=1,L)
GO TO &2

N e J=T0
READL S o+ 3 )
GO TO &2

(A2 (11 o J1) 4 11 =1 s L}

SMOOTH ING OF THE EXPERIMENTAL

PULSE TESTING DATA

33 IF(1 = 4) 234 4 33 , 36
3% J2 = J - 140
READL S5+ 3 ) U A3 (11 4+ J2)
GO TO 42
35 3= J=-210
READL S o 3 ) ( A4 (I1 o I3}
GO TO 42
36 IF(1 = 6)
37 J4a = J - 280
READC S » 3 ) U A5 (11 o J&)
Gh TO 42
38 J5 = J - 1380

37 4 38 + 39

READC 5 ¢ 3 ) ¢ A (11 » 930

GO T0O &2
39 IFLL - 8) 40 o &1 , 42
40 J6 = J = 420
READL S » 3 ) ( AT (11 , J&)
GO TO 42
41 JT = 3 = 490
READE 5 ¢ 3 ) ( AB (11 +» T}
42 CONTINUF
2 CONTINUE

3 FORMAT{11FT.0)
NUN = 1

(5]

TAKE OUT ONE SET OF RESPONSE

OO0ON

DO 30 1J = 1 ¢ 542
L = NA(LJ)

o

005 11 =1.,1L
1 = 1 +13/70
IF(YT = 2) S1 o+ 52 » 53
1 Y(IT) = ALCIT LI0)
Gh T S
52 1J1 = 13 -70
YiII) = A2(IT1 ,1J1)
G0 TO S
83 IF(I = &) 54 4. 55 ¢ 56
84 142 = 1J = 140
YII) = A3LID S 1922
G0 TO 5
53 193 = 1J - 210
YUITI) = AG(IT »103)
GO 10 5
s6 IF(l = 6) 57 » 58 » 39
57 146 = 1J = 280
Y(II) = ASCI1 ,1J4)
G0 YO S
ss 1J5 = 1J - 350
YUI1) = AGLIL o1J45)

PULSES

AT A TIME AND PROCEED

9c-V




(2ol aXala¥aNa TN,

ann

59
&0

[}

30
301

1000
302

301
303

303

304

329
310

373
109
710
3T

344

0 70 S

1Fil - 8) 60 , 61 , S
1J6 = 1J = 420

YiI1) = AT(11 L1J6)
60 YO 3

1J7 = 1J = 490

YOIT) = ABCLL L1J7)
CONT thUE

N e

IF ANY POINT 1S POSITIVE, REJECT THE SEY
PDOSITIVF NUMBERS APPEAR WHEN A BUBBLF ENTERS THE

CONDUCTIVITY PROBE. THE CIRCUITS HAVE BEEN SO DESIGNED
THAT ALL OTHER VOLTAGES EITHER FROM THE CONDUCTIVITY

CELL OR FROM THE INPUT EVENT MARKER ARE NEGATIVE.

00 300 1 » 14 N

IFLv(l) - 200.) 300, 501, 501

CONTINUE

G2 Y0 1000

MRITC (B, 4)

MMMN o MNMY o |

FORMAT (*PNSITIVE NUMBER SET REJECTED')

FIND THE POINT OF INJECTION

00 3021 «1 4 1%
IF(Y{1) « 200.) 301, 301, 302
CONTINUF

1F(T = 1) 304, 304, 303

Nl =1 -1

A= YIKD)

Kl = NJ ¢ 1 .

00 3035 1 « X1, N

R o | -~ NI

YIK&) = Y(I) = A

Y2iKe) = Y{K&)

N s N = NI

L= N

G0 TO 310

A= YIN)

DO 323 1 = 1, N

Y1) = V(1) - A

Y2ir) = Y()

AMAX = O,

TFLVLa) ¢ 125.) 373 , 373, 374
1FIY(S) ¢100.) 709 o 709 » 710
Y(S) = v(a)

Yi4) = Y(3)

C = v(a)

00 344 1 =1 4 3

Y(I) = v(1} - C

(2 XaX2]

306
308

307

720
121
T22
392

391
390
300
399

381
319
3l

334
393

L
330
395
397

327

22
309

FIND THE MAXIMUM RESPONSE VALUE, OTHER THAN THE SIGNAL INPUT FROM CELL

00 30T 1 = &4 4 N

Y = vir) = ¢C

IF(Y(L) = YUIe1)) 306s 306, 307
TFIY(1) = AMAX) 308, 308, 307
AMAX = Y(I)

LICIR |

CONTINUE

SMOOTHEN THE CURVE BY EXTRAPOLATION, IF NECESSARY

00 392 J = K30 , K&O

IF(Y(S) = Y(J + 1)) 392 , 392 720

*
IFIYIJ) - YIJ ¢ 2)) 392 , 392 , T21
IFLY{J) = Y(J « 3)) 392 , 392 .« T22
YiJ) = (L YL J =1 ) eVY (Je1] NV/2.
CONT INUE
DO 309 J = &,K2
AK = 1,
1P = 0

E= T.¢v(J)

IF(Y{J))I390 » 391 , 391

IF(Y(J ¢+ 1) + E) 360 , 3BO , 381

1F(Y(J ¢1) - E) 380 » 2380 , 381
IFIY( + 1) = Y(J + 2)) 399 , 361 , 381
YiJ + 1) = Y{J)

G0 Y0 309

IFLY(J) = Y(J ¢ 1)) 319, 319, 309

1F(J - &) 327 , 327, 311

IF(J.FQ.K2) GO TO 22

IFLYLJ) = Y(J + 20) 330 , 334 , 336
IFLY20J) = Y{J + 1)) 393 , 309 . 309
YiJd ¢+ 1 )=t Y(I) ¢ YU J &2 ))/2

G0 TO 309

Y(J + 1) = Y(J) ¢ YUI) - YJ - 1)
IFIVIY & 1) = V(I ¢ 2)) 397 , 309 , 309
AK = AK®2,

1P = 1P ¢ 1

Y(J ¢ 1) = V() ¢ & YOI = Y(I =1 }D/AK
IF{IP.GT.10) GO TO 309

GO TO 395

KS = 3 ¢ 1

YIXS) = Y(J}

G0 YO 309

1F(Y(K2) - Y{ J = 1 )) 309, 309 , 23
YiK2) = YiJ - 1) = 1.

CONTINUE

Le-v



o000

32
338

e

3%
3

365
313
380
398

m
378

T

378

708
T07

(]

or

314

3N’
329

00 31) J = M, K10

AR = 1.

1P = 0

TELY(J) = YIJ ¢ 1)) 313, 312, N2
15(YLJ) = Yig & 2)) 335 4 335 , 328

Yid ¢ 1) = (VYUY ¢ Y ¢ 2V/2.

G0 70 31)

IFEV20J) = YL ¢ 1)) 365 4 365 o 366

Yi) e 1) = ¥iI) ¢ YIS - YW - 1)

IFIVEI ¢ 1 ) = YU J ¢ 2 3) 313 , 313 , 394
AR » ARe2,

1P s (P o]

Y(d ¢ 1) o ¥(J) o (1Y) = Y3 = 1 DI/AK
IFCIP.GT,.10) GO TO 313

GO T0 396

IELYE J ¢ 1) = Y2IN)) 313 , 313 , 308
CONT I NUE

GO TO0 Y98

Nw g o1

K10 = N -1

on 313 J = 3 o K2

TELY(JS) = V(3 ¢ 1)) 371 , 375 , 373
YiJ) = (VL4 = 1) ¢ YUJ ¢ 10¥/2.
CONT INUE

00 378 J =K30, K10

1FEYLJI) = YIJ & 1)) 378 4 378 & 372
Yid) = LVIJ = 1) ¢ YUJ ¢ 1D)/2.
CONT INVE

00 707 J = 3 o N

tFiveJ)) TOT? , 707, T08

YiJ) = 0.

CONTINUE

TERMINATE THE DATA WHEN THE END VALUE IS LESS THAN THE 0.1%

OF YHE MAXIMUM PULSE HEIGHT

BN=N - N

IF{N.FOM) GO YO 66
G0 10 o7

WRITE( &6 , 60 } 1J

FORMAT(IN o /7, 50Ky * HERE M EQUALS Ny CHECK *

1t a 1I1IL ¢

8 = YINI/BN

9 = Mo ]

00 314 ] =K9 o N

Al sl ~N

v(1) = V(1) =AleB

00 313 1 = My N

IFIY (1) - 0.001°ANAX) 315, 316, 316
CONY INUE

IFLY(L)) 329 o 316 o 329
te]l ¢l

o0

2 X2 X2 X3}

316

3Se
355

317
aTse

326

347
343

nr

27

28

29

9
10

11
12

13

Yt1) = 0.

H=1

yMax = 0.

00 3551 =1 o 3

IE(Y{I) = YVAX) 356 , 355 , 355
yMAX = V(D)

K20 = 1

CONT INUF

Y(3) = 0.

1£ (YMAX + 13500.)376 , 376 , 377
YMAX = =13500.

XN = Y(1)/(YMAX®10.) # 0.05 ¢ 0.03
IF{K20.5Q.1) GO TO 8

6N TO &2

XN = XN ¢ 0.015

K? = N -2

DO 326 1 = 1 , K7

k6 =1 ¢ 2

Y(1) = Y(K6)

CONT INUE

N=s N-=-2

00 343 1 =1 4 M

IFL YU1)+ 10.) 343 , 343 , 347
Y{1) = 0.

CONT INUE

0 3171 = 1, N

Y(I) = ABSIY(I})/10.

MM = MM O+ ]

IF (MM = TSUB) 13 4, 13 4 &

MM = ]

1FINUM,EQ.1) GO TO 27

GO TO 28

RZSADL S + 29 ) KITE

READ EACH SET OF PUNCHED DATA FOR INPUT PULSES AT A TIMT

READL So7 JRUNFLOL s TEMP PS¢ GOIF,WBTP ¢ 1SUByNUM
FORMAT (F5.2)

FOPMAT (A, Feod sF3.10F3.0,F6.4,F3.1412,11)
REANE S o 9 ) (ANCJ) » 4 = 1 , ISUB )

FORMAT (15A1)

READ( 5 o 10 ) (NB{J) ¢ IXNLJ) o J = ) 1sus )
FORMAT (4012)

00 12 JJ = 1 , ISUB

LL = RO

READ( 5 o L1 ) (XC1 4 JJ) o I =1 o LL D
FNRMAT (25F3.1)

CONT INUF

WRITE AND PUNCH ALL THE DATA AND EXPERIMENTAL CONDITIONS IN

SEQUENCE

WRITE(6,25) 1J
NA(IJ) = N

ge-v




LL = NAR{mn)

WRITEL & 4+ 14 )
14 FOPWAT( S0OX fo &4TXy ' NRIGINAL PUNCHED PULSE /)

WRITE( 6 o 15 ) (Y2{]) o 1 =1 , L)
1S FORMATIIN 4 20Xe 11F7.0, 7 )

WRITFL 6 4 16 ) L
16 FORMAT(100X, 110y /, 40X, *SMOGTHED PULSE AT OUTLET OF COLUMN')}

WRITEL 6 o L7 ) (VII) 4, 1 =) o, N)
17 FORMAT(/¢1H -y 20X , 11FT7.2)

WRITFL 6 » 18 ) N
18 FORMAT (100X, [10, 77+ 52X, "INLEY PULSE',/)

WMRITEL 6 o 19 ) IX(]I oMM) 4o 1 =1 4, LL )
19 FORMAT (1IN , 36X o 4F10.1 )

WRITE( 6 4 20 ) LL
20 FORMAT (100X IR0,y /745X, 'FXPERIMENTAL CONDITIONS®/)

WRITE( & o 26 JPUNJANIMM) (FLCL,TEMP,PS,ODIF WBTP yISUBDIAP,HITE, N,y

LIXNENM) o LL HUM, 1, XN
26 FORMAT (1M o15X,A3,A14F8.3¢ F8.1y F8.1, F10.4,F8.1, 13,2F7.2,

1514,F10.7)
29 FORMAT(1H14/7/+50X,*PAGF NUMBFR #3, 13)
21 WRITF( T o 26 )} RUN, AN(MM) FLOL, TEMP, PSe ODIF,MBTP, DIAP, HITE,

INGIXNIMM) sLLe NUMoT U9XNy (V(T) 4 1 = 1 o N DolX(IeMMIol = 1 4 LL)
26 FORRAT(AIIALoFT39FS5.1oFS5.00F10.4¢F6.19F5.2,F6.20413,14,F9.7,/

1(12F6.2))
30 CONTIKUE

WRITE(6 o 65 ) MMMM
NRITEC 6 ¢ 03) { NA(L) y 1 =
MRITE(T o 64) (NALI) » 1 =)
63 FORMAY( 30X, 10IT)
&4 FOPNMAT (4012)
@8 FNRMAT(1H1¢///7+350Xe *HUMBER OF SETS WITH POSITIVE NUMBERS = ¢, 12)
sTOP
END

562 )

1.
s KKK .)

roa

62-v



WRITE DP, |
G, DENS,WDEN,
OMEG, DIAO

IIT = 100

CALL TRANSF

A-30

Y

NN=NN+1|
NNN=NNN+

il

‘9 IPRING
»0

.

NN =0
IK = KKK-NNN




MOMENT

<0

&

A-31

'

IPRIN |

»0

PRINT
RESULTS




A-32

EXPERIMENTAL DATA
INPUT C; = f; (1)
OUTPUT Cgq = fo (1)

LAPLACE_ TRANSFORM
F[f(t)]=of f(1)e dt

TRANSFER FUNCTION

CFlLfolt)
G(s) ==Ff (31 = FS

X = i—LOG(FS);-_lz
Y = S(-LOG (FS)

FIND SLOPE
AND INTERCEPT

TRANSFER FUNCTION ANALYSIS



TRANSF A-33

DEFINE

CALL AREA

AL =10
KCOUNT =0

»0
KCOUNT-5

14¢)

0 <0

INDEX -2

CALL PARAM

RETURN



A-34

COMPAR
INPUT l
DATA
K=K + |
s O o
1 2

FS=AFS(3) ﬁ
S=AS (3) WRITE l
K,S,FS, THET:
PECL;
-
APECSAPECHPECL

DEFINE l
PECL ,THETA

L=L +1I




-

COMPAR Contd.

APEsPECLET
ATAU=RTS

AK=K

ANUPEC =PEC
ANURTF=RTF

PEC = APEC/AK
RTF= ARTS/AK

A-35




OO ANDOAND

OO0 AOOOOONOOOOON

‘4 INNER, IPUNCH, IPRIAT, IPRIN],

CALCULATION OF

CALCULATCS AESULTS bY MOMENY ANALYSIS ANC
TRANSFER FUNCTION aABLYS1S FCR DIFFUSION MOOEL
WiITH INEINITE ANC FINITE BEC OOUNDARY CONDITIONS

OIPEASION STATLFEAT
OIMENSICN PE1(10C), PE2(1CC). PE3ILCH), PEP1(100)es PEP2(100),
1 PCP3L10G)I, UMLELCC), UH2(100), UH3L10I), TAUL(N0D),
2 TAU2(30%), TAUIILCC), MELGL(ICC), HOLD2(100), HCLD3(100).
: :g::;:oc». HOL2(1CC), HELI(150), VULLLTOY, U2(100),
: ) -

COMMON Y1(133), Y2(1CO), ARUN(1GO)s IDIAP(1IOC). IHITE(ICO),

1 ATLOW(ICN), AFLOGIRCO}, ATENPI200), ASFAC(102), NUMAL(1GO).
2 NUMAZ(1CO), REK3,2)s ASILIC), AFSIAC), DLX3, DLX2s NUN1, NUM2,
3 OlAP, MITE, FLOWy RUN, TEPP, XN2, ATERM, WHN, SFACTR,y NNN,
IPRIN2, IPRIN3, IPRIN&s IJK,
8 FLOL, FREET, FRELM, TABLE(9:2) +ATRUKR(10C),XUSUM

AORENCLATURE FOR CCNTRCL CARDS

IREAD e =1 REACS DATA wHMEN GAS FLOW 1S UNKNOWN,
0 WHEN PRECALCULATED
IPUNCH o =1 SUPPKESSES PUNCHED OUTPUT FRELM MOMENT
. ANALYSIS SUGBROUTINE, O FOR PUNCH
IPRINT o =1 SUPPRESScS PRINTIANG FROM CURVE-FIT
SUBRCUTINE, O FCR PRINT
s =1 SUPPKLSSES INTERMENIATE PRINT CUT F0OM
ANALYSLIS SUBRUUTINE, C FOR PRINT
SUPPRESSES INTERMEOIATE PRINT CUT FROMN
SUBKUUTINE, C FOR PRINT
SUPPRESSES INTERMEDIATE PRINT CUT FROM
SUBRUUTINE, © FOR PRINT
<1 SUPPRESSES FINAL MATRIX PRINT CUT,
FOR  PRINY
VALUE IN SAGE CF THE MAXIMUM IN ARRAY
-] FUA TERRIAATING THE BREAKTHROUGH CURVE
COUNTCR FOR CALCULATIONS

IPRIND
IPRIN2 o =)
IPRINY = -]
1PRING

TMAX

-

[}
ATERR -
-

NNK -
-

KKK TOTAL NUMBER CF SETS UF CATA TO &F PRCCFSSED

LELY ® TCTAL NUPBER CF PCINTS FOR TRANSFER
FUNCTIUN ANALYSIS, MAXIMUM 10, UNLESS DIMENSIONS
INCREASEC

IREAD e -1

1PUNCH & =1

IPRINT = ~1

IPRINYL = =]

IPRIN2 = -1

LIQUID MIXING RESULTS

[ XaXa)

11
2
999
24

IPRIN3 = =1

IPRING = 3

TuAX L

ATERM = 0.1

14K = 10

KKK=7233

NN = 0

NNN =0

READ DATA FROM CARDS

READIS 1LY CERILoF) oL ml 41 3)oH=1y2)
FURMAT(6FL3eU/5F10eC/12E5,44)
WRAITECEGZICIRILINIHL=L y12) 4M=142)

FURMAT (1+) ¢ L5Fi0e1/13F1G.4)

RCADIS +6559) DP G oDENS +WCENOMEGCIAC

FORMAT(&FL0.5)

WRITELE,24) CPoG+OFAS,WCEN,OMEG,DIAC

FOPMAT (1H /740X, 'DP =%, F1245//42X,
1 *UENS s', FLO.5//4CX, 'WOEN ='y F10+5//40X¢
2 F10.57/40X, 'DlAU =', F1C.5////)

READ(S:$S999 ) { {TABLE(I ¢J) s121,45)0d=142)

'G =ty F13.5//4CXy
*CMCG ="',

$9$59 FORMAT (8F10.5)
€

OOOAOOOOOO0

[aX 23]

18

66

jt1 = 109

IF ( KKK oLTe 10C ) II1 = XKK
02 5 t = 1 , 111

NN = NN ¢ 1

NNN = NAK & )

IF ( IREAD +EQ. C )} GC TC 56

READ( S o 66 ) RUN, FLCL, TEMP, PS, ODIF, WBTP, DIAP, HITE,
1 NUM2, 1XPl, NUFML, XP2, (Y2(J) » J = 1 o NUM2 ) .,
2 (YUJ) o J &) o NUM )

FORMAT (AGsFTe3 oF5.19F5.04Fl0e%¢Fb.14F5.24F6.2y
L 3139 TXFSaTe/{12F6.2))

FLCL LIQUID FLCw RATE GPV

TENP TEMPFRATURE CEGREES C.

PS STATIC PRESSURE MM, CF N-HEPTANE
COlF INCLINED TUBE OIFFERENTIAL, INCHES
HITE GRIO SPACING o INCHES

1 REFERS TG INPUT, 2 REFERS TU OUTPUT

t1xPl DELAY IN PULSE INJECTIUN IN O.01 SECS.

X2 DELAY IN CUTLET PULSE ARRIVAL ,SECS.

XN2 NET OELAY FOR ThE SECCND PULSE

KUSUNs=C

XPL = 1XP1

XP2 = XP2 - 0.08 ¢  0.13556¢

XN2 = XP2 - XPl # 0.01

oLx1 = 0.01

CLXx2 = 0.1254

CALCULATE FLCW RATES f>
W




36

1

T4
]
c
[
[
C
[L11]]
(111
1t
c
]
[}
c
C
4

CALL FLOG ( TEMP, PS, OCIF, WHN, OP, G, DENS, WOEN,
1 OVEGy DIAQ. MFMM, WETP )}

FLOW o FLOL & 8,245 ¢ (0, ¢ 166,/1(22.92.75¢221/74)

MIN ® WHN 0 1a44. 7 (L 22, * 2.75%¢2 ) /7 Te )
G0 10 7T¢

READE S, 1 ) RUN, FLCW, WHK, TEMP, NUNl, NUM2, DIAP,
THITF, XN2, OLXl, DLX2, PE, PEP, X1B, X208,

2x1B8, 2288, UM, U, TAU, WGLD, HOLP,

SUYUIJIe J ® 1 o MUNL ) o (Y2(JDy J = 1 o NUM2 )

FORMAT (AG.F8.1,Fb.1,Fa.10212,F3.1,F5.2,F5.3, 8X oF4e2s
LFN. T T 0F8.5,/15F8.5,Fb.4,FB.5,2F5.8,4Xs/0(19F41))

1% ¢ OLX2 LY. Cel26 ) GC YO
oLx2: = 0,135

ARUNLD) = AUN

AFLUWIT) = FLCW

AFLOG(T) = WHA

ATEWPL ) = YEMP

101AP( 1) = DIAP / 0.249S3
INITECL) = KITE / 5.498S
NUMALLL) = AUML

AUMARIT) =

AUN2
SALCULATE TAUL BED MEIGMT AND TIME OF FREE FALL

TFCINIVELI D.EC. L) GO TC esBes
GWEe1570.%((DIAP)*e1,5)%( 10.0%(=-0.000043%FLON))
CALL LCCxIVELCC)

TRUCI1®Co CCO15¢ { (WHK=GHF) /GNF)® (GuFve],2)
TRUEHSTRUER®S,.S 5.5

FREEH=FITE-TRUEN

FREETFREEH/VELCC®(R./124)

FRECH=TRUEM

GO TO é&scbdes

FREFNHerITP

FREFT=C,

WRITE(E,11111) GMF, WHN, FREEMs HITE, FREET, VELCC
FOAMAT(IF o TF10.2)

ATRUNL 1) sFREEN

CALL PCMENT(PELINN], TAULINND, PEPLINN)y UMLLINN), ULINND,
1 HULD1ENA), HOLLUINN), IMAX)
CALL TRANSF(PEY(AN), TAUJIAN), PE2INN)» TAU2(NN),
1 PEP2(AN), UM2(AN),s U2INN), HOLD2(NN), HOL2INN),
2 PEJINN) o TAUMINN), PEP3 (NN} » UMIINND, UIINK),
3 HOLO3IINN) o HOL3INN}D

ASFACLI) = SFACTR

CONT INUE

IF ¢ IFRING ) T, 8+ 8
CONT INVE

PRINT SECTION

MRLITEL & +» &)

6

26 FORMATUIH /7,20X,* CALCULATED RESULTS FCR TRANSF

36

7

13

14
13

FURMAT (1H1//,20X, * CALCULATZzD KESULTS FOR MOMENT ¢

19ANALYSIS ARE GIVEN IN THE FCLL

GwING TABLE/S*//)

CALL CLTPUTLPELl, PEPl, UFl, Ul, TAUL, HOLLL.

1 HOLY, I11ID
WRITEL 6 » 26 )

10 ANALYSIS. == INFINITE BED CCNDITIONS® /35X,
2 YARE GIVEN IN THE FCLLCWING TAELE/S v/ /)
CALL OLTPUT(PEZ2, FEP2, UR2,y U2y TAU2, HOLD2,

1 HCL2. 11D)
KUSUM=1
WRITE( 6 4 36 )

ER FUNCYION®

FORMAY (JH /7,20X,? CALCULATED RESULTS FCR TRANSFER FUNCTION®
1% ANALYSIS == FINITE BEC CCADITICNS®,/35X,
2 'ARE GIVEN IN THE FCLLOWING TABLE/S!'.#/)
CALL OLTPUTIPE3, PEP3, UH3, U3, TAU3, HOLD3,

A HOL3, 11D

NN=D
IX = KkkKk = NNN

1IF( IK = 100 ) 13., 14,

IF{ IXK .EC. G) GO TO
111 = IK

GG TO 18

sTCcep -

END

14
15

LE-V




[a X al

[a X2 K2l

oconn

oon

17
H&
[ 1]

SUAROUTIANE  TRANSF(PE, YAU, PECLET, RTS, PECLEPy UHS,
1 US, HOLLSe HOLLS, PEC, RTF, PLPy UHy Uy HOLOF,
2 HOLLF)

OATA REOUCTICN bY TRANSFER FUNCTIJUN ANALYSIS

X1£1G0)s X20105), XVALS(10),
CUEFFS(2),

IHITE(190),

DIMENSION X(1J0), Y(10C)H,
1 YVALS(1P), WTSU110), XFIXED(L)y YFIXEDUL}.
2 AFS1(10), AFS2(\()

COVHON Y1100, Y2(100), ARUA(1(O), IDIAP{1CC),
1 AFLOWLL02), AFLCG(100), ATENP(103), ASFACL10D), NUNAL (100}

2 NURAZIICT), REL3,2), ASI10), AFSE1C), ULXMs DLK2. NUM1, NUN2,
3 DIAPs HITEs FLCws RUN, TEWP, XN2, ATERM; WHA, SFACTRy NNNy

& INDEX. TPUNCH, LPRIANT, 1PRINLs IPRINZ: IPRIN3, IPRIN&G, 1JKe

8 FLOL oFREFT ,FREEN

OEFINE TINE ARRAYS FUR BCTH THE PULSES

on0

IKD(X = O
RLEL)SPREET

00 22 1 = 2 o NUN
Kl=l ~1

XY(I) o XLER1) < OLX)
R2¢1) = xN2

00 2 1 = 2 4 NUF2
Kt=s1l =1

%2¢1) = x24m1) ¢ DLX2

CALCULATE ARES UNDER THE BREAKTHROUGH CURVES

CALL AREALY] ¢JNUNL,CLX1 ¢ARY 4D

CALL Aﬂ!l('l.NUNZ.CLxR.aP!.O)

SFACTR = AR2/AR]

AL = 10.

RCUUNY =

1F { KCOLKT = 5 ) 44, 5% » 935

IF ¢ INCER = 2 ) &b sy » 935

CALL 'ARAF(PGCoRTF'PE'oUNtU'cl‘PoFﬂEEN.“OLDFOHOLXFQ
1 FLOW)

PECLET = ( APECLE ¢ PECLET )
RTS e ( AKISFN o RTS Yy /7 2.

CalL "ﬂlﬂl'EClE'QhTS.’ECLEP.UNSnUS.Dl‘?vFREEN'
1 HOLDS. HCLESe FLUW)

GO TO0O 35

Y aXa

O ono

/7 2.

CALCULATE TRANSFER FUNCTICA FOR THE SYSTEM
66 IFt INDEX = 1 } 6¢6 606 4 666
008 APECLE = PECLET
ARTSEN = RTS
66 00 10 J4 = 1 o 1IJKk

$ =J

S = 6,02 /7 TAV + S » 0,01 /7 TAU
§ =S *AL
00 231 =1 + NUM
§1 = =S*x1(1) :
xXtiy = (V!(l))‘SF&CT?‘(I./(EXP(’Sl)|)
CALL AREA(XyAUML 4DLX1¢FS1s1)
D0 3 1 = 1, NUM2
§2 = =S¥x2{1)
3 vl) = (Y201 * (1. 7LEXP(=-52)))
CALL AREA(Y,NUN2,0LX2:FS2,1)
FS = FS2/FS1

33

YVALS(J) = 1.70ALGGLL./FS))
XVALS(J) = S01.7({ALCGI1 /FS))*(ALOGIL./FS) )
AStJ) LI
AFS1{J)} = FS1
AFS2(J) = FS2
AFS{J) = FS
10 CONTINUE

FIT CURVE USING CURVFT SLBROUTIAME

0061 =1 s LJK
6 wTS(I) = 1.

NPTS = TJK

ISCALE = 1

MAXDEG = )

KFIXED = O

NCCEFF = 2

CALL CURVFT(XVALS.VVALSchTS'NPTS'lSCALE'HAXDEGn
llFllEDoYFllED'NPIXED.CUEFFS.NCOFFF'lPRlNT)
AL = AL/3.

KCCUNT » KCCUNT + 1

CALCULATE PRCCESS PARAPETERS

7 RTS = COEFFS(2) .
PECLET = =1./CCEFFS(1)

PRINT SECTION
IF (

21 CONTINLE
T7 CALL PARAN(PECLEY.RTS'PECLEP'UHS'US.DIAP.FREEH.HOLDS:
1 HOL1S, FLOW)
SRITE( 6 o 555 )
855 FURMAT(LH //, 43Xs 'S's
L YFSYe //) ’
WRITEL 6 » S J(AS(UJ)y AFS1(J)y -AFS20J), AFS(Q)eJd=ls1JK)
& FORMAT(IH ¢ 35Xy 4F1C.3)
WRITE( © +» 5 ) CCEFFS
WRITE( &, 500 )
800 FORMAT(1H /25Ks°RUN
1'SFACTR  US RTS

IPRIN2Z )} 20 ,» 21 » 21

aXy °*FS1°%, IXe *FS2%, TX,y

PECLET
HOL1S

FLCw
PECLEP

UHs
HCLDS

WHN L
- PREET®) |

W
o



on

aono

N OnONO

WRITEL 6 o 11 )} RUN. UHS, PCCLET, FLOW, WHN, SFACTh,
1 US, RTS, HOLDS, HUL1S, PCCLEP, FREFT

11 FURNATUIH /, 25Ky A&, F1G.5¢ F8.3s Fldely FBels
LF10.6s FE.30 FToby 2F1Ce602F08.54777)

20 COXTINUE
CALL CCMPAR(PE, TAU, PECLET, RTS, PEC, RTF, K}

G 10 17
5% RCTURN

SUBROUTINE PARAM(PECLET, RTS, PECLEP,» UNHS, US, OIAP,AHITE,
1 HOLOSs HCLL1S, FLCW)

CALCULATE PRCCESS PARAMETERS

PECLEP=PECLET®DIAP/ARITE

UNS & 1./RTS

US®ANI YE/Z({22.2RTS)

FLCL ®FLLN® L 122.92,75682)/7.1/7(8.345%60.0144.)
HOLDS s FLOL * 0.13368 @ RTS$/60.
HOLISSRULDSZ (AML TE®0,1£45685/12.1
NOLDS® TOTAL MCLCUP +CU. FT.
HOLS= DIMENSIONLESS TCTAL MCLOUP
FLCLs GPM

FLOW= LBS./MR. FTo®2

Usa= VELOCITY

RETURN

EnND

[a X aX 2] OO OONO OO0

[2X2X2]a)

n

-

30

SUBRGUYINE CCMPARUPE, VAU, PECLETy RTS, PECs RTF, K)

FINITE LENGTE DIFFUSICN MODEL =---

TRANSFER FUNCTICA ANALYSIS USING PREVIGUSLY CALCQLATED
MINEL PARAMETERS FROM INFINLITE BED CONDITIONS

CIMMON Y1(100), Y2{1CN), ARUN(1CQ), IDIAP(1C%)s IHITE(1CO),
1 AFLOWULG), AFLCGE)O0), ATEMP(I0D), ASFACLICT), NUMAL(IIC) .

2 NUMA2(17G)y R(L1342)y AS(10)y AFS(XG)e DLX2y DLX2+ NUML, NUM2,
3 OIAP, MITE, FLCa: RUN, TEMP, XN2, ATERM, WHN, SFACTR., NNN,
& INDEX, IPUNCH, IPRINT, IPRINl, IPRIN2, IPRIN3, IPRIN&, IJK
APEC = 0.

ARTS = 0O,

L = 0

K = €

DEFINE PECLET AND RESICENCE TIME

APE = PE
ATAU = TAU

PECLY = APE =~ APE 7/ 5.
TAUL = ATAU ~ ATAU/S.
FS = AFS(3)

S = AS(3)

ng » 1 = 1, 20

Al = |}

THEYA = TAUL ¢ 2. ®=ATAU /1C0. * Al
o0 3¢ 4 = 1, 20

ady = J

PECL = PECLL ¢ 2. *APE /10C. * AJ

EVALUATE TRANSFER FUNCTICN FOR AXIALLY DISPERSED PLUG FLOW
MODEL WITH FINITE LENGTH BCUNDARY CUNDITIONS

BETA = SCRT(l. + 4.*THETA®S/PECL)

TRANF = &, * BEYA /7 ((( 1. « BETA ) *= 2 ) = (EXPl -PECL *
1¢ 1o = BETA ) /7 2. ) = (( 1. = BETA ) =¢ 2 ) * EXP{ -PECL *
21 . ¢ BETA ) 7 2. )

IF ( ABS ( FS = TRANF ) =~ 0.CO01 ) 31, 31, 30
CONTINUE

KaRkR +1

IF { IPRIN3 LEQ. 0 ) GO TO 1

GG TO

WRITEC &6 o 7 )} Xy So FSy THETA, PECLs TRANF
ARTS = ARTS ¢ THETA

APEC = APEC + PECL

CONTINLE

Lal el

6E-v




[aXal 2l

IF(K} 52, 55 o &b
55 IF(L - 2) 46 4, 77 , 17

REPEAT FCOr NEW VALULS OF PECL AND THETA

46 APt = PECLET
ATAYU = RIS
G) YO0 2
66 AX o &
1F t INDEX . EQ . 1 ) GC YO o8
GU TO %9
08 ANUPEC = PEC
ANURTF s RTF
99 PLC e APEC / AK
KRTF a ARTS 7 &K
1€ ¢ IPRINY ) 11, 12, 12
12 WRITEC 6 + S ) K
11 INDEX = (IADEX & L
IFUINCEX - 2 ) 78, 76, 76
76 PEC = ( PEC o ANUPEC ) /7 2.
RTF s ( RTF o ANURTF ) /7 2.
GO0 V0 7T&
TT MRITEC 6 o+ 6 ) KAN ,  §
S FPORMAT (1N 7,25X, *TCYAL NUMBER OF SETS SATISFEYING THE®
L * FINITE BEC CCADITIONS = *, 13, /)
6 FORMAT({IM , *NO CUNVERGENCE CBTAINEC === NNN =%,14,
1% S ety Fb.4)
T FORMATI(IN /725X, °K a¢, 3, 3X, *S =, F8.5, 3X,*FS =,
1 FA.S, 3X, STHETA =%, Fl.4, 3X, 'PECL ®', FT.3, 3X,
2 YTRANF o', F8,5)
s acTURN

END

OO OOOODOOCOOCODNMN OO0OHOOD

fenannAnnnn

OnO

23 CONTINLE

TMO POINT MCMEANT ANALYSIS PRCGRAM

AGNENCLATURE

SUBROUTINE MOMENT(PE, TAU, PEP, UHs Us HOLDs HOL1, IMAX)

SUBSCRIPTS 1 ANC 2 REFER TC INLET AND OUTLET PULSES RESPECTIVELY

N AUMBER OF DATA PCINTS

oLx TIME INTERVEL FOR EACH DATA POINT
x TIME AXIS

v VALULES CF CONCENTRATUGN

Xy ARRAY OF X * ¥ VALUES

xxy ARRAY OF X*%2 ® Y

ALL AREAS UMDER CURVES ARE EVALUATED BY SIMPSON@S RULE

AR AREA UNDER X - Y CURVE
ARR AREA UNDER X ® ¥ = X CURVE
ARS AREA UKCER Xo*®2 ® ¥ = X CURVE

WA, W28 FIRST PLMEATS
X1B, X280 X BAR VALUES
X188,XZB8 SECCNG CENTRAL MCHENTS

DIMENSION XYL1LLCC)y XY2{LCC), XXY1(100), XXY2(101)

COMMON Y1(100), Y2(100)s ARUN(LCO), IDIAP{10C), IHITE(1ICO),
AFLOW(100) o, AFLCG(L200)s ATEMP(L0U0)s ASFAC{1CO)y NUMAL{100),
NUMA2(10r ) R(13,2)0 AS(10), AFS{LG)s OLXLs DLX2y NUMl, NUM2,
DIAP, HITE, FLCws RUN, TEMP, XN2, ATERM, WHN, SFACTR, RNN,
INDEX, IPUNCH, IPRINT, IPRINle IPRIN2, IPRIN3, IPKIN&s IJK,
FLOLFREEToFREEH

olap UIAMETER OF PACKING, INCHES
HITE COLUMN hEIGHT, INCHES

NEwN-

U/H VELOC ITY/HE IGHT

(1] ) VELOCITY OF WATER IN TCA, FT. / SEC.
PE COLUMN PECLET AUMBER

PEP PACKING PECLET NUMBER

TAU VEAN RESIDENCE TIME, SECONDS

HOLD HULD=UP IN TCA, CU. FT OF WATER
HOL) HOLD=UP IN TCSy CUs FT. /7 CU. FTe OF TCA VCLUNE

IF { IMAX oECe -1 ) GC TC 1
GG T0 2

CALCULATE THE HIGHESY AUMBER IN ARRAY

10023 1 =1, NUN2
IF(Y2(1+1)=Y2{1)) 22,22,23

Of-V




[N a¥aKal

[aXaXa¥s]

nOon

29
30

26
27

19

29

21
29

RANeY2{L)
RAM = 0,01 © ATERR ® RAM

Cet(ut‘!t ATERME OF THE PAXIMUM VALUS IN THE ARRAY AND
TCRHINATE, ®AKING THE AEXT NLMBER Z2ERO

DO 29 1 s 135,hUP2
1$LY201) - RAV) 30, 26,25
CUNTINLE

v2il)scC.

KIN2 o 1

GU 10 27

Y2(ted) o 0,

NUM2 & | o]

CONTINLE

FIND OCD ANS EVECA NUM1 AND NUM2, MAKE 00D
BY ADDING ANLTHER LAST lERC

Fanunl

FeR/2.

JaRUNL 72

GL = ]

IF(F=G1)19, 19, 2C
AUML & NUML ¢ )
YiiNURY) « 0,

CONT INUE

€ = NUF2

¢ =« €72,

1 = NUPZ/Z2

nel

IF(E=H) 21, 21, 20
KUP2 shUP2 o ]
Y2tnuN2) = O,
CONTINLE

CONPUTE ZFRONTM, FIRST ANC SECOND MOMENTS

XU = FREET

CALL ARCALYL, NUPl, CLX1l, AR, C )
CALL AREA(Y2, NUP2, DLX2, AR2, C )

00 & Jel,Aum

XYitJ)exrevl (J)
XXV1{J)miXL0O2)0Y1(I)

XlexleDLX)

CALL ARSA(XYl, AUMl, DLX1l, ARR1l, 1)
CALL AREA(XXYl, NUM1, DLX1, ARSl, 1)
Xe=0,0)

0N 0 lel.NUN2

AV2( ) ex2ev2(1}

XRY2( 1 )eix2092)0v2(1)

RQax2eCL X2

CALL AREA(XY2, KUM2, DLX2, ARR2, 1 9
CALL AREALXXY2, NUM2, DLX2, ARS2, 1)

[aX212]

SFACTR = AR2 / AR)

XN1=C.

wldsARRY/2R]

X18awlCeXNL

X18Rs({ ARS1/ARL)~{W1B3%2)

W2BsAKPF2/78R2

X28w2B+XN2

X286 { ARS2/AR2)~(W2B9%2)

Gie) o/ (X EB=X1B)

PE=2.0 /(L {UH] Jwm2)»(X2B8-X1BB))

TAU =1./UH

CALL PARBM(PE, TAUs PEPs Uty Uy CIAP, FREEHs HOLC,
L HCL1. FLOW 1}

tF{ IPRINL ) 5,9, 9
9 CONTINLE

PR INT SECTICN

WRITE(6,96)AKN, DlAPs HITE
99 FORMAT({IH , 55X, °*STRILAL NUMBER®, 14 /»
180X, *DIAPY @+F3.1¢5Xy*CCLUFN HITEH @,F5.2)
1F( IREAC .tC. 0 ) GO TO 110
URI‘E(&'IS)RUN'FLULITEHPvPS'GDlF'NUHI.DLX!.NU"Z!DLKZ'XNZ
15 FORMATY (40X *RUNK S9A442X 4 LIQUIC FLOW#sFOe3 92Xy ' TENPS S9FLd 92Xy
LPS® 29F&.C9/72TXs *GRIFICE DIFFN @9FTea%92Xe*NUNFIM @91291X*DELX1H 3y
2F5¢202!9'h“”2'3112'2x1'DELXZ' S9FB.692X 9" XN2K @eF&e2,7)
110 WRITE( Ey10)
10 FORMAT(1H » 3"RUN.2X'5FXIBARn5X|5Nx25ARo4X'OHX!58AR.4X|
16HXZBBAR.5!.BNUIﬁ.SX.ZHPE.7x.4NFLOL.SX.~NFLOG.3X.1HI.ﬁx.LNSFACn
2° U TAU HOLD HOLL PEPA )}
WRITE(L &6 » 11 )} RUN, X1by X2Be X188, X28Bs UH. PEs
1 FLOW, WHNe MMMM, SFACTRy Us TAU, HULD, HOL1, PEP
11 FORMAY (1N 'AﬁpF8.51F9-5oqusoFlC-S'FIO-SpF°.3.F13-lgFa.l'13.
1 Fl0.2» FoadsFTe492F10.69F8e5+7)
IF Lt IPUNCH ) & o 3 » 3

3 CUNTINUE
WRITEL( T, T} RUNoFLOH.HHh.TEVP.hUFl.NUHZ-DIAPnNXTE-lNZ.SFACvDLXl'

lDLXZpPEvPEP.Xlﬂ.XZB.X!hﬂ.XZBB,UN.U'TAU.HDLD'hDLl'NNN.
Z(Vllll'l'quUHl)o(YZ(l)ol'lohUHZ)
7 FOR”AT(A"Fﬂol.Fb.lpF~.1"ZQIZ'F3o1'F5oZ'F5-3v‘E.5.54-2'
1 F9.7'F7.3vF8.5./.5F8-5.F6.4.FB.5'2F¢.0.I4.I'(19F4.l))
& CONTINLE
IF (NUF1-NUM2) 512,512,511
S11 KsKUM2 ¢ 1
DO 514 4 = KyNUML
$14 Y2(J) = O.
GG T0 51
512 x = NUFL ¢ 1
DO 513 J = K, NUM2
$13 Y1(J) = C.
$1 CONTEINUF
IF(NUPL=NUN2] 16C,1C1,101
100 NNNN = NUM2
GO YO 233

[f-V
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[aXa¥2)

[aXaXs

101
b3
W

12)

NNNN & NUMY
WRITELA VLT YTl v20L)e 1 = 1,NNNN)
FORMATUAH 430X 4 R1Ce5R4FD0.2,20X00842)
WITE( 12D

PURMAT (IR) o /)

S RETURN

END

SUNRROUTINE AREA(A o N 4y CEL ¢+ AR 4 K )

AREA UNDER THE CLRVE By SIFPSON'S RULE

DIFENSICA Af10C)
IFIK) %, 2, S
FIND THE MAXIMUM VALULE IN THE ARRAY

AMAX = O,

00 31 = 1¢ A

TELARAX = ALID)) 2y 2, 3
ARAX = A(])

CONTINLE

TRANSFERING TO NCA-UIMENSICNAL FORM

00 41«1, N
ACL) = A(LR/7ANMAX

CALCULATC AREA UNDER TrE CURVE

AN o N -2
AR s ¢,

DU & = 1. ANy 2
AR ® ((OEL/3.)0(A (1) ¢ 4.0%A(1 ¢ 1 ) ¢ A(] + 2))) » AR

RETURN
END

on

[ Xaly

SUBKOUTINE UUTPUT(PEA, PEPAy UHAy UAs TAUA, HOLDA,
1 HOLA. LID)

DIMENSION PEA{L1GL), PEFALLOD)y UHALLDD), VAL10C),

L TAUALfA), HOLDALL10Q), HCLACLQC)

COMNKON Y1(100), Y2(1G0)s ARUNIXCTD, 101API10%), THITE(100),

1 AFLOW(1NC), AFLUGI102)s ATEMP(ICO) ASFAC(100) s NUMALILOC)

2 NUMA2(100), REL3,2), ASE1G)s AFS(LU)s OLX1ls DLX2, NUM1, NUM2,
3 OlAP, HITE, FLCW, RUN. TEMP, XN2, ATERM, WHN, SFACTR, NNN,
& INDEX, IPUNCH, IPRINT, IPRIN)L, IPRIN2, IPRIN3, IPRINGy JJK,

8 FLOLe FRFET, FREEN, TASLE(Q'Z,_'ATRUH(IOO"KUSUN

IL = 49

It = 1

IF ¢ 111 - %) 13, 12 . 12
13 IL = 111 - 1
1219 = 11 ¢ IL

WRITEC 6 o 10 )
WRITEL 6, Y1) CARUN(I), IMITELI), IDIAP(1), ATEMPLI),

1 AFLOW(I), AFLOGUL)}, ASFACUI), PEA(I)y PEPALI), UALL),
2 TAUALT), ATRUHII), HOLALL)y 1 = I1 ., 1J )
10 FORMAY(1H /. 21Xs °RUN AL. TEMP FLOW FLOG SFAC
3 'pE PEP V] TAY TRUH HOLL1'4/7)
11 FORMAT (11 o 20X, AbstHty 11,900 ¢ T1,F6.10F10.14F8.10F10.44F8.3,
1 FTs3y 2Fb. 3y FR.2,F10.6)
1 FORMAT(1H3:)
WRITE( 6 +» 1)
IfF ( Il .EQ. 51 )- GC TO 14
IF ¢ 111 .GY¥. G ) GC TUu 18
G0 TO 14
18 IL = III - 51
17 1t = 51
G0 TO 12
14 CONTINLE

PUACHED OUTPUT FOR EACH CATA SET

IF(KUSLN.LQ. O) GO TC 56
MRITE( 7 o #& ) (ARUN(I), IHITE(1), IDIAP(I), ATEMP (1),

1 AFLON(1), AFLOG(I), ASFAC(I)y PEA(I)}y PEPA(I)y UALL),
2 TAUALL), ATRUH(I)y HOLALID, 1 = 1 111 )

&6 FORHAT(A&.'H'.!A.'D'.ll.F‘.l.FB.I.Fb.l.Fé.z.FT.z.Fs.s.
1 Féody Flo4, FB.2,F8.8)

56 RETURN

ch-V
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900

CALCULATE AJR FLCw RATE

SUDKOUTIAE FLOG ( TEMPy, FSy PPy WHN, LPe Gy OENS.
\ WOEN, OPEGe DIAC, 1, WBTP )

NOMENCLATUPE

o PLIPE CIAVYETER,INCHES

O1AO ORIFICE CIAYETCR, INCHES

G POLECULAN REIGKT RATIOD

TExP TEMPRATURE OF THE RUN,OLG. C.

rP IACLINED PANOMCYER READING, MM

rs MANUNETER RCACING FCR THL INLET PIPE PRESSURE, MM
visc VISCe OF GAS al TEMP,, CP.

OENS DENSITY OF KANCFPETER FLUIC » L3/CU FY

wOEN WATER DENSITY, Lu/Cu FT

ONEG ANGLE OF INCLINATION OF THE MANOMMETER. DEGREES.

COPNON Y1(10D)s Y2(LCO)y ARUNCICI), TOI1AP(100), INITE(100),
1 AFLOW(10U), AFLCGIVUO)e ATEMP(I0D), ASFAC(1CO)e NUMALLY00).
2 NUMA2(17C) e R(12,2)

e V.P. OF WATER AT TEFP, MM MG
s PRESSURE OF THE MIXTURE
INLET STATIC PRESSURE
t RARCMETER®GAGE PRESSURE ), PSIA

v SP. MY, OF GAS AT Ttmp

YA SP. WV, UF DRY AIR AT TEMP

vs $P, WP, UF WATER VAPJOR UN SATURATION AT TEMP
LU/CY FTY

PO DIFFERENTIAL PRESSURE HEAD ACRQOSS THE ORIFICE.

MM (IF MANCMETER FLUID

HuK INCHCS OF OIFERENTIAL OF MANOMETER FLUIC
( INCLINED )

L DIFFERENTIAL PRESSURE HEAD ACROSS THE ORIFICE,
IN. OF WATLR AT 68 F

L L5 GAS FLOw RATE, LB/KR

SCEN STANDARD (USIC FEET PER MINUTE OF GAS

WATP = ( WBTP - 32. ) * S. / 9.
BETAaD1AQ/OP

FAsl,

Fal./7(SQAT L. ~BETA®®L) )
PL90.9485-2260./7108TP¢273.)

PalQ.o*PL

PTe(P®l4.¢9)/760C.

TEMF={ TERP®9./5.)032.

V1SC=C. 2000208040 TENF ¢0,01649

100

200
600

300
900
450

400

TABSaTEMF+46C.,

SPalé, 666+ PS/255, )% (DENS/WDEN)*(14.696/33.6)
YA=29,25P/ (10, 72%TABS)

YSul8,.9SP/ (10, T3*TABS)
Ye(YARGE((SP)=PT))/SP+YS*(PT/SP)

PN=PP -

POSPP® SIN(OMEGHC.01T43)

HMN=PO

HResHMN®{DENS-Y)/€2.3

C0=C.6S

=0
HHI(359.'CD‘F‘FA'DIA0"2'(l.-(o.ﬂ32/3.l‘(HHISP)lI‘SQRT(HH'Y)
REm(WH®43,)/(0.6L06T2823.142D140+3600.3VISC)
J=lel

00 20C L=1,13

OFRE=R (L)) -RE

IFLOFPF) 280+306,3CC

CONTINLE

WRITE(£,€C0)

FURMAT (*REYNCLDS NUMBAR TCC BIG FOR THE TABLE®)
COEF = 2.6702

GO TO SCO

OFFRaP (L+),1)=R(Ly1)

COEF = ((R(L*142) = R(L,2))/DFFRI=CHRE * R(L,2)
HINGBSG.'COEF'F‘DIAU*‘Z'FA‘I&--((O.C32/3.)'(hul(sp))))‘SQRT(HH'V)
IF ((ALS(WHN=NWH))=0.01) 4GCOy 400, 450

CO=CCEF

tF ( I .GE. 400 ) GC TO «4CC

G0 TO 100

CONTINLE

SCEMS( WHA®359.1/(29.%6C. )

RE TURN

END

En-v
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OO N0 N0

SUBRUUTIAF LCOK({VELCC)
INTCRPCLATICN FOR VELCCITY GF FREE FALL

COMMUN YY(1G0) ,¥2110C), ARLN(IOF), ICIAP{LGC), THITELRCOD,
1 ARLUMILOG), AFLOGE1A0), LTEMPLION), ASFAC(ICR), NUMALLL00),

2 NUMA2(190) s PU13+2)s ASULC), ARS(10), OLX1, DLX2y NUMl, NUMZ,

3 DIAP, HITE, FLChy RUN, TLFP, XN2¢ ATERM, WHN, SFACTR, NNN,
4 INDEX, 1PUNCH, IPRINT, IPRINLy IPRIN2, IPRINI, IPRING, LUK,
S ELOLy FRCET, FREEM, TABLE(9,2)

VELOCTLIYSLIOUID VELCCETY CF FREE FALL FPS
FLOwe LIQUID FLUW RATE IN LBS./HR. FT,%%2

DO ' lel,9
IF(FLUN-TABLEIL41)03,240

1 CONTINUE
2 VZLUCeTAMLELT,2)

GO TQ 4

3 VELOC‘((TldLE(l-Zl-TAELE(l-l-Z)lI(TABLE(l.!)-YABL&(l-l.ll’)'

L(FLON=TAOLEL 151} )eTABLELL2)

& RETURN

END

SUDROUTIAE ALUE {XX yAUoFS ¢ PRy ALPHAVBETA,S)

DIFLNSION ALPHA(L) JAETALLD,(S(L)
EVALUE PCUTINE FCR CURVFY

Ple0,

PKeY,

#SeS(1)

pn 1 1= N

TeHPepR
PKe(XX=ALPHAI1))oPR~BETA(])eP2
PLaTENP

FSeFS ¢ PReS(lel)

RE TURN

OO0

P Y2322 akakalaXatakaXalak ol (2 X2 XalaXal

noo

ono

CURVE-FIT SUBRCUTINE

SUBROUTINF CURVFT(XVuuSpYVALS-HTS.NPTS.lSCALE'NAXDEG.XFlXEDQ
1 VF[XED'NFIXED'CCEFF.NCCEFF.!PRXNT)

REMARK S
CCEFFS MUST BE DIMENSIONED TC AT LEAST MAXDEG¢)

DIMENS ION XVALS(Z)tYVALS(]).hTS(!).XFIXFD(I),VF!XED(I)(COEFF(I)p

1 l(SOOl.ALPHA(ZO).DETA(ZO).S(Zb)oSGMSG(Zéiv
2 P(!OO)-PO(JOO).XG(ZGO)pVG(3Cﬂ).hG(ZOO)

XVALS CIMENSICNEC ARRAY OF X CUCRDINATE

YVALS DIMENSIUNEC ARRAY CF Y COCKRDINATE

wTS DIMENSICAED ARRAY OF WEIGHY VALUES

NP TS NUMBER CF PCINTS TO BE FITTED

ISCALE SCALING FOR 1y NC SCALING FOR Q

MAXDEG HIGHEST CEGREE CF PCLYNCMIAL

xFIXEVL DIMENSICNEC AFRAY UF X COORCINATE OF FIXEC PUIATS
YFIXED UIMENSICNED ARRAY QF Y COORDINATE CF FIXED POINTS
NF IXED TOTAL NUMBER CF FIXED POINTS, CONSTRAINTS

COEFF DIMENSICNED ARRAY GF COEFFS OF POLYNOMIAL

1PRINT -1 SUPPRESSES PRINTING, O FOR PRINT

FPTS=NPTS
X0=0,0
IF(ISCALE)}S5 5,8

NO SCALING

GAMMA=]).0
WMEAN®1.0
GO T0 10

SCALE POINTS

GANMA=C. D

WYEAN=C. U

00 9 Je=i,NPTS .

XJ=XVALS (J)

XNaxD+XJ ,

GANMMA=GARMA® XJ*XJ

WMEAN=RFEAN + wTSULJ)

GAVMA=SQRT (FPTSHGAMMA=XC#XT) /FPTS
XQ=X0/FPTS

WHEAN®WMEAN/FPTS

-V
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o0On

1

11

12

13

16

19
20
22

3

n

3

ALY

IFINFIREDIAL 10,1
NU FIXED PSINY CONSTRAINTS

CN 12 Jsl,NPTS

XS LIV tXVALS{J)=-RC)/GAPYA
YG{JIaYVALSL )
wWGlJ)onTSEJI/WMEAN

GO T0 0

INCORPCRATE CONSTRAINTS

DN 16 J=\,NFIXED

MGLJIm1.N

XG(JIIoIXFIXKE0LII=XC) /GANNFA

YGlJIsYFIXeN{I)

:;ELO EEFVY(NFllEDOlvl.NFIXED.XG.VG'NG'S.P.PO'SGHSQvALPNA.BETAI
L] e

00 18 J=),NPTS

RHCSRHE ¢ wWTSLJ)

XG LI (AVALS(J)~X0)/GAFMNA

RHQsFPTIS/PHN

SINFIXECe) )mN, D

00 22 Js1,NPTS

CALL ALUEUXGUJ) o NFIXED FSePKoALPHAIBETALS)

LE(PR)EN,Y0,20

sSTOR 101

YG(J) o LYVALS(JI=FS)/PK

MG lJ)onlSLJIoPKROPROAND

MERGE

KKeMAXDEGe? .
CALL GFEYTUKNJNFIRECOLsNPTSoXGoYGoWGsSePoPOSGMSCoALPHALBETA)
NeKN=Y

00 31 Jel,NPTS

CALL ALUEIXGIJ) ¢KeFS oPRoALPHAIBETALS)

LI kS

00 32 lel, N

ALPHAC 1) @ALPRA(L)OGAMNA ¢ XO

BETALY)edETEL1)®GANNA

AMGA=GAN¥L

*CODA' AVUTINC

NCOCFFeoNel

0N 34 1e2,NCCEFF
CIOLFFLlIm=N.0
Pl C
PO(1)sC.0
Pil)aC.n
POl1)el.C
COEFF(1)eS(1)

DO 335 I=1l,N

(a3 2 X aXa)

35

T 36

106

T280,0

Il=]e]

co 35 Jal,1t
T1s{T2-ALPHALI)*PO(J)=CETA(L)*P(J})/AHDA
T2=P0(J)

PLJI=PCLY)

LIRS S

CUGEFF( ) SCCEFF (J)+T18S(1+1)

PRINT SECTION
IF(IPRINT)IS5D436438

WRITEL &, 2C0)

FORMAT (1H3 931X ¢24hPCLYACMIZL CURVE FITTING /7 6Xe1HXe18Xs1HY,

L 16Xy ZHFLy 17X 2HF2)

37

8
101
102
104
105

41

106
so

DC 38 J=) . NPTS

XZ=XVALS(J)

F2=COEFF (NCNEFF)

1=K

Flsfl#x2 + CCEFFLI)

I=]=1

IF(I)3E,26,37
WRITECE,10L ) XVALS(I) o YVALSII) 2 ZUI)FZ
FORMAT{4E) T T)

N2=N+2

WRITE(&9202)1 SGMSGUE)I=1,N2)
FORMAT(6hUSGMSCr4EL663)
WRITE(E2174) SGYSCINCCEFF) 0N
FURMAT (1SHIMINTMUM SGMSCs 4El6.8,1%H FOR DEGREE,13)
WPITE(E, 105N

FORNAT (3nlNe,14)

00 &1 I=1,NCCEFF -

1=]=1 )
WRITE(€,106) 1T ,CLEFFLL)
FURMAT(2H Co 13,2H =,E18.7)
RE TURN

G-V



[aXaNa 2N o X o]

[aXakal

~N

SUBROUTIAF GEFYTIN,NCobPoXCo YGomGeSsPoPISCPSC,ALPHA W BETA)

.............. - - - -

O1¥INS 10N lGIl).VG(X)ahG(ll.S(l).P(lloPO(I)oSGPSC(l).ALPHAIl).
\ oZTAl))

ROUTINE CALLED BY CURVFT

Jeh=KR0

IF(J)] 6242

STCP 1C2

I2ACT=C

Jo j=NN

1F 13124371
1FLJI=104,30,30
1XACTe ]

BETAINC)I»C.0

0$Qe0.0

whpsg, ¢

D0 6 Jrl NN

Pti)el .0

POLI)=C.C

uPPeWPP ¢+ WGLJ)
IFLIXACT) 5,5+0
DSQ=DSC ¢ WG(JIIOYGLII*YGLI)
CUONTINLE

[LILTINE S

D0 20 I=ACsN

IFRex~-]

uYPeQ.C

wxXPpel .0

DO 10 Je=) NN
TErpauGlII=P(J)
IF(I=KIT+08
MXPPaWXPP o TERPOXG LIIOP (I}
TECIFRIIC 9, S
wYPaRYP ¢ TEFPOYGLJ)

10 CNKTINLE

11
1)

21
13

IFLIFRILI2,5 11,011

St1)axYP/uPP

IFLIXACTIAD 13,14

CSusDSC=St11eStL)IenPP
SGMSCU1)=NSQ/FLCATLIFR)

IFLI=-NC) 21414420
lF(ABS(SGRSQ(I)l-ABS(SGHSC(l-l))I16-14.22
LF{1=N115,2U+20

ALPHAL 1) »WXPP/ PP

wPPO=MPP

wbPell,

D0 17 JelohN
‘EPP-(IGIJ)-ALPHA(I))OP(Jl-utTl(l)‘PO(J)

17
20
22

WPP=RPP + WGIJ)®TEMPATEMP
PO(J)=F(J)

PLI)=TENP |

BETALI +1)=wPP/WPPD

CONT INUE

RETURN

N=1-1

RE TURN

END

on-v



(a2 XalaKaXaKakataYa¥a¥al

[a X2 ¥2]

Vi.3. CALCULATION OF
IRITFC « € WRITFS FRGH CO2FLO
{9177 o 1 NOWRITE
131TF< » © WRITES FROM FRCM SO2FLO
191TFS = 1 NOWRITF
IR1TFR » € WRITES FROM REACTN
IRITEP o L NOWRITE
IPNCHC = O PUNCHES FROM CO2FLO
IPNCHC = 1 NOPUNCH
IPNCHS = 0 PUNCHES FROM SC2FLO
IPACHS = 1 NOPUNCH

CAMMON RE2642) ¢ T126:2) sNPGoDENS WNIEN,ONEG,TRo8LsTLy GCO2Z,
IAI.CO?lNufOlﬂUY.COZLBS.TGS-TLSnlLSoGSOZ-SOZ!N.SOZOUT-SO?LHS.
ZHOLCL10C o400 ) o ALNPPC s ALNPPS JAMURAT . ANUSLN yOWAT o HUt oH ¢ ALNKR,y
SREXAPTC REXPTS,GMF , TRUEHCE ¢ TRUFHS, TRUEH,EAREA » TVAL 9 AKGSD2 1 8K5C 02,
QANUKGS ARFAC ,SPARFA, 1PNCHC s IPNCHS o 1PNCHR, IRITEC, IRITFS, IRITER,
SNNNNN  (DSOLNTK4AKR GC

IRITEC = O
IR{YFS = ¢
IRIVEP =« O
IPNCHC = L
IPNCHS = 1
NNNNN = 32
READ OATA

READ(S,10 OP¢GDENS,WOENOMEG, O1AD
1 FORMAT(6FLN,9)
ity = 0
WRITE(Ge28) NP 4G DENSWOFN,OMEG
24 FORVAT (1HL/1H INCPHFlUe5/71H 22HGEF105/1H +SHDENS#
LE10,8/71H (SHROENG,F10s5/1H v SHOMEGE +F10. 5)
PEANCIS INU(THIL M) Lol 13 ) eMm1,2)
3 FORWAT (BF1NeN/5F1Ue0/13F 5S¢ 4)
WPITE(A,127) (ATILeM)elm1s13)oM=1,2)
PEADIS +3) ((RIL M) oL =l o131 Ml 2]
WOITE(O,127) ((REL M) Lwl 13),Nm1,2)
127 FORMAT (1ML, 13F10,1/713F106 4!
700 11111 = TLIIT ¢ 1
caLL tOlFLO(TG'TLvlL'GC'A!'COZleCOZOUY'l!""KKKKKl
cawL SOZ‘LO‘TGSQYLSolLStGSoSOllN.SDZﬂUT."!lloKK‘xK'
CALL REACTNLIIIIIoKKRKK,GS)
IFITIITIoEQuNNNNN) GO TO 601
GO TO Y00
601 00 60C MNPQ = 1 4 2% » 12
NPQR = MNPQ ¢ 11 8 .
) UllTElOoSC'((NOLD(‘.J'|J'"N900NP°R'Q|HI'NNNNND
600 CONTINUF
30 FO!‘A‘!‘N‘.III(‘:G‘[.,'.
CALL PRINTR{IN,IM
stor

END

(22272 OO0 ON o0Nn [2Xa)

oann

INTERFACIAL AREAS OF MASS TRANSFER

SURRCUTINE CO2FLO(TEMPGyTEMPLy, WATFLOy GMASS,TOTALK,
1GASIN, VNIUTy I1111,KKKKK)

CALCULATES FLOW RATES AND ABSORPTION DATA FOR CO2-NAOH SYSTEM

DIMENSION FLOWN(S0),C021(100),C022(50),C023(50)+GASFLOI50),
1C02N(50),C024{50) .

COMMON R{26,2) ¢T{26421,DPyGyDENSWOEN OMEG»TGoAL.TLy GCO2y
1A1,C02 IN,CO20UT,CI2LBS, TGS, TLS+ALS,GSD2,S021IN,S020UT,SO2LBS,
2HOLD(1C0 140 ) JALNPPC o ALNPPS yAMUWATy AMUSLN ¢DWAT ¢ HW ¢ HALNKR,
3REXPTC (REXPTS, GMF,TRUEHC y TRUEHS, TRUFH, EAREA, TVOL 1AKGS02+AKGCO2,
&ANUKGS y AREAC »SPAREA s IPNCHC o IPNCHS o IPNCHR, IRITEC, IRITES, IRITER,
SNNNNN ¢DSOLN,TK,AKR »GC

oP PIPE DIAMEYER, INCHES -

DIAD ORIFICE DIAMETER IN INCHE

G MOLECULAR WEIGHT RATIO

TEMP TEMPERATURE OF THE RUN,DEGREES CENTIGRADE

(44 INCLINED MANOMFTER READING, INCHES

PS MANOMETER READING FOR THE INLET PIPE PRESSURE, MM
DENS DENSITY OF MANOMETER FLUID, LBS PER CU FT

WDEN DENSITY OF WATER, LBS PER CU FT

ONEG ANGLE OF INCLINATION OF THE MANOMETER, DFGREES
P PRESSURE OF SATURATED VAPOR AT TEMP.MM HG

WHN GAS FLOW RATEs LB/HR

SCFY STANDARD CUBIC FEET PER MINUTE OF GAS

READ DATA

TOO READ(S ¢999) NAME ¢TEMPTEMPLyPPLyPP2,PSyFLOWsGASV1,GASV2,

L1PP3,PP 4y ALKAL,CARBLyALKA2 yCARB2 ¢ KKKKK

999 FORMAT(I2¢F4el ¢3F529F602sFB0202F642¢F402¢F5¢2¢Fb02¢F54292F662411)

CALCULATE GAS FLOW

GMOLNT = 44,

DIAC =1,5

YEMPG=TFNMP

PPaPPl4PP2/64s ~PPI=PP4/b4e

IFIKKKKKeEQe 1} DIAD =2,

CALL ORIFIS(DIAD, TEMP,TEMPL, PPy PSy GASV1l, GASV2,
1GMOLMWT ¢KKKKKy WHAy GMASSy GASINy GASOUT PNy TABS,SP,Y,P)
SCFM={ WHN®359¢ 1/ (290%60. )

GASFLO(IIILII }=GMASS

GCO2 = GMASS

CALCULATE AMOUNT ABSORBED
V=10,

CARS1 = CARS81/5.
SOLUTN = ALKAL & 097324 /50s ¢ 1450605%404/50.

L=V
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ALKSL = L0q & SOLUTN /7 097324

CARA? = CARNM2/%5,

SOLUTN o ALKA2 ¢ 0,97324 /50, ¢ 1,50605%40,/50e

ALKA2 = 10e * SOLUTN /7 0a9732¢
TIT ACINOVEO0e 32{ALKALICARBL) 904 5% (ALKAZOCARL2)

TOTALR =ACIOVeC 973240V

FLOMNCTTITT JaFLOW/(SQRT (1. 087 ©4,08/64 7260))1,087

MATFLO = FLOWNLEILID)

CO2LCT 1T 1040404400, 9T3240FLOWNITTITITI®(ALKAL=ALKA2)}/{1,087¢453,6

L SANL02:401928,3106® Qa1

CO22UL 11110 )aGMASSO44, *(GASV2=-GASVL /2900

CO23CTTIIITI=COLCRRL1L){CARB2=CARB]L)/(ALKAL=ALKA2)

TFICO2ICTINTTI.EQ.00) COCITIILT) a CO2MLITILND

TRICN210TITTI10aLTe0,0C022¢02L21)=CO23CTTLLT)

CO2METITIlde (CO21CTIINNLDe CO23LITTINDI/2.

CO2LBS =CO2MiI L1111

GASIN = GASIN/ )y = P/7604)

CO2ING =iMASSe0, 1649359GASIN /{ Y*100,)

CO20YGeCO2ING-CO2LBS®0. 164950359, STABSO 14,896/ (44,7492, °SP)

VOUT=C020TG/ (CO20TG+ (CO2ING® (1. =GASIN /1004 ) 7(GASIN 7100411132100,

PPCO2= (GASIN ¢VOUT )/ 2,

CO24(111180= 100, - VOUT

PRINT SECYION

IFLIRITEC.EQ.,0) GO TO 111

GO 70 222 .
111 MRITEL(6,100 PN, MW, WHN, SCFM, TEWP, GMASS, PS, IIlII.

LYENPL,FLOW,GASY] +CASVZ o ALKAL,CARBL,ALKA2,CARB2,01A0

10 FORMAT (LY o2FR,3,5F8s1,y 13:F91,TF8,24F3e1)

222 1FL1PNCHC, EQ.0) GO YO 333

GN TO 444
333 WRITE(T,401) VEMPG,PPe TEMPLyFLOWNLII111).GMASSPPCO2,TOTALK,

1GASIN, VOUT, v, CO2MIITININ, 11111
A0) FORMAT(FS, 1 sFTaboFSe1eF1Ce1eFTeloeFTe20FT0302FT62¢F4e1,F8:2,13)
444 1F{11111.FQ.NNNNN) GO TO 400

G0 T0 11111
600 WRITE(6,650) (FLOWNCIN) 2CO21(IN)4CO22(IN}oCO23CIN)CO2MIIN},

1 CO24CIN)GASFLOUIN), IN, IN = 1 , NNNNN}
6350 FORMAT (1ML +///(TF1%55.15))

<
11111 RETURN
(4

[aXaNalaR  Nalal,l

GMOLWY NOLECULAR WEIGHNT OF GAS BEING ABSORBED

GASIN  GAS CONCENTRATION AT THE INLET

GASOUYT GAS CONCENTRATION AT THE OUTLET

co2 GAS ARSORBED LBS CO2/HR-FTes2

PPCO2 PeP OF CO2, TAGE

ACI0V  ACIO VOLUME REQUIRED TO NEUTRALIZE vV CC OF SAMPLE
TOTALK  TQVAL ALKALINITY, GM MOL/LITER

O o000

(2 X1, OO0 NON

o000

SURROUTYINE SO2FLO(TEMPGyTEMPLyWATFLO+GMASS,
1 VOUT,GASOUT, I11111,INDEX)

CALCULATES FLOW RATES AND ABSORPTION DATA FOR SC2=NAOH SYSTFM

DIMENS ION FLOWN{50),C021150),C022(50),C023(50) ,GASFLC(50)

COMMON R(2642) 4T (2642) 9OP¢ Gy DENS 1 WDEN +OMEGsTGoALsTLy GLO2,
L1A1,C02IN,CO20UT,CO2LBS TGSy TLS +ALS+GSO2+ SO2IN, SO20UTSO2LBS,
2HOLD (100 940 ) ¢ ALNPPC o ALNPPS yAMUWAT » AMUSLN yDRHAT oMW yHy ALNKRy
BREXPTT yREXP TSy GMF o TRUEHC y TRUEHS « TRUEHsEAREA » TVOL 1 AKGSO2 ¢ AKGLO2y
4ANUKGS ¢AREAC s SPAREA s IPNCHC o IPNCHS o IPNCHR IRITEC, IRITES, IRITER,
SNNNNN +DSOLN,TKyAKRGC

*S02iM SO 2 INTO COLUMN GRAM=MOLES / SEC,
SO20UT SO 2 OUY OF COLUMN GRAM-MOLES / SEC.
SO024ABS SO 2 ABSORBED IN COLUMN GRAM-MOLES / SEC.
S02LBS SO 2 ABSORBED IN COLUMN LBM/HR=FT¢#2
SO2ING SO 2 INTO COLUMN FT##*3/HR

S020TG SO 2 QUT OF COLUMN FT+#3/HR

READ DATA

T00 READ(S 1999 )VA VB NAME,TEMP yTEMPLLy TEMPL2¢IPPLl,IPP2,VSyPSyFLOW,
1 GASV1,GASV2,IPP3,IPP4¢VLA,VLB ¢ INDEX

999 FORMAT (2F50241201X93F50292129FTa2¢Fbe2+FTa202F653011412,1X92F652,
112)

CALCULATE GAS FLOW

GHOLMT = 64,

OIADQ = 1,5

IFCINDEXeEQe11D1A0=2,0

TEMPL = (TEMPLL ¢ TEMPL2)/2.

TEMPG=TEMP

PP = FLOAT(IPPL) ¢ FLOAT(IPP2)/64e0~-FLOATIIPP3)=FLOAT(IPP4)/64,
CALL ORIFUS(DIAO, TEMP,TEMPL, PPy PSy GASV1l, GASV2,
LGMOLWT s INDEXs, WHN, GMASS, GASINy GASOUT»PNsTABS,SP,Y, P}
SCFMu(WHN®359, ) / (29 %60, )

GASFLOCIIIIL)nGMASS

GS02 = GMASS

CALCUL AT:: AMOUNY ABSORBED

ANORNMT=1e /79

ANORM] =VS®*ANORMT#0s 1

VOLIIN=(VA®ANORMI=-VLA®ANORMYT )/ 10.
SO2IN=(VOLIIN?0o03203%FLON*0e 165%{30e48)¢¢3)/{64,%62,4%3600, )
VOLIOT =(VB*ANORMNI-VLB*ANORMT )/ 100

gh-Vv
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$N2NUT=SN2INVOLICT/VOLTIN

SN2ANS5=$120UT=S021IN

SA2LNS = SN2ARSO8L, » 360, /(453,6%C0165)
SOZING=GHMASS® (e 164955 GASNUT (V=100 )
SOIOYGISOPINGOSOILBS'O.I6695‘359-'7185'1§o6961(6§a’4920*5°|
vﬂUYOSOZQVSIISOZOTGO(SOZlNG‘Ilo-GASOUYIIOO.)I(GASOUTIIOﬁ.lll‘lOC.
€CO21411T11) = SO2A8S

CN22t11111) = SO2L8BS

CO23¢ 11T = vOul .
FLOMN(ITET] ) wFLCH/ (SQRT (10087 $608/647260)11.087

WATELN = FLOWN(IITLID)

PRINY OUT SECTION

IFLIRIT S,EQN) GO TO 111
GO YO 222
110 WRITE(6,10) ON, Hu, WHN, SCFM, TEND, GMASS, PS, 11111,
ATEMPL, FLAW,GASV] 4GASV2 o VOUT, VLA, VLB ,DIAD
GASV] = 100, = VOUT
10 FORMAT (1H ¢2F8e3:5F8aly 13¢F9% 1,8F062¢F3el}
222 I1FLIPNCHSeEQeO) GO TO 333
GO TO 4ss
333 CONTINUR
WRIVELT,401) YEF’Go'FpTEl’l'fLOEN(lllll'pGNlSS'VOUTnGASOUYO
1SN2LARS LIT1T1L .
401 FORMAT (FSgl oFT7e%oF 50 19F1001:FTal e 14X 2FTe204Xy FBa2,13)

4
444 IFLT1T114FQeNNNNN) GO TO 600

GO Y0 11111

600 WRITE(6,850) (FLOWNEIND o CO21CIN) CO22(INYCO23LIND,
1 GASFLOCIN), INy IN = 1 o NNNNN)

650 FORMAT(LM1,/77715€20:5,15))

[4
11111 RETURN
c

o000 O

OOOO0 OO0 OOOADOONONDODOONN

oann

SUBROUTINE REACTN {NyKKKKK,GS)
CALCULATES EFFECTIVE INTERFACIAL AREA DF MASS TRANSFER

COMMON R(Z6'Z)'7(26'2'lDP'G'DENS'HDEN'DNEG'TGOAL'TL' GCO2»
l‘!D:UZlNoCOZ“UT'CDZLBS'TGS.TLS.ALS.GSOl.SUZIN'SDZOUT'SOZLBSO
2“0L°(l0°"0|oALNPPC.ALNPPS'AMUHAT'AHUSLN'OdAT'HH'HvALN(R'
3REXPTC'REXP'S'G"F'TRUEHCQTRUEHS'TRUEN'EAREA'TVOL'AKGSOZ'AKGCOZ.
5ANUKGS|AREAC'SPAREAQ‘PNCHC,[VNCHS'IP‘CHR'xilTEC'lRlTESQleTER'
SNNNNN sDSOLNeTKoAKR+GC

n TEMPERATURE DEGe Ceo

™ TEMPERATURE DEGe Ke

Al TONIC STRENGTH

F CONCENTRATION OF SOLUTION IN FORMALITY

AMUSLN VISCOSITY OF NAOH SOLUTION CePs

OMAT DIFFUSIVITY OF CARBON DIOXIDE IN WATER (CM&¥2 / SECe)¢10%%S
DWAT . DIFFUSIVITY DF CARBON DIOXIDE IN NAJH (CM®e2 / SECe)*10%s5
AKR REACTION VELOCITY CONSTANT, LITERS/(GM=-MOLE-SECe )

ALNKR  LOG (AKR)

AXLR LIQUID MASS TRANSFER COEFF WITH REACTION,CM/SEC

AKG'S GAS MASS TRANSFER COEFFICIENT s GM=MDL/SEC ATM CM&e)

HHW PATIO OF H TO HW

Hu HENRY'S LAW CONSTANT FOR WATER G-MDLES/L-ATMOS,.

H HENRY*®S LAW CONSTANT FOR NAOH G=MOLES/L=ATMOS.

CSTR EOUILIBRIUM CONCENTRATION G-MOLES/CCe

R RATE OF ABSORBTION G-MOLES/(SECs CM**2)

REXPTL EXPERIMENTAL RATE OF ABSORBTION GMe—-MOLES CO 2 / SEC.
TRUEH TRUE BED HEIGHT FT.

TVOL TRUE BED VOLUME CM#**3

AREAC EFFECTIVE INTERFACIAL AREA, CM®®2/CHee3

SPAREA SPECIFIC AREA CMe®2 / CMux3

GNF MINUNUN FLUIDIZATION VELOCITY LBMe/ (HRe=FTa42)

PPCO2 CO 2 PRESENT EXPRESSED AS A PERCENTAGE

DIAP=C,T5

£ MUST BE LESS THAN 8,
CANNDT HANDLE MORE THAN 100 SETS JF DATA WITHOUT CHANGING DIMENSION

CALCULATE LOG-MEAN DRIVING FORCE

ALNP?C-(COZ!N-COZOUTlIALOG(CDZlNICOZOUTl *0,01
ALNPPS'(SDZIN-SOZOUTIIALOG(SOZlNISOZOUT) #0.01
TCK=TG+273.13

CALCULATE VISCOSITY OF THE SOLUTION

TTaTL=-8, 435
ANUNAT-IOD.1(2.1482‘(TTOSQRY18078.40TT“2l3-120.)
FeAl

1FtFaGTs4e) GO TO 10

67—V



onn o000 ann o060

onn

o 000

10
30

1FLFoGTe 24} GO YO 20

AMUSLNSAMUNAT®( {Fe0,3)¢1,00)

Gh 10
A*USLN'A”UHIV'(((F-‘.)‘l-0625I02.78)
l!USLN'lHUHlT‘(((F-l.l‘0.515.01¢59)
CONTINUE

CALCULATE OIFFUSIVITY OF THE GAS IN SOLUTION

DWAT={ TL=10 190006358 ¢ lo2368
DSOLNSOWATS [ AMUWAT ZAMUSLN} #80,85
TRaTL 273,13

CALCULATE REACTION VELOCITY CONSTANT

ALNKR®13,635 = (2895,/TK) ¢ 0, 133041
AKR=10e*®ALNKR

CALCULATE SOLUBILITY OF CO2, IN THE SOLUTION

Au0.01 ¢ ((0e017-0001)/10¢)%(TL=130}
HHWa10o 28 ( =10, 09490.061=AI*AT)
Hiel0.00{ (114067 TK)=5e3}

HeHHWO

AKLR=SQRT (DSOLN®AXR®ALI®0,00001)
lEl'YC'COlLBS‘O.lb)‘bSJobl()éOO.‘b#.l
l!l'?S-SO!LIS.O-lb!‘&!!.bl()beo‘bQ.l

CALCULATE BED HEIGHT

GMFel5T70s ¢ ((DIAPIOS],5) ® (10, ®® (=0, 000043 & AL}
TRUENHC®N, 000158 (3C - GMF ) /GNFI®(GHFee1,2)
TRUEHS=0400015%( (GS ~ GMF)/GMF)®(GHFe®142)

1F ( TRUEHC o LT o 0o ) TRUEHC = Qo

IF § TRUEHS o LT o 0o ) TRUEHS = Oe

TRUEM= { TRUEMC ¢ TRUEHS )/ 2o

TRUEH= (TRUEH®545 ¢5¢51/126
EAIEA-).lhlb‘lbo‘OoOGQ'(|lé.5llZ.l-TRUENlIlZ.

CALCULATE INTERFACIAL AREA OF MASS TRANSFER

TVOL=0.165 ¢ TRUEH *® (30.48003)
AKGCOIDIEIPYCIlALNPPC‘TVOL)
AKGSOZIIE!’TSI(ALNPPS.TVOLD
ANUKGS-AKGSOZ‘SQRT(0.165[0.151'
AREAC-AKGCOZOANUKGSI((ANUKGS-AKGCOZ)'N‘AKLR)‘IOOO-
EAREA*EAREA/TVOL

SPAREA=AREAC~EAREA

PRINT OUT SECTION
IFCIRITERLNELO) GO TO 37

o000

000

56

57

WRITE( 65500AL, GC, TRUEHC 4 Al JAKR ¢HoREXPTC  SPAREA

HﬂlTE(6.50lALS.GS.TRUEHS'REXPTS.ALNPPC.ALNPPS.AKLR'
1AKG-02 ¢AK3S02,ANUKGS s AREAC

HOLD EVERYTHING

HOLD{(N, 2 )=TL
HOLD(N,2)=YG
HOLO(N,3)=DSOLN
HOLD (N ,4)=DWAT

HOLD (N5 ¥=AMUSLN
HOLO{N+6) =AMURAT
HOLO (N7 ) =HHW
HOLD(N 8 )=HW
HOLD{N,9)=TRUEH
HOLD(N,10) = SPAREA
HOLD(N,11) = EAREA
HOLD(N,12) = AL
HOLO(N,13) = AKGCO2
HOLD(N:14) = AKGSO2
HOLD(N,15) = ANUKGS
HOLO(N,16) = AREAC
HOLD(N,17) = GNF
HOLD(N,18) = TRUEHC
HOLD(N,19) = TRUEHS
HOLD(N,20) = REXPTC
HOLD(N,21) = REXPTS
HOLDIN,22) = Al
HOLD{N,23) = AKR
HOLO(No24) = H
HOLO{N,25) = GC
HOLD(N,26) = GS
HOLD(N,27) = DIAP
HILD(N,28) = ALNPPC
HOLDIN,29) = ALNPPS
HOLD (N ,30) = AKLR
HOLD(N,31) = TLS
HOLD(N,32} = TGS
HOLDIN,33) = CO2IN
HOLO(N,34) = CO20UT
HOLO(N,35) = SO2IN
HOLD(N,36) = SO20UT
FORMAT (8E1243)
RETURN

END

0G-V
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200
3co

s00

SUBF.OUTINF FINDCO(RF «W,COEF)
ITERATES FNRP CNFFFICIENY OF DISCHARGE

DIMFNS ION W(26,2)

COMRON RE26,2) 4TU26,2) (NP, G, NENS HOFN,OMFG, TG, AL, TLy GCD2y
141,202 IN,CO20UT,€O2LBS, TGS, TLS 4ALS +GSN2,5021N, SO2CUT 4 SO2LDS
ZHOLN (10N 400 yALNPPC ¢ ALNPPS ( AMUWAT s AMUSLN s OMAT o Hit g Hy ALNKR,,
IREXAPTC RFXOTS,GMF , TPUSHC  TRUEHS, TRUEH(EAREA , TVOL o AKGS024 AKGC N2,
QANUKGS oAREAC s SPAREA, IPNCHC o IRNCHSy IPNCHR, IRTTEC, IRITES, IRITER,
SNUNKN JNSOLNTK AKR 4 GC -

on 200 Ley,13

OFREsW (Lo 11=RE

1 (DFRF1200,3C0,300

CONTINUS

I1F{LeGTe 1Y GO TO 300

ORERaw{Lel,1)=0lL,1)

COEF= { (W{L®1,2)=M{Ls2) }/DFFRIS(RE=WIL 1) IeNIL,2)
RO YO 600

DFFR s W(Ly1) ~ WiL=1,1)

COEFa i (WIL,2)=W{L=1,2))/DFFRIC(PE=MIL LIIeN(L 2}
CONTINUE

RETURN
(3]}

2 X2 X2 Xz ¥a¥aXaXad

500

100

SUBROUTINE DRIFIS(DIAO, TEMP,TEMPL, PP» PSs GASV1s GASV2,
1GMOLWYy INDEX, WHN, GMASS, GASIN, GASOUT PNy TABSSP Y P)

COMMON R(26¢2) 9T (20921 90PsGe DENSy WDENOMEG TG AL TL,y G202,
lAl'COZlN'COZOUTvCOZLBS.TGS'TLS'ALSoGSOZvSOZINoSOZUUT.SDZLBS!
2N3LD(100'40,'ALNPPC'ALNPPS'ANUHAT'AHUSLNlawﬂT'HNnH'ALNKR'
3ﬁEXPTC'REXPTS|GHF.TRUEHC'TRUEHS.TRUEH'EAREA!TVOL-AKGSQZ.AKGCOZ'
QANUKGSpARFAC'SPAPEA.IPNCHC'IPNCHS'lPNCHRvIRlTEC'lRlTESyXRXTER'
SNNNNN ¢DSOLN»TK9AKRGC

VISC VISCOSITY OF GAS AT TEMP, CENTIPOISES

sp PRESSURE JF THE MIXTURE,STATIC ¢ ATMOSPHERIC.PSIA

v SPe WTe OF GAS AT TEMP AND SP, LBS PER CU FT

YA SP. WTe OF DRY AIR AT TEMP, LBS PER CU FT

¥s SP, WT. OF WATER VAPOUR AT TEMP AND SP,LBS PER CU FT
P0 ORIFICE DIFFERENTIAL, MM OF MANOMETER FLUID

HMN ORIFICE DIFFERENTIAL ON INCLINED SCALE, INCHES

W PRESSURE DIFFERENTIAL ACROSS ORIFICE,INCHES WATER AT 68 F
BETA=DIAO/DP

FA=l,

Fule/{ SQRT(Le-BETASS4) )

WBYP=TEMP

PL=B8e965~2260s /tWBTP 2734}’

P=10.**PL

PTAIP®14,69) /760,

TEMF=({TEMP#94/5, ) #32¢

VISC20,C0002864*TENF+0.01619

TABS=TEMF+460,

SPm14y 696¢(PS/305. ) *(DENS/WDEN)*{140696/33,9)
GASIN=100s-GASV1

GASOUT =100s ~GASV2
VA-(GASVI/[OO.’(l.-GASVlIlOO."(GNOLUTIZ9.)|‘Z9Q‘SP/(XD.73.TABSD
¥S=18, *SP/ (10, 73%TABS)

Yul{VYASGH({SP)=PT))/SPeYSH{PT/SP)

PN=PP

PO=PPESINIOMEG*0,01743)

HMN=PO

HW=HMN®(DENS=Y) /6243

CD=0s65
HH'(359.‘CD‘F‘FA‘DXAO“Z‘(1.-(0.032/3.l'(RH/SP),)‘SQRT(Hi‘Y)
RE=({WH®% 8417 (0s002672%3, 14*DIA0*36004*VISC)

IF(INDEX4EQel) GO TO 666

CALL FINDCD(RE,T,COEF)

GO TO 555

666 CALL FINDCO(RER.COEF) .

555

WHN=359, *COEFSFEDIAOY®*2¢FAR(Le=((00032/3¢ }* (HW/(SP)) )} ST (HW*Y)
IFL{WHN-WH) =04 01) 400,400,450

450 COsCOEF

GO 70 100

400 CONTINUE .

GMASS = WHN* 14700164955
RETURN

1G-v
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SUBAOUTINF APRNT(IA,I8,1C, 1D 11,1}

COMMON R(26,2)eT12642) 40P ,GoDENS 1 MDEN ¢OMFG TRy AL,TL, GCO2,
IAI.:02IN.COZOUT.CDZLBS-TGS.TLS.ELS-GSOZ.SDZlN.SﬂanT.SOZLBS'
2HOLO 16N 440) JALNPPC  ALNPPS s AMUNWAT ( AMUSLN ¢ DWAT o HW o HyALNKR,
NREXPTC ,PEXPTS,GMF , TRUEHE ,TRUEHS, TRUFH, FAREA s TVOL s AKGSO2+ARGEN2,y
AANUMGS JAPEAC,SPAREA, 1ONCHC s IPNCHS, IPNCHRIRITEC, IRITES, IRITFER,
SNNNNN NSOLN,TK,AKR, GC

WRITE(6,2)
2 SORMATULINY,//7777/77735%,* TABLE IV INTERFACIAL AREA DETERMINATION®
1)
IF(1CaGTaN) WRITE(G6,11)
11 FORMAT(IH (50X, *(CONTINUED)')
1F (IAeFQen) GO TO &
IF(L144GEe 1 )oANDS(1B4EQaCleANDe(1A4FQe4)) GO TN &
iFUU10aGFal)eANDe(1BeGEel1)oANDe{1CeLFo®)oANDa{1BaEQe4)) GO YO 19
10 WRITE(6,13)
15 FORNAT (1H 440X, *EXPERIMENTAL DATA (CONTINUER)?®
GO YO 10
6 WRITC(A,S)
S FORMAT (IH 445X,
19 111 = J1 -1
1F(I11020. 2%, 30

20 WRITF(6,21)
21 FORMAT (728X, ‘ABSORPTION OF CARBON DIOXIODE 1IN SODIUN HYDRIXIDS SO

*EXPERIMENTAL DATA®

LLUTION® )
IA = 14 ol
TF(1A.EQe4) GO YO 40
GO TN 3%

25 WRITEL6,26)
26 FORMAT(/28X, *ABORRPTION OF SULPHER DIOXIDE IN 2N $0DIUM HYDPOXIDE
1 SOLUTION ¢ )
18 = I8 ol
IF (18,6004} GO TO 40
GO YO 38
30 WRITF(6,31)

31 FORMAT(/28%, *EXPTRIMENTAL DATA AND CALCULATED RESULT FOR ABSURP{

1INN*)
1IC @ IC ol
IF (1C.F0.4) GO YO 40
35 WRIVE(&y308)
36 FORMAT{ 4SX,*IN MOBILE BED CONTACTOR'/1M 148X 0P = 0TS INCHES'/)
G0 YO 60
40 WALITEL(S,41) .
&1 FORMAT( 45X, *IN FIXED BED CONTACTOR'/Z1H +48X, 0P = 0¢75 INCHES*/)

600 11 = 11 ¢}

60 CONTINUS
1€ = 1D ¢ 7
IFtleLEa &) GO YO 9C
IFi1eLEe8) GO TO 91

MRITFL6,93)
II!YE(6.20)'(N.NOL0(Np12|oNOLDINoZSloMOLD(N-l3l.NOLD(anSIt

1 HOLD IR 4221 HOLNDIN¢24) sHOL DM 3) WJHOLO (NG 231 ¢HOLD (N, 1C) o N=ID, 12)
203 FORMAT (IH 4/413X412¢F9e0eFbetie 2FQ9421F7e2¢F9e41F 2sF13019F1043)
GO TN 101 :
90 WRITF(6,94)
KR ITE(6e2CY I (NJHOLT {Ne12) ¢HCLD(N¢25) sHOLD N, 200, HOLD (N, 22}
1 HOLD(Me 1) yHOLDINy 2) yHOLD (N, 280 4 N= 1D, IF)
201 FORMAT(LH +/415X014,F12e14FBal+F1304,F802,2F1061,F1063)}
6D 70 101
91 WRITF(6,95)
MRITE(64202) (NGHOLD (N, 12) yHOLD{N926) ¢HOLD{Ny 21 1,HOLD(Ns 311},
1 HOLP(My32) yHOLDIN,29) yN=1D,y LE)
202 FORMAT(IH ¢/+15X914¢F12619F10s19E1364+Fl0a1¢Flle1sF15e3)

G0 TO 101

93 FORMAT (/,12X,* RUN LIQUID GAS KG KG L)
1°LTQUIN SOLUBILITY DIFFUSIVITY REACTION INTERFACTALY, ™
2/7+12X%,4 *HUMBFR  FLOW FLOW (€021 (s02) *,

3'CONCN VELOCITY APFA®*,
47,49, 'TH=MDL/L® 412X,°10%*5¢,
S 6X, ‘CONSTANT® /414X " LBS/HO=FT*#2 GM-MOL/(SFEC ATM CMa&3)!,?

6 GM=MOL/L=ATM CH2&2/SEC L/GM=MOL~SFEC CMN&R2/CMe>31/)

96 FORMAT{/,415X+* RUN LIQUID GAS RATE OF LIQuln L!
1QUID GAS LOG MEAN GAS®4/415X.' NUVRER FLOW FLOW ABS
20RPYTINN CONCNe TEMP TEMP CONCENTRATIONY,
2{/-[5X.' LBS/HR=FT#22 GM=NOL/SEC GM-=MIL/Lo C*y

s N

95 FORMAT(/,15X,* RUN LIQUID GAS RATE OF LIQuine,
1 GAS LOG MFAN GAS'y /»15X%,' NUMBEPR FLOW FLOW
2 ARSORPTION TEMP TE9P CONCENTRATION?,
3/7415X,* LBS/HR=FT#=2 GM=MOL/SEC c
s5C $/)

101 CONTINUE

IFCCTAoFQe %) eANDe (1B4FEQeC)) GO TO 97
TFLCTALFQe®)aANDe(IBeEQa &) o ANDo (1CL EQeO) ) GO TO 97

GO TO 96
97 10 = 1
G0 Y0 98
9 10 = 10 + 8
c 98 CONTINUE
RETURN
END \
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SUARNUTINF PRINTR( AN, 8N)

COMMON RU2642) 2 T02642) (0P, GyDENSyWOENOMFG,TGoALsTL GCO2»
141,202 INsCN20UT,CO2L BS !755'TLS'ALSlGSOZvSUZIN'SOZPUTOSUZLBSo
2HNLNL 10 40 ), ALNPPL, ALNOPS s AMUNET  AMUSLN JNWAT s Hi s He ALNK Py
3’5'9'C'REXPT31C-'F'TRUEHC'YRUFNSvTRUENQE‘RE‘QTVOLoAKGSnZIﬁKscnz'
&ANUXGS o APFAC ySPAREA ¢ IPNCHC s IPNCHS o IPNCHR ¢ IRITEC, IRITES, IRITER,
SNNNMN  JDSOLN,TKoAKR$GC

1A = 0

18«0

iC = ©

10 =1

11 = 0

DN TON IN = 1, 32

HOLO(IN,28) = 100e*®=HOLD(1IN,28)

HOLD(INy29) = 100, *HOLDIIN,29)

700 CONTINUF

NSt = 1,12
S CALL APRNT{IA,IB,IC,IDsIIs1)

sToP

END

£S-v
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THES PROGRAM CALCULATES MASS TRANSFER COEFFICIENTS

DIMENSION W(3642), HOLOISO,20)

TVOL
REXPTL
AKL Ay AKA
GNF

ANOT

AEL
ALANDA
IPRINT

IPRINY = O

COLUMN VOLUME, LITERS

RATE OF ADSORPTION, GM=MOLES/HR

WASS TRANSFER COEFFICIENTy MRy-1

MININUY FLUIDIZATION GAS VELOCCITY LBS/HR=FTee2
NO, OF TRANSFER UNITS

REVYNOLOS: NUMBER

ASB3OAPTION FACTOR

L PRINTS

NUPRINT

WRITELS,12049)
FORMATLLND)

Ney

IPRINY = 0
PERCNY = 0,0001

DP = 0,78

GA = 880120000,

READISs1) (UMUTodbelnl 380 edm142)
FORNAT L 16F3. 1)

FORMAT(LIH » (12FLlUue) )
WRITE(&,222) M
READIS,20)ALGoXINGXOUTITT,TL
FORMAT (2F 104 102F10¢ 7910X,154F1Ce2)
DELTY = 0,1

ANOX = 8%

ANOLY = ANOX

ANOX2 = ANOX

na

OlAP = DP/12.

FIND BEOD MEIGHT

GMF = 1370. * ((DP)®e1,5)%(1C.*¢(~0,00004324L))
DELTA ={G-GMF 1/ GYF

TFI(DELTALLTL0,) DELTARO,

NEIGHT = 0,000152(DELTAI®{GHFeel,2)

HEIGHT =

HEIGHT®5,5 ¢5,5

HITE = HEIGHT/12,
REL = (DIAP ® AL)/2442
'

FIND LIQUID PECLET NUMARLR

TF(OELYALEQeOs} GO TU 14

CALL FUINOCO(DEL TA,M.PEPLC)

PED = 1,06 ®(RELO®UL41ISIGA** (0,095 1))
PE = PEPEO*PED

14
15

[aXaXal

40
61
a1

(2X2X2)

2160
75

sl
82

CALCULAT ION OF PHYSICAL MASS TRANSFER COEFFICIENTS

P = PE & HEIGHT /0P

GO T0 15

P = leib * (REL®®,4L)0(GAS®{-C4095))
P & P & HEIGHT /7 DP

CONTINUE

FIND NOe OF TRANSFER UNITS WITH LIQUID MIXING

H o8 10e*0((2140e/ITL ¢ 2T73:130)=5,3)

H e 1000, 2¢ 1 ® 1840

ALANDA = (29.%ALY/118,%GC ®H)

EXPANS = XOUT/XIN

A = P ¢ ALAMDA & ANOX

AA = A2,

8 & ¢ l¢ = ALANDA } & ANOX & p

RT = SQRTICAA®22 + B))

ALAN2 = AA & RT

ALANY = AA = RT

F2 a 1¢ ¢ ALAN2/ANOR = ( ALAMN2®=22/(ANOX®P })

F3 = lq ¢ ALAMIZANOX = ( ALAM3®®2/7LANOR®P )})

Dl = (ALAMZ2 & F3 = ALAN]I *= F2) ¢ (EXP{A))

D2 = ALANI ® [ EXP{ALAMI))

03 @ = ALAM2 = { EXPULALAN2))

D = D1 ¢ ALAMIS{1~ALAM2/P)*(EXPLALAMI) )=ALAM2S(1,~ALAMI/P)*
1 (EXPLALAM2)Y)

F1=0D01/70D

F2 = D270

F3 = 03/0

M= Mo}

IF({MeGTe2) XODXI = XODXI2

IF(MaGTel) GO YGC 41

XOOXI = Fl + F2®(EXPLALAM2)) ¢ F3*(EXPLALAMI))
IFLIABS(XOOXI — EXPANS)*®10Ce 7EXPANS)—PERCNTILSC 150,463
XODXI2 = FL & F2R(EXP(ALAM2)) + F3=(EXP(ALAMI)})

INVERMEDIATE PRINT OUT

TFUIPRINTL.EQed) 53 TO 62

WRITE( 6,600 ) XDDXE,X00X12, EXPANS yDEL T ANOX 1, ANOX 2, 4
FORMAT (1H +6F15453,15)

IF({ABS{ XODX I2-EAPANS ) *10Ce /EXPANS ) ~PERCNT)I 1514151463
IFIN=-1)28Ce TC,4 285

ANOX2 = ANOX1 ¢ OELTY

ANOX = ANOX2

GO YO 20

IFL(XODX12 - EXPANS)oGTeNe) GO TO 21C

TFLIXOOXT =~ EXPANS)elTeCe) GO TO 89
GO T0 81
IF({X0DX! - EXPANS)alTefe) GO TO 81

IFLEABSI{XOOXI2-EXPANS ) )-CABSIXIDXI-EXPANSI) 1814119475
OELT = -DELT

GO TO 7C

IF(X0DXI=-EXPANS}32,92,83

IF(40DX12-EXPANS)I9C»90,95

75—V
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oon

[aXa X2

8)
9

9

150

131
182

e
701

IFLX0DXI2-LXPANS) 95,95,90C
ANQXL = ANOX2

ANOX2 = ANDOX2 + DELT

ANOX = ANOX2

GO Y0 2¢

ANOX2 = ANOX1 + DELT/2,4
DELY = DELYZ2,

ANOX = ANNK2

1F{%GTe999) GO TO 110
GO 70 2¢

ANOX = ANOX)

GO YO 1352

ANOX & ANOX2

AKA = ANOX & AL /{HITE » 62,4}

FING NOo OF TRANSFER UNITS JITH NJ LIQUID MIKING

REXPTL o (XIN ~XNUT I1SAL®(4165028,32/62.4
ALNDRY = (XIN -XDYT)/ ALOGIKIN /XJUT)
TVOL = ColoSeHITER28,32

AKLA = REXPTL/ {ALNDRYOTVOL)

ANOXP = AXKLA & HITE ® 6244 7 AL

HOLA @ HITE /7 ANOX

HOLP = HITE /7 ANOKP

FINAL PRINT DUT

TFLIPRINTLEQeC) 30 YO TC1
dRITE(6,12345)
WRITE(6, 33N )M N, CODXT2,EXPANS P ¢ AKA ) ANOIX o AKLA 4 ANDXP o

1 MOLAJHOLPo AL GoTL
FORMAT(1IN 4215+ 2F1CeS3, 2F1%62y Flfe4s FlCe2s 3FLIe4412F1Ce14Fl7el)

N e Nel
HOLO EVEAYTHING FOR PRINTOUT IN TABULAR FORM

HOLDIN,1) = AL
HOLOIN.2) = G
MOLDIN,3) = x0UOXI2
HOLDIN,4) = EXPANS
HOLOIN,S} = ANOXK
HOLDIN, &) = ARA
HOLOIN, 7} = HOLA
HLDIN,8) = ANOX?
NHOLODIN,9) = AKLA

HOLOIN,1N) =HOLP
HOLOIN.IL) =P

HOLOING12) » XIN®1UCo
HOLD(N,13) = XQUTw1Cse
HOLO(N 14) = TL
HOLOIN.1%) = DP
HOLDINs16) = ALNORY
HOLO(Ns17) = REXPTL
HOLOIN,18) = TVOL

T00
110
500

200
300
400

HOLD(N, 19} = HITE
HOLO(N,23) = REL

IF{NeLTa%2) GO T 2

CALL PRINTR{HOLDsN)
WRITELSTOCHIAHOLD(TeJ) o d=1411),]I=1,N)

FORMAT(IH ¢2F1Cals3F1245¢F120212F12059F12e424F1265,F1062)
GO TO 503 °

WRITE(S6,111)

FORMAT(1H +°*NO CINVERGENCE')

sTop

END

SUBROUT INE FINDC3(RE.W,COEF)
DEMENS ION W(356,2)

D0 20C L = 1,36

OFRE = W(Lsl) = RE
IF(DFRE)20Ce30C, 3LE
CONTINUE

IF(LeGTel) CO TO 5€C

DFFR = WlLe¢leld= diL,1)

- COEFs{{W(Lels 2)=A(Ls2))/DFFRI*{RE=WI{LoL})+dlL,2)

$00
600

GO YO &C)
OFFR = W(lsl) = AlL-1,1)
CUEF = ((W(L¢2) = W(L=192})/DFFRI®{RE=WILs1))*d{L,2)

CONTINUE

RETURN
END

GG-v



SUBPOUTINE PRINTRIHULD,1)
OIKcHS 10N HOLD (50,20

10 =1
Nl = O
11 WRITE(Hel)
1 FORMAT(1IH],
GER CUCF!
DETERMINATION® 4 /45X, ' FOR MOBILE BED CONTACTOR®y//

AFICIENT
213X, *EXPERTUENTAL DATA AND CALCULATED RESULTS FOR DESORPTION OF CA

3RHO:VIOXIDE FRUM WATER'/)
IFINL.EQ.0) GO TO 3

MRITEL6,42)
2 FORMAT(INM +%0Ke *{CONTINUEDI® o /)

3 WRITEL( O &)

SF
'

J10000200000008425%,TABLE V LIQUID-SIDE MASS TRAN
- "

& FORMAT(IH +10%:°RUN L1ould GAS LIQUID® ¢9K* TRANSFER
1 UNITS MASS TRANSFER HEIGHT UOF * 979X *NUMBER FLOW Yo
2% FLUM CUNCENTRATION COEFFICIENT TRAY
ANSFER UNITS®¢/+20X%y°L G XIN x0uT L
s [ 3 A'lZiv’H't/vﬁle'lo“Z'olll"N"on'N'l
OIZIo'L'olﬁi"OL'vIZO‘o'LBSINR-F"‘Z GN=MCL/L»"*
Slllp'ﬂ"oﬂl"oxp"91"NR“|-1l FT% /)

Nl = Nl ¢ 1

1€ = ID ¢ 10

IFINL,EQe®) 1€ = 1E = 2
Hllté(&.S)(N'NOLD(N'l)'ﬂOLDIN'ZloﬂOLD(Noll)oHOLD(Nol!)v

1 NnLDCNoSl.NOLD(Nm!"NOLD(NobloHOLD(No7l'N'luolﬁl
10 e 1D ¢ 11 :
IFINL<EQe®) GO TO &

6o TO 11
S FORAATIIH ollZvFllcoqucooZqu&oF9o3oFllo30‘12.10F1“$3ol’

6 WRITELG,12343)
12343 FORMATIINDD
RETURN
END

96~V



APPENDIX t11.1

GALVANOMETER AMPLIF IER

Operating Instructions

Preliminary

Switch on negative 44 volts power supply.
Switch on filament supply.

Switch on 105 and 250 volt supplies.

Allow to warm and stabilize for 40 minutes.

lero

Switch all function switches to GND.

Switch all averager switches to OFF.

Switch all galvanometer switches to OFF.
Rotate all amplitude controls fully CCW (min.).

—t
I

Reference Channel

!

a) Galvanometer switch to ON. ‘

b) Push zero button on back and adjust coarse
zero control for null on recorder.

(c) Release zero button and adjust fine zero
control for null on recorder.

(d) Galvanometer switch to OFF.

n
!

Channel 1

a) Galvanometer switch to ON.

b) Push zero button on back and adjust coarse
zero control for null on recorder.

(c) Release zero button and adjust fine zero
control for null on recorder.

(d) Galvanometer switch to OFF.

3 - Channel 2
Same as Channel 1

4 - Channel 3

Same as Channel 1

A-57
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5 - Channel 4

Same as Channel 1

6 - Channel 5

Same as Channel 1

NOTE? it is important that the Reference Channel be
adjusted first.

Calibration

A1l function switches to CALIBRATE.

A11 galvanometer switches to OFF.

Adjust all galvanometers for a mechanical zero.

Rotate the reference channel amplitude control

fully CCW (min.).

(e) Turn galvanometer switches for channels 1 to
5 to ON. (Ref. to OFF).

(f) Adjust amplitude controls for channels 1 to 5
such that each galvanometer will deflect
equally (i.e. five units).

(g) Without altering these five settings, turn the
reference channel amplitude control CW until
one or more galvanometers return to a zero
position.

(h) Adjust the potentiometers under the chassis

to return the remaining galvanometers to zero.

o0 oo



AMPIIFIER CONVERTER=-=CHANNEL 1 ADDER 1

ﬂ
TC VISI-|
CcCRDER |

S ——

270 x

e —-—_-__-_-_-.___f

r‘"""'f"""'
b ar e enas s ow a4

] TC AVER{
=45 V 250V AGING 1
= SIRCULTY

AMPLIFIER CONVERTER--CHANNEL 6

(Reference) B
All resistors are ¢ Watts unlees
Identical to channel 1 except that otherwise specified.
the connections to the diode are

reversad. Channels 1 to 5 are identical.

(o]
-7
®

5&, 2M, and 3.9M resistors are
1'0

S FEPH——

r-——————

FIGURE A-1: CIRCUIT DIAGRAMS FOR AMPL IF IER DEMODULATOR
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APPENDIX 111.3
DYMEC SYSTEM TURN-ON FOR SINGLE CHANNEL,

DC VOLT MONITOR

A. POWER SWITCHES main switch pushbutton-in

voltmeter power switch-on; WAIT 60 sec.
amplifier power switch-on

scanner, "manual" pushbutton latched,
nreset" pushbutton pressed to bring

home Yight (red neon) on

=W —

FOR MAX IMUM ACCURACY A 1 HOUR* WARM-UP NECESSARY

B. CONNECTIONS 1. input connected to channel 1 in rear
AND panel through connecter; pos. to #3
PROGRAMM ING lead, neg. to #2 lead and #1 (for
Guarding? SCANNER HOME LIGHT MUST BE
ON

2. plug board behind scanner panel pro-
grammed for appropriate channel, being
careful that only one of each FUNCTION,
RANGE, SAMPLE PERIOD used scanner
pushbutton latched for selected channel,
other 24 unlatched.

C. CALIBRATION VOLTMETER (each time Instrument turned on,
AND after warm-up)
ZEROING a. Counter Check
100 KC STD (rear panel) INT
FUNCT ION FREQU.
ATTEN. CHECK
SAMPL ING RATE CWw from
STOP
Check reading for each of 3 fixed sample
periods
.01 sec. 10.0 KC reading
.1 sec. 10.00 KC reading ( 1 count)

1.0 sec. 10.000 KC reading
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b. Zero Adjustment

LOOKC STD (rear Panel) INT
FUNCT ION VOLT
RANGE ZERO
~ SAMPLE PERIOD 1 sec
SAMPL ING RATE CW from
STOP

Set front pane Zero adjustment for zero
(1 count) on the digital display:

c. Full-Scale Adjustment (after Zero)

RANGE INT+IV set front panel CAL+ for
+1000 mv indication on
digital readout

RANGE INT-1V set front panel CAL- for
-1000 mv indication on
digital readout

D. SYSTEM Voltmeter - RANGE v
OPERAT ION FUNCTION EXT SEL
ATTEN
SAMPLE PERIOD EXT SEL
SAMPL ING RATE FULL CW
Amplifier - MODE EXT SEL
Tape Punch - POWER ON for punch
and print
Coupler - AUTOMATIC latched
NON ~-PUNCH uniatched

NOTE: Check Manual for possible Amplifier Zero Control
and operational check -- these not needed daily.
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APPENDIX IV

EVALUAT ION OF PHYSICO-CHEMICAL PROPERTIES OF
CARBON DIOXIDE - SODIUM HYDROXIDE SYSTEM

(a) Estimation of Diffusivity: The diffusivity of carbon
dioxide in the reacting system of interest here may be es-
timated from the values of diffusivity which have been re-
ported for a variety of non-reacting systems. The diffusion
coefficient was estimated from the equation:

0.85

“water

D =D

solution water | (A-1)

solution
Equation (A-1) was developed by Nigsing et al, (155) for the
systems carbon dioxide-~sodium sulphate and carbon dioxide-
magnes ium sulphate, and has been further verified indirectly‘"
for the carbon dioxide-sodium hydroxide system. The diffus-
ivity of carbon dioxide in water as an empirical function
of temperature has been given by Thomas and Adams (156) as

D, = 0.04% T, + 0.80 (A-2)

where 10° (T, ¢ 30%

(b) Estimation of Solubility of Carbon dioxide, H.

It is not possible to measure by conventional
analytical techniques the solubility of a gas in solutions
with which it reacts. However, it is possible to infer the

solubility of carbon dioxide in reacting solutions from the
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available information on the solubility in neutral salt
solutions and theoretical considerations. The solubility
of gases in non-reacting electrobyte solutions can be es-
timated by the expression:

log,o (H/H)) = K¢ ! (A-3)

where K. =i, + 0 + i

and
solubility in given electrolyte solution

H =
H, = solubility in water,
| = lonic strength,
i+,i_,iG = contributions due to cation, anion,
and gas, respectively.
The values of i for carbon dioxide and for ions of interest,
Na* and OH , at 15 and 25°C have been reported by Van Krevelen
and Hoftyzer (157).
The solubility H (g mole/liter-atm.) of carbon
dioxide in water is given by
1140
10g)H, = —— - 5.30 (A-H)
T in degrees K,

whence
H=H x 10 S (A-5)

The solubility values, H, computed from equation

(A-5) has been found to compare very well with those obtained
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- from measurements of transient rates of absorption of carbon
dioxide in reacting solutions. |In fact, values of H have
been extracted from experimental values of H,/D by using the
computed values of D. Equation (A-5) can therefore be used
to predict with reasonable accuracy the solubility of carbon
dioxide in reacting solutions.
(c) Estimation of React ion Velocity constant, k,.
Carbon dioxide undergoes second-order reaction
with hydroxyl ions, OH , and the absorption of carbon di-
oxide into caustic soda solution conforms to the above model.
In the earlier stages of absorption, carbon dioxide diffuses

into a solution containing an almost uniform concentration

of OH ions, with which it undergoes the reaction:

3
which is first-order with respect to C02 and to OH . This

€O, + OH™ — HCO (A-6)

reaction ts followed by

HCOZ + OH™—» COZ™ + HO (A-T)

The second stage is an ionic reaction and is very much
faster. Thus, provided the concentration of OH is suf-
ficiently high () 0.IN) for the equilibrium concentration

of HCO; to be negligible, the overall reaction is

co, + 20H’—>co§' + HY (A-8)

which can be considered to be first-order with respect to
C02 and to OH , and having the velocity constant of reaction

(A-6). Provided that the OH  ions are not substantially
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depleted in the neighbourhood of the surface, the reaction
will be pseudo-first-order with a velocity constant k = Ky (OH™].
The rate of consumption of hydroxyl ions due to both stages
of the reaction is twice the rate of absorption of carbon
dioxide as given by equation (A-8).

A number of workers (155,158-9) have studied the rate
of hydration of carbon dioxide at infinite dilution and
expressed the result by .

logyg k = 13.635 - 2$95 (A-9)

where T is in degrees K.

The rate of reaction of carbon dioxide in solution
containing OH  ions is complicated by the effects of ionic
strength and composition on the rate constant, k _, at
finite OH concentration in the solution. The variation of
rate constant with ionic strength of the solution at a given
temperature is given by Nijsing et al. (155) as

K = K X lo“'

- } (A-10)
OH OH_

0.18 for KOH solution

where ¢

0.133 for NaOH solution.

The value of reaction velocity constant has,

therefore, been calculated from
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log k2 log k

OH

13.635 - 25%5 + 0.133 | (A-11)

The applicability of equation (A-11) has been discussed by
Roberts and Danckwerts (158) and Porter et al (61).



A-68

APPENDIX V
AXIAL DISPERSION AND TRANSFER FUNCTION ANALYSIS

The transfer function, F(s), for a linear system gives
the response of the system to an impressed signal. If s is
expressed as a complex variable, iw, the real and imaginary

parts of F(s) can be written as:
F(s) = X + iy

whence amplitude, A = |F(s) = (X2 + Y2)O.5

1

and phase angle , ¢ = tan~ %

Bode diagrams (variation of amplitude and phase angle with
frequency of impressed signal, 4) can be obtained. One can
thus derive steady-state frequency response from the transient
response to a pulse signal. By comparing the computed fre-
quency response (from pulse testing data) with the frequency
response solution (Equation (3.22)) to the diffusion Equation
(2.22) with finite-bed boundary conditions one can obtain re-
sidence time, 7, and Peclet number, P. This, however, does not
offer any advantage in data processing over direct trace-
matching of the original pulse data. The type of frequency
response technique described above can be used to analyze two-
point concentration-time data for finite-bed boundary conditions
with a tracer input signal of any form, including a completely

random signal.
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Transfer function analysis using a real, positive
value of s however provides a simpler data processing scheme.
The use of real, positive values of s in Equation (3.7) in
fact reduces the relative importance of the tail of the break-
through curves in influencing the values of 7 and P. It is,
however, important to realize that the use of a very large
value of _s has the effect of almost completely eliminating the
weighting of the data at large t because of exponential

St i Equation (3.7). Michelsen and Ostergaard

decay factor e
(103) have shown that a value of the product, st,between 1 and
2 gives the most accurate results by this analysis. This range
of values has therefore been used in the present analysis of
data.

The details of the actual data processing are pre-
sented next in three parts.
I. As moment analysis gives an approximate solution for the
case of infinite-bed boundary conditions, a program for moment
analysis was used to obtain rough estimates of v and P for éach expe-
rimental. (This estimate for P and 1 was also used in debugging
the data processing by the more accurate transfer- function
analysis programs.)
It. A series of values of s was defined using the initial esti-
mates of t from moment analysis such that the product st varied
between 1 and 2. This series of values of s was used to obtain
corresponding experimental values of F(s) according to Equation

(3.7). The values of P and 1 for each run were then obtained
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according to Equation (3.8) which is valid for infinite-bed

boundary conditions.

I11. The values of T and P from the above were used as the

initial estimate in the application of transfer-function analysis

for finite-bed boundary conditions. This procedure was as

follows;

select a mean value of s frqm previous program,

vary P and 7 by + 20% in 20 steps each,

compute 400 values for F(s) for thé finite-hed model
from Equation (3.12) using the above single

value of s and the 400 sets of values of P and T.
compare these values.of E(s) with the single

exper imental.value of F(s) for the same value of

s as computed from Equation (3.7), and retain

and average all those combinations of T and P

which-meet}the:critefion

IF(S)exptl. - F(S) catcurated S 0.0001

-repeat the above process for a second value of s,

and obtain the arithmetic mean of the two. The
values of T and P thus obtained are reported as
corrected residence time and Peclet number in this

thesis.

Since MBC did not show very high liquid mixing,the mag-

nitude of .these correctionswas less than 5% of their values ob-

tained by transfer-function analysis using infinite-bed boundary

conditions.



