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ABSTRACT

,.'Hydrodynamic and particulate recovery characteristics of
mobile-bed contacting (MBC) were studied in a 0.29 m diameter column
over the range of gas and liquid flow rates 0.5 < G < 5.5 and 4.7 < L
< 33 kg/mz-s. Packing of density 157 kg/ms, of diameter 38, 25 and
19 mm, was used to obtain static bed heights of 0.29, 0.44 and 0.58 m.

Correlations were developed for bed expansion, minimum
fluidization velocity, pressure drop and liquid holdup.

Inertial impaction was found to be the dominant aerodynamic
mechanism for particle collection in MBC.

A general theory for particle collection in any scrubber was
developed. Analogous to mass transfer, a particle transfer coefficient,
kp, was defined. A general correlation for kp was obtained for MBC,
incorporating experimentally determined effects of liquid and gas flow
rate, packing size, static bed height, particle size, and hydrophobicity
of particles. The correlation was validated for particles in the
size range 0.35 - 5.5 um. Experiments confirmed the conclusion, from
a theoretical analysis for effect of hydrophobicity of particles, that
recovery is unaffected by wettability for contact angles up to 90°.

The effect of diffusiophoresis on particle collection was also
incorporated into the theory and applied successfully experimentally.
Practical expressions to estimate the contribution of diffusiophoresis

to overall scrubber efficiency are presented.



RESUME

On a étudie les caractéristiques hydrodynamiques et les
caractéristiques de la récupération des particules pour le processus de
""mobile-bed contacting (MBC)" & 1'aide d'une colonne de diamétre 0.29 m
pour des débits du gaz de 0.5 3 5.5 kg/mz-s et du liquide de 4.7 & 33
kg/mz-s. On a obtenu des hauteurs de 1it statique de 0.29, 0.44 et

0.58 m 2 1'aide de garnissages de 157 kg/m3 de densité, et de 38, 25 et
| 19 mm de diamétre.

~

: Des corrélations ont pu &tre €tablies quant 4 la dilatation
du 1it, la vitesse minimum de fluidisation, la perte de charge et la

quantité de liquide retenue au 1lit.

On a montré que les collisions dfies & 1'inertie constituent le
mécanisme aérodynamique principal de ré&cupération des particules dans le
MBC.

On a développé une théorie générale de récupération des
particules valable pour tout contacteur gaz-liquide. On a defini un
coefficient de transfert de particules, kp’ par analogie au coefficient
de transfert de masse. Dans le cas particulier du MBC on a obtenu une
corrélation générale pour le coefficient k_ tenant compte des effets du
débit de liquide, du débit de gaz, de la dimension du garnissage, de la
hauteur du 1it statique, de la taille des particules et de leur
caractére hydrophobe, ces effets ayant &té déterminés expérimentalement.
Cette corrélation a &té vérifiée pour des particules de taille variant
entre 0.35 et 5.5 um.  Des expériences ont confirmé la conclusion d'une
étude théorique de 1'effet du caract&re hydrophobe des particules selon
laquelle la récupération est indépendante de la mouillabilité pour des

angles de contact allant jusqu'ad 90°.

L'effet de la diffusiophor&se sur la récupération des
particules est aussi pris en compte dans la théorie et appliqué
expérimentalement avec succés. Des expressions pratiques pour
1'estimation de la contribution de la diffusiophorése i 1'efficacité

d"un épurateur sont présentées.
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CHAPTER 1

INTRODUCTION

1.1. MOBILE-BED CONTACTING

A novel method of gas-liquid contacting involves counter-

“current flow of gas and liquid phases through a bed of low density

packing. Under these flow conditions the bed expands so that, for
typical gas and liquid velocities used, the expanded bed height may
be two or three times the static height of the bed. Typically, the
packing consists of hollow molded polyethylene or polypropylene or
foamed polystyrene spheres, of density about 150 kg/ms, and 38 mm or
less in diameter. The upper and lower retaining grids for the bed
must naturally be spaced at about three times the static bed height.
Due to the counter flow of gas and liquid, the packing balls in the
expanded bed experience a turbulent random motion which in turn
creates an intense level of mixing between gas and liquid. This
vigorous contacting provides high interfacial transfer rates.
Because of its ability to expand, a bed of this kind permits much
higher gas and liquid flow rates than are possible in conventional
columns such as plate towers or columns with fixed beds of packing.
From a historical point of view, this technique was invented
by Kielback (1959, 1960, and 1961) who was concerned with a problem of
fouling by particulate matter in the scrubbing of a gaseous stream at
the smelter of the Aluminum Company of Canada, Arvida, Quebec. Further
modification of the process for use in the pulp and paper industry was

reported by Douglas et al. (1963).



This process has been described by a variety of names.
Kielback termed it a *'floating bed wet scrubber', based on its
original use as a scrubber. As the modification made subsequently
by Domtar Pulp and Paper Ltd concerned an application for gas
absorption, their description was ''turbulent contact absorber'", or
simply, TCA. As this technique may also be regarded as basically
gas-solid fluidization modified by the presence of a liquid phase,
the name "three-phase fluidized bed" has also been employed. A
disadvantage of this term is that others have used the same designation
for the case of gas and liquid flowing cocurrently upward through the
bed being fluidized. Another disadvantage of the term three-phase
fluidization is that, in all other fluidized bed processes, some
essential interaction occurs between the fluid and solid phases, such
as the frequent case of the fluidized solids being a catalyst or a
reactant. By contrast, in the operation under consideration here, the
solid phase does not interact in any way with the gas or liquid.
Rather, the low density solid phase is present to achieve a specific
type of contacting between the gas and liquid phases. Thus the process
is essentially one in which an expandable bed of packing, the elements
of which are in continuous motion, serves to impart unique contacting
characteristics to a gas-liquid countercurrent flow. It appears, -
therefore, that the designation '"mobile-bed contactor", or MBC as used
by Douglas and co-workers at McGill University, remains the most com-
prehensive and descriptive name. Of the various terms which have been

proposed, this is the only one which is equally applicable for all uses



of the technique, i.e. whether for gas absorption, direct contact

heat transfer, dehumidification, or, as in the present study, as a wet
scrubber for particulate removal. The designation mobile-bed
contacting, MBC, is therefore used henceforth in this thesis.

In the early applications of this operation, design procedures
were based on limited available operating experience of units aiready
installed. A number of investigators subsequently published results
of the studies on various aspects of MBC, such as hydrodynamics, liquiﬁ
holdup, axial liquid mixing, heat transfer and mass transfer. In facf:
it is the high heat and mass transfer rates, superior to other gas-
liquid contactors, reported by the early investigators (Douglas et al.
(1963) and Douglas (1964)), that made MBC so attractive originally.

It should be recalled that the original conception of this
technique by Kielback was to solve a particularly difficult gas
scrubbing problem. Thus, a fundamental advantage of MBC over other
scrubbers is its self-cleaning feature when used with gases or liquids
which contain suspended particulate material. The moving packing
spheres are continuously cleaned by tumbling against one another, thus
effectively preventing particulate build-up on the packing and sugsequent
shutdowns for cleaning. This non-clogging feature remains a key

reason in the use of MBC for removal of particulates from gas streams.

1.2. PARTICULATE RECOVERY

In many processing operations such as combustion, smelting,
calcining, drying and crushing, the effluent gases contain suspended

particles. Discharge of this emission to the atmosphere creates



environmental pollution, including environmental health hazards.
There may, moreover, be an appreciable economic loss, as in the case

of entrainment of particles of expensive catalyst in petroleum refining.

" Thus, for several reasons, development and improvement of particulate

: removal devices has become a recognized need in industry.

Equipment used for particulate recovery may be classified as
cyclone separators, baghouses, electrostatic precipitators, settling
chambers, and wet scrubbers. In selecting the optimum device for a
specific application, information is required on particle characteristics,
(concentration, size, distribution, shape, density and physico-chemical
properties), flow rate, temperature, pressure and humidity of carrier
gas, collection efficiency required, allowable pressure drop, space and
material limitations. As wet scrubbers, in contrast to baghouses, are
not cyclic in operation, their constant pressure drop operation is
sometimes an important advantage. The ability of wet scrubbers to
handle high temperature and moisture-laden gases is another important
characteristic. Although use of wet scrubbers avoids the secondary
dust problem associated with disposal of collected particulates from
dry recovery processes, disposal or clarification of the particulate-
laden waste water from wet scrubbers may, however, pose another problem.
Space requireménts of wet scrubbers are reasonable. Commercially
available types of wet scrubbers include principally spray columns,
cyclone-type scrubbers, orifice—type scrubbers, centrifugal scrubbers,
plate columns, packed towers, venturi scrubbers and the newest wet
scrubber, the MBC process. Provided that high pressure drop may be
used, wet scrubbers such as a venturi scrubber may collect particles

down to 0.05 micron in size.



In spite of its high potential for use of particulate
recovery, there are very few studies published for this application of
MBC (Pollack et al. (1966), Epstein et al. (1971), Calvert et al. (1972},

" 'Rowbottom (1973), Calvert et al. (1974), Mlodzinski and Warych (1975)).
‘Unfortunately, none of these are thorough investigations, and each
suffers from important deficiencies. As the limited studies available
are quite inadequate for developing a reliable mathematical model of
particulate collection in MBC for use in industrial design, the present

study has been undertaken.

1.3. OBJECTIVES AND SCOPE

The objective of the present study is then to investigate the
characteristics and performance of MBC for particulate recovery from
gases, an application for which the industrial potential of the MBC
process is very important. The need in the particulate recovery study
to have accurate information on the hydrodynamics of MBC, and the
discrepancies among previous studies of MBC hydrodynamics lead to
extending this work to include studies of bed expansion, minimum
fluidization velocity, pressure drop and iiquid holdup.

More specifically, for the hydrodynamics of MBC, the objective

was to obtain experimental data and a general correlation for:

(1) minimum fluidization velocity
(i1) bed expansion
(iii) pressure drop

(iv) liquid holdup



For particulate recovery in MBC, the objectives were:

(1) Identification of the major particle collection
mechanism(s).

(ii) Development of a general theory for particulate
recovery both at conditions where only aerodynamic
mechanisms exist, and at conditions where diffu-
siophoresis, the most important phoretic mechanism
in scrubbers, co-exists with aerodynamib!mechanisms.

(iii) To obtain extensive data for particle collection in
MBC at conditions where only aerodynamic mechanisms
exist, and to study the effect of basic variables
such as liquid and gas flow rate, packing size,
static bed height, particle size and nature
(hydrophobicity) of particles.

(iv) To investigate the effect of diffusiophoresis.

(v) To test the proposed theory under conditions with

and without diffusiophoresis.

To accomplish the above objectives and to obtain results
applicable for the reliable design of full-scale industrial units, a
pilot-plant size experimental facility was constructed with all necessary

auxiliary equipment.



CHAPTER 2

LITERATURE SURVEY

The literature relevant to this thesis on mobile-bed contacting
(MBC) is summarized in this chapter. The first section concerns general
characteristics of MBC, i.e. hydrodynamics and interphase transfer.
Subsequently, particle collection mechanisms are reviewed and particle

collection in MBC is discussed.

2.1 HYDRODYNAMICS OF MOBILE-BED CONTACTING

Although studies of several aspects of MBC have now been
reported, a fundamental limitation is that most published data were
strongly affected either by wall effects or by the use of small open
area of the grid supporting the mobile-bed. Small open area in the
packing support grids and small ratios of column diameter to packing
size, Dc/dpb’ strongly affect hydrodynamic behaviour of the system. For
example, Gel'perin et al. (1960 and 1966), Blyakher et al. (1967),
Aksel'rod et al. (1969), Balabekov et al. (1969) reported data on hydro-
dynamics of MBC using plates with open areas 34.5, 25-70, 41, 35.5-55.5
and 40%, respectively. However, a typical supporting grid used in

industry would have more than 70% open area. The data presented by

Levsh et al. (1968) and by Krainev et al. (1968) are for packing consisting

of rings, which is not a packing used in industry. Some of the data
reported by Khanna (1971) and by Tichy and Douglas (1972) were for values
of Dc/dpb as low as 3.7, for which wall effects were evidently present.

In the subsequent study of Kito et al. (1976) the ratio Dc/dpb =5 no
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doubt caused strong wall effects. Only the early studies of Chen (1965)
and Chen and Douglas (1968) were free from these side effects. Thus
the number of published studies in which the results are not of limited
generality is indeed very few, much less even than the rather small

total number of studies available.

2.1.1 Minimum Fluidization Velocity

As gas flow rate is increased from zero at a constant liquid
flow rate, an MBC column behaves first simply as a packed bed. Upon
further increase of gas flow rate, the low density packing starts
fluidizing and the bed begins to expand because the spacing between the
upper and lower retaining grids for an MBC column is always greater than
the static bed height. With the change in state of the packing from
a static to a mobile bed, the column enters the normal operating range
of MBC. Thus one may visualize an MBC column as a gas-liquid contactor
which operates at flow conditions corresponding to flooding conditions
of a fixed-bed contactor, but where the flooding conditions are stabilized
in MBC by the ability of the mobile-bed to expand. Thus the minimum
gas fluidization velocity, Gmf’ defines the lower limit of the operating
conditions of MBC.

Table 2.1 summarizes the equations found in the literature
for estimation of minimum fluidization velocity. As will be discussed
further in Chapter 6, the significant differences in values of Gmf esti-
mated by these equations emphasize the importance of the effect of
physical characteristics and dimensions on the hydrodynamic behaviour
of the system. Only the correlation reported by Chen (1965), and Chen

and Douglas (1968), was obtained using a column with large open-area grid



TABLE 2.1 Correlations for Minimum Fluidization Velocity
Open Area
Reference of Grid Dc/dpb Equation
' . o _ ~.21
Gel'perin et al. (1966) 34.5% 10 UG o = 109.5 L
3
% _ -6 .9 + -6;.9
Blyakher et al. (1967) 41 9.2 uG,mf (uG,mf)L —o " 1.25x107°L°"/(37.5 + 1.25x10°°L"")
Chen (1965)
Chen and Douglas (1968) 80% 8-24 G . = 98.46 dpbl‘llo"03683 L
o _ _ 1.5;4-.0317 L
Khanna (1971) 70% 3.7-11 Gmf = 526.47 dPb 10
. o _ _ _ .6, .5
Tichy and Douglas (1972) 70% 3.7-11 Gmf .36355 + 57.9 dpb 1.848 L dpb
Kito et al. (1976) 4-84% 5 u 2.27

G,mf 3.44(ug nedy, — OhG,mf
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and with large ratios of Dc/dpb' But unfortunately, the maximum liquid
flow rate in this study was limited to 15 kg/mz-s, lower than the range
now preferred in industry. As a matter of fact, a study of Gmf for
higher liquid flow rates is needed. It should also be mentioned that,
in spite of quantitative differences among reported studies, the basic
qualitative conclusion that Gmf decreases with increasing liquid flow

rate is common to all.

2.1.2 Bed Expansion X

For the design or analysis of performance of any MBC column,
information on height of the mobile-bed is essential. Although Chen
(1965) and Chen and Douglas (1968) obtained for the first time extensive
data for a column of 0.29 m diameter, no correlation was given. These
data are also limited to liquid flow rates lower than about 15 kg/mz-s.
Their main observation, that bed height increased linearly with gas
flow rate, has subsequently been confirmed at conditions of negligible
grid effects by Blyakher et al. (1967), Khanna (1971) and Tichy and
Douglas (1972). There are, however, significant differences between
the bed expansion data of these authors. One source of these differences
may be the criteria used for bed height. Although it is not clear in
their paper, Blyakher et al. (1967) probably considered bed height to
be the maximum height attained by any packing ball because their values
of bed height are consistently much higher than others who reported the
average height over a period of observation. The presence of wall
effects also reduce bed height for otherwise comparable conditions, as

observed by Khanna (1971) and Tichy and Douglas (1972).



TABLE 2.2 Correlations for Bed Expansion

Reference

Equation

Limitations

Blyakher et al. (1967)

Gel'perin et al. (1968)

Levsh et al. (April 1968)

Aksel'rod et al. (1969)
Khanna (1971)

Tichy and Douglas (1972)

N ) .75
H/Hg, = 1.17 + (.65 + .053 Q ) (UG-G )

H= (hprst v Q/8 )/ (1-he)

n. 2
H= .13 HstQL ug;

_ 3. .6 .93
H=.08 Q ""H_, u,
h = .414 AG 12
mf
6, .
H/Hg, — .8849 + .31666 - 18.33d,, + .5852L°°d

5

Q, :1liquid flow rate,
L m3/m2-hr
19-90% grid open
area

hi:igas holdup
25-70% grid open
area

-'[‘[—

plastic rings are
used as packing

n .43 for L < 28
n .35 for L > 28

30-65% grid open area
Dc/dpb = 3.7-11

Dc/dpb = 3.7-11
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Unfortunately, other reported data on bed expansion are
strongly affected by the use of small open area of the bottom grids
(Gel'perin et al. (1968), Levsh et al. (April 1968 and October 1968),
Krainev et a;. (1968), Aksel'rod et al. (1969)). When grids of small
open-area éfe used, a liquid layer may be established above the sup-
porting grid over some range of gas and liquid flow rates. This liquid
build-up has not only been observed, but some authors have even
attempted to correlate the height of this liquid layer (Levsh et al.
(April 1968 and October 1968), Krainev (1968)). As the operating
characteristics would change significantly in the presence of such a
liquid layer, which becomes in effect a bubble column or a sieve tray,
results under these conditions cannot be considered representative of
MBC operation, and therefore are not further discussed here. Neverthe-
less for the sake of completeness, all available equations for bed
expansion are summarized in Table 2.2. It should again be emphasized
that these results are of limited applicability due in some cases to
wall effects (low values of Dc/dpb) and other cases to the use of bed
support grid open-area uncharacteristically low for true MBC operation.
Analysis of the literature thus clearly indicates the necessity of
determining a correlation for expansion of mobile-beds for conditions

free from the limitations noted of previous studies.

2.1.3 Pressure Drop

Most of the papers concerning pressure drop in MBC provide
graphical relationships as a function of gas and liquid flow rates, but

in which the pressure drop includes implicitly the contribution from the
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bottom grid (Gel'perin et al. (1966), Blyakher et al. (1967), Gel'perin
et al. (1968), Levsh et al. (April 1968 and October 1968), Krainev et al.
(1968), Aksel'rod et al. (1969), Mayak et al. (1969), Balabekov et al.
‘(July 1969 and October 1969)). Because of the use of support grids of
.suéh small open-area in these studies, the total pressure drop data
reported depends to a significant extent on the specific bottom grids
used.

More fundamental and dependable studies were made subsequently
by Barile et al. (1971), Tichy et al (1972 and 1973), Wozniak (1977).
A common feature of these more recent studies is that they equate the
total pressure drop in MBC to the sum of the weights per unit area of

packing and liquid holdup, or
(hp,stPL * hpb,stppb)gHst (2.1.1)

Although there is agreement on the form of Equation (2.1.1), there are
discrepancies quantitatively between the data of these studies and in
the effect reported of some variables. For example, Tichy et al. (1972)
claimed that pressure drop is independent of packing size over the range
0.0127 - 0.019 m for flow rates 0.4 < G < 4,2 kg/mz—s and 5.5 < L < 32.
kg/mz-s in 0.14 m column. On the other hand Barile and Meyer (1971),
using a 0.29 m column and 0.019 m and 0.038 m packing, reported pressure
drop data in graphical form which showed that pressure drop increased

with a decrease in the packing size. Moreover, they also report a



TABLE 2.3 Correlations for Pressure Drop

Author

Equation

Comments

Tichy and Douglas (1972)

Wozniak (1977)

Barile and Meyer (1971)

UoP (1970) - BECHTEL(1971)

Levsh et al. (April 1968)*
and Krainev .et al. (1968)

Blyakher et al. (1967)

Uchida et al. (1977)
and Kito et al. (1976)

* corrected form

4.003 - 2.24G + .846° - .1276° ~ log(20goP, (1,

Apc* =:Apc - pbg/Sc
Bur = 4.672(H /D) 4515 (Re ) 71 798 (Re ) - 8261
st’ V¢ G/d 1/d
pb pb
.78, -.51 -.36
DR = mg/S *+ o gl (1160 Fr ORey "> (g /d )
_ .33 -.25 -1.02
AP, = (54.4 u "% « 353(90.12 uy - 197 u) i
. .55 m
AP = mo RIS+ L043L g (1 /.07)
2 1.75 .5
AP, = Bgu.Tec/28 * 6-13(ppb - eI * Bpug u T gy

_ 4 2.3.-.42, -84y -.84  -.18
AP, _.pbhpbgllst + 9.38x10%y “*°f (deq/Dc) dpb p Ho

pb

)std/Gz(“st)(l +e6)) e = £01 )

L

PI

aP £ £(dy)

One packing size, 19 mm,
was used.

82% grid open area

Equation is not consistent,
predicts negative pressure drop
for some conditions.

Plastic rings are used as packing.
m = .75-.8 for L < 28.8
m=1 for 28.8 < L < 61.5

41% grid open area

B~ = hydrolic resistance coeff. of
the grid

Bg and By, are coefficients.

d;q = equivalent diameter of the
hole on plate
f = grid open area
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dependence of liquid holdup on packing size, as will be discussed in
the next section. Thus Barile and Meyer's results consistently show
an effect of packing size.

- Wozniak (1977) indicates that the pressure drop due to liquid

0'4515. Since he used one column

holdup is proportional to (Hg./D.)
size only, dependence of pressure drop on column diameter is not clear
unless there were strong wall effects. A choice of Hst/dpb would have
been a better choice than Hst/Dc’ but unfortunately Wozniak could not
investigate the importance of this term as he used only one packing

size, 0.019 m.

Finally, Uchida et al. (1977) attempted to evaluate pressure
drop in MBC using the relation given in Equation (2.1.1) and the liquid
holdup results obtainedkby Kito et al. (1976). But as mentioned in
Section 2.1.1, the results of Kito et al were undoubtedly affected by
their use of a low value (5) for the ratio, Dc/dpb‘ Although Uchida
et al. stated that they had modified Kito's liquid holdup correlation
to be also applicable to a larger column, they did not specify clearly
how this modification was made.

Table 2.3 gives all the equations found in the literature
discussed above.

it should also be mentioned that if the liquid holdup per
static volume of the bed is independent of gas flow rate, as reported
by Chen (1965), Chen and Douglas (1968), Barile and Meyer (1971),and Tichy
and Douglas (1973) for normal operating conditions, then Equation (2.1.1)
implies that pressure drop is also independent of gas flow rate over the

same range (Figure 2.1). When the gas flow rate is increased to extremely
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FIGURE 2.1.

Effect of gas flow rate on pressure drop
in M.B.C.
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high values, pressure drop can be made to increase further due to the
increase of liquid holdup in the bed. Data reported by Douglas et al.
(1963) fall into this region of very high gas velocity. If gas flow
rate is increased further yet, the mobile-bed can of course eventually
be forced to flood.

It can be concluded from observations of appreciable dif-
ferences in the available data and correlations in the literature that

a definitive study of the pressure drop in MBC is necessary.

2.1.4 Holdup and Mixing of Liquid

A key characteristic of MBC is the capacity for exceptionally
high gas and liquid flow rates, and associated with these large counter-
current flows are correspondingly high values of liquid holdup. In
spite of the important role of liquid holdup in the performance of an
MBC column, there are unfortunately very few studies of this aspect.
Chen (1965), and Chen and Douglas (1968) studied 1iquid holdup in MBC
for the first time, using a transient-response technique. Employing
a step input technique and using 0.1 N KC1 solution as the tracer, they
obtained liquid holdup data for a 0.29 m column and for 12, 25 and 38 mm
packing sizes. The maximum flow rate was limited to about 15 kg/mz—s.
The central feature of the results of this study was that, over the
flow ranges investigated, the amount of liquid holdup was independent
of gas velocity but dependent on liquid flow rate and packing size.

The following is their suggested correlation:

— 0.02 + 2.369x107310-64 -0.5 (2.1.2)

hL: st pb
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It is important to note that for this equation liquid holdup is defined
as volume of liquid per volume of static bed, not per volume of actual
expanded bed.

Khanna (1971), using the same experimental technique measured
liquid holdup in a smaller column (Dc = 0.14 m), reported an extensive
amount of data but gave no correlation. Khanna's experiments indicated
that the liquid holdup in MBC decreases with gas velocity whereas those
of Chen on a larger diameter column showed no effect of gas flow rate.
Inspection of Khanna's data reveals that the effect of packing size is
not explicit. At low liquid flow rates Khanna's data show a decrease
in liquid holdup with an increase in packing size, the same result as
that of Chen. However, at high liquid flow rates the reverse trend was
observed by Khanna. Furthermore the values of liquid holdup reported
by Khanna were about twice those obtained by Chen. Although the same
technique was employed in both studies, such a large difference cannot
be explained. There were probably strong wall effects in Khanna's study
as he used a smaller column but it may be wrong to attribute the whole
difference to the different size of the columns used in these two studies.

The measurements of liquid holdup by Wozniak (19775 agree
with neither of the earlier studies. Wozniak used a 0.2 m diameter
column, i.e. intermediate in size between those of Chen and Khanna, and
19 mm packing, corresponding to Dc/dpb = 10.5. Wozniak obtained liquid
holdup data by a direct volumetric method, measuring the volume of
liquid retained in the column when the inlet and outlet valves of the
liquid line were suddenly closed, and reported the results in the form

of a graphical relationship of liquid holdup per static volume of bed
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with liquid flow rate. His results were much higher than those of
either Chen or Khanna. Furthermore, Wozniak found that liquid holdup
increases with gas velocity whereas Khanna showed the reverse and Chen
showed no effect of gas velocity. These two distinct differences
between Wozniak's results and earlier studies are probably due to his
use of a support grid of low (60%) open area.

Barile and Meyer (1971) used yet another approach to determine
liquid holdup in MBC. They measured pressure drop across the bed and
used Equation (2.1.1) to obtain liquid holdup indirectly. Their cor-
relation is:

hy o = 1160 Fr;’ "% Rey "0S1qu a 703 (2.1.3)
The liquid holdup values predicted by Equation (2.1.3) are smaller than
Chen's results but show similar effect of packing size. This approach
of determining liquid holdup from pressure drop is probably more accurate
than other methods provided that the pressure drop measurements are
correct. Since the static pressure fluctuates significantly in MBC
during operation, the average of extensive pressure measurements must
be taken. This becomes difficult if a simple u-tube manometer is used.
Since Barile and Meyer used a manometer for the measurements of pres-
sure drop and observed oscillations in the manometer, the experimental
accuracy of their data is uncertain. Other than this, their method
should be dependable.

Further analysis and comparison of these studies will be

deferred to Chapter 6.
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There are only two studies on liguid mixing in MBC. From
measurement of residence time distribution by a transient response
technique, Chen (1965) and Khanna (1971) determined the axial disper-
sion characteristics of the liquid phase. The liquid flow pattern was
faund to be intermediate between piston and completely mixed flow, in
general somewhat closer to the latter. Chen and Douglas (1969) cor-
related the data on liquid mixing by Equation (2.1.4):

-0.304

d
Pe _ . pb F(4) (2.1.4)

T (=—
o Dc
where the liquid phase Peclet number is Pe for MBC, Pe, for a fixed-
bed contactor, and A is a dimensionless excess gas mass velocity,
defined as (G - Gmf)/Gmf' The data for fixed-bed operation was cor-
related as:

0.583Ga-0.081

Pe, = 0.07 Re (2.1.5)

L
Chen and Douglas (1969) give the generalized function, F(A), in graphical
form.

In the subsequent study using the smaller diameter column noted
previously, Khanna (1971) correlated his data for the column when operated
as a fixed-bed contactor in the form:

Pe. = 1.06 ReL0'41Ga—O'095 (2.1.6)
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Therefore if the total volume of packing is known and the height of
the bed and the liquid holdup can be determined, then Equation (2.1.7)
permits calculation of gas holdup. This, of course, requires a dependable
correlation for the liquid holdup. Other than this indirect way of
evaluation of gas holdup, no research, designed specifically for direct
measurement of gas holdup, has yet been published for MBC.

Kito et al. (1976) describe an indirect method of evaluation
of gas holdup using Equation (2.1.7), but in that study there was no
flow of liquid through the bed. In this way they evaluated gas holdup
from expansion of the bed of their column which was fitted with a support
grid of only 1.27 - 31.5% open area and charged with a static quantity
of water. Since such conditions differ in two crucial ways from MBC
industrial operation, i.e. no liquid through flow and small open area
grids, the results by Kito et al. may be more akin to bubble column
studies and are not relevant to true MBC studies.

As the axial distribution of particle concentration in the
gas phase through any scrubber may be a significant factor, axial mixing
of the gas phase would be of interest but no study has as yet been

published.

2.2 PARTICLE COLLECTION MECHANISMS

In order to make a fundamental analysis of the performance
of any particle collection device, a thorough knowledge of the mechanisms
by which particles are removed from gas streams is necessary. All the
particle collection mechanisms are therefore reviewed in this section
in accordance with.the classification given in Table 2.4, with particular

emphasis on collection by spherical objects and from bubbles.
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TABLE 2.4 Classification of the Particle Collection Mechanisms

Particle Collection Mechanisms:
A. Aerodynamic Capture Mechanisms

i. Inertial Impaction

ii. Interception

iii. Diffusion

iv. Gravitational Collection
v. Electrostatic Attraction

B. Phoretic Mechanisms

i. Diffusiophoresis
‘ii. Thermophoresis
iii. Electrophoresis
iv. Magnetophoresis
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The listing of particle collection mechanisms according to
two classifications derives from the fact that aerodynamic mechanisms
may occur in any particle collection device, but phoretic mechanisms

are involved only when the relevant flux forces are present.

2.2.1 Aerodynamic Capture Mechanisms

2.2.1.1 Inertial impaction

Inertial impaction, the most frequently encountered mechanism
of particle deposition, applies to many processes in nature as well as
in man-made devices. Development of the theory of inertial impaction
began in Germany during World War I, where an acute shortage of natural
materials for air filters led to development of both artificial materials
and the underlying theoretical principles involved in their use. Sell
(1931) presented the first reasonably complete statement of these theories.
Albrecht (1931) is also among the pioneers of this work. The theory
was later refined by Taylor (1940), Langmuir (1946 and 1948), Lewin
(1953), Fuchs (1964), Ranz (1951 and 1956), Ranz et al. (1952}, among
many other investigators.

According to the theory of inertial impaction, an aerosol
particle in a suspending fluid stream tends to move in a straight line
because of its inertia. However, when a moving aerosol stream approaches
an obstacle, the fluid stream lines spread around it. Inertial forces
carry particles across the stream, thus reducing the particle-obstacle
distance below that between the obstacle and the streamline on which the
particle was originally located. Particles originally on streamlines

closer than some critical value impact on the obstacle, and depending
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on the nature of the particle and the obstacle, may be retained by

the obstacle after impaction. Figure 2.2 illustrates the inertial
impaction process. The shaded bounding surface represents the envelope

of trajectories of the particles which just graze the surface of the
obstacle. It divides the particles which impact from those which do

not impact. The efficiency of impaction, E, is the ratio of the number
of particles flowing through the cross section S, to the number of
particles flowing through the target projected area, Sp' If the particles
are uniformly distributed throughout the approaching gas stream, then

the collection efficiency equals the ratio of the area swept clean, So,

to the cross sectional area of the obstacle, Sp;

E. = (yo/rc)2 for spheres (2.2.1-a)
and

E, = yo/rc for cylinders (2.2.1-b)

This definition provides an upper limit on efficiency corresponding to
the case for which all particles which impact are also retained by the
‘obstacle. Obviously, if some particles bounce rather than stick on
impaction, this definition of efficiency would be too high. Factors
which determine the ratio yo/rc are the velocity distribution of the
gas flowing past the collector, the mass of the particle, its aerodynamic
drag coefficient, the size and the shape of the collector, and the rate
of flow of the gas stream.

Velocity distribution of the gas flowing past the collector

depends on the Reynolds number of the gas with respect to the collector.
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Re, = quGdc/uG (2.2.2)

At high values of Rec (potential flow)}, the parting of the gas stream-
lines occurs close to the collector. Except near the collector sur-
face, the flow pattern corresponds to that of an ideal gas. When the
Rec is low, flow is governed by viscosity (viscous flow) and the effect
of the disturbance created by the collector is felt at relatively large
distances upstream. The effect of sudden spreading of the stream lines
at high Réynolds numbers is to enhance the influence of particle inertia
and therefore cause a higher collection efficiency.

To determine the trajectory of the particle one starts with
the equation of motion of the particle. Assuming Stokes law holds for

the particles studied (Stokesian particles);

dgp 3nqup
g T o Up T e Fex 2.2.3)

In the absence of external forces and also neglecting the gravity,

dup 3mud
m, o < - C'P (up - ug) (2.2.4)

This can be put into dimensionless form as follows,

W 1
R 1 G (2.2.5)
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c'd zp UG o
when, st = —P P37 *) (2.2.6-3)
Qdec

2tug

6 = T (2.2.6"b)

— u -

U = 7 (2.2.6-c)

G,

The dimensionless Stokes number, St, (Equation (2.2.6-a)) which
characterizes the particle motion has also the physical meaniﬁg of the
ratio of the particle "stopping distance'" to the radius of the collector.
A particle's stopping distance is that distance it would travel before
coming to rest if injected into a still gas at velocity UG, o when all
forces on the particle except the drag force are zero.

Solutions to the equation of motion for the particle depend
on the choice of velocity field. These equations have been solved by
numerical methods for collectors of several simple shapes, such as a
sphere, cylinder or ellipsoid, under specific boundary conditions
(Glauert et al., Landahl et al. (1949), Torobin et al. (1959), Dorsch
et al. (1955), Blodgett et al. (1946), Ranz (1956), Langmuir (1948),
Fond et al. (1957), Stairmand (1950), Das (1950), Beard et al. (1974),
Herne (1960), Flint et al. (1971)).

These numerical solutions yield a critical value for Stokes
number below which no inertial deposition takes place. For spherical
collectors, Stcr = 0.083, and for cyl%ndrical collectors, StCr = (0,125,

These theoretical limits are all subject to the assumption that inertial

* Stokes number is also referred to as inertial impaction parameter, K.



impaction is the only collection mechanism. In reality, however, in
case of turbulence for instance, particles are collected at the back
as well as the front of the collector and collection efficiency for
St :-Stcr is not zero (Goldshmid et al. (1963)).

It is also worth stressing the important assumption, not
always made explicitly that the particles stick to the obstacle upbn
impaction. Only recently has this point attracted the attention of
some investigators. In spite of the great simplification brought by
this kaumption, experimental evidence shows that this may not always
be true. Goldshmid and Calvert (1963) showed experimentally for small
particle collection by liquid drops that non-wetting particle-liquid
pairs give lower collection efficiencies than the mutually wetting pairs
for the same Stokes number. Moreover, collection efficiency seems to
drop with increase in contact angle or with decrease of mutual wetting.
More recently Montagna (1974) and Allen (1975) have confirmed this
finding experimentally and proposed theoretical models.

Using the change in Helmholtz force energy of the surface
during particle capture, Montagna (1974) derived the work of coalescence,
'Wc. Since the colliding particle will be captured only if the normal
incident kinetic energy of the particle equals or exceeds the minimum

work required for coalescence, the following relation may be written:

1
lmuls>W = y J‘hez-n(Zrh-hz)zdh 2.2.7)
PP — ¢ SL o c el
vhere, h = depth of particle penetration through the interface, and

he = penetration depth required for capture.
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If the incident kinetic energy of the particle is sufficiently high,
the particle could completely penetrate into the drop. For this case,

Montagna (1974) derived

2 2 1/2 u
2(u C°§ X 2") > 9 st (2.2.8)
u® - x ML
where, X = uw/uG’m = f(ec), and
u, = minimum normal velocity of particle required for
capture.

Montagna used the last two equations as boundary conditions in the
inertial impaction model, rather than the earlier assumption that
every colliding particle is captured.

In a similar study, having shown experimentally that hydro-
phobic particles are collected less efficiently than hydrophilic particles,
Allen (1975) proposed the following equality to calculate the minimum

velocity for penetration of the particle into the liquid drop.

uG2 12 cos 6
- . c
uz e (2.2.9)
G,”

In the above discussion, generally, gas phase has been assumed
to be the continuous phase. However, there are some industrial applica-
tions of gas-liquid contacting, such as bubble or sieve plate columns,
for which gas phase is the dispersed phase. In such cases, particles
may be collected from bubbles by the continuous liquid phase. Due to
the internmal circulation of gas inside the bubble a centrifugal force

is applied on the particles. This force may carry the particles to the



surface and cause them to be captured by the surrounding liquid. This
mechanism is called inertial collection by bubbles. Fuchs (1964) gives
the following equation for the rate of inertial collection by spherical
bubbles:

b "p p - Pg)

v 2 2
) _ c'tu,n dbdj (o
b,I 6UG

(2.2.10)

where uy is the bubble velocity and db the bubble diameter. The total

number of particles collected at the surface during the rise of a bubble

by one unit length is

R = ¢/u, (2.2.11)

The efficiency per one unit length rise can then be defined as

3

E = 6R/md n, (2.2.12)
Combining Equations (2.2.10) to (2.2.12),

E = c'ud ®(. - p.)/d % (2.2.13)

b, I bp VP G b "G :

This equation is useful for defining a parameter to which inertial
collection by bubbles is proportional. This parameter will be defined

here as

Ny g = c'ubdpz(pp - pe)/dy g (2.2.14)



Usefulness of the definition of such a parameter will become clearer
in Chapter 3.

In summary, the inertial impaction mechanism is the most
frequently encountered and, in most cases, the dominant particle capture
mechanism. For particle collection from continuous gas streams, Stokes
number is the characteristic parameter to determine the efficiency of
collection. Equation (2.2.14) defines a similar parameter for particle
collection from bubbles by surrounding liquid.

Although there have been intdnsive studies in this field
during the past thirty years, some aspects of this problem of inertial
collection have still not been understood completely. For example, only
very recently the first study about the effect of particles already
collected on solid collectors on the capture of new particles appeared
in the literature (Wang (1977)). This is a very important problem for
filters. Moreover, it is very difficult to predict the effect of boundary
layer flow on the trajectories of aerosol particles. The effect on
particle collection of the complex flow field with eddies in the wake

behind collectors remains another incompletely resolved problem.

2.2.1.2 Interception

In the above section for particle collection by inertial
impaction it was assumed that the particle has a finite size only for
determining the resistance to its motion relative to the fluid, and a
finite mass only for determining the effect of this resistance on its
motion. As far as the motion of the particle was concerned, the particle

was considered to be a massive point. No particle was assumed to touch



the surface of the collector unless its trajectory was tangent to or
intersects the surface. However, since the trajectory is the path of
the center of the particle, a large particle will come in contact with
the collector when its trajectory passes the collector surface at a
distance less than or equal to the radius of the particle, r_. This
mechanism which results from the finite size of the particles is known
as interception mechanism, and is described by the following parameter:
|
N, = 2.2.15
R d,/de (2.2.15)
The efficiency of particle removal due to this mechanism can be obtained

very easily for two limiting cases.

Interception Efficiency for St » o

For very large Stokes numbers, the inertia of the particles
is so big that their trajectories can be assumed rectilinear in the

vicinity of the collector. Therefore,

2 2
n(d + )/ - nd

R ndc2/4
2 2
[dp + dc] -d

C
_ (2.2.16)
dcz

For small particle sizes, this can be approximated as

d%+24
N

=2 __PC R
Eq 3 R 2dp/dc v oaNg (2.2.17)
c
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Interception Efficiency for St > 0

For very small Stokes numbers, the inertia of the particles
is so small that it may now be considered a massless particle with
finite size. Neglecting all other forces as well as the inertia, the
particle's equation of motion (Equation (2.2.5)) implies that particle's
center will exactly follow the fluid stream lines, i.e. up ==ug. For

the motion of the gas there are again two limiting cases corresponding

to creeping flow (Rec + 0) and potential flow (ReC - @),

For Creeping Flow

Using the standard result for the stream function, y, in

Stokes flow around a sphere (Doganoglu (1975)),

Vo=@, *d)/2, 8 =1/2)

2
ndc /4

1

= 2— ——
(17 4p/a)" = 3200+ dp/de) * 5 dp/dc)

2 1
= (1 +N - 3/2(1 + N t —_— 2.2.18
For small particle sizes this can be approximated as
= 2 2
ER = 1+ 2NR + NR - 3/2(1 + NR) +1/2(1 - NR * NR .e)

Y]

¥ 3/2 N (2.2.19)
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For Potential Flow

Following a similar procedure as above,

1

2
= d_/d S S—
£ (L dp/d)” - = /e

2 1
= (1 +N -
(1N - s

2 01 -N, + N2 LD

=1+ ZNR + N R R

R

= 3N (2.2.20)

It should be noted that the above equations are for spherical
collectors. Similarly, expressions for other shapes can be derived.

For a cylindrical collector, for example, Equation (2.2.20) becomes:
Ep & 2N - Np° (2.2.21)

As far as particle collection from bubbles is concerned, a
similar treatment to the above approach may be attémpted. But, since
the particles are usually much smaller than the bubbles, interception

effects can usually be neglected (Fuchs (1964)).

2.2.1.3 Diffusion
Capture due to diffusion may occur when the particles are
sufficiently sub-micron in size that their motion is influenced by the

irregular collisions with gas molecules. For such cases Brownian motion
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will be superimposed upon the trajectory of a particle. This relatively
slow diffusional velocity may be sufficient to cause the particle to
come into contact with the collector if the particle passes sufficiently
closely and slowly by the collecting body.

Assuming that the particles possess no ordered motion, Fuchs
(1964) expressed the rate of deposition of particles on a sphere from

a stationary gas as

dc/2
¢, = 27D dn_ (1 + ) (2.2.22)
D pc pi v Dpt
where, n is the initial particle concentration, and
i )
Dp is the diffusivity of the particle.

If Dpt/dc2 << 1, particles are deposited on the surface of the sphere
from a thin adjacent layer of aerosols at the same rate as onto a flat

surface,

9p = m, Y D/mt (2.2.23)

1

If Dpt/dc2 >> 1, a practically constant concentration distribution is
established around a sphere, as given by the following equation (Fuchs

(1964), Hidy and Brock (1970)).

) (2.2.24)
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where & is the distance from the collector center and np is the particle
number concentration in the main body of the gas. Then the concentration

gradient at the collector surface is given by

)
npr

5/

= 2n /d (2.2.25)
6 =d /2 pc

and the rate of deposition on a spherical collector from a gas at rest

becomes constant and equal to

b = 2mdn, (2.2.26)

When there is a gas flow, continuity equation of the particle

can be written as follows:
P + ¥, nu = Dpvzn (2.2.27)

This may be solved to find the diffusional efficiency. For incompressible

fluids this equation reduces to
—=+*u.vn = D,Vn (2.2.28)

Equation (2.2.28) can be written in terms of dimensionless Peclet number

as

Py G o= L2y (2.2.29)
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for which 6 = tuG,m/dc
Ve =47
v = a2
ur o= ulug

Therefore, the efficiency of particle collection due to diffusion should
be a function of Peclet number. In fact, Langmuir (1942), Johnstone and
Roberts (1949), Ranz (1951) have shown that the efficiency due to dif-

fusion is an inverse function of Peclet number.
Pe = quc/Dp
= RecSc (2.2.30)

Studies reported by Ranz (1951), Friedlander (1957), and
Langmuir (1942) indicate that the efficiéncy due to diffusion is not
significant if the value of Pe number is much above 10. Since the
diffusion coefficient of the particle, Dp’ is an inverse function of

the particle size, the Peclet number can also be written as

Pe « ugdd (2.2.31)
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This relation indicates that, as the particle size increases, Peclet
number also increases and the effect of diffusion decreases.
Approximate values of the diffusion coefficient of particles
varying in size from hydrogen molecules up to 100 um in diameter are
given in Table 2.5 (Davies (1966)). It can be noticed that particle
diffusivities are several orders of magnitude smaller than the diffu-
sivities of gases. The particle diffusivities in this table are calcu-

lated from Einstein's relation and the slip factor c! (Davieé (1945)})).

D = kTc/3mu.d | 2.2.32
p /3mugd, ( )
10-4 .
et = 1+ {6.32 + 2.01 exp(- 2190 Prp)} (2.2.33)
P
k is Boltzmann's constant, 1.38054x10'23J/°K, T the absolute temperature

°x), rp the radius of particle in cm and P the pressure in cm of mercury.
It is more appropriate to extend the physical significance of

Equation (2.2.29) and to consider also the effect of velocity distribution

of gas around the collector. In this connection it is helpful to

consider Pe number as the product of ReC and Sc (Equation (2.2.30)).

In view of the definition

S¢c = uG/pGDp (2.2.34)
Schmidt number indicates the ratio of convective to diffusive transfer
rates. When Sc ¥ 1, the thickness of the diffusion layer and the hydro-

dynamic boundary layer around a body are of the same order of magnitude.
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TABLE 2.5 Diffusion Coefficients of Small Particles in Air
at 760 mm Hg and 20°C

Particle Radius Diffusion Coefficient, D
(1m) (m?/s)
1074 (hydrogen  7x107°

molecule)
s5x10”% 5.2x10
1073 1.3x1076
5x1073 5.3x10°8
1072 1.4x1078
2x1072 3.6x107°
5x10"2 6.8x10"10
1071 2.2x10710
2x1071 8.4x10711
5x1071 2.76x10711
1 1.3x10711
2 6.16x10712
5 2.4x10712
10 1.2x10712
20 5.9x10713
50 2.4x10713

100 1.2x10713
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When Sc¢ >> 1, diffusive and convective transfer are comparable only at
a very short distance from the surface of the body, because the dif-
fusion layer is very thin in comparison with the friction layer. For

5

particles, Sc is very large, being about 105 for rp = 10""7cm and about

103 for rp ==10'6cm. Consequently, this analysis yields the importance
of the effect of Rec on collection efficiency. For high Schmidt number
(Sc v 106) and low Reynolds numbers (Re. < 3), Levich (1952) offered
the following relation for spherical collectors.

- 1/3,.1/3
4 ﬂDpanpReC Sc (2.2.35)

For larger Reynolds numbers (600 < Re. < 2,600) and the same value of

Schmidt number, Aksel'rod (1953) showed that

¢p = 0.8 wD

1/2,.1/3
pdcnpReC Sc (2.2.36)

Garner and Suckling (1958) and Garner and Keey {(1958) presented the
following correlation for Reynolds numbers between 100 - 700 and Schmidt

numbers about 103:
¢y = 0.95 TerdcnPRecl/ZScl/s (2.2.37)

As the flow rate of the gas passing by a collector increases,
theoretical and experimental study of particle deposition from turbulent

streams becomes naturally much more difficult. In spite of the recent
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advances in the study of turbulence, little is known about the motion

of particles suspended in a turbulent flow. In particular, the extent
to which particles follow the turbulent fluctuations has not been

fully understood yet. Besides the effect of turbulent flow on suspended
particles the reverse problem of the effect that the particles have on
the structure of turbulent flow carrying them is also important and
experimentally confirmed (Fuchs (1964)). Theoretically the situation

is very complex, and experimentally there is little data on the deposi-
tion of particles from turbulent flow. The size and mass of the particles
are important for turbulent deposition. If the particles are small
enough to follow the turbulent fluctuations of fluid motion, the rate

of deposition from a turbulent boundary layer, due to eddy diffusion
followed by molecular diffusion, is negligibly small because eddy
diffusion cannot transport an appreciable number of particles all the
way to the surface. Interposition of even a thin layver of very low
turbulence constitutes an effective obstacle to deposition unless the
inertia of the particles is sufficient for them to travel some distance
independently. In this case, the particles may reach the surface by
eddy impingement. This latter phenomenon is called "inertial deposition
from turbulent flow". Pioneering work in this field was done by
Friedlander and Johnstone (1957). The cited authors were the first to
present a model based on the idea that the particles and fluid may
behave alike in the core of the turbulent fluid but act differently

near the wall, and that particles diffuse from the turbulent core region
towards the collector surface due to eddy diffusion. While gas molecules

diffuse through the relatively stagnant layer to the surface, particles
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diffuse from the turbulent core to within one stopping distance of the
surface, then penetrate the quiescent region due to their large inertia.
Researchers studying this phenomenon have examined only very simple
systems such as deposition on flat plates and on the walls of pipes.
The reason for these choices is of course that the velocity distribu-
tion for such systems are well known for turbulent conditions. Further
discussion of this topic is beyond the scope of this work but can be
found elsewhere (Davies (1966), Forney and Spielman (1973), Schmel (1970
and 1971), Beal (1968), Montgomery and Corn (1970), Hutchison et al.
(1971), Claver and Yates (1973), and Azarniouch (1973)).

Finally, as was done for inertial impaction and interception,

a characteristic parameter for diffusion, ND, can be defined, so that

E. = aN (2.2.38)

The particle collection efficiency of spherical objects due

to diffusion can be defined as

E, = (2.2.39)

Depending on the values of Rec and Sc, ¢ can be evaluated
from one of the Equations (2.2.35), (2.2.36) and (2.2.37).

If Equation (2.2.35) is used

_ -2/3 -2/3. 2/3
p = 4. UG Dp (2.2.40)
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If Equation (2.2.36) or (2.2.37) is used,

— -1/2 -1/2. 2/3  -1/6
ND dc UG, Dp Yg (2.2.41)

A similar parameter for particle collection from bubbles due
to diffusion can also be defined. The rate of diffusional collection

in this case is given by Fuchs (1964) as

2.4 3)1/2

¢b,D = 7=8'ﬂ'np(Dpubdb (2.2.42)

Following the same approach given in Section 2.2.1.1 and using

Equations (2.2.11) and (2.2.12)
_ 1/2 -1/2, -3/2
Eb,D = 5.091 Dp uy db (2.2.43)
The diffusional parameter for bubbles, therefore, could be defined as

_ /2 -1/2, -3/2
Np,p = D, TupT (2.2.44)
Depending on the type of process the contribution of diffusion to

particle collection can then be evaluated using the parameters defined

by Equations (2.2.40), (2.2.41) and (2.2.44).
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2.2.1.4 Gravitational collection

Gravitational forces are of course present in all particle
collection devices, and become particularly important for gravity
separators where the gas stream is slowed down sufficiently to allow
particles to settle.

The paramete? for gravitational deposition, NG’ may be defined

as (Ranz and Wong (1952)):

Ng = uT/uG (2.2.45)
and the gravitational collection efficiency as
aGNG (2.2.46)

As the above two equations imply, this mechanism of particle collection
is not very significant under normal conditions and becomes important
only when the terminal velocity of the particle becomes quite large or
the gas velocity quite low.

The terminal settling velocity of a spherical particle is
2
— ! -
uT = (pp pG)gdp /18 e (2.2.47)

The Cunningham correction factor, c', is included in Equation (2.2.47)
because, when particle size approaches the mean free path of the gas
molecules, particles "slip" between air molecules and the resistance
of the air becomes discontinuous. The Cunningham correction factor

accounts for the increased rate of particle fall.
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Gravity may improve particle collection from bubbles as well.

The number of particles deposited inside the bubble by sedimentation is:
¢ = md ’n_up/4 (2.2.48)
b,G b pT )
Using Equations (2.2.11), (2.2.12) and (2.2.47),
== 1 2 -
Eb,G c dp (pp pG)g/12 ubdbuG (2.2.49)

As was done for inertial and diffusional collection, the parameter for

gravitational collection from bubbles could be defined as

- 2 -
Nb,G = c'dp (pp pG)g/ubdqu (2.2.50)

2.2.1.5 Electrostatic attraction

When an aerosol particle or a collector or both are electrically
charged, the trajectories of particles past the collector are affected by
electrostatic forces. Ranz and Wong (1952) presented dimensionless groups
of force ratios which characterize some of the electrostatic forces
influencing deposition of particles. Kraemer and Johnstone (1955)
presented a general theoretical solution and experimental verification
for deposition of particles on spherical surfaces. They solved the
equations of motion for the particle neglecting all forces but electro-

static attraction.
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There are five cases of electrostatic collection. For each
case Kraemer and Johnstone (1955) defined a collection parameter which
is the ratio of the electrostatic force to the Stokes-Cunningham drag
force. These are summarized below.

For the coulombic force between a charged collector and a
charged particle:

== t
NE c qpqc/Snqupurao (2.2.51)
For the induction force between an uncharged particle and a

charged spherical collector:
N. = 2(e - 1)e'd 2q %/3( + 2)uud ¢ (2.2.52)
P C Gr cC O

For the induction force between charged particles and uncharged

spherical collector:

= 3 2 2 2
NE c qp /3m qu ureodc (2.2.53)

3 P

For the repulsion force exerted by unipolar charged particles

on the aerosol particle deposited:

= ! 2 2 5
NE4 c qP dcnp/ls nqupureo (2.2.54)
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For the attraction between a charged particle and a grounded

collector which has a charge induced by the surrounding unipolar particles:

NES = c'qunPbZ/Sﬁqupurdceo (2.2.55)
In the above equations:
Q. = the charge on the collector per unit area, coulomb/cm2
ap = the charge on the particle, coulomb
eo = absolute dielecEric constant of free space, 8.85;(10-21
coulomb/dyne-cm
€ = dielectric constant of particles
ur = relative velocity between air stream and collector,
cm/s
b = radius of spherical cloud which influences the collector,
cm

In most cases, only one of these five mechanisms is dominant.
Hence, considering only one term of the electrostatic force, the equa-
tions for collection efficiency may be obtained. For instance, for the

collection of a charged particle by a charged collector,

Ex, = - 4N (2.2.56)

and for the collection of uncharged particles by a charged spherical

collector considering only the induced charge on the particles,
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0.4

_ 15 ‘
EEZ & TrNE7) | (2.2.57)

Further discussion of this topic is beyond the scope of this work.

2.2.2 Phoretic Mechanisms

2.2.,2.1 Diffusiophoresis

In a concentration gradient, which is accompanied by diffusion
but not necessarily by net motion of the gas phase, the heavier molecules
will impart a higher momentum to the particles than the lighter molecules.
If there is a net motion of the gas phase (Stefan flow), additional force
is applied to the particles. The combination of forces due to concentra-
tion gradient and Stefan flow is referred to as the diffusiophoretic
force, and particle movement by this force is called diffusiophoresis.

As extensive articles on diffusiophoresis have been published, only the
basics of this phenomenon will be discussed here.

It was first suggested by Stefan (1881) that there must exist
near a surface of an evaporating or condensing body a hydrodynamic flow
of the medium directed away from the evaporating and towards the condensing
surface. In a binary system of a vapor and a carrier gas the velocity

of the Stefan flow is

D
u = - _Y8dP (2.2.58)
Pg dx

where DVg is the diffusion coefficient of the vapor in the gas and P
and Pg are the partial pressures of vapor and carrier gas, respectively.
Aitken (1883) was the first who observed the formation of dust-free

spaces next to moist surfaces.
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Particles near a condensing or evaporating surface might be
expected to move with a velocity of about that of the Stefan flow.
However, the phenomenon is more complicated. The particle's total
diffusiophoretic velocity is the sum of the Stefan flow velocity and
the velocity due to gas-particle momentum transfer (Goldsmith and
May (1966), Goldsmith et al. (1963), and Waldman (1959)), and the
particle behaviour is influenced by its size. More precisely, Knudsen
number, Kn, which is the ratio of gas mean free path to particle radius,
is an important measure for the modifying effect of diffusion currents
of the vapor and gas on the velocity of particles (Derjaguin and Duklin
(1956, 1957), Freise (1957), Facy (1958)). Diffusiophoretic velocities
of particles can therefore be studied in three categories, large particles
X

(Kn << 1), intermediate particles (Kn % 1) and small particles {Kn >> 1).

Small Particles

For small particles, rp << A, gas molecular behaviour becomes
important. Derjaguin and Bakanov (1957) and Waldmann (1959), independently
derived equations for the particle velocity based on a rigorous considera-
tion of the effects of diffusing gas molecules on particle motion using
the Chapman-Enskog theory of gases (Chapman and Cowling (1964)). Waldman's
treatment was more realistic because the molecule-particle collisions
were assumed partly specular and partly diffuse while Derjaguin and
Bakanov considered only specular collisions.

Waldmann's expression for diffusiophoretic particle velocity

in a binary gas mixture undergoing equimolar counter-diffusion is
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(1 +'% al)J m - 1+ %-az)/ m,

u = - = D(yx,)
pd T T 1
(1 + g-al)xl/ my + (1 + §-a2)x2/ m,
..... (2.2.59)
where X, = mole fraction
a; = accomodation coefficient, fraction of molecules
reflected diffusely from the surface
m, = the mass of ith component of gas molecules
D = gas diffusivity

(VXl)°° concentration gradient in the undisturbed gas
For the case where component 1 diffuses through inert component

2 which is stagnant, diffusiophoretic particle velocity is (Schmitt (1961)),

(1 +2Xa)y/m
g 21/ M Doy

1+ %-al)xlf m o+ (1+ %—aZ)xzv m, %

Upg = -

l)m

..... (2.2.60)
Further improvements of diffusiophoretic theory for small particles
have been minor. For example, the equation suggested by Mason and
Chapman (1962) is only different from Waldman's equation with the factor
multiplying the accomodation coefficients by 4/9 instead of w/8. Bakanov
and Derjaguin (1960) improved the accuracy of their previous analysis by

considering a temperature gradient in the gas. For equimolar counter

diffusion, their expression is:

u - - i 1/2 1 191 XZdl D(vx.)
d - ©
P x/ m + xz/hﬁ; dpx1%7 xl/ﬁﬁi + XZVFEE 2

..... (2.2.61)



where do’ d, and d_; are parameters dependent on gas propertie;.

For the accomodation coefficients taken as unity, which is a
reasonable assumption, comparison of Equations (2.2.59) and (2.2.61)
indicates that Bakanov and Derjaguin's expression is different from
Waldmann's equation only by the second term in Equation (2.2.61).

This second term is of the same order as one fifth of thermal diffusion
factor, uT/S (Whitmore (1976)). However, since Gep is usually very
small, this term can be neglected (Waldmann and Schmitt (1966)). With
a similar study, Derjaguin and Yalamov (1972) found a value of 1/(1 + gﬂ

instead of (1/2) for the coefficient in the second term of Equation (2.2.61).

Large Particles

For the case of large particles (rp >> X or Kn << 1) ;he
system can be considered as in the continuum regime. As a matter of
fact, the continuum mechanics equations would yield a solution for dif-
fusiophoretic particle velocity. However, the general approach to the
evaluation of up has been such that although these continuum mechanics
equations have been used for the bulk of the fluid, near the particle
surface they have been regarded as not adequate due to the complex
interactions of gas molecules with the particle surface. Therefore,
in this range molecular mechanics has been used which results in a
velocity discontinuity at the surface of the particle, i.e. the velocity
of the gas is not zero at the point of one mean free path away from the
surface. This velocity discontinuity is referred to as '"diffusion slip".

The expressions found for this slip velocity have been then used as the

boundary condition for the continuum mechanics equations.



Kramers and Kistemaker (1943) offered the following equation

for the slip factor

m-m
012 = —_— (2.2.62)
m+ v mlm2

;For equimolar counter diffusion, using this slip velocity,
Schmitt and Waldmann (1960) derived an expression for the diffusiophoretic
velocity for large particles which is exactly the same as the equation for
small particles (Equation (2.2.59)) with the accomodation coefficients

taken as equal, ay =a

2
upd = GlZD(Vxl)w ..... (2.2.63)
m, - m
upd = - ! 2 D(Vxl)
m + mlm2
- Vm,
- - D(vx,),. (2.2.64)
X Pm txym,

As the velocities predicted by Equation (2.2.64) do not agree
with the experimental results, Schmitt and Waldmann (1960) therefore

proposed an empirical expression for the diffusion slip factor,

m, - m d, - d
6. = 0.95 L 2 _q1.05 —_2
T 3

o T, (2.2.65)

where dl, d2 are the molecular diameters of gas components. For the
case where component 1 is diffusing through stagnant component 2 the

diffusiophoretic velocity becomes (Waldmann and Schmitt (1966)),
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D

2 (vx) (2.2.66)
X, 17

It should be again noted that if Kramers and Kistemaker's expression
for the slip factor (Equation (2.2.62)) is used in Equation (2.2.66)
and a; = a, is taken, the same particle velocity expression for small
particles (Equation (2.2.60)) is obtained. However, to have agreement
with the experimental results the empirical diffusion slip factor
(Equation (2.2.65)) should be used in Equation (2.2.66).

Brock (1963) tried to improve the above treatment by considering
diffusion heat slip as well as friction slip. The final expression is
again the same as Bakanov and Derjaguin's equation for small particles
(Equation (2.2.61). Nevertheless, as mentioned in the section for small
particles, this extension does not improve the final result appreciably
as thermal diffusion is usually negligible.

In a more recent study, Whitmore (1976), besides giving an
excellent review of diffusiophoresis, calculated the energy dissipation
rate in the flow field of gas with particles suspended for two cases,
i.e. with slip at the particle surface and without slip. This approach
led to the very important result that

E_.. /E = 2 (2.2.67)

slip’ "no slip

As normally one would expect that the particle velocity would adjust
until the energy dissipation rate is minimum, Whitmore concluded that
the shear stress at the surface supresses any tendency for slip to occur

and, therefore, particles move with the mean mass velocity of the gas.
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Thus, the particle velocity for the case of component 1 diffusing in
stagnant component 2, becomes (Whitmore (1976), Whitmore et al.

(1973, 1976, 1977)),

M1 D :

Extensive experimental results for diffusiophoresis in a wetted-wall

column show excellent agreement with Equation (2.2.68) (Whitmore (1976)).

Intermediate Particles

Analysis of the motion of intermediate particles (Kn ~ 1)
is more difficult. There are very few works in this transition regime.

Brock (1968) offered the following equation for diffusiophoretic velocity.

m2 1/2 2m2 1/2 2
{1 - (ﬁ) + {(W) - (rz/rlz) ) 0.311/Kn}
“pd = 1 - 0.360/Kn D(vx,),,

..... (2.2.69)
For large Knudsen numbers this equation reduces to the expression for
small particles. However, for small Kn, it does not converge to the
values predicted by the velocity expression for large particles.

Treating the particles as large molecules and using the
molecular diffusion equation (Hirschfelder et al. (1964)), Annis et al.
(1972, 1973) derived an equation which they claim holds for all particle
sizes. This claim is, however, inconsistent with the fact that the dif-
fusion equation on which the theory is based is correct only for very
small particles.

Finally, Whitmore et al. (1977) suggest that the mean molar velo-
city of fluid can be used as an approximate 1limit for particle velocities

in the transition regime.
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2.2.2.2 Thermophoresis

Uﬁder a thermal gradient in an aerosol stream, particles will
move along the gradient under the influence of differential molecular
bombardment. The force which causes particle motion results from dif-
ferences in momentum imparted to the particle on opposite sides. The
hotter, and thus faster, molecules colliding with the particle impart
a higher momentum to the particle than the cooler, slower, molecules.
Hence particles are driven in the direction of decreasing temperature
by this phenomenon, called thermophoresis, first described by Tyndall
(1870).

Thermal forces, like diffusiophoretic forces or any other
interactions between particles and gas, depend on the Knudsen number.

A number of equations have been developed to calculate the thermophoretic
velocity of particles. Some basic equations will be summarized below.

In fact, all these equations can be expressed in one general form as
u = - K——T-VT (2.2.70)

and differ only in the definition of K. But it should be pointed out

that the agreement of any of these equations with experiments is not

very satisfactory (Goldsmith and May (1966)).

Small Particles:

For small particles (Kn >> 1), the theory is simple and complete.
For such particles, thermophoresis has been treated on an elementary

kinetic theory as developed by Einstein (1924), Cawood (1936), Clusius
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(1944), Stetter (1960). The basic treatment starts with the assumption
that the distribution function of the gas molecules hitting the particle
is not appreciably influenced by the presence of the particle. In fact,
this is a reasonable assumption. If the mean free path is large, a gas
molecule, after rebounding from the particle, will go further away from
it and will have practically no chance to hit it a second time before
having lost its memory. Derjaguin and Bakanov (1959) and, independently,
Waldmann (1959) derived the thermophoretic velocity for small particles
as

U
u, = _0.75 G gt (2.2.71)
pt (1 + T a) PgT

8

where a, as mentioned before, is the fraction of gas molecules reflected
diffusely by the particle. For smooth surface of the particles and for

liquid particles, a % 0.9, For rough surfaces, a ¥ 1.

Large Particles:

As the size of the particles increases relative to the mean
free path (Kn << 1), the difficulty of theoretical treatment of the
molecule-particle interaction also increases, as for the case of dif-
fusiophoresis. Some drastic simplifications, and uncertainties become
involved. The molecule no longer sees the particle as another molecule,
but as a solid surface. For a temperature decreasing from left to right
the particle surface receives an impulse directed to the right and
practically an equal impulse directed to the left is imparted to the
gas. Epstein (1929) derived the equation for the thermophoretic force

from the above considerations and using the Stokes equation



- 58 -

F = 3m dp Mg up (2.2.72)

obtained the thermophoretic velocity of particle as

3u
wu, = - — (2.2.73)

G kG ) VT
pt 20T (2126 Tk,

where kG and kp are the thermal conductivities for gas and particle,

respectively. The agreement of this equation with experiments, especially

for good conductors, is poor. Brock (1962) tried to improve the above

equation and reported the thermophoretic velocity as,
k

G
= - vT 2.2.74
upt ZpGT {1 + 3chn}{ kG } ( )
. . +
1 +2 E;— 2ct Kn

Brock (1962) suggested that c, ranges from 1.875 to 2.48 and ch from 1.
to 1.27. Finally Derjaguin and Bakanov (1967), using a different

approach, deduced the following equation:

+
Ust ~ T {4k§k S.ikg“} UGT v
p o G

(2.2.75)
G

Intermediate Particles:

There are not many studies reported for intermediate size
particles. Equation (2.2.74), given above, has been used for this
transition regime. Another expression suggested by Derjaguin and

Yalamov (1966) is given below.
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As an overall evaluation of thermophoresis it may be appropriate
to mention here that experimental results reported by Goldsmith and May
(1966) and Rosenblatt and LaMer (1964), and theoretical calculations
lead to the conclusion that thermophoretic velocity is quite low. Even
at temperature gradients of 103 OC/cm, the thermophoretic velocity is
only about 0.1 cm/s. Therefore, long residence times are required to
accomplish significant particle separation at reasonable temperature
gradients. However, thermal forces might be used to enhance the perfor-
mance of certain particle collection devices (Thring and Strauss (1960)

and Strauss (1966)).

2.2.2.3 Electrophoresis

If charged particles are subjected to a unidirectional electric
field, they move towards the electrodes and are deposited there. The
motion or migration of the particles in an electric field is called
electrophoresis.

A particle carrying ng, elementary units of electrical charge

54, in an electric field of intensity Ee experiences an electric force,

F = n, q Ee (2.2.77)

This force causes the particle to move through the medium in which it

is suspended. Neglecting second order electrostatic effects, such as

.
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the polarizability of the particle and assuming that a spherical particle
is moving in laminar flow (Re < 1), the final speed attained by the
particle, when the viscous drag force acting on the particle becomes

equal to the applied electrical force, can be obtained from Stokes law

upe = n,q Ee/Sw Hg dp (2.2.78)

This expression shows that the migration velocity of the
particle is proportional to intensity of applied electric ffield and
charge on the particle. The proportionality constant between particle
velocity and field strength is, by definition, the electrical mobility
of the particle, ZE’ i.e.

ZE = upe/Ee = ng q/3m e d (2.2.79)

P
There are two ways to charge an aerosol particle. The first

one is in the absence of an applied electric field. 1In this case the

unipolar gaseous ions diffuse toward the particle surface and impart

their electric charges to the particle. Here, the collision is primarily

due to the random thermal motion of the ions. This is called "diffusion

charging". The second/way to charge particles is accomplished with an

applied electrical field of sufficient intensity, such as that encountered

in the corona charger of an electrostatic precipitator. In this case,

the ordered motion of the ions caused by the electric field may be the

predominant charging mechanism by which ions are driven onto the particle.

Applied electric field increases the frequency of collision between ions
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and the particle. This type of charging is called "field charging".
Under some conditions, for instance when sub-micron particles with
sizes of the same order of magnitude as the mean free path are charged
under moderate electric field intensities, both the field and diffusion
charging mechanisms‘may be equally important.

For all these cases the number of elementary units of charge
that a particle may carry can be evaluated theoretically (Shannon (1974)).
This may then be used with Equation (2.2.79) to calculate particle
mobility. Further details concerning electrophoresis are given by

White (1951), Rohman (1923), Pantheniez (1932), and Cochet (1961).

2.2.2.4 Magnetophoresis

When an electrically charged particle moves in a magnetic
field transverse to the field lines a force, called "Lorentz force',
is generated. The direction of this force will be at right angle to
both the direction of the field and the direction of motion of the
pérticle. As a result of the change in direction of the particle due
to this magnetic force, the possibility of particle deposition exists.
The terminal drift velocity of a particle in a magnetic field can be

obtained by equating the Lorentz force to the resistance of the gas.

F = n, q up B = 3n g dp upm (2.2.80)
where n, = number of charges on particle
q = elementary charge
u_ = velocity of particle in the field
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B = magnetic field strength

upm = terminal drift velocity of particle

Examination of the above equation indicates that the terminal
drift velocity due to magnetic force is less than 0.01 cm/s for particles
0.1-1. um in size except at unrealistically high particle velocities
and magnetic field strengths. Therefore Lorentz force is too small for
use in particle deposition. The use of magnetic fields even to agglomerate
particles does not appear feasible. Only recently there are some attempts
to evaluate the feasibility of specially designed high magnetic field

separators for fine particle control (Gooding et al. (1977)).

2.3 PARTICLE COLLECTION IN MOBILE-BED CONTACTING

The literature concerning the particle collection in MBC is
very limited. The first study is by Pollack et al. (1966) who have
obtained some experimental data for fly ash recovery from a coal burning
power plant flue gas. They presented results in graphical form for
the effect of gas velocity, over the range of 2.5 - 4.9 m/s, on overall
efficiency. A two-stage column, each stage packed with 0.25 m of 38 mm
packing, was employed. Liquid flow rate was varied between 13.5 and
27.2 kg/mz-s (also see Wet Scrubbers System Handbook, Vol. 1, Chapter 5
(1972)). Using these few experimental data Epstein et al. (1971)

obtained the following equation by regression analysis.

- 3.3 .3.66 .
E@) = 1- exp (- 5xl0 171/6)3+3 63:66 ¢ n Hep/d )
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where, they reported,

_ -6 2
K = 3.28x10 pP Up dp /g Hg dd
dP = particle diameter, mm
dd = mean diameter of droplets, um
dpb = diameter of packing spheres, ft
G = gas flow rate, lb/hr-ft2
Hst = static height of packing for a single stage, ft
L/G = 1liquid to gas ratio, gal/mcf
n = number of stages

As can be seen, this equation incorporates a mixture of units. Although
they use droplet size iﬁ the inertial impaction parameter, Ki, no comment
was made concerning how they determined mean droplet size. To the
author's best knowledge there is as yet no published study concerning
size distribution of liquid droplets in MBC. Without such information,
how mean droplet size could be evaluated and used in calculation of the
inertial impaction parameter cannot be understood. This shortcoming

has also confused Calvert et al. (1972). 1In the Wet Scrubbers System
Handbook, edited by Calvert (1972), the same equation is given as

B = 1-exp (- 2.45x10° 3P ug? % st/ gy 2.5.2)

where dpb = packing size, cm

H = stage height, cm
_ 2
St = Uss dP pp/g g dPb

u, = superficial gas velocity, cm/s

Ug; = interstitial gas velocity, cm/s
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u = superficial liquid velocity, cm/s
Close examination of Equations (2.3.1) and (2.3.2) reveals that, while
being transferred from the original source (Epstein et al. 1971), the
equation has, remarkably, been changed. Although Calvert et al. specify

use of interstitial velocity, for calculation of St, they omitted

YGis
to specify the basis they used for liquid holdup and/or gas holdup,
required in order to evaluate interstitial gas velocity. The same
shortcoming exists for calculation of terminal velocity of the liquid
drop for Equation (2.3.1). Due to the inconsistencies and incomplete-
ness noted above, and to the lack of information concerning experimental
conditions from which they were determined, such as temperature of the
streams and humidity of gas, these equations cannot be considered to
provide a reliable basis for prediction of particle collection in MBC.
Rowbottom (1973) reported the results of a series of pilot
scale experiments to test particulate removal from Kraft recovery flue

Z cross-sectional area and up to five

gas by a MBC column of 0.093 m
stages high. Each stage was 1.22 m between the support grids and was
packed with 38 mm diameter balls to a static height of 0.29 m. Each
support grid had 65% open area. The maximum gas velocity used was

about 4.72 m/s. Liquid flow rates up to 40 kg/mz-s were used. Although
no theoretical treatment or attempt to correlate the experimental data
was made, the graphical presentation of these results provide a valuable

indication of the effect of operating variables on the exit particulate

loading.
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The qualitative conclusions reached by the cited study can

be summarized as follows:
i) 1Inlet particulate concentration over the range 1.8-3.3 gm/m3
had no effect on exit concentration for liquid flow rates
greater than 14 kg/mz—s.
ii) Exit particle concentration decreased with increasing
liquid flow rates. For high liquid flow rates this
decrease of outlet concentration with liquid flow rate
was only marginally significant.
iii) At similar liquid and gas flow rates, an increase in
number of stages from one to three decreased outlet particle
concentration appreciably. However, the difference in
exit concentrations between 3-stage and 5-stage operations
was not detectable.
iv) Condensation of water vapor in MBC improved performance.
Since particle size distributions at the inlet and outlet were
not determined, this study provides no information concerning the effect
of particle size on particulate recovery. Particle collection at the
demister, consisting of 0.076 m thick mesh pad, and during backwash of
the gas stream by a spray nozzle placed on the exit line were not also
explicitly accounted for. Nevertheless, the qualitative conclusions
summarized above were a valuable aid in design of the experiments of
the present study.

Calvert et al. (1974) reported the performance of a 3-stage
MBC unit installed to clean the exhaust gas stream from an electrostatic

precipitator used to control particulate emission from a 165 M.W. utility
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steam boiler. Cross sectional area of the column was about 13.88 m?
and 38 mm packing was used. Inlet and outlet particle size distribu-
tions were determined when the liquid and gas flow rates were 136 and

14 kg/mz-s, respectively. An aerodynamic mass median particle diameter
of 3 um at the inlet and 0.5 um at the outlet was reported. Penetration
as a function of particlé size was calculated from the size distribution
data. The graphical presentation of results shows a steep decrease of
penetration from 0.86 to 0.01 over the range of particle size 0.3 to

2.5 um. This was the first time that the effect of particle size on
efficiency of MBC had been reported. Their results indicated that, for
a more extensive study of particulate recovery in MBC, the range of
particle size covered should be approximately 0.3 to 10 um. Calvert

et al. (1974) could not change the operating conditions of the unit,
such as packing size, bed height, liquid and gas flow rates and, there-
fore, the effect of these variables on overall performance could not

be studied. They also misinterpreted the equation reported by Epstein

(1971) (Equation (2.3.1)). Although the inertial impaction parameter in
that correlation was based on size of the liquid droplets and was changed
to that based on packing size during the transfer to the Wet Scrubbers
System Handbook, they considered the later version and claimed that the
main collection mechanism in MBC was presumed to be due to inertial
impaction on balls. As inertial collection parameter calculated using
the ball diameter was about 5x10‘4, and the collection efficiency for a
sphere is, theoretically, zero for values of impaction parameter smaller
than 0.083 (Section 2.2.1.1), they concluded that it was impossible to
attribute high collection efficiency to this mechanism. However, packing
size can be used just as a characteristic size for calculation of inertial

impaction parameter. Size of liquid droplets and bubbles which may be
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contributing to the performance of MBC as well as liquid films covering
fhe balls depends on packing size at constant liquid and gas flow rates.
Since neither packing size was used in Equation (2.3.1) nor their theo-
retical considerations against the idea of using packing size in inertial
impaction parameter or Stokes number are valid, criticisms as claimed by
Calvert et al. (1974) are not relevant. Furthermore, they could not
explain the high efficiency of MBC with a pressure drop as small as 25 cm
water column. Their attempt to explain the observed efficiencies by
treating MBC as a sieve plate column and a spray column was also not
successful. They attributed the unexpectedly high recovery to the
condensation effect due to the presence of SO, and HZSO4 in the gas.
Neither could they measure the effect of entrainment, although they knew
that it existed. They concluded that their scrubber reliability had not
been good and recommended that further investigation be made in order to
understand the performance of MBC and to develop a realistic mathematical

model.

Mlodzinski and Warych (1975) reported a study of collection
of zincsulfide and superphosphate particles in a small (64 mm diameter)
column. Phosphorous/bronze bed support plates with low open areas
(27.5-65.2%) were used. Packing size was 2.5 - 6.8 mm. Static bed height

was changed from 1.5 to 12 cm. Liquid flow rate was varied between

~ 7.8-93.45 ms/mz—hr and superficial gas velocity betweén 1.-3.6 m/s.

These specifications given on the system reflect the similarity to
most of the other systems used in East-European studies. As explained
in detail in Section 2.1, one must be very careful in the analysis and
use of data obtained with such small scale columns. The small open
area of the supporting plate affects the hydrodynamics of the bed, i.e.
liquid holdup and pressure drop in the bed, and liquid buildup on the

bed support grid, which in turn would affect all performance character-
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istics such as heat and mass transfer and particle collection. Although
the system of Mlodzinski and Warych is far from those used in industry,
the results of this study will be summarized. The efficiency for
hydrophilic particles (superphosphate) was found to be greater than
hydrophobic particles (zincsulfide). Efficiency of particle collection
increased with liquid flow rate, as was observed by Rowbottom (1973),
and also increased to a lesser extent with gas flow rate. A very
important result supplied in this study is that as the open-area of

the lower plate increases, efficiency drops. This is the indication

of the end effects present in this study. The cited authors gave the

following correlations:

For superphosphate particles:

Pt = 1.888 Pe 0-199 g¢-0.265 : (2.3.3)

For zincsulfide particles:

-0.514 Pe-O.ll t-0.572

Pt = 52'369(H5t/dp S (2.3.4)

b
where, the authors report,

Pe = Uss dpb/Dp

- 2
St uq dp pp/pG hO

It is interesting to note that although interstitial gas velocity was

used for Peclet number, superficial gas velocity was used for Stokes
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number. There is no theoretical background given in the paper for
this choice. However, the author believes that it is not proper to
use superficial velocity in Stokes number (see Chapter 6). Further-
more, in the definition of St, the cited authors used ho’ which is the
gas pressure drop in MBC expressed as the height of water column in
meters. HoWever, this is not the proper way to write Stokes number
(see Equation (2.2.6.a)). Moreover, introduction of Peclet number into
the penetration equation implies that the diffusion mechanism is
important. On the contrary, as will be shown in Chapter 3 by an order-
of-magnitude analysis, this is not true for MBC. Therefore, the
inappropriate introduction of Peclet number and incorrect definition
of Stokes number give the impression that Equations (2.2.3) and (2.2.4)
were not developed fundamentally but probably by intuition. For non-
wettable particles, Weber number would be a better choice to express
particle collection efficiency. Contact angle of solid particles with
air and water must also be known (see Chapters 2 and 6). Mlodzinski
and Warych gave no information about these.

Finally, it may be noted that Statnic and Drehmel (1975) and
Bhatia et al. (1978) referred to the potential use of MBC for particle
recovery. Statnic and Drehmel (1975) also reported some data obtained
using the same MBC facility previously reported by Epstein (1971) and
confirmed that the critical size for the particles, that should be

further investigated, is between 0.3 and 10. um.
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2.4 CONCLUSION

For analysis of performance of MBC in particle collection
studies, information on hydrodynamic characteristics of the system is
required. Studies of hydrodynamic behaviour of MBC were therefore
reviewed in the first section of this chapter. Inspection of this
previous work leads to the conclusion that, unfortunately, there are
appreciable differences among the data reported. Some sources for
these disagreements were identified. This analysis indicated that,
because of deficiencies and limitations of previous studies, a compre-
hensive investigation of particle collection in MBC should be preceded
by determination of MBC hydrodynamic characteristics (bed expansion,
minimum fluidization velocity, pressure drop and liquid holdup) in a
study that would avoid limitations identified for previous studies.

In the second section, particle collection mechanisms were
reviewed according to a basic system of classification. For the aero-
dynamic capture mechanisms, parameters for each mechanism have been
defined. Efficiencies due to these mechanisms can be expressed in
terms of these individual parameters. Table 2.6 summarizes these
parameters for particle collection by liquid drops and spherical objects.
Table 2.7 1is for collection from bubbles. This analysis suggests
that the effect of gas velocity and particle size on penetration, Pt =
1 - E, would be expected to be of the form shown in Figures 2.3 and 2.4.
Determination of the collection efficiency under the conditions of
simultaneous effect of all the aerodynamic mechanisms is more complicated.
According to Fuchs (1964) the total efficiency is greater than any of

the individual efficiencies and smaller than their sum. Nevertheless,



TABLE 2.6 Parameters of Individual Aerodynamic

Capture Mechanisms for Collection by
Drops

Mechanism
Inertial impaction
Interception

Diffusion

Gravity

Electrostatic attraction

Parameter
2
— t
St c dp pp uG’m/QuG dc
NR ==dp/dc
_ ,-2/3 -2/3 .2/3 . n, 6
ND —-dc uG’m D for Rec <3 ; Sc«10
=172 -1/2 [2/3 -1/6 - .
ND —-dC uG,oo Dp Yg for 600 < ReC < 2600 ;
Sc % 10°
and 100 < Rec < 700 S
sc % 10°
NG ==uT/uG

NE (defined by Equations

(2.2.40)-(2.2.44))

- ‘[L -
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TABLE 2.7 Parameters of Individual Aerodynamic
Capture Mechanisms for Collection
from Bubbles

Mechanism Parameter
. ‘s — 2 . 2
Inertial deposition Nb,I <’y dp [pp pG)/db e
. . . _n /2 -1/2 5 -3/2
Diffusional deposition Nb,D Dp b db

. . .. . 2 _
Gravitational deposition Nb,G -c'dp (pp pG)g/ o db uG
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FIGURE 2.3. Schematic representation of the effect of'gas

velocity on particle penetration

Pt

Particle Size

FIGURE 2.4, Schematic representation of the effect of

particle size on penetration
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in most cases, one mechanism is dominant to others. Under such condi-
tions, the total efficiency can be obtained by adding the individual
efficiencies. One important assumption in this procedure is that there
is no appreciable interference between mechanisms. This is a reason-
able assumption if all the individual mechanisms except the dominant
one are very small.

As phoretic capture mechanisms are due to flux forces exerted
on the system, it is possible to control these effects for any system
at any flow conditions by selection of conditions which either include
or exclude any of these flux forces. Furthermore, the particle velo-
cities due to such external forces can be evaluated using equations
given in Section 2.2.2. The particle velocities so evaluated are
superimposed on the convective velocity.

The literature review of Section 2.3 reveals that there has
not yet been published any thorough and adequate investigation of
particie collection in MBC leading to reliable methods of predicting
the effects on collection efficiency of all variables of interest for

the application of MBC to industrial problems.
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CHAPTER 3

ANALYSIS OF AERODYNAMIC CAPTURE MECHANISMS
IN MOBILE-BED CONTACTING

A purely theoretical formulation of particle collection for
MBC is not possible. If the geometry of the system were simple, the
theoretical efficiency could have been evaluated from the traj ectoﬁes
of particles solving the equations of motion and using the fundamentals
of collection mechanisms discussed in the previous chapter. However,
the nature of gas-liquid contact in MBC is very complex. The highly
turbulent conditions in a 3-phase flow make the above theoretical
approach impossible. Spherical packing balls are free to move due to
the counter flow of gas and liquid streams. This motion by the solid
packing creates very vigorous fluid contacting inside the bed. Liquid
enters the system as droplets which may collide and/or break up. In
addition to droplets, liquid exists in the mobile-bed as films covering
the packing spheres, and as large irregularly shaped globs. But what-
ever the form or shape of liquid flowing downward, all liquid contributes
to particle collection. Moreover, although overall the gas is the
continuous phase, a result of the vigorous interphase contacting is that
some of the gas is present also in the form of bubbles within the liquid
elements. Khanna (1971) estimated that gas bubbles can account for up
to 60% of the total interfacial area in MBC. Thus some particle collection
by bubbles as well must be allowed for.

The great complexity of gas-liquid contacting taking place in

MBC does not mean that an order-of-magnitude analysis cannot be made in
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order to determine the major aerodynamic capture mechanism for this
scrubber. Since, as mentioned in the previous chapter, phoretic
mechanisms are due to some external flux forces, their effect on the
system is controllable. However, any particle collection device is
characterized by the aerodynamic capture mechanisms occurring. There-
fore, the following analysis is made to determine for the MBC process
the relative contributions of each of the aerodynamic capture mechanisms.
For particle collection by liquid droplets and by liquid films
covering the spherical packing, the parameters defined in Chapter 2
and summarized in Table 2.6 can be used. It should be noted that the
diffusion parameter, Np, depends on the Reynolds number, Rec, and
Schmidt number, Sc. For the purpose of the present calculations,
typical air and water flow rates of 3 and 15 kg/mz-s, respectively, at
20°C are chosen. At these flow rates, the relative velocity between
gas and liquid is about 3 m/s. The smallest spherical collector in
MBC would be liquid droplets. A simple terminal velocity calculation
shows that, at such intermediate flow rates, liquid droplets smaller
than about 300 um would be entrained in the gas stream. A recent
experimental study by Calvert et al. (1577) concerning entrainment
from MBC confirms this estimate. Therefore, 1,000 um is chosen as an
average size for liquid droplets. The largest spherical collector is
of course the largest packing ball used (38 mm). For these conditions,
then, Rec is between 200 and 7500. Since the critical particle size
range for MBC is between 0.35 and 10 um, these two values are taken as
the smallest and largest particles. Hence, Sc number varies between

1.6x10° and 6.3x106. Considering these values of Re. and Sc numbers,
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Equation (2.2.41) is used for evaluation of the diffusion parameter,
ND. Calculated values for the parameters of individual mechanisms
are given in Table 3.1. As neither particles nor collectors are
charged in this study of mobile-bed operation, electrostatic attrac-
tion is not considered.

A similar comparison of the individual aerodynamic mechanisms
for the bubbles can be made. As noted in the previous chapter, due to
circulation of gas inside the bubble a centrifugal force is applied on
‘the particles. This force may carry particles to the surface and cause
them to be captured by the surrounding liquid. This mechanism was
identified as inertial collection by bubbles. Where internal stream-
lines carrying particles pass sufficiently close to the surface, dif-
fusion of particles may enable them to reach the surface. Hence dif-
fusional collection may contribute to the overall deposition rate.
Furthermore, depending on the size and bubble velocity, gravity may
help the particles to settle and be collected by the liquid surface.
These three mechanisms were identified as potentially important for
particle deposition from bubbles in the previous chapter and the cor-
responding parameters were summarized in Table 2.7.

For bubble diameters greater than 1 mm, bubbles become
flattened, pulsations of shape occur and the internal circulation of
gas becomes very complex (Fuchs (1964)). Since the parameters given
in Table 2.7 involve the assumption of sphericity of bubbles, they are
evaluated for two bubble sizes, 10-1 mm and 1 mm, as suggested by Fuchs

(1964). The results are summarized in Table 3.2.
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Inspection of Tables 3.1 and 3.2 indicates that, with respect
to aerodynamic capture mechanisms, inertial impaction is not only the
most important but is the dominant capture mechanism for MBC. Whether
particles are collected by liquid droplets, by liquid films covering
the packing or are deposited from the bubbles, inertial capture is in
all cases the major mechanism. The contributions from other mechanisms
to the total efficiency depend on size of the particle and the collector.
Referring back to Figures 2.2 and 2.3, the analysis of this chapter
leads to the important conclusion that the characteristic operating
region for MBC is to the right of the maxima of these curves.

Having identified the major mechanism of particle collection
in MBC, the next step is to formulate a model for the overall efficiency
of particulate recovery. This analysis will be the subject of the next
chapter because the procedure is entirely different from the mechanistic
approach presented in the present chapter. As it is not possible to
measure the size of liquid droplets or bubbles in MBC due to highly
turbulent conditions, a general macroscopic treatment will be presented
which may be applied not only to the MBC process but, in fact, to any

scrubber.



TABLE 3.1 Parameters for Aerodynamic Collection
by Liquid Droplets and Packing Spheres
Liquid Droplet Spherical Packing
dg = 1073 m dp = .038 m
d pb .

Mechanism Parameter dp = .35 um dp = 10. um = .35 um dp = 10. um
Inertial impaction St 3.22x1073 1.87 . .48x107° 4.91)(10"2
Interception Ny 3.5 x10”™% 1072 .21x107° 2.63x10™%
Diffusion Np 2.45x107° 2.08x107° .97x1078 3.38x1077
Gravitational Collection N 1.75)(10—6 1.01)(10-3 .75x107° 1.01x10_3

- 6L -



TABLE 3.2 Parameters for Aerodynamic Collection in Bubbles

-4

-3

db =10 m db =10 m
Mechanism Parameter dp = .35 um dp = 10, um = ,35 um d_ = 10. um
Inertial collection N, 2.9 x103 1.68x10° .9 x10! .68x10%
Diffusional collection Ny b 5.68 8.94x10"} .8 x107} .83x1072
;]
Gravitational collection N, o 3.16x10" 1 1.83x102 .16x10"2 .83x10}

_08_
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CHAPTER 4

THEQRY OF PARTICLE COCLLECTION IN GAS-LIQUID CONTACTORS

Although flow of gases and liquids through a variety of
contacting equipment is common to many industrial processes the physical
description of such multiphase flows, because of their enormous complexity,
remains incomplete. In its full generality, a problem involving
contacting of gas and liquid would require simultaneous solution of
mass, momentum and energy equations, together with information on
geometry of the system. However, this approach is generally too dif-
ficult due to the complexity of the equations of change and insufficient
information on the geometry of the flow media. Nevertheless, a great
deal of engineering importance can be learned about a specific problem
by making simplifying assumptions. The use of overall mass balances
and average mass transfer coefficients for evaluation of mass transfer
performance of gas-liquid contactors is a good example. This approach
will be used in seeking a solution to the present specific problem of
evaluation of penetration of particles through gas-liquid contactors.

The general treatment presented in this chapter is not uniquely developed
for MBC but is applicable to all gas-liquid contactors, such as tray
columns, packed beds, spray columns, and venturi scrubbers.

With respect to the term ''penetration', it will be used
consistently according to the definition now generally accepted, i.e.
as the ratio of the number of particles leaving the system to the number
of particles entering. Thus, overall particle penetration for a scrubber

is:
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Pt = number of particles leaving the scrubber (4.1)
number of particles entering the scrubber )

The overall efficiency is then

E = 1-Pt (4.2)

The critical feature of this theoretical analysis for
particle penetration through a gas-liquid contactor will be the use
for the particles and for the gas phase of local volume averaged
continuity equations, abbreviated subsequently for convenience as
LVACE. Any small control volume of any shape in the scrubber may be
chosen for taking the average of the continuity equation (CE) and this
volume may contain solid phase (packing), liquid phase, gas phase and
particles suspended in the fluid phases. In the analysis to follow,

V represents this control volume, S the surface enveloping this volume,
VG the volume of gas and Si the gas-liquid interfacial area. The basic
idea is to associate with every point in the scrubber a local volume

average of the differential equation of continuity such that at every

‘point

L4+V.pu =0 (4.3)

All the phases, gas, liquid, particles in the gas and particles in the
liquid are involved in Equation (4.3). A key feature of this approach
is that for the specific problem of evaluation of particle collection
efficiency, a solution may be obtained using only two LVACE's, i.e. for

the gas phase and for the particles suspended in this gas phase.
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4.1 LOCAL VOLUME AVERAGED EQUATION OF CONTINUITY
FOR PARTICLES SUSPENDED IN THE GAS PHASE

The LVACE for particles in the gas can be written as

an
P+ 7 = .
S (at v °'§p) dv 0 (4.1.1)

Ve

1
v

For the first term, the operations of volume integration and differentia-

tion with respect to time may be interchanged.

L p oy

The second term in Equation (4.1.1) represents the divergence of total

particle flux, Np, which involves convective and other types of flux.

N = n u +1J (4.1.3)
—Pp P-P P
The general expression for particle flux with respect to mass average

velocity (because pp is constant) can be written as

ip = = Dp v np T “-ip,ext (4.1.4)
The first term on the right hand side of the above equation represents
diffusional flux, the second is the summation of fluxes due to all other

possible external forces, such as diffusiophoresis, thermophoresis, etc.
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Combining Equations (4.1.1)-(4.1.4),

o, 1 R 1 .
~P+l,s ¥ .n udv-=2s7 T.D Vn_ dv
G G
sl 3§ av =0 (4.1.5)
\Y —p,ext
Ve

Using the theorem of the volume average of a divergence

(1972)),
1 - - —_—

S VvV.n udVv = V.nu+=JS n_u.ndS (4.1.6)
vy j p- g, P~ "=

G i
1, 3.3 v = 7.7 1,03 n ds
Viy * Sp,ext " Sp,ext  V g, —P,ext

G S (4.1.7)
1 = — — L _DE —
=/ V.D Vn 4V = D_V . Vn_ + S/ Vn n d§
Viy PP p p vV g p =

i

cC Tt (4.1.8)
Using the theorem for volume average of a gradient (Slattery
Vn_ = ;-f Voo dv

P Vv

G
- vds nod)+3s nonds
Vig P Vig, P
G i
- Vn_ +X7 nonds L. (4.1.9)
p V g P~
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In the above equations, n represents the unit vector. From Equations

(4.1.8) and (4.1.9),

= vV.D. V V =D vV +D. V.= ds
v’ p VM d p "D Vg
Vg S.
1
D —
+ 2 ¥n .nds ..... (4.1.10)
\' S. P i
1
Combining Equations (4.1.5,6,7 and 10),
aﬁ'p N 1 -~ =
£ 47, + = +3539V.37
at v npl—lr \% fS npl_l’ 2 ds ,p,ext
i
+3lys 3 .nas+p v¥a +D v.Lls nnds
V g —Pexts P v s, P—
1 1
D —
+ 27 Yn .nds =0 . (4.1.11)
1

Equation (4.1.11) is the most general LVACE for particles. For gas-
liquid scrubbers in which diffusion can be neglected, the last three
terms, i.e. those involving Dp’ can be dropped from Equation (4.1.11).
Moreover, for a sufficiently small averaging volume,

N ——
nu % nu
P— P—

Therefore, LVACE of the particles becomes
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1
"Iy fsi _{p,éxg_, ds
..... (4.1.12)
The physical significance of the first term on the right hand side of
the above equation is that it represents the rate of depletion of
particles at the gas-liquid interface due to aerodynamic effects.
Similarly the second term is the rate of depletion of particles at the
interface due to external forces. Let A represent the rate of aero-

dynamic collection,
S n_u.ndS (4.1.13)

Since the geometry of the interface in a scrubber is not known it can
be postulated, similarly to mass transfer, that the rate of aerodynamic

capture may be written as

A = k' 4.1.14
p Tp 2 ( )
where a is gas-liquid interfacial area per unit volume of the contactor,
and ké can by analogy to mass transfer be called the "area-based particle

transfer coefficient". Likewise by analogy to mass transfer the variables



- 87 -

may be further consolidated by defining a ''volumetric particle transfer

coefficient", kp, as

k, = kya (4.1.15)

A = kp n (4.1.16)
Furthermore, the flux due to an external force can be expressed as

Io,ext Pp Yp,ext (4.1.17)

For the same reason of the complexity of shape of the interface, the
rate of depletion of particles at the interface due to a phoretic force

can be written as

O, Upext 8 eeees (4.1.18)

Incorporating these several changes, the LVACE for particles becomes

sﬁp o
i+
T v . np

i=1
+
o}

<
=1

3 = -k n. . -13% np u Jext a

..... (4.1.19)
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One further consolidation may be obtained by adding the phoretic
velocities to the convective velocity. Thus the final form of the
LVACE for particles in any gas-liquid scrubber for which there is no
significant particle collection by diffusion is as follows:

on.

— + V.n -Ep = . kP np -z P ,ext

|
!
I
|

=
=1
™

(4.1.20)

4.2 LOCAL VOLUME AVERAGED EQUATION OF CONTINUITY FOR THE GAS PHASE

For simplicity, the gas phase is considered here as having
two components. Component "1'" is a solute which transfers across the
gas-liquid interface while component '2" does not transfer between the

gas and liquid phase.

LVACE for Component 1:

Similarly to Section 4.1, the local volume average of the

continuity equation for solute can be written as follows:

ap
1 1 -
V-fv CSE— *V.n-r)dv =0 (4.2.1)
G
Since,
ap &;
1 1
= —dV = — .2,
v IV ot at (4.2.2)
G
and,
1y = 1 3
v rl dv rl (4.2.3)
Ve
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and also using the theorem of the volume average of a divergence,

ap
1. = 1 -
— L r - =
5T + Vv - Iy + v ,S n; -1 dS T 0 (4.2.4)
i
letting,
1 -—
=~/ n, .ndS = nq a 4.2.5
Vg 51 0= 1 ( )
i

a-r = 0 (4.2.6)

LVACE for Component 2:

For the component for which there is no interfacial transfer

one may write:

3 -
2+ 7

- .n,-T, =0 (4.2.7)

LVACE for the Total Gas Phase:

By adding Equations (4.2.6) and (4.2.7) one obtains

¥ .7

t

I=l
1
1
=3
w

. P (4.2.8)

The second term in the above equation is the divergence of the total

flux which contains both convective and diffusional fluxes.
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4.3 EVALUATION OF PARTICLE PENETRATION IN THE ABSENCE
OF ANY PHORETIC FORCE

When there are no external flux forces exerted on the system,

Equation (4.1.20) for the LVACE of the particle reduces to

a—. —
P .3 .5
t

- = -k_n (4.3.1)

As this case includes the absence of diffusiophoresis, there can be no
gas-liquid interfacial component transfer. Therefore the LVACE for
the gas phase (Equation (4.2.8)) becomes

LT .5F =0 (4.3.2)

ot -

In order to proceed further an assumption must be made for
the velocities of the gas phase and of particles in the gas. It is
reasonable to assume that, at steady state flow, the whole stream
containing gas and suspended particles will move with one velocity.
According to Newton's second law, this velocity is that of the center
of mass of the system. Thus the amount and density of the particles
and gas affect the overall velocity of the stream. Separate evaluation
of the velocity of the gas and of the particles is more complex.
Particle-gas relative motion involves a drag force acting between them.
Depending on the temperature of gas and conductivity of the particle,
the phenomenon of thermal slip at the surface of the particles may also
exist. Moreover, as mentioned in Section 2.2.1.3, the effect of particles

on the gas flow carrying them is not yet well defined. Nevertheless, for
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dilute particle concentrations one can generally assume that particles

would adopt the gas mass velocity. This is the assumption usually made

in overall balances. Even for simple problems, such as numerical solu-

tion for inertial collection efficiency of a sphere, this assumption

is made for conditions upstream from the collector (Section 2.2.1.1).
For the present case of no mass transfer, neglecting tempera-

ture and pressure variations along the column, density of the gas can

be assumed constant so that Equation (4.3.2) yields

V.4 =0 (4.3.3)
Hence, the LVACE of the particles becomes, for steady state,
T.7vn = -k n (4.3.4)

Neglecting components of the velocity vector other than U, this

equation upon integration yields

n,,out
——— = exp {- k H/u)} (4.3.5)
. pz

p,in
Since mass flow rate of gas does not change along the column, particle
penetration through a gas-liquid contactor in the absence of any

phoretic force may then be expressed according to the definition of

penetration (Equation (4.1)) as

Pt = exp {- ka/uz} (4.3.6)
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4.4 EVALUATION OF PARTICLE PENETRATION IN THE
PRESENCE OF DIFFUSIOPHORESIS

The LVACE of particles written as Equation (4.1.20) permits
consideration of any phoretic mechanism that may apply in a particle
collection device. For scrubbers, the most likely external flux is
diffusiophoresis. Depending on the direction of the flux of diffusing
component, overall efficiency of a column is either increased or
decreased by diffusiophoresis. In industrial applications the flux is
normally towards the gas-liquid interface because of condensation of
vapor, usually water, when diffusiophoresis is used to improve particle
collection efficiency.

The review given in Section 2.2.2.1 indicates that Knudsen
number, the relative size of the particle with respect to the mean free
path of the gas molecules, is an important criterion for motion of
particles due to diffusiophoresis. Using this fundamental criterion,
particles may be classified for size as small, intermediate and large.
As the mean free path of most common gases is of the order of 0.05 um
under typical processing conditions, particles of the size 0.35 to 10 um
of interest in the present research would exhibit large particle
behaviour. It is interesting to note that, héving made this classifica-
tion, the diffusiophoretic particle velocities, as presented in Section
2.2.2.1, are independent of the particle size for the size ranges defined
earlier as '"small" and '"large'" particles. The remainder of the analysis
applies for 'large'" particles, i.e. for Knudsen number less than one.

Particle velocity expressions used will be for the case where

one component is diffusing through an inert component towards gas-liquid
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interface. Using Kramers and Kistemaker's (1943) slip coefficient
(Equation (2.2.62)), the diffusiophoretic particle velocity suggested
by Waldmann and Schmitt (1966) (Equation (2.2.66)), with a; =a,,

becomes

] D
ug = - —(V xl) (2.2.60)*
p x1V my + xzv m, x2 o

Whitmore's (1976) expression for large particles is

M
Ly = 2(v xl)w (2.2.68)

XIU

Furthermore, Whitmore et al. (1977) suggest that the mean molar velocity
of the gas phase can be used as an approximate limit for intermediate
particle velocities. This is then the lower limit for large particles.

Therefore,

- .2
Upg - xz(v x,) (4.4.1)

-]

The objective is then to obtain expressions for particle penetration
using these diffusiophoretic velocities. Since in the gas film at the

gas-liquid interface,

- _ %D
Ny xz(v xl)w (4.4.2)

* It may be noted that molecule masses, m.

. i
molecular weights, M;.

, can be replaced by the
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and, N, = 0 (4.4.3)

The above expressions for diffusiophoretic particle velocity can be

rewritten as follows for the three cases:

i) particles moving with Schmitt-Waldmann velocity

as N
T 1 2 (4.4.4)
XlV Ml + XZV M2

ii) particles moving with the mean mass velocity of the gas

=z

M
u, = L2

od == (4.4.5)

iii) particles moving with the mean molar velocity of the gas

f

nlz
[=*)

Upd (4.4.6)
As suggested by Whitmore (1976), by making a proper choice for
the velocity and concentration terms in the continuity equations for the
particle and the gas, a general simultaneous solution can be obtained.
For the case of particles moving with the gas mean mass velocity the
natural choice would be to write the LVACE's in terms of density and
mass velocity, while for the case of particles moving with the gas mean
molar velocity, in terms of molar concentration and molar velocity.
For the case of particles moving with the Schmitt-Waldmann velocity,

Whitmore {1976) introduced "root mass' variables as follows:
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(4.4.7-2)

(4.4.7-b)

{(4.4.7-¢)

(4.4.7-d)

(4.4.7-¢)

From Equations (4.1.20) and (4.2.8), the general LVACE for particles

and for gas can be then written as

(4.4.8)

(4.4.9)

The terms with superscript (+) correspond to those for either one of

the three cases.

4

n_/c
P

+

Multiplying the particle LVACE by 1/c and the gas LVACE by

2
, and subtracting the second from the first,
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P .I\Tl
Since, u = — (4.4.11)
pd T+
after some simplifications,
—_— et
3(np/c ) _+ R o+
—_—F .V = - 4.4.12
s u (np/c ) kp(np/c ) ( )

It is appropriate to note here that when Whitmore (1976)
wrote the continuity equations, he did not consider the rate of particle
removal at the gas-liquid interface, represented by the terms at the
right hand side of Equations (4.4.8) and (4.4.9). His analysis was
not based on the use of LVACE's and he equated the left hand sides of
the continuity equations to zero. Continuity equations thus written
describe flow of gas-particle streams without particle transfer across
the gas-liquid interface. Further, they cannot be solved due to lack
of information on boundary conditions because the shape and size of the
interface in scrubbers are not known. Correct forms of continuity
equations of gas and particle with interphase particle transfer in a
scrubber must be of the form of Equations (4.4.8) and (4.4.9) which
are LVACE's. It is interesting to note that the last two terms in
Equation (4.4.10) cancel due to the diffusiophoretic velocity expres-
sion as given in Equation (4.4.11). This, fortuitously, enabled Whitmore
to arrive at a similar expression to Equation (4.4.12) with the right
hand side as zero because he did not consider the aerodynamic collection.
As a matter of fact, one should be very careful in considering the inter-

facial transfer and for its proper treatment, LVACE's must be used.
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Equation (4.4.12) can be further simplified by making the
usual assumptions for scrubbers, i.e. that steady state applies over
the entire contactor and the variation of (55/6*) in the x and y
directions (or r and 6 directions in cylindrical coordinates) is
negligible. Thus,

—
E+inl/f—)=-k(ﬁ/€+) (4.4.13)
z dz PP e
Integration of this equation between the inlet and outlet of the

column yields

N
(n,/c) z=HEk

In 2"t — I £ 4z (4.4.14)
(np/c )in z = u,

Now recalling the definition of particle penetration in a scrubber

(Equation (4.1)), the general expression for penetration can be written

as.:
(_. /-—+, =+ %
n./c ) Cout U
pr = —L2 Jout_,(: —_out (4.4.15)
(np/c din Sin Yin
or, o _*+
c u z=Hk
t
Pt = B UL exp (- s L4z} (4.4.16)
c. Uu. z2=0 u
in in 4

As the exponential term is the penetration due to aerodynamic effects,

the first term is the penetration due to diffusiophoresis, i.e.

K
Pt, = exp {- / £ 473 (4.4.17)

‘. Z
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c u
out out
PtD = == (4.4.18)
Cin Y4in
and
Pt = PtA PtD (4.4.19)

The integral sign in the expression for PtA is retained in order to
emphasize that, along the column, velocity changes, and so does the

[ value of penetration due to aerodynamic mechanisms, because of the
change in gas density. For small condensation rates and for small
variations in temperature and pressure of the gas, however, an average
value for velocity can be used, thus giving the simpler expression

—t

u

= r_
Pt exp { ka/ z,ave

A } (4.4.20)

The final integrated Equations (4.4.18) and (4.4.20) can be
written more explicitly for the cases corresponding to three alternate

choices for particle velocity, as follows:

i) For particles moving with the Schmitt-Waldmann velocity:

_ _ r
PtA exp { ka/uz,ave} (4.4.21)
—T -
Cout uout
PtD =
-C"r —T
in “in
-
N
-~ out e (4.4.22)

e

n
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ii) For particles moving with the gas mean mass velocity:

Pt, = exp {- kPH/uz,ave} _(4.4.23)

Pout Yout
PtD - —
Pin Yin
G
t
- (4.4.24)

in

Al

1ii) For particles moving with the gas mean molar velocity:

Pt, = exp {- ka/u;,ave} (4.4.25)

c u*
out “out

Pt, =
D — —
c._ ur
in in
F
out
= = b (4.4.26)
F. '
in

For all these cases, of course, it is to be noted that Equation (4.4.19)

holds.

4.5 SUMMARY

To date there had been no general theoretical framework
available as a guide to the analysis of particulate collection in gas-
liquid contactors. In this connection it is to be noted that particle
transfer from gas to liquid is different from mass or heat transfer in

the sense that particle transfer is not linked to a gradient of some
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intensive variable as mass and heat transfer are to gradients in
concentration or temperature. Rather, particle transfer occurs due to
aerodynamic and phoretic transfer mechanisms. A general theoretical
analysis for particulate collection in gas-1liquid contactors has been
developed in this chapter by writing and combining appropriately the
local volume averaged continuity equation (LVACE) of the particles and
of the gas phase. The development has been carried out with few assump-
tions in order that this framework would be generally applicable to a
wide variety of types of gas-liquid contactors used for particulate
removal.

As the geometry of the gas-liquid interface is not known for
many contacting devices, it is not possible to evaluate the term in the
LVACE which requires integration over this interfacial area for particle
transfer by aerodynamic mechanisms. It is therefore necessary to intro-
duce a particle transfer coefficient, kp’ analogous to volume-based
interfacial mass transfer coefficients.

The results of this theoretical treatment are given in the
form of expressions for particle penetration through a contactor for
two general cases. For the case when particle collection is due only
to aerodynamic collection mechanisms, i.e. in the absence of any phoretic
collection, particle. penetration, Pt, is given as Equation (4.3.6). Then,
for the case of simultaneous aerodynamic and diffusiophoretic collection,
a general expression for particle penetration is presented as Equation
(4.4.16). As this equation is given in completely general form with
respect to diffusiophoretic velocity, the general solution is then

expanded for three specific choices of diffusiophoretic particle velocity.

’
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This theoretical treatment shows that the effect of diffusio-
phoresis on overall particle collection efficiency of a scrubber is
directly proportional to the amount of the vapor which is transferred
across the gas-liquid interface (Equation (4.4.18)). The analysis also
shows that, in the case of particle collection simultaneocusly by aero-
dynamic and diffusiophoretic mechanisms, particle penetration is simply
the product of the particle penetration by each mechanism independently
(Equation (4.4.19)).

The theoreticaf‘framework for particulate collection provided
in Chapter 4 involves a particle transfer coefficient, kp’ for whatever
aerodynamic collection mechanisms apply in the specific case. The
analysis of particulate collection given in Chapter 3 established that,
of the various aerodynamic capture mechanisms, only inertial impaction
was significant in the MBC process. As noted earlier, it is unfortunately
not possible to predict the particle transfer coefficient theoretically
due to the complexity of gas-liquid contacting in the mobile-bed.
Experimental guidance is therefore necessary. The experimental program
described in the next chapter was designed to determine kp for the MBC

process.
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CHAPTER 5

EXPERIMENTAL EQUIPMENT AND PROCEDURE

5.1 GENERAL
The experimental facility and procedures were developed with
the objective of determining for mobile-bed contacting the particle
transfer coefficient, kp, which is required for the general theoretical
expressions (Equations (4.3.6) and (4.4.16)) for particle penetration
in any gas-liquid contactor. As aerodynamic particle capturé mechanisms
are always present, while those due to external flux forces are involved
only when such forces are exerted on the system, a particulate recovery
device is characterized by its performance due to aerodynamic capture
mechanisms. Thus the overall design was first to determine k_ with no
external flux force, and then to study the effect of the industrially
significant flux force, namely, diffusiophoresis. Characterization
of MBC without diffusiophoresis took up the major part of the program,
while a relatively few experiments served to determine the additional
effect of diffusiophoresis. Six variables which affect inertial
impaction efficiency in a MBC column are:
i} 1liquid flow rate,
ii) gas flow rate,
iii) packing size,
iv) static height of the bed,
v) particle size, and

vi) type (hydrophobicity) of particles.



- 103 -

Hence, characterization of the MBC process for particulate
collection required design of experiments to study the effect of each
of these variables.

In order to analyze performance with respect to particle
collection the hydrodynamics of the system must be known. As appreci-
able differences exist among reported studies on this aspect of MBC,

a new and comprehensive study was also made to define the system hydro-
dynamics, namely, bed expansion, minimum fluidization velocity, pressure

drop and liquid holdup.

5.2 EQUIPMENT
Figure 5.1 shows the flow diagram of the pilot-plant scale
MBC experimental facility. Details of this unit with all the auxiliary

equipment follow.

5.2.1 Mobile-Bed Column

The test column was made of 0.29 m ID plexiglass pipe. A
packing support screen with 87% open area was located between the column
and inlet gas distribution section. This lower grid was madé of 23 steel
rods of diameter 1.5 mm. With such a large open area this grid was very
similar to those used in industrial scale MBC units. The use of a high
open-area grid avoided the shortcoming of most published studies, namely,
low open-area supports causing the hydrodynamic behaviour of the bed to
be significantly different from that which corresponds to industrial

practice.
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FIGURE 5.1. Flow Diagram Legend
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At a height of 0.46 m above the support grid a co-centric
access port, 0.14x0.14 m, was provided for loading and unloading of
the bed packing. The liquid distributer, which served also as the
upper retaining grid for the packing, was located 1.5 m above the
lower grid. A 5-stage baffle type entrainment separator was located
0.15 m above the liquid distributor. A further 0.6 m section of the
0.29 m column above the entrainment separator allowed for placement
of a pitot-tube to measure gas velocity and a sampling probe for

particle analysis. Aboveafﬁiéffhefé‘was a converging aluminum section
to the air exit duct, a 0.1%8:£idiameter flexible hose,.

The column was packed with polypropylene balls of density
157 kg/m3 (Precision Plastic Ball Co., Chicago, Illinois), which is
the density of packing most commonly used in industry. Three static
bed heights (0.29 m, 0.44 m and 0.58 m) and three packing sizes (38 mm,
25 mm and 19 mm) were employed in the experiments. These packings
provided Dc/dpb ratios between 7.6 - 15.3.

The gas distributing plenum chamber below the column was the
one used by Chen and Douglas (1968 and 1969) and consisted of a conical
section 0.61 m high between a 0.61 m high x 0.61 m diameter flow
straightening section and the 0.29 m diameter experimental tower. Flow
straightening and distribution of the inlet gas flow was achieved by
passage through 32 aluminum tubes, 0.05 m diameter x 0.37 m long, housed
in this 0.61 m diameter cylindrical section. Flow through the converging
section (0.61 m to 0.29 m diameter) above the straightener gave a flat
velocity profile gas flow to the mobile-bed. Figure 5.2 shows the

velocity distribution measured at 0.05 m below the bed support grid by

a standard pitot tube and a micromanometer.
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5.2.2 Gas Flow System

The relatively large air flow rates required for this study
were delivered by a 30 H.P. blower. The blower discharge was conditioned
by passage through a humidification column which was in fact a small
MBC column with 38 mm packing, and equipped with a demister (York
Company, Model 30455). In order to remove suspended particles, the
air then passed through a fire resistant filter (American Air Filter
of Canada Ltd., Model 6A74&/R3). This filter was guaranteed by the
manufacturer to be 99.5% efficient for 0.3 um DOP particles.

High humidity air, when required for experiments with dif-
fusiophoresis, was provided by heating and injecting steam into the
inlet air. Heating the air was accomplished by a 100 KW single stage
electrical duct heater (specially manufactured by Playford Co., Montreal)
equipped with a 150 A SCR proportional controller (Honeywell, Model
R7308E1259) and temperature controller (United Electric, Model 5600).
Building steam for humidification was admitted through a strainer, a
filter and an entrainment separator (Centrifix Corp., Cleveland, Ohio)
which was guaranteed to remove 99% of all entrainment. Humidity of the
air stream was monitored by wet- and dry-bulb thermometers. The clean
air thus heated and humidified to the desired level is mixed, in a
cubical chamber 0.6x0.6x0.6 m, with the stream from the aerosol generator.
A bundle of flow straightening pipes (25 mm copper pipes) were placed in
the duct at the mixing chamber exit to eliminate large-scale turbulence
and swirl. The ofifice for flow rate measurement, located 2.1 m down-
stream from these flow straightening sections, was calibrated with a

standard pitot tube placed 0.3 m upstream of the orifice. Velocity
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readings, taken with a micromanometer, were processed following the
method of '"centroid of equal areas' (ASME (1971)). The average value
of the orifice coefficient found was C = 0.6259 (details in Appendix E).
A 1.27 m length of inlet pipe was provided between the orifice and the
MBC column to provide sufficient distance for redevelopment of the
velocity profile prior to withdrawal of the air sample for particle
analysis. All piping upstream of the MBC column was aluminum, 0.216 m

ID.

5.2.3 Liquid Flow System

The liquid distributor in the column consisted of a parallel
array of 11 stainless steel tubes, 4.8 mm (3/16 in.) ID , with the
liquid exiting from 97 downwardly-directed, uniformly spaced nozzles
(10 mm long x 1.6 mm (1/16 in.) diameter). High pressure plastic tubing
connected both ends of each of these 11 tubes to a main header. This
main header, a 0.38 m length of 85 mm diameter aluminum pipe, had 22 short
nipples, (4.8 mm (3/16 in.) ID), 11 at each side, which were connected
in pairs to both ends of the 11-tube liquid distributor in the column.
With this design of distributor, very uniform liquid flow over the
column cross section was achieved.

In order that the liquid distributor could also function as
the upper retaining grid for the smallest packing used, steel rods
(1.6 mm (1/16 in.)) were placed between each water distributor tube.
This design provided 70% open area.

The flow rate of the tap water used as the liquid phase was
measured by a rotameter (Brooks, Emerson Electric Co., Meter Size: 13,

Tube No: R-13M-25-1, Float No: 13-LJ-1394).
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5.2.4 Entrainment Separator

The top of a gas-liquid contactor normally contains a highly
efficient demister for elimination of liquid droplets entrained in the
exit gas. A steel mesh-pad type demister, such as the one used in this
study for the humidification pre-treatment column, can remove liquid
droplets down to a few microns. But the use of such an efficient
demister for the mobile-bed column in this study would not be appropriate.
As 0.3-10 um particles were to be used, a less efficient demister was
required in order that particles in this size range not be collected by
the demister upstream of the particle sampler. For this specification
a zigzag baffle type entrainment separator was an appropriate choice.
Calculation of terminal velocity for liquid droplets at the gas
velocities in MBC showed that drops with the diameter of up to a few
hundred microns would be entrained. Therefore the ideal entrainment
separator would have zerc efficiency for particle diameters less than
10 um, and 100% efficiency for removal of particles from 10 um to
several hundred microns. A ;igzag demister was designed for which the
performance curve was a satisfactory approach to this specification.
The calculations and details are given in Appendix F. The separator
consisted of 4 rows of zigzag baffles, of which each comprised 7 vanes,
60 mm wide. The angle between the vanes and the vertical flow direction
of air was 30°. At the top of these 4 zigzag sections, a fifth section
with vertical vanes, 60 mm wide, was attached in order to straighten
the air flow upstream of the gas sampler. The typical S-curve on
Figure 5.3 shows the theoretical prediction of performance of this

zigzag baffle demister for a typical air velocity of 3 m/s. The results
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of an experimental check on the demister performance using ferrous
sulphate particles, also shown on Figure 5.3, demonstrates that the
actual efficiency was zero for the particle size range 0.3 to 6 um,

thus indicating that the theoretical curve is somewhat conservative.

5.2.5 Instrumentation

5.2,5.1 Pressure taps and transducer

A special pressure tap which had been successfully employed
previously by Tichy et al. (1972) was used for pressure measurements
(Figure 5.4). The gas-liquid mixture entering the tap was separated
in a small cylindrical liquid knock-out vessel. The liquid closed the
vessel in a siphon. The pressure in the vessel was therefore equal to
the static pressure in the MBC column. One such pressure measurement
assembly was located just above the lower grid, another just below the
upper grid.

As pressure in an MBC column fluctuates appreciably, sometimes
by as much as 15%, pressure measurement by a differential force balance
pressure transducer is preferable to use of a U-tube manometer. A
Foxboro instrument, Model 613 DM-MK-1, was used in this study. Pressure
lines from the lower and upper taps were connected to the opposite sides
of the twin-diaphragm differential sensing capsule of the pressure
transducer. The difference between these pressures causes the diaphragm
capsule to exert a force on the force bar which transmits this force to
an electronic force-balance system. This system comprises a force-
balance detector, a transistor-amplifier and a feedback torque motor.

The pressure difference on the diaphragm capsule causes a change in



- 113 -

—> O

5 EAELEATELAERTRANANATAVERRARURNANRARARARRANNY

FIGURE 5.4.

—
—
A L~
=
— l
— E
T i
- u—
— —
] j—
Tap for pressure measurements.
(To scale)
A - auxiliary vessel
B - wall of the Mobile-Bed Column
C - to the manometer and transducer
D - to atmosphere
E - overflow



- 114 -

output current of the transistor-amplifier which is detected by the
voltmeter and transferred to the digital printer (Figure 5.5)}. The
average of about 60 printed values during 45 seconds was taken as the
pressure drop at any flow condition.

Calibration of the pressure transducer was made with a U-tube

manometer at static conditions. The results are given in Appendix G.

5.2.5.2 The aerosol generator

The concentrated aerosol for introduction into the inlet
stream to the MBC test column was produced by a spinning disk aerosol
generator (Model 8330, Environmental Research Corporation, St.Paul,
Minn.). The schematic diagram is shown in Figure 5.6. Ambient air
for producing the concentrated aerosol is drawn through a calibrated
orifice meter and into the mixing chamber by a blower mounted on the
side of the mixing chamber. The air flow was fixed at 0.0236 ms/s as
suggested by the manufacturer. After being heated with a resistance
element to ensure that the carrier liquid injected at the spinning disk
would subsequently be evaporated, the air stream passes upwards through
a filter into the plenum chamber. The air then flows downward through
an 80 mesh stainless steel screen, to damp turbulence, into the air
classifier section where the droplets from the spinning disk are
injected and the associated carrier liquid is evaporated. As the final
step, the air stream with the particles after evaporation of the carrier
liquid then passes through an ionizer section. Here neutralization of
residual electric charges on the particles is achieved by addition of

a high concentration of bipolar ions generated by a Krypton 85 source.
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The concentrated aerosol then leaves the generator unit to be mixed
with the main gas inlet stream to the MBC column, as described in
Section 5.2.2.

The aerosol material, in a solution or slurry of a volatile
solvent carrier, is fed by a hypodermic needle (No.24) to the center
of a 25.4 mm (1 in.) diameter stainless steel disk, which rotates at
a speed of 60,000 r.p.m. The liquid is thereby atomized into two
discrete droplet sizes. Primary droplets, approximately 30 microns
in diameter, formed during liquid break-up, provide the homogeneous
test aerosol. Smaller satellite droplets are also formed during liquid
break-up. The size of the primary droplets, dpd’ is related to angular

disk speed, w, disk diameter, d fluid surface tension, o, and fluid

disk’

density, p, by the following expression

1/2

_ 2
d = k{og/p w ddisk)

pd (5.2.1)

The constant of proportionality, k, equal to (12)1/2

according to
theory, is reported by the aerosol generator manufacturer to vary
over the range 2 to 7 depending on the disk speed and on the liquid

used.

In the air classifier section of the generator, shown in
great detail in Figure 5.7, the bimodal distribution from the spinning
disk is separated into primary and satellite droplets. A flow rate
of approximately 3x10"3 ms/s, provided by a small satellite blower,
was used to entrain the satellite droplets. In the process of passing
the satellite removal head, this air flows around and cools the

electric motor drive of the spinning disk.
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In the original (1970) design of the manufacturer, the satel-
lite droplets were discharged into the mixing chamber where evaporation
of the carrier liquid was completed. The filter then captured all of
these small particles. However, it was found that unavoidable small
fluctuations in the satellite blower caused unacceptably large fluctua-
tions in the concentration of aerosol produced by the generator. This
operating characteristic had also been observed by the previous user,
Doganoglu (1975). The aerosol generator was therefore modified by
Doganoglu (1975) by connecting the output of the satellite blower to
the test aerosol as shown by the broken line in Figure 5.6. This
modification, which stabilized the operation of the aerosol generator,
was also employed in the present study. Thus, any primary droplets
captured by the satellite blower were re-introduced, with the satellite
droplets, into the system. The satellite droplets are far too small to
affect the monodispersity of the test aerosol around the measured peak
range.

With this generator it was possible to obtain a particle
concentration of around 108 particles/m3 at the entrance of MBC and a
standard deviation about 1.2, based on number size distribution.

This spinning disk generator was used successfully to produce
all four kinds of particles used in the present study, i.e. ferrous
sulphate, silica, latex and dioctyl phthalate (DOP)}. Most of the
experiments were carried out using ferrous sulphate particles, with the
other three materials being chosen in order to determine the effect of
degree of hydrophobicity of the particle on collection efficiency in

the MBC process. The respective solutions or dispersions fed to the
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spinning disk were prepared as follows.

(1) Ferrous sulphate aerosol was produced from a 23% aqueous
solution to which ethanol was added in the amount of 10%.
The addition of ethanol lowers the surface tension of the
solution, thus assuring that the spinning disk was well
wetted.

(2) Silica particles were produced by first grinding 300 ym
particles in a ball mill for 24 hours and then'preparing
a suspension of 15 wt% silica in a solution of 10%
ethanol/90% distilled water.

(3) Latex dispersions were generated from 5 wt% of polyvinyl
toluene létex dispersed in distilled water, directly as
supplied by Dow Chemical Co., Midland, Michigan. The
average size of these latex particles was 2 microns, the
standard deviation, 0.0138 microns.

(4) Liquid aerosols were made from a 30% solution of DOP
in methanol.

Two methods of supplying the feed solution to the spinning

disk were tried:

(a) through a micro-metering peristaltic pump (Model 969,
Harvard Apparatus Co..Inc., Dover, Mass.); and

(b) wusing a 4.5 2 bottle containing the solution at a
height of 0.7 m, with gravity feed.

The second method was found to be superior, as it provided a

constant aerosol concentration for much longer periods (up to 15 hours).
The feeding rate of the aerosol solution to the spinning disk was about

400 mm/s.
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5.2.5.3 The particle counter

Particle concentrations at the column inlet and outlet were
determined by analysis of sample streams with a particle counter (Model
202, Royco Instruments, Inc., Menlo Park, California). This unit is an
accurate instrument for determining the number concentration and size
of particles in the micron and submicron size range. The principle of
operation is based upon the well-established phenomena of light scattering
and reflection by small particles. Light scattering is the best method
to analyze particles over the size range from 0.1 to 30 um (Jelinek (1974)).

A block diagram of the particle counter is shown in Figure 5.8.
It consists of two main units, one of which houses the optics, and the
other the electronics. The aerosol sample is passed through an intense
beam of light from a controlled source in the optical system (Figure 5.9).
Particles scatter this light onto a photomultiplier tube which produces
a current for each particle. ‘The current pulse is converted to a voltage
pulse by a preamplifier and the resulting signal is passed to the
electronics section of the counter. Here the voltage pulse is first
amplified by a 40 DB. amplifier and the signal then goes through an
attenuation circuit to the discriminator. The pulses are sized, and,
depending upon the counting mode, are ignored or registered on the decade
counters. The particle counter may either count all particles in one or
more size ranges (single mode operation) or all particles larger than
any selected size (total mode operation). Table 5.1 gives channel
numbers and the corresponding size ranges for the Royco 202 counter.

Any combination of particle size ranges may be preselected for automatic

monitoring. The particle counter has also built-in timing circuits so
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TABLE 5.1. Size Ranges of Model 202 Royco Particle Counter

Channel No. Size Ranges, micron
1 0.3 - 0.4
2 0.4 - 0.5
3 0.5 - 0.6
4 0.6 - 0.8
5 0.8 -1
6 1. - 1.2
7 1.2 - 1.5
8 1.5 - 2
9 2. -3

10 3. - 4.
11 4, - 5.
12 5. - 6.
13 6. - 8.
14 8. -10.

15 : larger than 10.
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that samples can be taken for 0.3, 1., 3. and 10. minutes.

The particle counter was ''prime calibrated" every two weeks
using an aerosol of latex particles. Such calibration provides
comparison between the indicated size distribution with the known
distribution of latex particles and permits any necessary calibration
adjustment. Details of prime calibration are given in Appendix H.
Furthermore, the counter is calibrated in the field daily using pulses
of known magnitude created by the light chopper in the optical unit
(Field Calibration).

The main source of sizing error in the particle counter is
"coincidence loss'. This effect results from simultaneous appearance
of two particles within the sensitive volume where measurement takes
place, thus causing masking of smaller particles by those larger.
Coincidence loss, therefore, is not the same in all channels, but
rather is a function of the count in a particular size range related
to the total count in that range plus all larger particles. The
instrument response is such that particles which pass through the
sensitive volume less than 1 ms apart produce coincidence loss, which

can be evaluated from the following expression.

total count for all size indicated
ranges larger than the 0.001 count for indi-
Coincidence 1loss one under consideration vidual channel

in the channel =
time duration of test (in seconds)

Coincidence losses in this study were corrected from a graph supplied

by the manufacturer (Figure 5.10). This graph depends on a ''total' mode
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count. The actual count for a certain size range is then the difference
of the actual total counts, read from the graph, of particles equal to
or larger than the specified size range and particles larger than the
specified range. Although this correction is cumbersome, the effort
required yields a significant increase in accuracy. All data in this
study were corrected for coincidence loss as described above.

By comparison with the straight line marked "ideal', it is
negligible for concentrations below 4x107 particles/ms. As this study
concerns concentrations about 108 particles/ms, corrections were around
10% in the extreme cases.

A drawback in using this particle counter is that it is cali-
brated to operate at a sample flow rate of 300 cc/min. Gas velocities
in MBC, however, are quite large. Therefore, in order to provide iso-
kinetic sampling conditions, a special sampling system was designed as

described in the next section.

5.2.5.4 The particle sampling system

If the velocity of the aerosol stream entering the sampling
nozzle is the same as the velocity at the main stream in the column,
the samping is said to be '"isokinetic'". If the sampling velocity is too
high, large particles having greater inertia cannot follow the stream-
lines into the sampling nozzle. In this case, the sampling would be
biased against large particles. If the sampling velocity is lower than
the main stream velocity, particles with higher inertia will be over-
sampled, biasing the results in the opposite direction. Therefore,

sampling of particles from gas streams should be made under isokinetic

.
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conditions. Isokinetic sampling is especially necessary for particles
having aerodynamic diameters, dpa = dp/HETE; , greater than about 5 um.
Although this is the maximum size investigated in this present study,

all sampling was done isokinetically.

Superficial gas velocities employed in the present study were
in the range of 1.75-4 m/s. Although it depends on the size of the
sampling nozzle chosen, the sampling flow rate from gas is then much
higher than the operating flow rate of the Royco particle counter, which
is 300 cc/min. This prbblem was solved by designing the 'particle
sampling system' shown in Figure 5.11.

During the experiments air was sampled at the inlet and outlet
of the column (Figure 5.1). Stainless steel sampling nozzles, 6.35 mm ID,
supplied by Nutech Corp., Durham, North Carolina, were used. These
probes were connected to the inlet of the sampling system (Figure 5.11)
by high-temperature heat-line hoses (Model 212, Technical Heaters Inc.,
San Fernando, California). The sampling flow rate was determined by
measuring the air velocity at the point of sampling by a standard pitot
tube and a micromanometer. Then, by making the necessary corrections
for temperature and pressure change along the sampling line, the main
sampling flow rate was adjusted by means of a rotameter and a vacuum
pump. This procedure ensures isokinetic sampling from column inlet and
outlet, As shown in Figure 5.11, the inlet section of the sampling
system consists of diverging’pipe from diameter 0.635 cm to 3.175 cm.
Therefore, in this section, velocity of the aerosol stream decreases.
The 4 mm diameter sliding secondary probe mounted to this section could
move inward or outward. This secondary probe was connected to the Royco

particle counter. Since the sampling rate of the Royco counter is constant
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(300 cc/min), the velocity in the secondary probe was always 0.4 m/s.

By sliding this secondary probe through the diverging pipe, it was
possible to adjust the position of its tip to a point where the velo-
city of the main aerosol stream was also 0.4 m/s. A reference graph

was prepared for the total sampling flow rate through the sampling

system as a function of distance from the small area end of the diverging
pipe. This graph and the calibration curve for the sampling system
rotameter are given in Appendix I. By the use of such a special two-

stage sampling rig, isokinetic conditions were achieved.

5.3 PROCEDURE AND DESIGN OF EXPERIMENTS

5.3.1 Minimum Fluidization Velocity Experiments

Two methods were employed to determine Gmf’ the minimum
fluidization velocity. The first method was the direct observation
method. At constant liquid flow rate the gas flow rate was increased
from zero and the onset of fluidization was observed visually. The
gas flow rate at which the packing just starts fluidizing was recorded.
This procedure becomes more difficult as liquid flow rate increases
because, as will be discussed in the next chapter, minimum fluidization
velocity in MBC decreases with increase in liquid flow rate.

The second method utilized bed expansion.data. A least
squares straight-line fit to the data for bed height as a function of

gas flow rate was extrapolated to the static bed height, H to obtain

st’
the corresponding minimum fluidization velocity.
The variables studied include three packing sizes (19, 25,

38 mm), two static bed heights (0.29 and 0.44 m) and liquid flow rates

4.7 to 23.5 kg/mz-s.
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5.3.2 Bed Expansion Experiments

The procedure followed in bed expansion experiments was to
observe the value of bed height over a period of about 5 minutes and
determine the maximum and minimum bed heights between which the bed
continuously fluctuates. Only the height of clusters of balls was
considered in this procedure, i.e. not the height reached by a single
ball occasionally carried significantly above the top of the mobile-
bed. The average bed height was then calculated by averaging these
maximum and minimum heights. 2

The range of the variables dpb’ Hst and L studied in this
section, are exactly the same as those noted above for Gmf' Gas flow

rate was varied between the minimum fluidization velocity and 5.5

kg/mz-s.

5.3.3 Pressure Drop Experiments

Pressure drop through the mobile-bed contactor was measured
by using a pressure transducer. Data were collected in the form of a
digital printout in millivolts, using the electronic circuit of Figure
5.5. In order to account for fluctuations in MBc; an average of about
60 printed values was taken. Pressure taps were placed just above the
lower grid and just below the upper grid so that end effects were
excluded. The measured pressure drop was then the actual pressure loss
across the active zone of MBC. Sets of experiments, each at a constant
liquid flow rate, were carried out at gas velocities over the entire
operable range. Such sets were repeated for the values of dpb’ Hst and

L, which were listed for the determination of Gmf'
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5.3.4 Particle Collection Experiments

Particle concentrations at both inlet and outlet of the column

were measured.

Equations (4.3.5) or (4.4.15) then permit the calcula-

tion of the overall penetration.

The general procedure followed for particle collection experi-

ments was as follows:

(1)

(2)
(3)
(4)
(5)

(6)

(7)

(8)

(9)

(10)

(11)

(12)

Fill mobile-bed column with packing of desired size and
seal the access lid to prevent any air or water leakage.
Prepare aerosol solution to be fed to the spinning disk.
Read barometric pressure.

Turn on particle detector for warm-up (about one hour).
Start aerosol generator, adjust the main air flow rate to
2.36x10"‘m>/s and satellite flow to 3x10™°m/s.

Start MBC column blower, adjust flow rate by checking
pressure drop across the orifice and by using Equation
(E.3).

Open water valves and adjust the rate.

Open water valve to humidification column.

Switch on duct heater and set temperature controller
(for diffusiophoresis experiments).

Open steam valve, adjust the rate (for diffusiophoresis
experiments).

Wait for system to reach steady state.

Read dry-bulb and wet-bulb temperatures of inlet and

outlet air,



(13)

(14)

(15)

(16)

(17)

(18)

(19)
(20)

(21)

(22)

(23)
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Read inlet and outlet water temperatures.

Measure velocity at sampling points, calculate sampling
flow rates.

Check field calibration of the Royco particle counter.
Connect counter to secondary sampling probe of the
particle sampling system.

Start vacuum pump and adjust position of the primary
probe and the sampling flow rate by the rotameter valye,
using calibration curve in Figure I.2 for inlet condi-
tions. (Temperature and pressure of aerosol sample stream
in the sampling system were read (Figure 5.11) and cor-
rection for the volumetric flow rate through the rotameter

was made with the following standard equation.)

Uretered = %tm T 79.92 (5.3.1)
Adjust position of secondary probe in sampling system

using Figure I.1.

Read blank counts for inlet.

Start feeding aerosol solution to the particle generator

at a rate of 4x10'7m3/s.

Wait until rate of particle generation reaches steady state.
Take inlet particle concentration count at least five times,
and take the average.

Adjust position of primary and secondary probes for iso-
kinetic sampling at outlet conditions by repeating steps

{17) and (18).
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(24) Take outlet concentration counts at least five times,

and take the average.

(25) Stop generating particles.

(26) Take blank (background) count at outlet.

The above procedure was repeated for each experiment.

The background count at both inlet and outlet were taken in
order to ensure that no contaminant particles were present. At the
column inlet it was found that the maximum background count was 0.02%
of the aerosol concentration. These few contaminating particles were
found in the size range between 0.3-0.5 microns. This, of course,
reflects the high efficiency of filters used for air (Figures-5.1 and
5.6). At the outlet of the column the background count was about 0.5-
1% of the total count. Again these particles were at the low particle
size range, and were evidently small liquid droplets which passed
through the entrainment separator. Overall inspection of data shows
that, for particles larger than about 0.8 um, the effect of background
count was nil., Particle concentrations for the lower size range were
corrected by subtracting background count from the actual count.

For all experiments except those with diffusiophoresis it was
essential that there be neither evaporation nor condensation in the test
column, i.e. that the humidity of air at the inlet and outlet be the
same. Constancy of humidity was achieved by adjusting the inlet air
humidity as required. For experiments with diffusiophoresis the desired
level of inlet air humidity was accomplished by injecting steam into air
which had been preheated to 93°C. Due to the large air flow rates
involved and limitations of the laboratory steam supply, the maximum

humidity obtained at the column inlet was 0.29 kg H,0/kg dry air.
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As the mobile-bed column was designed to obtain experimental
data up to quite high gas and liquid flow rates, the spacing between
the retaining grids was 1.5 m. For experiments with low static bed
height and low gas and liquid velocities the bed, however, does not
expand to this height. In order to account for particle collection
between the liquid distributor and the top of the mobile-bed, experi-
ments were also performed without packing, i.e. the column operated
as a spray column. The results of these experiments with ferrous
sulphate particles are given in Appendix J. As will be discusseé'in
the next chapter, penetration data for the test column operated as a
spray column were correlated with Stokes number, liquid and gas flow
rates. This correlation was then used for the correction to determine
the particle penetration through just the active volume occupied by
the mobile-bed.

Particle collection experiments for MBC can be classified in
three groups:

i) Investigation of effect of gas flow rate, liquid flow rate,
packing size, static bed height and particle dize for
conditions with no diffusiophoresis;

ii) 1investigation of effect of hydrophobicity of particles for
conditions with no diffusiophoresis; and
iii) investigation of effect of water vapor condensation
(diffusiophoresis) on particle collection.

The results of the experiments of the first group give the

characteristic performance of MBC due only to inertial collection. For

this purpose an extensive series of experiments with ferrous sulphate
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particles was made covering a wide range of variables, i.e.

4.7 <L <235 kg/mz—s

2 <G < 4. kg/mz-s
0.29 <H,, < 0.58m
19 f_dpb < 38 mm

0.35 j_dp < 5.5 um

With respect to the nature of the particles used, ferrous
sulphate dissolves readily in water. Therefore these particles are
hydrophilic particles, i.e. they are ideally wetted by water, as the
contact angle is zero. In order to investigate whether solubility of
particles has an effect on particle collection, experiments with silica
particles were performed. This solid aerosol exhibits perfect wetting
(ec== 0) while being totally insoluble. Latex particles and DOP particles
were used to investigate the effect of hydrophobicity on collection.

Thus the inertial collection of particles in MBC was determined for a
considerable range of types of particles.

As the final objective, the validity of the theoretical develop-
ment given in Chapter 4 for diffusiophoretic collection was checked using

ferrous sulphate particles.
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CHAPTER 6

ANALYSIS AND DISCUSSION GOF RESULTS

Results are grouped in two categories. The first part
concerns hydrodynamic studies and the second part the particulate

recovery in MBC.

6.1 STUDIES OF HYDRODYNAMICS OF MOBILE-BED CONTACTING

6.1.1 Bed Expansion and Minimum Fluidization Velocity

The expanded bed height of a mobile-bed is not only the
fundamental parameter which defines the spacing between retaining grids
in design of an MBC column, but is also required in interpretation of
the particle collection measurements of the present study.

For each set of operating conditions used, values for both
the maximum and the minimum bed height were noted, as observed visually
over a period of about 5 minutes. The average value for both maximum
and minimum bed height was then recorded, and "bed height" was taken
as the average of the pair of maximum and minimum bed heights for each
set of operating conditions. These results are given in Appendix A for
two static bed heights and three packing sizes over a range of gas and
liquid flow rates. The results for expanded bed height are also shown
in Figures 6.1-6.6, which give the ratio, average bed height: static
height, as a function of gas flow rate, with L, Hoo and dpb as parameters.

The results indicate that, at any fixed value of liquid flow
rate, the bed height increases linearly with gas flow rate over the
stable operating range of MBC. This finding is consistent with the

previous works of Chen (1965}, Blyakher et al. (1967), Chen and Douglas
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LEGEND FOR FIGURES 6.1 - 6.6

L, kg/mz-s Symbol
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H/Hst

FIGURE 6.1. Effect of gas flow rate on height of mobile-bed for

Hst = 0.29 m and dpb = 38 mm
dpb: .038m
3 =
H Mgt
2 -
1 o 5

G,kg/m?-s

FIGURE 6,2. Effect of gas flow on height of mobile-bed for
Hye = 0.44 m and dpb = 28 mm
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dpp =-025m

Hst =.29m

FIGURE 6.3.

Effect of gas flow rate on height of mobile-bed for

Hs-t = 0.29 m and dpb = 25 mm

o

FIGURE 6.4.

Effect of gas flow rate on height of mobile-bed for

Hst = (0.44 m and dpb = 25 mm
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st dpp =.019m
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FIGURE 6.5. Effect of gas flow rate on height of mobile-bed for
Hst<= 0.29 m and dpb = 19 mm
3t dpb = 019m
Hst = 44m
H /Hst
2
1
0

G, kg/m?s
FIGURE 6.6, Effect of gas flow rate on height of mobile-bed for

= 0.44 =
Hst .44 m and dpb 19 mm
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(1968), Khanna (1971), and Tichy and Douglas (1972 and 1973). At
increagingly high values of G, however, the slope of these lines of
constant L no longer remains constant but begins to increase. This
effect is due to increase in liquid holdup, as will be discussed
subsequently. As the end region of stable MBC operation is approached,
the slope of the line for H/HSt as a function of G in fact increases
sharply. The non linear region of operation is terminated by 'flooding",
i.e. when all the packing is carried to the upper retaining grid where
the entire mobile-bed becomes a fixed-bed and the liquid is carried over
the top of the bed as in flooding of any fixed-bed tower. The maximum
values of G at which the slope remains constant naturally decrease with
increasing L. This behaviour can be seen from Figure 6.1, where the
slope is constant over the entire experimental range of G for the lowest
of the five values of L used. For the other four experimental values of
liquid flow rate, the value of G at which the slope begins to increase
can be seen to decrease progressively with increasing L. The effect of
packing diameter on extent of the linear region may also be discerned.
Thus it can be observed from comparison of Figure 6.1 with Figures 6.3
and 6.5 that, for a fixed value of L, for example 14 kg/mz—s, the onset
of nonlinear increase of bed height occurs at progressively lower values
of G as packing diameter is decreased over the range 38 to 19 mm. This
effect is a consequence of the effect that packing size has on liquid
holdup, to be discussed later. Regardless of the cause, this examina-
tion of Figures 6.1, 6.3 and 6.5 establishes that, from the practical
perspective of operating an MBC column, the linear region of operation

is reduced as packing diameter is reduced over the range 38 to 19 mm.
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Although the general outline of the behaviour noted above
had been reported previously by Tichy and Douglas (1973), that study
reported data for only a single value of liquid flow rate and packing

size, L =4.95 kg/mz—s and d_, = 19 mm, for two values of Hst’ 0.14

pb
and 0.29 m. With this limited experimental data, Tichy and Douglas
were unable to provide the general correlation which is needed for
expanded bed height as a function of all variables of practical interest.
The results of the present study have, therefore, documented the mobile-
béd expanded height over a wide range of the controlling variables.
Only on the basis of éuch a comprehensive study may a reliable general
correlation of expanded bed height be obtained.

For each of thé five values of liquid flow rate recorded in
Figures 6.1 and 6.2 a least squares straight-line fit to the data is
shown. For Figures 6.3 to 6.6, however, lines are shown only for the
three lowest values of L (4.7, 9.4 and 14.1 kg/mz-s). Results for the
two highest liquid flow rates, 18.8 and 23.5 kg/mz—s, are closely spaced
and do not fall in any consistent relationship relative to the data for
L =14.1 kg/mz—s. This inconsistent behaviour at the highest liquid
velocities is believed to be associated with non-uniform distribution
in the bed accompanied by occasional agglomeration of packing balls and
adhefence of packing to the walls. Thus the line for L = 14.1 kg/mz-s
in Figure 6.4, for example, may be taken also as the best estimate of
bed height for values of L > 14 kg/mz—s, although the accuracy of this
estimate is somewhat reduced for the ﬂigher liquid rates due to less

uniform bed hydrodynamics.
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The gas velocity which marks transition between fixed-bed and
mobile-bed operation is referred to as minimum fluidization velocity,
Gmf' The value of Gmf is relevant not only to the design of an MBC
column, but is as well an essential parameter in correlation of expanded
bed height and of other phenomena occuring in MBC.

Previous studies by Chen (1965}, Chen and Douglas (1§68],
Khanna (1971), Tichy and Douglas (1972 and 1973) established the method
of determining minimum fluidization velocity by linear extrapolation
of bed expansion to the limiting value of static bed height. Thus in
Figures 6.1-6.6 the point of intersection of each line with the abscissa
at H/Hst = 1 may be taken as the value of Gmf for the corresponding
operating conditions. Table B.1 in Appendix B gives the values of
minimum fluidization velocity thus determined from bed expansion results.

Equally as well as approaching Gmf as the minimum of those
values of G for which a mobile-bed is fluidized or expanded, Gmf may be
obtained from the opposite direction as the maximum gas velocity at which
the bed just maintains its static height. Thus as an independent check
on the reliability of the first method, G ¢ was also determined in the
present study by a second method, namely, by visual observation. Table
B.2 in Appendix B gives the data for Goe obtained by visual observation.
Comparison of the results by the two methods indicates that, in spite
of a certain inevitable amount of scatter, the two methods are in
reasonable agreement. The transition between the fixed-bed and mobile-
bed condition is not as sharp as in two-phase fluidization, (cf. Figure
2.1). Thus, it is very difficult to define the onset of fluidization

visually, especially at high liquid flow rates. However, as it has now
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been verified that the value of Gmf obtained by the extrapolation
technique is indeed the minimum fluidization velocity, in future

Gmf may be determined with confidence simply by the extrapolation
technique.

Using the analogy between two-phase fluidization and MBC,
which may be regarded as three-phase fluidization, Chen and Douglas
(1968) suggested the following form of correlation for minimum
fluidization velocity:

Gpe = Bo dpp 10 (6.1.1)

This form has been adopted for use with the data of the present
investigation which covers a wider range than the cited study. The
correlation proposed by Chen and Douglas, together with others found
in the literature, were given in Table 2.1.

Multiple regression analysis of the two sets of data combined,
i.e. those obtained visually and from bed expansion study (Tables B.1
and B.2), using the STATPK subroutine in an interactive computing system

(MUSIC), gave the following equation:

_ 0.488 . -0.01985 L
Gmf = 10.86 dpb 10 (6.1.2)
Since the STATPK subroutine performs linear multiple regression,
statistical analysis of the above correlation and others that will
subsequently be presented for other hydrodynamic characteristics of

MBC was made on the logarithmic forms of the equations. Therefore,



- 146 -

the statistics supplied by the STATPK subroutine apply to the logarithms
of the variables and not to the variables themselves. The multiple
correlation coefficient thus obtained for Equation (6.1.2) is 0.955.
Probability associated with F evaluated is 1. These statistical
measures indicate a high degree of correlation. For practical purposes,
the coefficients in Equation (6.1.2) may, of course, be rounded. Thus
the three constants in Equation (6.1.2) may be taken respectively as
10.9, 0.49, and -0.2 without significant loss of accuracy.

Experimental results together with the proposed correlation
(Equation (6.1.2)) are plotted in Figures 6.7, 6.8 and 6.9. Also plotted
for comparison is the correlation of Chen and Douglas (1968), the only
other correlation obtained with both large open area grid (80%) and
large Dc/dpb ratio (8-24). 1In addition, the correlation and data
obtained by Khanna (1971) and the correlation by Tichy and Douglas
(1972) are included to show the effect of small Dc/dpb ratio. As may
be noted in these figures, Khanna's correlation does not give a good
estimate of his own data for 38 mm and 25 mm packing. While Khanna
predicts larger Gmf values for 38 mm packing, for all other cases
Khanna's correlation, and other correlations for all cases, predict
lower values of minimum fluidization velocity than those obtained by
the present correlation (Equation (6.1.2)). This discrepancy can be
better understood after inspection of their bed expansion data. As
will be discussed subsequently, slopes of lines for bed height as a
function of gas velocity in previous studies are mostly smaller than
found in the present study. This fact suggests that there might be

strong wall effects in the previous studies. Experience of operating
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LEGEND FOR FIGURES 6.7, 6.8, 6,9 and 6.10:
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FIGURE 6.7. Variation of minimum fluildization velocity with liquid
flow rate for 38 mm packing
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FIGURE 6.8. Variation of minimum fluidization velocity with liquid
flow rate for 25 mm packing
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FIGURE 6.9. Variation of minimum fluidization velocity with liquid

flow rate for 19 mm packing
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dynamics is determination of a general correlation for expanded bed
height over this linear operating region. Over the linear region one
may write

H = m(G - Gmf) + Hst (6.1.3)

which can be rearranged in dimensionless form as:

(- Hye)/Hgy = (0 Gpe/Ho ) (6 - Gred/Ge (6.1.4)
or,

h = (mG/H )A (6.1.5)
where, h = (H - H_)/H_ (6.1.6)
and b= (6- G /G, (6.1.7)

The excess gas mass velocity, expressed relative to Gmf’ has been
termed the stirring number, A. The bed expansion data and the cor-
relation developed for minimum fluidization velocity (Equation (6.1.?))
were used to evaluate h and A in Equation (6.1.5). Regression analysis
of these results using the STATPK subroutine yielded the following

correlation:

h = 0.147 Gye A/HSt , (6.1.8)
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The correlation coefficient for the above equation is 0.89. Figure
6.11 shows the fit of experimental data with this correlation. It is
interesting to note that the scatter of data becomes larger for larger
values of h, which correspond to high gas velocities. At these high
gas flow rates, as will be noted later in this section, fluctuations
of bed height are much larger than at small gas velocities. Large
fluctuations, of course, reduce the accuracy of determination of
expanded bed height.

The effect of liquid flow rate and packing size is not seen
explicitly from Equation (6.1.8) but, as explained previously, Gmf is
a strong function of both of these variables.

Data reported for expanded bed height by several investigators
are compared with the present work in Figure 6.12. This comparison is
made for the most part at common conditions, summarized in Table 6.1.
Correlations proposed previously were given in Table 2.2. Chen (1965)
and Chen and Douglas (1968) presented no correlation for their data.
Over the low range of gas flow rates used in that study, their experi-
mental observations agree reasonably well with the present work. At
the upper end of the range of gas flow rates covered by the cited
authors there is a reduction in their bed expansion values. This
reduction may not be important for prediction of bed height but may
significantly effect the slope of the line, and hence the minimum
fluidization velocity determined by extrapolation. This effect may be
the reason why G__. values of these authors are lower than those of the

mf

present study, as demonstrated in Figures 6.7-6.9.
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h , estimated

1 R 3
h ., experimental

FIGURE 6.11. Comparison of experimental and estimated values for

bed expansion



O

TABLE 6.1. Experimental Conditions of Bed Expansion Data Reported in the Literature and Used in
Figure 6.12,

Author L, kg/mz-s d py T , m Hst’ m
Balabekov et al. (1969) 4,17 16 .175 0.11
Blyakher et al. (1967) 5.55 38 .2 0.2
Chen (1965), and 6.57 38 .29 0.3
Chen and Douglas (1968)

Gel'perin et al. (1968) 5.55 16 .165 0.09
Khanna (1971) ' 5.35 38 .14 0.14
Levsh et al. (1968) 5.6 18x9x2 rings - .178 0.21
Tichy and Douglas (1972) 4.7 38 .14 0.14
Tichy and Douglas (1973) 4.95 19 .29 0.29
Present 4.71 38 .29 0.29

- LST -
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Comparison of literature data on bed expansion

in MBC and the present study

H /Hst

— - —— - —

.G,kg/m?-s

Balabekov et al, (1969)

Blyakher et al. (1967)

Chen (1965), Chen and Douglas (1968)
Gel'perin et al. (1968)

Khanna (1971)

Levsh et al. (1968)

Tichy and Douglas (1972)

Tichy and Douglas (1973)

Present data

Present correlation
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Khanna's data, as seen in Figure 6.12, also show lower values
of bed height than the present data. Khanna (1971) presented his
results only in tabular form. When the author plotted his data it was
observed that, for almost all conditions, there were inconsistencies
similar to those observed only at very high flow rates in the present
study. This definitely implies that there were strong wall effects
in Khanna's study carried out with a smaller diameter (0.14 m) column.

The same observation may be made for the studies of Levsh
et al. (1968), Balabekov et al. (1969), and Tichy and Douglas (1972).
The existence of a wall effect in these studies is apparently reflected
in smaller slopes of their bed expansion results. Data reported by
Blyakher et al. (1967) and Gel'perin et al. (1968) show quite abnormally
high values for bed height. The criterion they used for bed height is
a possible reason for the large differences of these studies. Although
not clear from their publication, it is probable that the maximum height
attained by any packing ball was reported as the bed height. If so,
such a criterion for bed height does not represent a good choice.
Furthermore, as noted in Section 2.1.2, the bed expansion data of both
Gel'perin et al. (1968) and Levsh et al. (1968) were unfortunately
strongly affected by the use of support grids of unrealistically low
open area.

As noted earlier, Tichy and Douglas (1973) reported data for
a large column for which wall effects should be absent, but for only a
single packing size, 19 mm. These data, also shown in Figure 6.12,
are in reasonable agreement with the results for the corresponding size

of packing in the present study.
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Finally, it should be noted that the correlation proposed in
this study (Equation (6.1.8)) predicts average heights. However,
fluctuations in bed height are also important in the design of MBC.
= 38 mm, H

Figure 6.13, a typical result for d £ =0.29 mand L =

pb s

14,1 kg/mz-s, shows the variation of maximum and minimum height together
with average values. At any gas flow rate the bed height fluctuates
between limits shown by the shaded area in Figure 6.13. The complete
results, presented in Appendix A, are consistent with this figure in
indicating that the aﬁplitude of height fluctuations generally increases
with gas flow rate. It is also observed that a smaller packing size is
generally associated with a smaller amplitude of fluctuation. Thus,

for design purposes, the bed height evaluated from Equation (6.1.8) may
be multiplied by 1.2 for 38 mm packing, and by 1.15 for 25 mm and 19 mm
packing, in order to estimate maximum as opposed to average bed height.
Maximum bed height, thus determined, would relate to fixing the spacing

between bed support grids of MBC units.

6.1.2 Pressure Drop and Liquid Holdup

Two fundamental operating variables which characterize any
gas-1iquid contacting device are pressure drop and liquid holdup.
Thus, knowledge of these parameters is essential to defining and
comparing the characteristics of gas-liquid contactors.

As interstitial gas velocity is required in the analysis of
particulate recovery in a gas-liquid contactor, liquid holdup in MBC
must be known accurately for the present study. As reviewed in Sections

2.1.3 and 2.1.4, the results of previous studies on pressure drop and



L -14.12 kg/mZs
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liquid holdup in MBC are at such variance that it was not possible to
predict these variables with confidence for the present study. It is
liquid holdup, not pressure drop, which is specifically required in the
analysis of particulate recovery in MBC. However, as it was considered
that pressure drop could be measured more accurately than liquid holdup,
extensive measurements of APC were made which, beyond their intrinsic
interest, were used also in conjunction with Equation (2.1.1) to evaluate
liquid holdup in MBC.  Thus a comprehensive study of the pressure drop
and liquid holdup characteristics of MBC was carried out.

It is readily demonstrated that pressure drop and liquid
holdup are closely interconnected variables in a countercurrent gas-
liquid contactor. The macroscopic momentum balance around an MBC column
at steady state is

{m b + my + mG)g + ZF

= A 2 2
APc = A(pGuG ) - A(pLuL )+ Sc (6.1.9)

where mpb’ m; and m, represent the mass of packing, liquid holdup and

gas holdup, respectively, and AF can be represented as
(6.1.10)

where £ is the friction factor, and A is total interfacial area (Bird,
Stewart and Lightfoot (1960)). This force, represented by Equation
(6.1.10), is composed of the sum of all viscous and pressure forces,

i.e.
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IF = F (6.1.11)

Fgrid * Fwa11 * Fmixing * Finterfacial

As is the effective force of gas on the grids, this term depends

Forid
on the type of grid used in a particular column. If, however, the
balance is written inside the retaining grids, and pressure is cor-
respondingly measured inside the grids, then this term does not appear.
The axial drag force exerted on the wall, Fwall’ is very small and can
be neglected. The force required for overcoming surface tension,

1’ and the force required for mixing, F , are also small

Finterfacia mixing
relative to the weights of packing and liquid holdup and can, therefore,
be neglected. An order-of-magnitude estimate of these forces justifies
this. For example, Khanna (1971) reports a value of about 200 n~1 for
the interfacial area in MBC at G =3 kg/mz-s and L = 15 kg/mz—s. The

surface tension between air and water at 25°C is about 7.2)(10-2

N/m.

This implies that the total force required to break the gas-liquid inter-
face in MBC is about 0.96 N. Similarly, when the total drag force on,
for example, 38 mm packing is evaluated, a value of 0.72 N is found.
These values are much smaller than the force corresponding to the
pressure drop in MBC due to the weights of packing and liquid holdup,
which is about 32 N. Furthermore, density of the gas can be ignored

relative to packing and liquid density. Thus, under conditions of

negligible mass transfer between the phases, Equation (6.1.9) reduces to

APC = (mpb + mLJg/SC (6.1.12)
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This is the same equation which appeared without comment in the earlier

MBC studies of Barile et al. (1971) and Tichy and Douglas (1973), i.e.

APC = (thL + hpb ppb)g H

(hL,st P ” hpb,st ppb)g st (2.1.1)

Equation (2.1.1) is a very useful relation as it shows that, when the
fully developed mobile state is reached by the packing, pressure drop
in MBC is equal to the sum of the weights of solid packing and liquid
holdup. This equation establishes then the close interconnection,
referred to at the outset, between pressure drop and liquid holdup.
Stated otherwise, this equation indicates that liquid holdup may be
predicted from pressure drop, or vice versa. It is believed that the
experimental method of determination of pressure drop (Sections 5.2.5.1
and 5.3.3) is siﬁple, yet accurate.

Pressure drop data obtained at various gas and liquid flow
rates for two static bed heights and three packing sizes are tabulated
in Appendix C and plotted in Figures 6.14-6.19. The basic feature of
these results is that, over normal operating conditions, pressure drop
is independent of gas flow rate. This is consistent with the general
characteristic behaviour of a mobile-bed contactor represented in
Figure 2.1, as suggested by Chen and Douglas (1968), Barile and Meyer
(1971), and Tichy and Douglas (1973). As clearly demonstrated for high
liquid flow rates in Figures 6.14 and 6.15, beyond the constant pressure
drop region, APC increases again with gas flow rate, due to the increase

of liquid holdup in the column. At these conditions of high gas and
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liquid flow rates the behaviour of the column was not uniform and there
was appreciable liquid entrainment into gas. As may be noted in
Figure 6.14 the transition from normal operating conditions, where
pressure drop is constant, to the conditions where pressure drop
increases with gas flow rate, occurs at progressively lower gas flow
rates with increasing liquid rate. This trend is consistent with the
observed behaviour for bed expansion discussed in the previous section.
The non-linear region of increasing APC corresponds to non-linear bed
expansion.

As may be noted in Figures 6.14 and 6.15 the broadest regions
of stable operating conditions for MBC are for liquid flow rates smaller
than about 25 kg/mz—s. The maximum liquid flow rate was therefore limited
to this value for further experiments in this study. At each liquid
flow rate, then, the average values of the pressure drop data, represented
by the horizontal lines in Figures 6.14-6.19, were subjected to multiple
regression analysis using the STATPK subroutine of the McGill Computing
Center. The following correlation was thereby obtained:

0.44

pp_ = 112.17 1% 4 -0.492

b st (6.1.13)

The exponent of Hst in the above equation is specifically set equal to

1, as suggested by Equation (2.1.1). In order to verify this point,

the correlation was first made allowing HSt to be an independent variable
in the multiple regression, in which case the exponent for Hst was found
to be 0.95. This test establishes that forcing this exponent in the

regression to be 1, as suggested by the theoretical analysis, is consistent
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with the experimental data. The multiple correlation coefficient
found for Equation (6.1.13) is 0.93. The probability associated with
the F value evaluated for the data is 1. These statistical measures
show that the proposed correlation is quite adequate for the data.
Figure 6.20 likewise shows the good fit of this correlation to the
experimental data.

In Figure 6.21 the results of the present study are also
compared with limited results reported in the literature, for condi-

tions preferred in industry, i.e. d_, = 38 mm and Hs = 0.29 m. Cor-

pb t

relations previously reported were summarized in Table 2.3, not all of
which are included in Figure 6.21. The correlations proposed by
Blyakher et al. (1967) ;nd by Uchida et al. (1977) -~ Kito et al. (1976)
are not included as their results were distorted by, respectively, the
use of small open-area support grids and small Dc/dpb ratios. The cor-
relation proposed by Levsh et al. (April 1968) and Krainev et al. (1968)
was for plastic rings, which are of little industrial interest. The
correlation of Tichy and Douglas (1972) does not consider the effect of
packing size and experimental data for 38 mm packing are not available
from the cited study. Also in the study of Tichy and Douglas (1973)
there were no data for 38 mm packing. The correlation of UOP (1970) -
Bechtel (1971) is not reliable in that it predicts negative values for
some reasonable flow conditions (example: L =5 kg/mz-s and G =3 kg/mz-s).
As the actual data obtained by UOP are available (UOP Bulletin No.608

and Douglas et al. (1963)), these pressure drop values over the range
independent of gas flow rate are included in Figure 6.21. Only two other
previous studies, those of Barile and Meyér (1971) and Wozniak (1977)

could be used for comparison with the present study.
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As noted in Section 2.1.3, Wozniak's correlation includes an
effect of gas velocity cn pressure drop. However, by the extensive
measurements presented in the present study, it has been shown that
gas velocity does not affect pressure drop over the normal range of
operating conditions. In order to be able to make a comparison, the
line for Wozniak's correlation in Figure 6.21 was drawn for a typical
value of gas flow rate, i.e. G =3 kg/mz—s.

The new results of the present study agree reasonably well
with those of Barile and Meyer at low and intermediate liquid flow
rates. At high liquid flow rates, of great importance industrially,
the pressure drop predictions of the two studies of Barile and Meyer,
and Wozniak diverge significantly. Predictions made by Wozniak's cor-
relation in the important range of high liquid rates are only about
half of those given by the present study. This lack of agreement for
pressure drop measurement will be explained in the subsequent discussion
concerning the interrelated variable, liquid holdup. The agreement of
the present data and correlation with the data obtained with a full-
scale MBC column by UOP is quite satisfactory.

For 19 mm packing, pressure drop results of the present study
are within 10% agreement with those of the only other study performed
with the same size column (0.29 m), by Tichy and Douglas (1973).

As already noted, liquid holdup in the present study is
evaluated from pressure drop measurements by means of Equation (2.1.1).
Thus, values of liquid holdup were calculated for conditions which cor-
respond to those regions of Figures 6.14-6.19 over which pressure drop
(and hence liquid holdup) is independent of gas velocity. Values of

liquid holdup thus calculated are correlated by multiple regression
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analysis using the STATPK subroutine. The following is the equation

obtained from this analysis.

hy g = L.15x107¢ 10-8%6 dyp 11288 (6.1.14)
The multiple correlation coefficient obtained for the logarithmic form
of this equation is 0.94, an indication of quite satisfactory fit of
Equation (6.1.14) to the experimental data. Figure 6.22 also shows
the adequacy of this correlation for MBC liquid holdup over the extensive
operating region for which pressure drop is independent of gas velocities.
Once again it may be noted that the constants determined from the statistical
analysis, in this case the exponents of L and dpb’ can be rounded to 0.83
and -1.3, respectively, without significant loss of accuracy.

Present results agree with the previous studies reported by
Chen (1965), Chen and Douglas (1968), and Barile and Meyer (1971) with
respect to the lack of dependence of liquid holdup on gas flow rate over
the stable operating region of MBC.

Figure 6.23 shows the effect of liquid flow rate and packing
size on liquid holdup. Results of all previously published studies are
also shown for comparison. The fact that the data of the present study
indicate that the liquid holdup increases with a decrease in packing
size is in agreement with studies reported by Chen (1965), Chen and
Douglas (1968) and Barile and Meyer (1971). Figure 6.23 also shows the
average experimental values of liquid holdup for liquid flow rates
larger than 25 kg/mz-s, for 38 mm packing. As noted earlier, liquid
holdup increases very rapidly in this range. Beyond this limit of

liquid flow rate it was observed during the experiments that the packing
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was maldistributed in the column, tended to agglomerate, adhered to the
column wall, and that liquid entrainment into the gas increased very
appreciably. These operating characteristics explicitly put a restric-
tion on the upper limit of the normal operating range of MBC.

There appears to be an internal inconsistency in the results
of Wozniak (1977) in that his liquid holdup data are the highest of
those compared, whereas, as nbféd in Figure 6.21, Wozniak's data for
pressure drop are the lowest. This is a contradiction. In review of
the simple interrelationship between AP, and h;, given by Equation
(2.1.1), either Wozniak's preSsure drop measurements or liquid holdup
measurements, or both, appear to be in error. It may be noted the
direct volumetric measurement of liquid holdup made by Wozniak is not
a very accurate method for a column in which there is such turbulent
motion as MBC. It was for this reason that Chen and Douglas (1968)
avoided this method and chose instead to measure hL by a transient
response technique. It is also relevant to note that in Wozniak's
study pressure drop measurements were made using a simple u-tube mano-
meter. Surprisingly, the scatter of his pressure drop data is negligible.
Considering the fluctuations, sometimes as high as * 15%, observed both
in the present study and by other investigators of MBC hydrodynamics,
one may therefore also question the reliability of his pressure drop
data.

Khanna (1971), in his study of liquid holdup, presented his
results only in graphical and tabular form. The author has correlated

Khanna's results by the following equation:
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h, = 0.038 L0:%% 70 % dpbo.os (6.1.15)
It can be noted that the basis of liquid holdup in Equations (6.1.14)
and (6.1.15) are not the same, i.e. the basis is static bed and expanded
bed volume, respectively. After being reduced to the same basis, i.e.
to the volume of static bed by using Khanna's bed expansion data, this
correlation of Khanna's results is also plotted in Figure 6.23 for a
typical value of gas velocity, G =3 kg/mz-s. The values predicted by
Equation (6.1.15) are unrealistically high for true MBC operation. The
high values obtained by Khanna may be attributed to the small dimensions
of the column used. Thus, the wall effect would have been strong,
resulting in the tendency for a stationary layer of packing balls to
adhere to the wall, as was indeed noted by Khanna. Such a condition
leads to an increase in liquid holdup in the peripheral layer of packing
and hence to the high values méasured by Khanna. Furthermore, Khanna's
data do not show a consistent effect of packing size (Figure 6.23).

This leads one to conclude that in Khanna's experiments the dominating
wall effect largely obscured the effect of packing size. It is interesting
to note that over the lower range of liquid velocities (L < 15 kg/mz-s)
Khanna's results deviate less from the results of the present study and,
moreover, indicate the smallest holdup for the largest of his packing
sizes (dpb = 38 mm). The latter trend is consistent with the extensive
findings of the present study. As has also been demonstrated in the
present study, maldistribution of packing and erratic behaviour are
accentuated at high liquid velocities. Thus it is not surprising that

as L increases, Khanna's results should diverge increasingly from those
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of the present study as the wall effect in Khanna's results becomes
progressively more significant. As the excess hL for Khanna's case is
primarily associated with the liquid which is trapped between the
column walls and packing balls adhering to these walls it is also
understandable that, at the highest liquid velocities (L = 20, 25 kg/mz-s),
the liquid holdup increases with dpb’ i.e. exactly opposite to the effect
in the absence of wall effect. This trend is a natural consequence of
the fact that the larger the diameter of balls adhering to the column
wall, the larger the amount of liquid holdup between those balls and
the wall. Thus, even though Khanna's results are not relevant to
industrial conditions for MBC, they do display consistency with the
phenomena which are associated with wall effects.

Although Chen (1965) used a large column (the same size as
that of the present study), he covered only a relatively small range
of flow rates. The maximum liquid flow rate was 14.7 kg/mz-s. Never-
theless, the important finding of Chen that, over this operating range,
the liquid holdup is not a function of gas flow rate agrees with the
present work. But the values of his data for 38 mm and 25 mm packing
agree reasonably with the presenﬁ work. The effect of packing size on
liquid holdup is also the same as determined in the present study, i.e.
liquid holdup increases as packing size gets smaller, but the extent
of this trend is different as represented by the exponents of dpb’ -0.5
in his equation (Equation (2.1.2)) and -1.29 in the present equation
(Equation (6.1.14)).

As may be seen in Figure 6.23 the closest agreement of the

present study is with the liquid holdup results:of Barile and Meyer

’
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(1971) for 38 mm packing. It is interesting to recall from Section

2.1.4 that they also evaluated liquid holdup from pressure drop measure-
ments. Their results for the only other size of packing that they used
(19 mm), however, are lower than the corresponding results of the

present study. As may be noted from their correlation (Equation (2.1.3)),

-0.93

Barile and Meyer obtained a dependence of h on d using the

L,st pb
results for two sizes. As three packing sizes were used in the present
study, the exponent of dpb’ -1.29, in the present correlation is believed
to be mére dependable.

Overall comparison of the results of the present liquid holdup
study with those reported by Barile and Meyer (1971) and Chen (1965)
for 38 mm packing is very interesting. While the present work agrees
very well with that of Barile and Meyer, Chen's liquid holdup data, which
were obtained by a transient-response technique, are a little higher.
If the theoretical analysis and assumptions made at the beginning of
this section to obtain Equation (2.1.1) from Equation (6.1.9) had been
wrong, then the effect would have been reflected in anomolously high
values of liquid holdup in the present study with respect to those of
Chen for 38 mm packing, due to omission of effects such as Fmixing’
Finterfacial’ etc. The comparison of results presented in Figﬁre 6.23
indicates that this is not the case. Thus, it may be concluded that
Equation (2.1.1) may with confidence be used to evaluate h; from APC,
or vice versa.

In summary, experimental results of the present study provide
extensive documentation of a stable operating range of MBC where 4,

and hL st 2Te independent of gas flow rate and this region corresponds
3

t
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to linear bed expansion region. Thus, the results of those previous
studies which indicated dependence of APC or hL,st on G cannot be
regarded as reliable. It is also shown that pressure drop and liquid
holdup increase with liquid flow rate and decrease with packing size.
Furthermore, considering the extensive pressure drop measurements of

the present work, the dependability of the method of calculation of
liquid holdup from these data, and the extensive range of variables

which has been studied lead to the conclusion that Equations (6.1.13)

and (6.1.14) are the most reliable correlations to evaluate, respectively,

pressure drop and liquid holdup in MBC.

6.2 PARTICULATE RECOVERY

As the objective of this first comprehensive investigation of
particulate recovery in MBC is to propose and validate a model for
prediction of particle collection efficiency at any condition, an
extensive number of experiments were performed covering a wide range of
variables and operating conditions. The results of the complete set
of experiments were subjected to multiple regression analysis. It was
thereby found possible to obtain a single, theoretically-based empirical
correlation which accounts adequately for all the results. For the
case of the present study it is more convenient to present first the
method of treatment of all the variables and analysis of the complete
set of inertial collection data. This process leads to presentation
of the general correlation for inertial collection in MBC. Following
this are separate treatments of the effect on particle collection of
each variable included in the present study. The effects of hydro-

phobicity of particles and of diffusiophoresis, being different in
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character from the other variables, are analyzed in subsequent sections.
The discussion is completed with a comparison of particulate recovery

in other scrubbers with that in MBC.

6.2.1 Particulate Recovery Due to Inertial Collection

Data Reduction:

Theoretical analysis of particulate recovery in the absence
of any phoretic force, as presented in section 4.3, has shown that

particle penetration can be evaluated by means of equation 4.3.6

n
Pt = p,out

n_ .
p,1n
= exp {—kp H/uz} (4.3.6)
Penetration, therefore, can be determined experimentally by measuring
the inlet and outlet particle concentrations. Inlet concentration,

np,in’ was measured just at the entrance of the test column (as shown in
Figure 5.1). However, because of the serious interference of water
droplets with measurement of concentration of the aerosol, the outlet
sampling nozzle could not be placed below the upper grid or liquid
distributor, For this reason the outlet sampling nozzle was located

at the top of the column (Figure 5.1). In designing the column for
maximum gas and liquid flow rates and maximum bed height, it was
necessary to fix the spacing between the upper and iower grids at 1.5 m.
For experiments at low static bed height and low gas and liquid flow

rates, the expanded bed height was, of course, smaller than 1.5 m.

Thus, particle concentration determined at the column exit was affected
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not only by particle collection in the active volume of MBC, but also

by collection in the section of column between the top of the expanded

bed and the liquid distributor. This upper section acts as a spray
column. In other words, the change in particle concentration from
np,in to np/z — y Was due to collection in MBC, and from np/z -y to
Eé,out = np/z — 1.5 g was due to the spray section. This statement
may be expressed as
_ _p,out _
Pt = PtMBC PtH-l.S (6.2.1)
p,in

In order to account correctly for particle collection in the
spray column section between the liquid distributor and the top of the
mobile-bed, the entire column was operated as a spray column, i.e.
without packing. This auxiliary study was carried out with the ferrous
sulphate particles used to develop the model for particle penetration,
and details are given in Appendix J. Correlation of the results of
these spray column experiments, using the general theory developed in
Chapter 4, leads to an equation for partigle transfer coefficient in

the spray column in the form

. — 0.0165 L1.508 G0.745 Std-0.413 (J.14)

p,SC
Thus,

Pt = exp {-k (1.5 - H)/uz} (6.2.2)

p,SC
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and

n
— p,out
Ptyac (= ) /Py

MB (6.2.3)

= 1.5
p,in

Equation 6.2.3 was used to determine the particle penetration through
MBC from particle concentrations measured at the inlet and outlet of
the column. For the experimental conditions of the present study,
maximum particulate recovery in the spray section was less than 10% of
that in the mobilk-bed. For large particles of a few microns, this
ratio was only a few per cent.

Experimental values of the particle transfer coefficients
for MBC could be calculated from the combination of equations 6.2.3

and 4.3.6 as

kp,MBC =-u fn PtMBC/H (6.2.4)

Height of the mobile-bed, H, required for equations 6.2.2 and 6.2.4,
was evaluated by the correlation developed for bed expansion (Equation
6.1.8). The gas velocity, represented as u, in the above equations,

is the superficial velocity, i.e. G/pG.

Correlation of the Results

The order-of-magnitude analysis of Chapter 3 established
that the dominant particle collection mechanism in MBC is inertial
collection. This is the conclusion regardless of whether particles
are collected by liquid droplets, by liquid films covering the packing,

or are deposited from bubbles. Characteristic parameters for
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inertial collection by these effects, namely St number and Nb,I’ were
defined by Equations 2.2.6-a and 2.2.14. As noted earlier in
Chapter 3, the size of liquid droplets and bubbles cannot be measured
due to the highly turbulent conditions of MBC. However, it can be
postulated that size of packing is a key parameter affecting the
agitated motion in the mobile-bed. Hence droplet and bubble sizes
would be expected to depend on packing size. In this connection, it
can be stated that the particle transfer coefficient for MBC Qould

depend on Stokes number, defined as

2
St = c' dp pp ur/9 Mg dpb (6.2.5)

The relative velocity required for Equation 6.2.5 could, because of

the counter-current flow, be expressed as

U, = ug +oupg (6.2.6)
Interstitial gas and liquid velocities can be written as

Uy ==uG/(1 - hL - hpb) (6.2.7)

up g ==uL/hL (6.2.8)
where, hL ==hL,st Hst/H (6.2.9)

h. =h H_ _/H (6.2.10)

pb pb,st st

Height of the mobile-bed, H, and liquid holdup, h , can be evaluated

L,st

from Equations 6.1.8 and 6.1.14, respectively, developed earlier.
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Furthermore, the equation of motion for particles, as

given earlier in Chapter 2,

d U

(2.2.5)

implies that particle motion depends on the gas velocity field, which

is characterized by gas Reynolds number,

ReG== UGi o dpb/pG (6.2.11)

Since the liquid phase is also in motion, the gas velocity field, and
hence particle trajectories, are also affected by this motion, which

may be characterized by the liquid Reynolds number,

Rep = Ups op &/ (6.2.12)

Moreover, Equation 4.3.6 represents a steady-state model with one
distributed parameter along the height of the column. This suggests
that MBC performance should depend on the ratio Hst/dpb’ All these
effects must be incorporated into.the correlation to be developed for
particle transfer coefficient.

All the above considerations for dependence of particle
transfer coefficient on relevant variables in MBC may be consolidated

in a comprehensive expression,

kp,MBC = f {St, Reg, Re , (Hst/dpb)} (6.2.13)
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An extensive number of experiments (602) were performed to
study the effect of liquid and gas flow rates, static bed height,
packing size and particle size, and thereby to determine the precise
form of the general equation (6.2.13). This series of experiments
was carried out using one particulate, ferrous sulphate &)p== 1900 kg/ms),
of size range 0.35 to S.S‘ﬂm. Operating conditions at which these
experiments were carried out are summarized in Table 6.2. The complete
results of these experiments are given in Table D.1 of Appendix D.
Multiple regression analysis of these results, using the McGill
University Computing Centre statistical program SPSSG 031, gave the

following correlation:

_ 0.8 _ -2.64 _ 2.1 1.52
K, upc ~ 3765 St Reg Rey "7 (Hg,/d p) (6.2.14)

The multiple correlation coefficient for the logarithmic form of the
above equation is 0.984. The fit of this correlation to the data is
shown graphically in Figures 6.24, 6.25 and 6.26, for 38 mm, 25 mm and
19 mm packing, respectively.

Use of Equation 6.2.14 together with Equation 4.3.6 gives
particle penetration through MBC in the absence of any phoretic
mechanism. Due to the extensive number of experiments, the wide range
of variables investigated and the high value of the correlation
coefficient, this first comprehensive model may be uéed with confidence
for prediction of particulate collection in MBC.

In the following sections, the effect of the variables L, G,

H d ., and dp on particle penetration will be analysed individually.

st’ “pb



TABLE 6.2.

Operating conditions for experiments with ferrous sulphate particles in the absence of diffusiophoresis

Packing size, mm

Static bed height, m

Gas flow rates, kg/mz-s

Liquid rates, kg/mz—s

Particle sizes, um

0.29 2.35,2.80,3.17,3.56,3.93
38 0.44 2.37,2.85,3.22,3.47
0.58 2.85, 2.88
0.29 2.85
25 0.44 2.406, 2.87 4.7,9.4,14.1,18.8,2.35 | 1.35,1.75,2.5,3.5,4.5,5.5
0.58 2.94
0.29 2.4,2.86,3.23,3.56,3.88
19 0.44 2.42, 2.89
0.58 2.95
38 0.44 2.86 9.4 0.35,0.45,0.55,0.7,0.9
38 0.44 2.89 18.8 1.1,1.35,1.75,2.5,3.5,4.5

- 881 -
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LEGEND FOR FIGURES 6.24-6.43, 6.51, 6.52, 6.54 and 6.55
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In so doing, it should be noted that it is not practical to present
in graphical form the results of all the experiments, as their number
is so large. The selection of experimental conditions for graphical
presentation has been made so as to cover the extremes and the

typical values of all operating variables.

6.2.1.1 Effect of Liquid Flow Rate

As in other scrubbers, liquid flow rate was found to have a
very strong effect on particulate recovery in MBC. For all experiments
in this study, penetration of particles decreased as liquid flow rate
increased. Some typical results are shown in Figures 6.27 - 6.38.

The choice for graphical representation of these 12 sets of operating
conditions out of the much larger total number of experiments performed
(see Table 6.2) was made so as to display at least one set of results
for each of the 9 combinations of 3 packing sizes and 3 static bed
heights used. In addition, for those combinations for which a wide
range of gas velocities was tested, results for both the lowest and
highest value of gas velocity are presented. The latter criterion
applies to the pairs of Figures 6.27-6.28, 6.29-6.30, and 6.35-6.36.

Finally, for each set of conditions (d H__ and G), these graphs

pb’ st
include the results for all values of dp tested, which correspond to
from 4 to 6 values of d_ for each of the 12 sets of d . - H _ - G
% pb st
conditions.
Solid lines in Figures 6.27-6.38 do not correspond to a
fit of the particular sub-set of data being displayed, but rather,

represent penetration as given by the general correlation based on all

of the data of the present study, i.e. Equation 6.2.14.
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FIGURE 6.27. Effect of liquid flow rate on penetration
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6.2.1.3. Effect of Static Bed Height

Some of the experimental results for 2.5 um ferrous sulphate
particles, together with curves corresponding to the general Equation
6.2.14 for the present study, are presented in Figures 6.44 - 6.46 to
illustrate the effect on penetration of static bed height. Three
static bed heights, 0.29, 0.44 and 0.58 m, were studied. As would be
expected, increases in static bed height improved the efficiency of the
column for all packing sizes used (38 mm, 25 mm and 19 mm). This effect
may, of course, be attributed to the longer residence time of gas and

.

liquid in MBC as Hst increases.

The effect of static bed height for three packing sizes is
shown explicitly on Figure 6.47 for 2.5 ym particles at L = 9.4 and
G= 2.8 kg/mz—s. The lines on this figure correspond to Equation 6.2.14,
i.e. to the general correlation of all of the data of the present study.
Table 6.2 gives the comparison of particulate recovery in a single-stage
MBC with theoretical performance of a multi-stage MBC, based on values
derived from the general correlation, 6.2.14.ﬁ Figure 6.47 and Table 6.2
show clearly the complexity and interactions of the effects of static bed
height and packing size.  The presence of interaction is indicated by
the curves for the three packing sizes in Figure 6.47 not being parallel.
If there were no interactions, these curves would be expected to be
parallel to each other. Likewise, the 4th column in Table 6.2 indicates
that the decrease in total penetration when the static bed height is
doubled from 0.29 m to 0.58 m is about 59% for 38 mm packing, 62% for
25 mm packing and 68% for 19 mm packing. Again, if there were no inter-

actions, one would expect the same change in total penetration in
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TABLE 6.2, Comparison of Performance of Single-Stage and Multi-Stage MBC
(G = 2.9 kg/m?-s; L= 9.4 kg/m°-s; 4, = 2.5 um)
Total Height Single-stage MBC Column Multi-stage MBC Column
b | OF Static | qouay | Deereaze | el | pora | Deerse | riel
Bed(s), m Penetration Penetration | Penetration Penetration Penetration | Penetration
0.29 0.425 0.425
38 0.44 0.27 36.5% 36.5% (0.425)1'§=0.277 34.8% 34.8%
0.58 0.175 58.8% 35.2% (0.425)2== 0.18 57.7% 35. %
0.29 0.29 0.29
25 0.44 0.19 34.5% 34.5% (0.29)1°i= 0.156 46.2% 46.2%
‘ 0.58 0.11 62.1% 42.1% (0.29)2 = 0,084 71. % 46.2%
0.29 0.23 0.23
19 0.44 0.15 34.8% 34.8% (0.23)1'i= 0.11 52.2% 52.2%
0.58 0.074 67.8% 50.7% (0.23)2 = 0.053 77. % 51.8%

- 61z -
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doubling static bed height for all packing sizes. Comparison of the
3rd and 6th columns in Table 6.2 shows that within the error involved
in the data on which the correlation is based, and with the usual
assumption that fractional penetration does not depend on particle
concentration, there seems, for 38 mm packing, to be no difference
between using a single-stage column with double the static bed height
as compared to a two-stage column with each stage half of the total
single-stage height. For the smaller packing sizes, 25 mm and 19 mm,
the data clear{; indicate that it would be advantageous to use a multi-
stage column, i.e. 2 units in series, 0.29 m each, rather than a single
column of static bed height 0.58 m.

It may also be recalled from the previous section that, for
HSt > 0.44 m, penetration begins increasing somewhat with gas flow rate
for approximately L > 14 kg/mz—s. Therefore, when the analysis of
Table 6.2 is combined with this finding of the previous section, it may
be concluded that the use of a multi-stage column is generally advan-

tageous when the alternative would be use of a single-stage unit of

higher than normal static bed height.
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6.2.1.4. Effect of Packing Size

Dependence on packing size of the hydrodynamics of MBC, i.e.

A
Cpgr s Foo Py

sections 6.1.1 and 6.1.2, and the effect of packing size on mixing has

as determined in the present study, were discussed in

been determined by previous workers. Further, in the general corre-
lation (Equation 6.2.14) for particle transfer coefficient, kp,MBC’
packing size enters not only explicitly in the term Hst/dpb and as the
characteristic dimension in St, ReG, and ReL, but indirectly has an
important effect on the interstitial velocity terms used for the
calculation of these three dimensionless numbers. As packing size
interacts with all these hydrodynamics and particulate recovery
variables, it is therefore particularly interesting to examine the net
effect on penetration of this parameter.

Figures 6.48 - 6.50 show for the case of 2.5 um particles how
penetration is affected by packing size for three static bed heights.
As seen in these figures, a decrease in packing size in the lower range
of liquid velocities causes penetration to decrease, i.e. collection
efficiency improves, while in the higher range of liquid velocities,
penetration becomes independent of packing size. For the same static
bed height, the increase both in intensity of mixing and in liquid
holdup with decreasing packing size has been documented in the present
and previous studies. Both of these effects enhance the chance of
particles to be captured. In the low range of liquid velocity, the

results indicate that these are the controlling phenomena.
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It has already been noted that packing size affects every
aspect of mobile-bed hydrodynamics and enters all four of the dimension-
less variables which determine particle transfer coefficient. MBC
hydrodynamics become more complex as liquid velocity increases up to
the limit that the bed is no longer stable. For the upper end of the
range of liquid velocities for which the bed is operationally stable,
it is no longer possible to trace the complex interactions with all
these variables which are affected by varying packing sizes. However,
the net result of these complex interactions that is established by the
present study is that, in the upper range of operability of MBC, particle
penetration tends to become independent of packing size.

This is a particularly important finding from the industrial
application point of view. As high liquid flow rates are advantageous

economically in industry, 38 mm packing would give almost as good particle

removal as 19 mm packing at these conditions. Furthermore, as it may
be recalled that pressure drop in MBC is proportional to dpb-o’49
{Equation 6.1.13), the use of small packing requires more power. This

suggests that, for the use of MBC in industry for particulate recovery,
there is no need to be interested in packing sizes smaller than 38 mm
whenever the extra pressure drop associated with smaller packing would

give rise to additional operating expense.

6.2.1.5. Effect of Particle Size

Most of the literature on particulate recovery for various
control devices suffers from insufficient information on the effect of
particle size. Industrial studies typically treat only total concen-

tration of particles, usually expressed as grain loading, often of a
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particulate with a wide distribution of particle size. Most of the
academic studies include only one or a few particle sizes. In
Chapter 2 it was shown how important particle size is in recovery.

A change in particle size by one order of magnitude may cause a

change from one controlling mechanism to another. Especially for the
submicron range, below about 0.5 um, this aspect requires special
attention. Thus it is essential to know the size distribution of the
particulate emission from a source in order to choose and to design
the most appropriate collection device for the specified recovery
requirements. For this reason it is necessary to know the performance
of any collection device as a function of particle size.

Although the theoretical analysis presented in Chapter 3 has
shown that inertial impaction is the major mechanism in MBC for the
particle size range between 0.35 and 10 um, experiments were required
in order to confirm this analysis (see Figure 2.4) and to establish
that the model developed in terms of particle transfer coefficient

(Equation 6.2.14) is applicable over the whole range of particle size.

In order to obtain the complete picture, experiments have been performed

with ferrous sulphate particles of sizes between 0.35 and 5.5 um (see
last two rows in Table 6.2).

The results are shown in Figures 6.51 and 6.52. These cover
a range of efficiency between 5% and 99%. The agreement between the
experimental data and predictions made by Equations 4.3.6 and 6.2.14

is quite satisfactory. As the correlation is based on the assumption

[
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that inertial impaction is the dominant mechanism over the 0.35 - 10 um
range of particle size, it 1s also particularly significant that the
correlation fits the experimentai data equally well over this entire
range. These results, of course, confirm Calvert's et al. (1974)
conclusion that the critical size range for particle collection in MBC
is between 0.3 and 5 um. It can be concluded from Figures 6.51 and
6.52 that almost all particles larger than 5 um are collected in MBC
column. For submicron particles, however, efficiency is not very high.
This is, of course, to be expected, as inertial impaction is the major

mechanism in MBC.

6.2.2, Effect of Hydrophobicity of Particles

The results obtained for effect on collection efficiency of
the degree to which particles are hydrophobic or hydrophilic stand in
marked contrast to some views in the recent literature. It is, there-
fore, appropriate to preface the new conclusions which derive from the
present study by reference to the current state of development of this
aspect of particulate recovery.

As reviewed in section 2.2.1.1 in fact, almost all previous
studies of particle collection have assumed, usually implicitly, that
all particles which hit a collector are indeed captured. With this
simplification, the nature of the surface of the particle is irrelevant.
Three studies, those of Goldschmid and Calvert (1963), Montagna (1974)
and Allen (1975) are notable exceptions, in that these authors addressed
the problem of defining conditions under which particles could come in
contact with a liquid collector surface without being captured by the

collector. The approach common to these investigations was the attempt
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to show the effect of degree of wettability on particle collection by
means of changing the contact angle through addition of surfactants.
The latter two of the cited authors went further by attempting to
incorporate this effect into their models for collection of particles
by liquid drops. The common feature of these three studies is the
claim that collection efficiency is a function of contact angle over
the range from zero to as high as 1500. The author, however, believes
that this conclusion should be revised.

The effect on particle collection of degree of hydrophobicity
of the particle may be analyzed by considering the change in surface
energy which occurs on capture of a particle by liquid. In the process
of particle capture, the two reference states are the particle surrounded
by gas before coming in contact with the liquid collector, and the
particle after penetrating completely into the liquid. The change in

total surface energy of the particle during this process is

- 2 '
AF m dp (YSL - st) (6.2.15)

Interfacial tension at the solid-liquid interface (YSL) and surface
tension of solid (st] are related to the surface tension of liquid

CYLV) by the well-known Young's relation (Young (1805));

YSL ==st - YLV cos ec (6.2.16)
where Gc is the contact angle, From Equations 6.2.15 and 6.2.16,

2
AF = - 7 dp Yy €08 ec (6.2.17)
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If this energy required for the particle to penetrate into the liquid is

provided by the kinetic energy of the particle, it follows that

cos eC (6.2.18)

Nt=

2 d
mu, > - wd vy

or,

2
- .2.19
up > 12 YLy cos ec / pp dp (6 19)

Equation 6.2.19 states the very interesting result that, for
particle capture, the square of particle velocity should be greater than
or equal to the term on the right hand side of the equation. But,
since cosine of all angles between 0 and 90° is positive, it follows
that the right hand side of equation 6.2.19 is always negative or zero
for contact angles over the range 0 <8 5_900. From this analysis
derives the fundamental conclusion that, for all contact angles up to 900,
the liquid surface does the work on the particle to make it penetrate,
even in the limiting case of a particle velocity of zero at impact.

Montagna (1974) and Allen (1975) used a similar approach to
the above to find the boundary conditions to be incorporated in their
computer program to estimate efficiency of collection by liquid drops
(Equations 2.2.8 and 2.2.9). In spite of the fact that hydrophobicity
is not involved for ec i_900, as shown above, they used these boundary
conditions for all cases, i.e. for both the ec 5__90O and ec > 90° ranges.

In the experimental program to test his theoretical model,
Allen (1975) used particles of four materials, namely a paraffin oil,
dioctyl phthallate (DOP), talc powder and a paraffin wax, having

contact angles with water of 58.20, 63.490, 63.4° and 102.170,
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respectively. It is significant that the only particulate for which
his results were in good agreement with the theoretical predictions was
paraffin wax, which is also the only material used with contact éngle
greater than 90°. For the other three particles, all having GC < 900,
experimental collection efficiencies were higher than the values given
by his theoretical model. Thus the inconsistency between his experimen-
tal results and his theory is explained by the analysis presented in

the present study.

Montagna (1975) showed the dependence of collection efficiency
on contact angle graphically for 0.84, 1.62 and 5.16 um sulfur particles,
but the scatter of his data for SC < 90° was quite appreciable.  The
experimental results reported by Goldschmid and Calvert (1963) on the
other hand do not show a consistent trend for the effect of contact
angle on collection.

Considering the results of these three previous studies of
effect of particle wettability, it becomes clear that, although these
authors recognized a potentially-important deficiency in the theory of
particulate collection, i.e. the assumption of 100% capture of
particles on contact with the collector, their treatments contain impor-
tant shortcomings.

As the analysis of the present study indicates that efficiency
of particulate collection should be independent of contact angle for
values of Gc < 900, this analysis was tested by carrying out collection
studies with particulates of three additional materials with ec < 90°,
The materials chosen for this purpose were silica (Qp = 2200 kg/ms),
polyvinyl toluene latex (Qp = 1050 kg/ms) and DOP particles (Dp =977

kg/ms). Development of the correlation for particle transfer
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coefficient (Equation 6.2.14) was carried out using ferrous sulphate
particles, which are soluble in water, and naturally have ec== 0°.
Silica was chosen because it gives contact angle equal to zero with
water, but, in contrast to ferrous sulphate, is totally insoluble.
The size of the silica particles used was 2.5 um. The 2 um latex
particles provided another insoluble particulate, but with a contact
angle between 42° and 52°. The value of 42° is the average of ten
readings of receding contact angle, while 52° is the average of ten
observations of advancing contact angle. As contact angle advances
during the process of particle capture by a water droplét, advancing
contact angle is the appropriate measure of wettability for this
purpose. Similarly, contact angle for DOP, a liquid aerosol, was
determined in the present study to be 63.5°. Size of DOP particles
tested was 2.5 um.

The experimental results for these particles are given in
Table D.2 - D.4 and in Figure 6.53. Although the lines on this
figure might appear to be best-fit curves through the experimental data,
it is to be emphasized that these curves in fact show particle pene-
tration as predicted by the general correlation 6.2.14. The
remgrkably close agreement between experimental results for three
greatly different types of particles and values predicted from the
general correlation for a hydrophilic particle provides convincing
experimental confirmation of the analysis given in the present study
for effect on collection efficiency of degree of hydrophobicity of
particles. Therefore, the correlation developed in this study for
particle transfer coefficient (Equation 6.2.14) can be used with

confidence not only for all hydrophilic particles, regardless of whether
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these are highly soluble or totally insoluble, but as well for all
hydrophobic particles with GC < 90°. Thus the equation developed in
the present study in fact covers almost all particles.

In view of the findings of the present study, it is not
possible to understand why Mlodzinski and Warych (1975) used two
correlations for particle collection in MBC, one for superphosphate
particles and one for zinc sulfide particles. Although they specified
that zinc sulfide was hydrophobic, no information on contact angle\was
given. In view of the fact that they chose to give a different corre-
lation for their hydrophobic particle, it is surprising that they made

2 . .
no attempt to introduce Weber number, We==pp d /YLV’ into their

p G
correlation (Equation 2.3.4), as would be the natural choice. More
surprising yet, they introduced the ratio (Hst/dpb) into their corre-
lation for zinc sulfide particles, while this term does not appear in
their correlation for superphosphate particles (cf Equations 2.3.3. and
2.3.4). Although absolute value of contact angle is very sensitive to
contaminants and hence it is customary to report measured ec values for
specific applications, no such data are provided in the cited study.
In any case, the findings of the present study concerning effect of
particle wettability lead to the conclusion that the difference in
collection efficiencies for the two particles reported by Mlodzinski and
Warych is not due to hydrophobicity.

It is relevant to this point to recall that almost all the
materials found in nature have contact angles less than 90°. In fact,

this is the reason why flotation processes have been developed for

mineral recovery. Even sulfur, known as a highly hydrophobic material,
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has a contact angle with water of about 800. It is therefore
apparent that there are very few particulates which are sufficiently
hydrophobic to reduce collection efficiency in a wet scrubber.
Moreover, it would probably be economic to add a surfactant to reduce
the contact angle to less than 90° for an extremely hydrophobic
particulate of ec > 900, 50 as to avoid the reduction in collection
efficiency that would otherwise be associated with less than 100%
capture of particles of such extremely low wettability. This pers-
pective indicates that, although the general correlation developed in
the present study does not give collection efficiency for extremely
hydrophobic particles, i.e. those of GC > 900, there would be few

if any applications of MBC for particulate recovery for which the

efficiency could not be predicted by this equation.

6.2.3. Effect of Diffusiophoresis

An experimental program for study of the effect of positive
diffusiophoresis must be guided by the form of the theory of diffusio-
phoresis, presented in Chapter 4. In this regard, it is particularly
significant that Equations 4.4.22, 4.4.24 and 4.4.26 indicate clearly
that just one dependable experiment would be sufficient to establish
quantitatively the effect of diffusiophoresis. Specifically, as
particulate capture by diffusiophoresis is independent of particle size
and depends only on the amount of vapor condensed, by performing one
experiment with exact knowledge of inlet and outlet gas flow rates, Pt

D

may be found from one of the three equations referred to above.
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With water as the scrubbing liquid, positive diffusiophoresis
implies condensation of water vapor, i.e., inlet air humidity must be
appreciably higher than that at the outlet. Thus the inlet air
humidity must be significantly above that which corresponds to
saturation at the temperature of the inlet water stream. Since MBC
is quite efficient for direct contact heat and mass transfer, air leaves
the column almost saturated at the exit conditions. Theory and expe-
rience establish that the inlet air must be heated and humidified to
rather high values to achieve an appreciable contribution to total
efficiency by diffusiophoresis. Two practical problems were encountered
in this respect during the experiments. First, limitations in the
laboratory steam supply used for humidification of air in turn limited
the maximum humidities that could be reached in the inlet air. The
other problem relates to the control system of the duct heater. The
controls provided with this rather large, custom-designed heater were
such that, unless the electrical heat input was increased in very small
increments, the heater outlet air temperature would fluctuate with a
large amplitude. This control deficiency extended the time required
to reach steady state in each diffusiophoresis run to several hours.
Due to these difficulties, relatively few experiments were made.
However, it should be recalled that the theoretical analysis presented
earlier indicated that the effect of diffusiophoresis could be deter-
mined, in principle, by just a single, accurate experiment.

The dominant variable in determining the amount of particle
collection by diffusiophoresis is concentration of the condensing
component, as may be seen by reference to Equations 4.4.22, 4.4.24 and

4.4,26. In the present study the maximum inlet humidity that could be

attained was about 0.29 kg HZO/kg dry air for a gas flow rate
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2.18 kg/mz—s. Outlet gas humidity was about 0.005 kg HZO/kg dry air.
Therefore, Equations 4.4.22, 4.4.24 and 4.4.26 imply that particle
penetration considering only diffusiophoresis, PtD, is about 0.75.
The value predicted for PtD is in fact obtained more easily if those

three basic equations are rewritten in terms of humidity, as follows:

i) For particles moving with the Schmitt-Waldmann velocity:

1 +Y VM /M

Pt = out 2 1 (6.2.20)
1 +Y. M. /M
in 2"

ii) For particles moving with the gas mean mass velocity:

1+Y
ou

_ t
PtD =T vy (6.2.21)
in
iii) For particles moving with the gas mean molar velocity:
1+Y M, /M
t 271
Pt ou (6.2.22)

D 1+ Yin MZ/Ml

For the humidities specified above, the values of PtD which derive from

the three alternate calculation bases are:

Particle Velocity Calculation Basis PtD
Schmitt-Waldmann velocity Equation 6.2.20 0.74
Mean mass velocity Equation 6.2.21 0.78

Mean molar velocity Equation 6.2.22 0.69
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The difference between these predictions is indeed very small.
Moreover, as particle collection due to the aerodynamic mechanisms

occurs simultaneously, and as what is measured is total penetration,

= 4.4.19
Pt = Pt, Pt, ( )

one may expect that it would be difficult to detect experimentally which
of the three bases for diffusiophoretic particle velocity is best.

Although theory showed that only a single diffusiophoresis
experiment was required, 15 such experiments were actually performed,
and the results are given on Figures 6.54 and 6.55. Ferrous sulphate
particles of diameter 1.75, 2.5 and 3.5 um were used. The results for
1.75 uym particles are presented in detail on Figure 6.54 where the uneven
broken lines at the top of the figure correspond to the alternate values
of PtD as predicted by Equations 6.2.20, 6.2.21 and 6.2.22. The even
broken line corresponds to penetration due only to inertial collection,
as predicted by the correlation (Equation 6.2.14) developed in the present
study. The solid lines correspond to the total penetration predicted
by Equation 4.4.19 in combination with the three alternate bases for
calculating PtD. Each of the 5 exﬁerimental points represent in turn
the average of 15 readings of particle concentration at each condition.
As the three solid lines differ so little, and as any one of them would
provide a reasonably satisfactory correlation of the experimental data,
it 1s not possible to conclude which of the three expressions for
diffusiophoresis particle velocity is best.

The results of the diffusiophoresis experiments for the two
larger particle sizes, 2.5 and 3.5 um, are shown in Figure 6.55, along

with the results for the 1.75 m particles. Equation 6.2.21 was used
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for all three particle sizes for calculation of overall penetration.
The experimental results indicate that the theory presented in
Chapter 4 is adequately capable of predicting the overall penetration
in MBC in the presence of diffusiophoresis and inertial impaction
simultaneously.

As the inlet air was heated to about 90°C in order to reach
the high humidities required, one may question whether there could have
been an effect of thermophoresis present. As noted in section 2.2.2.2,
thermophoretic velocity is normally too small to be significant for
normal applications.  Although expressions proposed to evaluate thermo-
phoretic velocity are not particularly accurate, they may however be
used to make an order of magnitude estimate. Thus at the inlet of the
column, where maximum temperature gradient exists between gas and liquid

for the present experimental conditions, one may write

@T)_ T 75/8 (6.2.23)

where § = film thickness at the interface.

Since, kp:= 2.5 x 10—2 J/cm—s—oK
k. =2.7x 10'4 J/cm—s-oK (Handbook of Chemistry and Physics)

air

Epstein's expression (Equation 2.2.73) gives

~ -4
we X7 x107/8 (6.2.24)

For the same conditions, diffusiophoretic velocity is (from Equation

2.2.68)

N -2
Wy T 43 x 1077 (6.2.25)



Assuming film thicknesses for heat and mass transfer to be approximately

the same, one may write

u

P2 ~ 60 (6.2.26)

upt
Thus, as the particle velocity associated with thermophoresis is in the
order of 1/60 of the diffusiophoretic particle velocity, the validity
of neglecting thermophoresis is substantiated for the present study.

Over the range of variables studied in the present investiga-
tion, the amount of particle collection by diffusiophoresis is less than
that by inertial impaction, and the difference between the three
alternate bases of calculating diffusiophoretic particle penetration is
sufficiently small that the experiments do not discriminate between them.
From a practical viewpoint, this lack of ability to discriminate between
the three particle velocities is not of great importance since the results
differ but little between them. Nevertheless, there are two reasons for
which the author would suggest the use of Equation 4.4.24 (or 6.2.21),
which assumes particles move with the gas mean mass velocity. The first
reason is the fact that Whitmore (1976), based on his study of diffusio-
phoresis in a small wetted-wall column, concluded that the best expression
for diffusiophoretic particle velocity is the one based on the assumption
that particles move with the gas mean mass velocity. For an extensive
number of runs in this simpler equipment, Whitmore was able to control
experimental conditions with the higher accuracy required to discriminate
between these three, not greatly different particle velocities. The

second reason for recommending the use of gas mean mass velocity is that
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in industrial applications this basis would give a more conservative

estimate of particle collection, as may be seen from Figure 6.54,

6.2.4. Comparison with Previous Studies of MBC

As reviewed in section 2.3, there are unfortunately very few
published studies on particulate recovery in MBC. Moreover, the results
of the few available investigations are incomplete and suffer from
numerous inconsistencies. There is but one study, Calvert et al.
(1974), concerning the effect on penetration of particle size, a
critical factor in the evaluation of overall penetration from the

relation

Ptroray = & PE(A) ¥(d) (6.2.27)

where w(dp) is the fraction of particles with diameter dp. The critical
size range (0.3 - 5 um), i.e. the range over which Pt varies from about

5 to 100%, as determined in the present study, agrees with the data
reported for the single operating condition by Calvert et al. No other
information on the effect on penetration of different variables are
available from the publication of Calvert et al. (1974).

In Rowbottom's 1973 study, there is no information concerning
the key variable, particle size. Qualitative results reached by
Rowbottom on the effect on penetration of variables such as liquid flow
rate and gas flow rate, és summarized in section 2.3, do however agree

with the present findings.
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Mlodzinski and Warych (1975), working with particles of
average diameter 6 - 8 um, naturally obtained high efficiencies.
Figure 6.52 and 6.53 show clearly that, for particles of this size,
efficiency of MBC is indeed high. Mlodzinski and Warych do include
particle size as a variable (Equatiomns 2.3.3 and 2.3.4), but, for
reasons discussed in Chapter 2 and in the previous sections of this
Chapter, the reliability of their equations is in doubt. Further,
their experimental results would be affected significantly by their use
of support grids of small open area, as pointed out in section 2.3.
Equations 2.3.1 and 2.3.2 given by Epstein {1971) and
Calvert (1972) are not consistent, although the latter is reported to
be derived from the former. Equation 2.3.1 incorporates mean diameter
of liquid droplets in MBC, whereas there is no published information on
size distribution of droplets in MBC. Thus it is not possible to use
Epstein's equation. Yet another problem with these interrelated reports
is that Calvert's equation, given in the present study as Equation 2.3.2,
predicts 100% efficiencies for all particles over the size range 0.01 -
10 um under moderate flow conditions (G = 3 kg/mz-s‘and L =15 kg/mz—s).
This result is in considerable variance with the original data of Pollack
et al. (1966), on which the correlations of Epstein and Calvert were based.
In summary, although quantitative comparison cannot be made,
qualitative conclusions obtained in the present work for the effects of
various operating variables such as liquid and gas flow rate agree with
the previously reported literature. Beyond such qualitative statements,
no meaningful comparisons with previous studies can be made because of the
limitations noted for such studies. Thus for the most important findings
concerning particulate recovery in MBC, the results of the present study

stand alone as new contributions.
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6.2.5. Comparison of MBC with Other Scrubbers

Comparison of performance of various scrubbers is a challenging
task for design engineers. In order té decide on the best scrubber for
a given application and to optimize the design of the type of scrubber
selected, a comprehensive understanding of the conditions and require-
ments of the specific application is necessary, as well as a knowledge of
the fundamentals of various scrubbers. It would be incorrect to make a
single classification of scrubbers in terms of relative superiority, as a
scrubber which is the best choice for one application may be quite inap-
propriate for another. Also, each scrubber has potential for improvement
if its fundamental characteristics are fully appreciated. A good example
is a spray column, for which particle collection depends sensitively on
the size distribution of liquid droplets. Sparks (1971) established that
optimum performance in a spray tower is obtained when the drops are mono-
disperse. Thus, by improving design of the spray nozzles used, perfor-
mance of a spray column can be enhanced. Some of the primary data that
should be known prior to selection of a scrubber are size distribution,
concentration and physical properties of particles, flow rate and tem-
perature of the gas emission, pressure drop or power available for the
scrubber, any limitations on scrubbing liquid flow rate, and efficiency
of collection required. Both fixed and operating cost of the scrubber
facility must also be considered.

Some comparisons may be made of MBC with four alternate
scrubbers, i.e. spray columns, sieve plate columns, packed beds and venturi
scrubbers. The first three are chosen because MBC operation involves
droplets, bubbles and packing. Venturi scrubbers are included because
they are known for their characteristically high recovery of very small

particles.



Some shortcut methods for comparison of various scrubbers
are given in the '"Wet Scrubbers System Study Handbook", Calvert (1972),
ed., and by Calvert (1977). For example, for quick comparison, pene-

tration is written as

Pt =exp {- a de} (6.2.28)

Values of the constants o and B are assigned for each type of scrubber.
As for any shortcut method, this one involves some drastic assumptions
and approximations, and does‘not include all the relevant information.
On the other hand, it is appropriate to note here that the
theory developed in Chapter 4 offers a dependable method of comparison
and does not exclude determining factors.  Thus particle transfer
coefficient, kp, defined for collection due to aerodynamic mechanisms,
is a very useful concept for this purpose. Comparison of k_ values for
different scrubbers at corresponding operating conditions would give a
clear indication of relative particle removal efficiency.
Unfortunately, such definitive comparisons cannot as yet be
made, except for MBC and spray columns, as these are the only scrubbers
yvet to be analyzed in terms of particle transfer coefficient.
Tables D.1 and J.1 include experimental k_ values for MBC and a spray

column, respectively. As may be noted, k varies between 2.5 and

p,MBC

60, while kp sC is in the range 0.1 and 12. At comparable flow con-

ditions k is about 15 times greater than k

p,MBC This is the best

p,SC’

indication of the extent by which MBC is superior to a spray column.



Comparison of MBC with other scrubbers can also be made by
employing the concept of a '"cut diameter", which is the diameter of
particle for Pt = 0.5 (or E = 0.5). Cut diameter has been considered
a convenient parameter in describing the capability of a scrubber.

For MBC at liquid and gas fléw rates of 18.8 and 2.9 kg/mz-s,
respectively, and Hst = 0.44 m, this value can be read from Figure 6.52
as 1.14 um for ferrous sulphate particles GDP = 1900 kg/ms). It is
generally accepted to lump the effect of particle density and shape

into this characteristic value by expressing the cut diameter in terms
of aerodynamic diameter, dpa ==dp/7?r?§:, so that, for MBC with

L =18.8 and G = 2.9 kg/mz—s, dpa =1.6 um (gm/cms)%. In order to
achieve this separation at these conditions, gas phase pressure drop in
MBC is about 9 cm W.C. (water column). For approximately the same
pressure drop, Calvert (1977) gives the cut diameter, for sieve plate
columns with a foam density* F =0.4, as about 1.85 im (gm/cms)%. For
packed beds filled with 38 mm stoneware raschig rings, dpa== 1.5 Um
(gm/cms)% for 2 m height and 4.2 um(gm/cms)1§ for 0.25 m height (Calvert
et al. (1972)). Even for the lower of these packing heights, pressure
drop in the packed column is higher than that of MBC. Thus this simple
analysis indicates that MBC is more efficient than any of the three
most closely related columns. Furthermore, it is interesting to note
that, for the venturi scrubber, a high particle removal, high preésure
drop device, in order to obtain the same cut diameter, 1.6 um (gm/cms)%,

about 40 c¢cm W.C. pressure drop is required (Calvert et al. (1972)), as

compared to 9 cm for an MBC unit. To achieve this performance, the

* Foam density is the ratio of clear liquid height to total foam.



operating conditions for a venturi scrubber should be 85 m/s gas
velocity and QL/QG== 0.5 lt/ms. Thus the results of the present studx
show that, in comparison with other wet scrubbing processes, the MBC
process is an attractive and competitive scrubber. It may be noted
that, if total scrubber power is used instead of gas phase pressure drop,
the above analysis yields the same conclusion (Calvert (1977)).

Finally, it may be noted that mobile-bed columns are
particularly beneficial for applications which require high mass

transfer efficiency as well as particulate recovery.
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" CHAPTER 7

SUMMARY AND CONTRIBUTIONS TO KNOWLEDGE

Hydrodynamic and particulate recovery characteristics of
mobile-bed contacting were studied in a 0.29 m diameter column for mass
velocities of gas and liquid over the range 0.5 < G < 5.5 and 4.7 < L < 33
kg/mz—s. Packing of density 157kg/m3, of diameter 38, 25 and 19 mm,
was used to obtain static bed heights of 0.29, 0.44 and 0.58 m.
Particulates of sizes 0.35 - 5.5 um, and of four materials, were tested.

Diffusiophoresis was studied by addition of steam to a heated inlet

air stream. The results obtained can be summarized as follows:
1. Dependence of bed height on gas flow rate is found to be
linear over the stable operating region. Beyond this

region bed height increases non-linearly as the flooding
limit is approached. This transition from linear to non-
linear expansion occurs at smaller gas velocities with
increasing liquid flow rate and at progressively lower
values of G as packing diameter is increased. Over the

linear region bed expansion is correlated by:

h=0.147 G o O/H (6.1.8)
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Minimum fluidization velocity, Gmf’ was determined both
visually and from bed expansion data. As results of
both methods were in agreement, the combined data were

used to obtain the following correlation:

0.488 -0.01985 L
Gmf = 10.86 dpb 10 (6.1.2)

It is significant that Gm was found to be independent of

f

Hst'

Extensive measurements indicated that pressure drop is
independent of gas velocity over the stable operating
region which corresponds to the linear region of bed
expansion. The results for this region are correlated

by the following equation:

0.44 -0.492
APC = 112.17 L dpb Hst (6.1.13)

The validity of the relation
= +
APC (hL o, hpb Qpb)g H (2.1.1)

which was first used by Barile et al. (1971) and Tichy
and Douglas (1973) was demonstrated by making a macro-
scopic momentum balance around the MBC column. This
equation was used to evaluate liquid holdup for MBC,
again for the stable operating region of linear bed
expansion. Liquid holdup values thus obtained were

correlated by the following equation:



..-4 .0.826 ., -1.289
hy g =115 x 107 L ob

Particle collection mechanisms were classified as
aerodynamic and phoretic mechanisms, Characteristic
parameters for aerodynamic mechanisms, which are always
present in any gas-liquid contactor, were defined for
particle collection by drops, by films on spherical
packing and from bubbles (Table 2.6 and 2.7). These
parameters were applied to make an order-of-magnitude
estimate of the relative importance of all aerodynamic
mechanisms in MBC. This analysis showed that one
mechanism, inertial impaction, is the controlling

aerodynamic particle collection mechanism in MBC.

A new general theoretical analysis, valid for particle
collection in any type of gas-liquid contactor, was
developed using the local volume averaged continuity
equation (LVACE) of the particles and of the gas phase.
A particle transfer coefficient, kp’ analogous to mass
transfer coefficient, has been defined for this analysis
to account for particle collection by aerodynamic capture
mechanisms, Further, it is shown that use of LVACE for
the particles facilitates incorporation of any phoretic
mechanism into a general theoretical solution for
particle capture simultaneously by aerodynamic and

phoretic mechanisms. This theoretical treatment was

a (6.1.14)



developed for the two most important industrial cases,
i.e. first for particle collection due only to aero-
dynamic mechanisms, and, second, for particle

collection due to the simultaneous occurrence of
aerodynamic mechanisms and diffusiophoresis. For the
second case, a general solution, as suggested by
Whitmore (1976), was presented for three diffusiophoretic
velocity expressions.

The new analysis of the present study indicates that

particle penetration due to aerodynamic mechanisms is

Pt

A ~exp {- kp H/u,} (4.3.6)

while, for simultaneous occurrence of aerodynamic

mechanisms and diffusiophoresis, particle penetration is

Pt = Pt, Pt (4.4.19)

A D

where PtD is given by one of the expressions in Equations
4.4.22, 4.4.24 and 4.4.26, each corresponding to a different
diffusiophoretic particle velocity expression.  Whichever
expression is chosen, the analysis showed that the effect

of diffusiophoresis on overall particle collection
efficiency of a scrubber is directly proportional to the
amount of the vapor transferred across the gas-liquid inter-
face (Equation 4.4.18). For the most popular case of
diffusiophoresis in industry, i.e. condensation of water

vapor through air, PtD can be expressed in terms of



absolute humidity, as given by Equations 6.2.20,

6.2.21 and 6.2.22.

Extensive experiments with ferrous sulphate particles
were performed to investigate the effect of liquid
and gas flow rate, packing size, static bed height
and particle size on particle penetration in MBC.

The results gave the following correlation for the

particle transfer coefficient of MBC:

_ 0.8 _ -2.64 . 2.1
K, wpc = 3765 St Reg Re, “"" (#

(6.2.14)
The results show that penetration decreases with increa-
sing liquid flow rate, with decreasing packing size and
with increasing static bed height. The effect of gas
flow rate on penetration is rather weak. Typically,
Pt is either almost independent of or decreases
slightly with increasing G. Only for a few cases of
high Hst does Pt increase somewhat with G. The corre-
lation for particle transfer coefficient was determined
using particles over a wide size range, 0.35 - 5.5 um,
and the experimental data fit the correlation equally

well over this entire range.

A simple theoretical analysis for the effect on particle

collection of degree of hydrophobicity indicated that,
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for contact angles smaller than, or equal to 900,
hydrophobicity of particles does not affect collection
efficiency. This conclusion was checked experimentally
using three additional particles: silica (an insoluble
solid, 6, = 0°), latex (an insoluble solid, 8, = 42°)
and DOP (an insoluble liquid, QC ==63.5°). The

results of all four particulates tested fit well to

the general correlation (Equation 6.2.14). This
conclusion contrasts to the views of the few previous

investigators of effect of degree of hydrophobicity.

Effect of diffusiophoresis on particle penetration was

investigated by applying the relation Pt ==PtA PtD,
derived from theory, with experimental results obtained
by utilizing water vapor condensation from a hot, humid
particulate-laden gas stream. The only uncertainty in
the theoretical prediction of PtD is the choice of
diffusiophoretic velocity, i.e. whether particles are
assumed to move at the mean molar, mean mass or the
Schmitt-Waldmann velocity. However, as predicted PtD
varied only about 7% for these three alternate velocities,
and as the experimental PtD results were equally well
represented using any of the three theoretical velocities,
the results do not discriminate between them. Due to

the small effect of choice of diffusiophoretic velocity,

this uncertainty is unimportant practically. Nevertheless,



10.

11.
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mean mass velocity would be an appropriate choice

for the prediction of PtD by Equation 4.4.24 as it gives
a slightly more conservative estimate. The corres-
ponding form of this equation for the case of water

vapor condensing through air is Equation 6.2.21.

Comparison of particulate recovery in MBC with other

scrubbers shows that MBC is a competitive scrubber.

It is suggested that particle transfer coefficient,
introduced in this study, may be a very useful
parameter for comparison of different particle

collection devices.



SUGGESTIONS FOR FUTURE WORK

In designing the equipment used in this study (Figure 5.1),
careful consideration was given to the possibility of extending the
research with minor modifications to other aspects of MBC. As there
are very few studies of heat and mass transfer at conditions comparable
with those preferred by industry, these aspects may be studied exten-
sively. There may be great potential for use of MBC as a cooling
tower. Correlations that may be developed for heat and mass transfer
coefficients would be very helpful for design of industrial units.

For heat transfer studies it would be desirable to improve the
temperature control system of the duct heater in order to minimize
temperature fluctuations and to reduce experimental time.

A study of gas phase mixing in MBC would definitely help to
improve the understanding of this complex phenomenon.

As far as the particulate recovery is concerned, the
concentration of particles was limited in the present study to about
108 particles/m3 by the capacity of the spinning disk aerosol generator.
By using a different particle injection system, the effect of particle
concentration on penetration may be interesting to investigate.

Finally, the test column can be filled with various
appropriate packing and be operated as a fixed-bed column.

Particulate recovery experiments that may be performed with such a unit
can be used to obtain a correlation for particle transfer coefficient of

packed beds, similar to Equation 6.2.14 for MBC.



NOMENCLATURE

rate of aerodynamic collection, #/ms—s (4.1.13)
. -1
interfacial area per unit volume of bed, m

accommodation coefficient, fraction of molecules reflected

diffusely from particle's surface (2.2.59)
coefficient of discharge (E.1)
concentration, kg.mole/m3
root mass concentration, kg%—kg.mole%/ms, (4.4.7-3)
Cunningham correction factor

diffusivity coefficient for gas, m2/s

diffusivity coefficient for particle, m2/s
column diameter, m

bubble diameter, m

collector diameter, m

particle diameter, m

packing ball diameter, m

efficiency (4.2)

particle collection efficiency of spherical objects due
to diffusion (2.2.39)

collection efficiency of spherical objects due to

electrostatic attraction (2.2.56 and 2.2.57)

gravitational collection efficiency of spherical objects
(2.2.46)

inertial collection efficiency of spherical objects

(2.2.1-a and 2.2.1-b)

interception efficiency for spherical objects (82.2.1.2)

.
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diffusional collection efficiency from bubbles (2.2.43)
gravitational collection efficiency from bubbles (2,2.49)
inertial collection efficiency from bubbles (2.2.13)

molar flow rate of gas, kg.mole/mz—s; surface free energy, J
mass flow rate of gas, kg/mz—s

gas minimum fluidization velocity, kg/mz—s

gravitational acceleration, 9.80665 m/s2
height of mobile-bed, m

static bed height, m

dimensionless bed height, (H-Hst)Hst
gas holdup, volume of gas per volume of bed

gas holdup at minimum fluidization conditions

liquid holdup, volume of liquid per volume of bed

liquid holdup, volume of liquid per static volume of bed
holdup of packing, volume of packing per volume of bed
holdup of packing, volume of packing per static volume of bed

particle flux with respect to mean mass velocity, #/m2-s

inertial impaction parameter, (2.3.1)

area-based particle transfer coefficient, m/s

volumetric particle transfer coefficient, s



APC

Pt
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mass flow rate of liquid, kg/mz-s

molecular weight, kg/kg.mole
molecule mass, kg
particle's mass, kg

molar flux of species 1 with respect to stationary axes,

kg.mole/mz—s

diffusional parameter for spherical collector (2.2.40)
parameter for electrostatic attraction (2.2.51-2.2.55)
gravitational parameter for spherical collectors (2.2.45)
particle flux with respect to stationary axes, #/mz-s

interception parameter for spherical collectors (2.2.15)

1 1

root mass flux, kgé-kg.molez/mz—s, (4.4.7.-b)

diffusional parameter for bubbles (2.2.44)
gravitational parameter for bubbles (2.2,50)
inertial parameter for bubbles (2.2.14)

unit vector

3

particle concentration, #/m

mass flux of species i1 with respect to stationary axes,
2
kg/m"-s

pressure, Pa,(N/mZ)

pressure drop across the column, Pa

penetration (4.1)
reaction rate, kg/mz—s

volumetric flow rate, ms/s
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radius, m

column cross sectional area, m
. . 2
interfacial area, m

time, s

u/uG’Oo

mean mass velocity, m/s

bubble velocity, m/s

superficial gas velocity, m/s
interstitial gas velocity, m/s

minimum gas fluidization velocity, m/s
undisturbed upstream gas velocity, m/s
superficial liquid velocity, m/s
interstitial liquid velocity, m/s
particle velocity, m/s

diffusiophoretic velocity of particle, m/s
electrophoretic velocity of particle, m/s
magnetophoretic velocity of particle, m/s

thermophoretic velocity of particle, m/s

particle velocity due to an external force, m/s

relative velocity, m/s
terminal settling velocity, m/s

velocity of gas in '"z'" direction, m/s
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root mass velocity, m/s, (4.4.7-e)
mean molar velocity, m/s; also u/uG o (2.2.29)

3
volume, m

mole fraction of species i

absolute humidity, kg HZO/kg dry air

excess mass velocity, or stirring number, [G—Gmf)/Gmf

thickness of the gas film at the interface

I

dimensionless time, t u /dc’ (2.2.29)

G,
contact angle

kinematic viscosity, ufp , mz/s

liquid-vapor surface tension, N/m

solid-liquid interfacial tension, N/m

solid-vapor surface tension, N/m

rate of diffusional deposition of particles on spherical objects
rate of diffusional collection by bubbles (2.2.42)

rate of gravitational collection by bubbles (2.2.48)

rate of inertial collection by bubbles (2.2.10)

mean free path of gas, m

slip factor (2.2.62 and 2.2.65)

density, kg/m”
viscosity, kg/m-s
gas mean free path, m

fraction of particles (6.2.27)
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Overline

- local volume averaged
Underline

- vectorial quantity
Superscripts

T root mass variables (4.4.7)

+ represents general case (4.4.8)

Subscripts

ave average
b bubble

c column, collector

D diffusion

d diffusiophoresis

E electrostatic attraction

e electrophoresis

ext external

G gas, gravitational

I inertial

i ith species, interstitial, interface
L liquid

m magnetophoresis

mf minimum fluidization

D particle

pb packing ball



0
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interception

relative

based on static volume of bed
terminal

thermophoresis

diffusing component

stagnant component

Dimensionless Numbers

- 2 :
Eu APCA)G ug Euler number
Fr = L2/d 2 Froude number
T pb 8°L u :
Kn = k/rp Knudsen number
Pe = ug dc/Dp Peclet number
Re =u p dpb/u Reynolds number
Sc ==uG/pG Dp Schmidt number
2
= ]
St = ¢ dp pp ur/9 e dpb Stokes number
Mathematical Operations
X
exp x = e
In x = the logarithm of x to the base e
v = the '"'del" operator (Vector differential operator)
z = addition
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APPENDIX A

Experimental results for bed expansion



PACKING SIZE =

0.038

M
STATIC HED HEIGHT = 0.29 M

4,738

9.416

ta.l24

186.832

23.,5%0

G+KG/M2-S
HMAX/HST
HMIN/HST
HAVG/HST

GiKG/M2-5
HMAX/7HST
HMIN/HST
HAVG/HSY

GyKG/M2-S
HMAX/HST
HMINZHST
HAVG/HST

GiKG/M2-5
HMAX/HST
HMIN/HST
HAVG/HST

GJKG/M2-5
HMAX/HST
HMIN/HST
HAVG/HST

TABLE A.1.  Experimental Results for Bed Expansion

2,020
1. 150
1.150
1.150

L.870
1.210
1.210
1.210

t.a80
1.190
1.190
1.190

2.020
1.570
1.470
1.520

1.070
te138
1.138
l1.138

2.330
1304
1236
t«270

2.400
1.635
1+ 34S
t+490

1.850
1+363
1.277
1+320

2.487
1.862
1.621
1.741

1,285
1.207
1207
1207

2,690
t.626
1.274
1.450

2.910
1.936
1.624
1.780

2.400
1.715
1.527
1621

2,710
1920
15640
1.780

1,722
1.483
1.379
1.431

3,100
1.776
1.463
1.620

3420
2,230
1.730
L.980

2.940
2.090
1,690
1.890

3.127
24345
1793
2.069

2,243
1724
1552
1.638

3.620
2.130
1.630
1.880

3.920
2.584
1.916
2.250

3.430
2.290
1,830
2.060

3.230
2.170
l.770
1.970

2.646
1966
1621
1.793

4.100
2,506
1734
2.120

4.430
2.940
24140
24540

3.940
2.590
2,090
24340

3.700
2.380
1.980
2,180

2,952
2.137
t.863
2.000

4,600
2.780
1920
243950

4.920
3.190
2.250
24720

4.470
2.840
2,300
2.570

4.230
2.750
2.330
2.540

3.190
24 345
1.897
24121

S« 040
2,937
2.103
248520

Se 340
3.690
2,630
3. 160

4.930
3. 240
24640
24940

4,710
3.190
24590
2.890

3.562
24759
2.069
2.414

Se470
3.290
2.250
2770

S«400
3.490
24890
3. 190

S5.110
3.700
2900
3.300

3.897
3.379
2.241
2.810

-V
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PACKING SIZF =

0,038 M

STATIC HED HEIGHT = 0.44

LeKG/M2-S

4.708

9.410

14,124

18.832

GeKG/M2-S
HMAX/HST
HMIN/HST
HAVG/HST

GyKG/M2-S
HMAX/HST
HMIN/HST
HAVG/HST

GsKG/ M2-S
HMAX/HST
HMIN/HST
HAVG/HST

GsKG/M2-5
HMAX/HST
HMIN/HST
HAVG/HST

GsKG/M2-S
HMAX/HST
HMIN/HST
HAVG/HST

GoKG/M2-S
HMAX/HST

HMIN/HRST
HAVG/HST

GsKG/M2~S
HMAX/HST
HMIN/HST
HAVG/HST

M

1e760
1070
1070
1.070

24,240
1580
1.380
1480

1.083
1.000
1000
1.000

345060
24710
1910
2.310

1233
1.182
1.159
1.170

3. 100
24500
I;Bla
2.159

0.845
1.000
1.000
1.000

2.120

14200
1.200
1.200

2.860
2.110
1.670
1.890

1.229
1,159
1.091
1.125

4.030
2.990
2,290
2.640

1e442
1.318
1.273
1295

3.498
2.841
1.977
2.409

1.025
1.130
1.091
le114

24490
1 .590
1.350
1.470

3.420
2.480
1.780
2.130

1.497
(.318
1.227
1.273

4.910
3.185
24545
2.865

1.738
1.568
1.341
1455

3.950

2.840

2.180

2.510

1.147
1.290
1205
1.227

2,980
24,160
1460
1,810

3.910
2.900
2.000
2.450

1,720
1.377
1263
1320
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1570
1410
1.490

1.512
1.409
1.318
1+364

3.240
2.470
1570
2,020

4.390
3.240
24200
2.720

L7992
1.455
1295
1375

2.166
1.841
1477
1.659

2,000
1.568
1.432
1.500

3.910
2.840
1.800
2,320

2.030
1.635
1395
1.515

24369
2.023
1.568
1.795

2.576
2.023
1.636
1.830

4,390
34440
2.060
2,750

2.378
1.955
1.500
1727

2.540
1906
1574
1.740

3429
2,818
24000
2.409

20595
2.068
1« 568
1.818

2,642
2.250
1.682
1.966

3.131
2.220
1. 760
1990

2.862
2.432
1.705
2,068

¢-v



PACKING S51Z€& =

0,025 M

STATIC BED HEIGHT = 0.29 M

L'sKG/M2-S

4.708

9.416

14,124

18.832

23539

GeKG/M2-S
HMAX/HST
HMIN/HST
HAVG/HST

GeKG/M2-5
HMAX/HST
HMIN/HST
HAVG/HST

GsKG/M2~-5
HMAX/HST
HMIN/HST
HAVG/HST

GeKG/M2-S
HMAX/HST
HMIN/HSY
HAVG/HST

GeKG/M2-S
HMAX/HST
HMIN/HSTY
HAVG/HST

2.,410
1.636
1.344
1490

1.790
1.240
t.240
1.240

1.185
1.207
1.155
1.181

1.023
1.224
1.172
L.198

1.405

1.379
1.259
1319

2.760
1.690
1.390
1540

2.260
1.635
1.325
1.480

1.435
1.34S
1.224
1.284

1.395
1,345
1.207
1.276

1740
1.569
l.345
1.457

3.160
1«940
1.540
1740

24336
1759
1.345
1.5652

t.879
1.690
1.310
1.500

1.837
1.517
1293
1.405

2.261
1759
1.517
1.638

3600
24150
1,650
1.900

2.820
1.900
1.600
1.750

2.331
t.828
1.483
1.655

24297
1.690
le.448
1569

2.609
2.017
14,655
1.836

4.100
24400
1,860
2.130

3.250
2.122
1.788
1.955

24400
1977
1.643
1.810

2670
1,879
1.586
1733

2,942
2. 241
1.759
2.000

4.520
24774
24190
2.482

3.740
2.419
1.981
2.200

2692
2.000
1.586
1793

3.023
2,034
1.793
1914

3.299
2.328
1.879
2103

4.930
3.210
2.250
2.730

4.210
2.590
2270
2.430

3.034
2.276
1.690
1.983

3.325
2.241
1.828
2034

3.684
2.448
2.069
24259

S50 390
3.640
24640
3. 140

3.351

2,448
1.828
2.138

3.680
24448
14966
24207

b-v

34570
2.621
1966
2.293



PACKING SIZE =

0.025 M

STATIC BED HEIGHT = 0.44 M

LeKG/M2-S

4.703

Yea16

14.124

18.832

24.540

HMAX/HST

GsKG/M2-5
HMAX/HST
HMIN/HST
HAVG/HST

Gy KG/M2-5
HMAX/7HST
HMIN/HST
HAVG/HST

GeKG/M2-5
HMAX/HST
HMIN/HST
HAVG/HSTY

GsKG/M2~5S
HMAX/HST
HMIN/HSTY
HAVG/HST

GsKG/M2-5
HMAX/HST
HMIN/HST
HAVG/HSY

GeKG/M2-5

HMIN/HST

HAVG/HST

24210
1.500
1+220
1360

2.310
1590
1.390
1490

14154
1.205
1.148
1.176

4,140
24920
2200
2.560

1.153

Le227

1.193
1.210

0.695
1.000
1.000
1.000

2.580
1.715
1.385
1.550

2.890
1.940
1.540
1.740

1.538
1395
1.213
1.304

4,590
3.230
2.450
2,840

1.557
1.456
1.295
1375

0.8738
1205
t.it4
1.159

3.130
2.030
12630
1.830

3.370
2.190
1.710
1950

2.063
1.818
1.364
1.591

1.417
1.409
1.273
1341

3.580
2,365
1715
24040

3;900
2.575
1.945
24260

2535
2.000
1.600
1.800

2.109
le708
1.364
1.534¢

1.967
1.682
1,409
1545

4.120
2.880
1920
24400

4.556
2.893
2,187
2.540

2.535
2,068
1.432
1.750

2.570
2.030
1.630
1.830

2.417

1.886

1.500
1.693

4.800
3.099
2,407
2.753

2.915
2.295
1«568
1,932

24914
2.159
1659
1.909

2.847
2.068
1.659
1.864

3.271
2.523
1.705
2.114

3.100
2.180
1.860
2,022

3.209
24295
i.818
2.087

3,615
2.841
t.818
2,330

Je. 258
24295
1.727

‘24011

3.650
2.751
1.989
2,370

3.600
2,477
1923
2.200
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PACKING SIZE =

LsKG/M2-5

4.708

Q.41 6

14.124

13,832

23.540

HAVG/HST

0.019 M

STATIC OED HEIGHT = 0,29 M

GsKG/M2-S
HMAX/HST
HMIN/HSTY
HAVG/HST

GiKG/rM2-S
HMAX/HST
HM EN/HST
HAVG/HST

GeKG/M2~S
HMAX/HSTY
HMIN/HST
HAVG/HST

GsKG/M2-S
HMAX/HST
HMIN/HST
HAVG/HST

GeKG/M2-5
HMAX/HST
HMI N/HST
HAVG/HST

Gs KG/M2-5
HMAX/HST

HMIN/HSY

GsKG/M2~-S
HMAX/HST
HMIN/HST
HAVG/HST

Gy KG/M2-5
HMAX/HST
HMIN/Z/HST
HAVG/HST

1.124
1.000
1.000
1.000

5.140
2.980
2.300
2.640

0950
1.000
1.000
1.000

1.190
1.224
1.224
1.224

0,679

1,103

1,103

1.103

3.310
2.103
1.931
2,017

0.906
1.345
1.276
1.310

1355
1.121
le121
1.121

1189
1172
1el172
1172

1.655
1.483
te276
14379

0.849
1,207
1207
t1.207

3.420
2.105
1.855
t.980

1,362
1.517
1310
1.414

1.719
1.241
1.241
1241

1.621
1.448
1.207
1.328

1.880
1.540
14340
1440

1.267
1.379
1.241
1.310

3.648
24276
2.103
2.190

1.860
1.672
1.414
1.543

24160
1475
1225
1.350

24300
1.667
1333
1.500

2204
1.655
1379
1517

1.823
t«552
1310
1431

4.050
24260
2,060
24160

2+330
1.966
14690
1.828

2.180
1546
1.254
1.400

2.740
1.798
1e444
1.621

24589
1.793
1517
1.655

2.180

1.680

1.500
1590

4.560
2.580
2+340
2.460

2.673
2,000
1.724
1.862

3.180
1700
1,460
1.580

3.260
1850
1.650
1.750

2.953
1966
1.621
1793

24273
1724
t.463
14603

3.011
2.069
1.897
1.983

3.700
1.873
1.631
1752

3.770
24050
1730
1.890

34293
2,138
1.862
2,000

2656
1.828
1.690
1759

3.371
24276
20000
2.138

4.200
2.080
1.860
1970

4,310
2.257
1.923
2,090

3.628
2,379

2,000

2,190

2. 840
1.880
1. 740
1.810

3.701
24448
2.207
24328

4,670
24310
24050
2.180

4,780
2.670
2.170
2.420

3.980

2.379

2.172
24276

2.983
1+966
1.828
1.897

4,033
2.621
20414
2517

9-v¥
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PACKING SIZE = 0.019 M
STATIC HED HEIGHT = 0,44

LeKG/M2~5

4,738

9.416

14,124

18.832

GeKG/M2-5
HMAX/HST
HMIN/HST
HAVG/HST

G KG/ M2~-S

HMAX/7HST
HMIN/HST
HAVG/HST

GsKG/M2-5
HMAX/HST
HMIN/HST
HAVG/HST

Gy KG/M2-5
HMAX/HST
HMIN/HSY
HAVG/HST

GeKG/M2-~S
HMAX/HST
HMIN/HST
HAVG/HST

GeKG/M2~-S
HMAX/HST

23.540

HMIN/HST
HAVG/HST

GeKG/M2~5
HMAX/HST
HMIN/HST
HAVG/HST

1.890
1.230
1.110
1170

1.840
1.360
1.180
1270

0796
1.057
1.057
1057

2.857
2.091
1545
1.818

0,604
1.000
1,000
1000

24660

1,570

1.880

07137
1136
1,136
1.136

2,190

1.990
1.2458
1.115
1.180

2.490
1.790
1.290
L 540

0.872
1.1802
1.136
1.159

2.954
2.409
1.b659
2,034

0,631
1.0068
1.068
1.068

3.054

2,182

1.636
1909

tella
1.409
1.250
1.330

2.540
1.650
1210
t.430

3.050
2.113
1449
‘1781

0.970
1.091
1,091
1.091

3.210
24240
1.780
2,010

0,760
1100
1.100
1.100

3.280

2,096

1722
14909

1795
1750
1,318
1.534

3.030
1.950
13S0
1650

3.570
2.220
1.620
1,920

te334
1.386
1.227
1307

3,609
2.545
1+841
2,193

0,942
1295
1208
1.250

3.441

2,318

1795
2.057

24324
1.909
1.364
1636

3.620
2,200
1.480
1.840

44140
2.430
1.890
2+160

1440
1.360
1260
1.310

3.700
2.477
1.923
2.200

1.220
1397
1.283
1«340

3.788

2.636

24045
2.341

2.803
24091
1.591
1.841

4.230
2,525
1.515
2.020

4.650
2.690
2.130
2.410

1.942
1.841
1.250
1.545

3.928
2.727
2.068
2.398

1.566
1.477
1.250
1.364

3.850

2510

2.110
2.310

3.154
24318
1750
2.034

4.690
2.563
1.82%
2.202

2.040
1,850
1.370
1.610

4,250
20690
2,130
2.410

1.980
1.942
1342
1.642

4.320

2.690

2,270

2.480

3+568
20523
1.909
242106

S. 180
2.891
24129
2.510

24427
2,023
1« 386
1.705

4.700
2.990
2.370
2.680

2.180
1,682
1341
1511

3.876
2,727
2091
2.409

2.670
2.080
1.480
1.880

24636
1.864
1.500
1.682

L-V
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TABLE B.1. DATA FOR MINIMUM GAS FLUIDIZATION VELOCITY

determined from bed expansion data

G

dpb Hst L , mg
m m kg/m”-s kg/m”-s
.038 .29 4.708 1.733
.038 .29 9.4 1.383
.038 .29 14.125 1.057
.038 .29 18.83 .927
.038 .29 23.54 .845
.038 .44 4.708 1.6
.038 .44 9.41 1.287
.038 .44 14.125 1.033
.038 .44 18.83 .893
.038 .44 23.54 .8
.025 .29 4.708 1.667
.025 .29 9.41 1.313
.025 .29 14.125 .9
.025 .29 18.83 .8
.025 .29 23.54 .717
.025 .44 4.708 1.483
.025 ' .44 9.41 1.366
.025 .44 14.125 .923
.025 .44 18.83 .78
.025 .44 23.54 .695
.019 .29 4.708 1.124
.019 .29 9.41 .95
.019 .29 14.125 .867
.019 .29 18.83 .6
.019 .44 4.708 1.46
.019 .44 9.41 1.157
.019 .44 14.125 . 667
.019 .44 18.83 .607

.019 .44 23.54 .483



B-3

TABLE B.2. DATA FOR MINIMUM GAS FLUIDIZATION VELOCITY

obtained by visual observation

dpb Hst L Gmf
m m kg/sq.m-s kg/sq.m-s

0.038 0.29 0 2.555
0.038 0.29 4.708 1.633
0.038 0.29 4.708 1.601
0.038 0.29 4,708 1.571
0.038 0.29 9.400 1.285
0.038 0.29 9.400 1.315
0.038 0.29 14,125 1.087
0.038 0.29 14.125 1.070
0.038 0.29 18.830 1.021
0.038 0.29 18.830 0.949
0.038 0.29 18.830 1.003
0.038 0.29 18.830 0.977
0.038 0.44 0 2.76

0.038 0.44 0 2,72

0.038 0.44 4,708 1.773
0.038 0.44 4.708 1.705
0.038 0.44 9.400 1.459
0.038 0.33 9.400 1.571
0.038 0.44 14,125 1.189
0.038 0.44 14.125 1.178
0.038 0.44 14.125 1.088
0.038 0.44 18.830 0.987
0.038 0.44 18.830 0.931
0.038 0.44 23.540 0.875
0.038 0.44 23.540 0.853
0.025 0.29 0 2.345
0.025 0.29 4.708 1.627
0.025 0.29 9.400 1.358
0.025 0.29 14,125 0.931
0.025 0.29 18.830 0.830
0.025 0.44 0 2.376
0.025 0.44 0 2.397
0.025 0.44 4.708 1.506
0.025 0.44 4.708 1.495
0.025 0.44 9.400 1.119
0.025 0.44 14,125 0.829
0.025 0.44 18.830 0.737
0.019 0.29 0 2.316
0.019 0.29 0 2.296
0.019 0.29 4.708 1.437
0.019 0.29 9.400 1.055
0.019 0.29 14.125 0.761
0.019 0.29 18.830 0.629
0.019 0.44 0 2.197
0.019 0.44 0 2.473



SO DD OO0 OCOCOO

pb

.019
.019
.019
.019
.019
.019
.019
.019
.019
.019
.019
.019

QOO DO OOOOCOOO

st

.44
.44
.44
.44
.44
.44
.44
.44
.44
.44
.44
.440

B-4

kg/sq.m-s

.708
.708
.708
.708
.400
.400
.400
.125
.830
.830
.540

kg/sq.m-s

O OO O R e e N

mf

.416
.341
.390
.262
.303
.103
.087
.070
.829
.594
.567
.410
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Experimental results for pressure drop
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TABLE C.1. Experimental Results for Pressure Drop

STATIC HED RBEIGHT = 029 N
PALKING BiJE = 0,033 ® ’
RUII . NS LLQUID FLOW RATE,XG/SQ.M-5 GAS FLDY RATEWXG/SQ.4-S COLUMN PRESSURE DROP,PA
1 0.0 2,52 . 249.4
2 0.0 2.83 238.3
3 0.0 V 3.02 . " 2a7.02
4 0.0 3,05 260.8
s 0.0 3.40 253.3
- 6 . 0.0 3.61 253.3
7 0.0 3.35 251 .1
a 0.0 4,16 247.1
9. 0.0 4,30 238 .1
10 0.0 a.74 26241
1" . 0.0 a,8a 253.4
12 0.0 5.09 273.5
13 0.0 © S.22 25,9 ,
1a 0.0 5,29 224.9
15 0.0 5e67 2at1.0
STATIC 8ED HEIGHT = 0.29 ¥
FACKING SIZE = 0.038 M
SUN.NU. LIQUID FLOwW RATE,KG/SQ.N-S - GAS FLOW RATE.KG/SQ.M—§ COLUMN PRESSULRE CROP.PA
16 8.71 2.39 265.1
17 a.71 2.52 2€7.3
18 4.71 : 2.74 283.9
19 4.71 2.69 242.6
20 a.71 2.88 22647
21 . a.71 . 2.98 251.4
22 a.71 o 3.33 2564
23 4.71 3.64 z72.€
’a a.71 2.68 23142
2s 4.71 3.90 325.0
26 4,71 3.932 z73.8
27 4.71 4.21 26541
28 a.71 . a.14 302.€
29 4,71 4,28 32a.3
30‘ 4.71 4.52 2S7a1
31 a.71 a.74 2e.$
3z a.71 4,80 33t1.7
a3 4,71 . a.a8 2ca.6
LTy 4,71 5.06 2¢2.3
3s ) 4.71 S.12 265,2
36 a, 71 5.24 303.9
ar 4.71 S.32 | 299.9

Q a8 4,71 S.48 2Gz.8
. .



STATIC BED HEIGHT =

FACKING SIZE =

FUNGNU.

39
40
4t
a2
43
44
as

0.038 M

0.29 M

LIQUID FLOYW RATE.KG/SQeM=S

STATIC BED MEIGHT = 0

FACKING SIZE =

RUNJNU,.

46
. a7
aa
a9
50
s1
s2
53
S4
55
56
57
sa
s9
€0
61
62
63
6a
65

C.038 M

Sedl
Q.41
G.41
941
Fedl
941
9.4

2% ¥

LIQUID FLOW RATEIXG/SQeM-5§

14.13

14,12

14,12 -

14,12
14.12
14,13
14,43
14,13
14.12
14,12
14.12
14.12
14.12
14,13
14.13
14.12
14,13
14.13
14.13
14.13

GAS FLOW RATEKG/SQ.M~S

2.41%
2.96
3.31
3.7S
4.03 -
4.51
4.69

GAS FLOW RATEWKG/SQ.M-S

2.30
2.38
2447
- 2469
2.74
3.07
2.16
3.306
2.45
3.67
3.70
3.88
2.97
4,14
4.27
4.28
4,55
4.60
4.85
S.34

COLUMN PRESSURE DROP.PA

390.e
378.3
371.8
398.7
274,.9
402.1
377.3

COLUMN PRESSURE OROP.PA

449 .5
47046
497,.7
a8l .¢
4565 .4
48644
ac2,.0
451.4
440.2
47345
457.5
aca.a
43,5
a78,.1
444,22
ag7.7,
489.5
4S6.4
As1e5

495.4
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STATIC BED HEIGHT = 0,29 M
FACKING SIZE = 0.038 M

AUN.NU. LIQUID FLO® RATE +KG/SQuM=5 GAS FLOW RATE.KG/SO.M—$ COLUMN PRESSURE DROP.PA
66 18.83 - 1.67 £29.6
67 18.83 2.14 546.4
&8 18,83 : 2.30 £77.8
69 18.83 2.43 52%5.6
70 18.83 2.64 , £30.9
71 1e.e3 _ 2.98 £22.4
72 18.83 3.1e 501.4
73 18.83 . 3.21 562.6
7e 18.83 3.24 540.2
75 18.83 3.32 s03.2
76 18.83 3.37 AS7.6
77 . ‘ 18.82 3.72 £15.1
78 18.83 3.83 s18.0
79 : 18.83 : 3.84 513.1
80 18.83 a.11 . £20.2
e1 ‘ 18.83 4.23 £21.9
82 18.82 4.23 £€0.1
83 18.83 . . a.a3 £46.43
8a 12.82 4.51 £49.2
8s 18.83 4,58 . £€2.€
a6 18.83 4.76 549.2
87 18.83 4.86 £€5.1
as ‘ 1e.e2 4.99 546.3
as 18.81 5.13 5€3.9

STATIC 3ED HEIGHT = 0,29 M

PACKING SIZE = 0.038 M

RUNJNU LIQUID FLOW RATE XKG/SQoM-S GAS FLOW RATE ¢XG/SQaM~S CCLUMN PRESSURE CRCF+PA
90 23.54 1.83 659.5
a1 23.54 2.51 6671
s2 23.54 3.04 669.0
S3 23.58 3.44 6666
9s 23.54 1.97 c€9.8
55 23.54 . a.40 652.8
s6 23.54 4.50 701.C
s7 23.24 4.91 7536

1) 22.54 5.27 7%€.3
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STATIC UED HEIGHT = 0.29 ¥
FACKING SIZE = 0.038 M

RUNaNUe

99
100
101
102
103
104
105
106

LIQUID FLOW RATE +KG/SQoM-S

28.29
28.25
28,25
28.2%
28.29%
28.2%
28.2%
28.2%

STATIC BED REIGRT = 0.29 M
FACKING SIZE = 0.038 M

FUNNU o

107
108
109
110
113

112
113
114
115
116
117
118
119

LIQUID FLOW RATE KG/SQ.N=S

32.9€
22,9¢€
32.9¢€
32.9¢€
22.9¢€
22.9€
32.5¢€
32.5¢
22.9¢
32.9¢
32.96
32.9¢€
J2.%¢

STATIC GBED HMEIGHT = Q.29 M
PACKING SIZE = C,.038 M.

RUNJNU.

120
121
122
123
124
128
126
127
128
129
130
131
132

LIOUID FLOW RATEWKG/SC.M-5

3766
37.6¢
3I7.€€
37.66
37.6€
37.68
37.66
37.6&
27,66
37.66
37.66
37.6¢
37.66 ’

GAS FLOW RATE.KG/SQ.M~-$

1.90
2424
3.04
3.48
4.00
4.34
4.67
S.08

GAS FLOW RATE.KG/SQ M-S

1.18
2.22
2.28
2.83
3.8
3.43
.84
2.87
4,23
a.a8
4.63
5.05
s.o8

GAS FLOW RATE +KG/SQeM~S

1.37
1.92
2.0
2.5t
2.66
3.23
3.38
3.60
3.97
4206
4,52
4.60
4,90

COLUMN PRESSULRE DROPIPA

81542
82246
794.2
773.2
745.2
789.0
7€4,0
7993

COLUMN FPFRESSURE DRCF.PA

G011
87641
905.3
2605
S939.1
S$24.2
5294
S71.6
S$72.5
S72.%
SE2.3
1003.4
1000.4

COLUMN PRESSURE DROP.PA

1046. 4
1098.2
10%8,6
t112.2
T 1144,5
1152.2
1183.8
11€7 .4
11$2.5
1171 .4
11€1.3
1173.6
1139.5



STAfIC BED HEIGHT = Ded4 M

PLACKING SIZE = €.033. M

RUN, N, LIQUID FLOW RATE,,KG/S5Q,M4-S GAS FLUY RATE,KG/SQ.M-5 COLUMN PRESSURE DROP.PA
133 0.0 2,31 337.7
134 0.0 2.56 - 388.7
135 0.0 2.78 394.3
136 0.0 3.02 ’ 397.9
137 0.0 3.25 394.6
138 0.0 ‘3.48 387.3
139 0.0 3.76 390,41
130 0.0 3.93 389.5
tat 0.0 4,27 392.6
STATIC JED HEIGHT = 0.44 ¥
FACKING F;zs = 0.038 M
RUN.NU. LIQUID FLOW RATE +KG/SC.N-§ GAS FLOW RATE.XG/SQ.M-S COLUMN PRESSURE DROP.PA
142 a.71 1.78 : 451.5
143 a.71 1.94 498.3
154 a.71 2.23 . a91.2
185 4,71 ' 2.24 500,9
186 4.71 2.27 ) ) £23.9
107 4.71 2.31 : ) 51043
148 a.71 2.68 a7a.1
149 4.71 2.73 £20.€
150 a.71 2.73 s18.1
151 4,71 2.74 S504.5
152 a.71 2,76 543.9
1s3 a.71 2.91 £25.3
154 a.71 2.94 S518.6
1=5 4. 71 2.99 5€5.2
156 871 1.29 51747
157 . . a.71 . 3.32 £33.7
158 4,71 3.33 54143
159 4.71 .41 =233
160 “a.71 3.41 S46.7
161 .71 3.85 S48.1
162 4,72 . 3.59 £72.7
163 oo a.71 3.69 . Sa1.1
164 8.71 - .72 54247
165 . 4,71 3.78 533 .9
1e6 a.71 3.79 zgo.2
T T 167 : . ?-fl B - - €32C T
168 - 4.71 3.99 £30.5
r—1e9 w71 - T seg g3t T —— —— ————— -~ ggp 3 - -
170 a.71 1.08 ' $70.2
171 4.71 s.25 . S4at.6
172 a.71 4.27 S24.4
173 a.71 4.40 526.3
174 4.71 a.58 s18.2
175 4a.7¢ - 4.62 . 523.7
176 a.71 a.71 €z7.%
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STATIC HED HEIGHT = Q.48 ¥

FACKING SIZE = 0.038 M

RUNNU. LIQUID FLOW RATE +KG/SQ.M-S
177 9.41
178 Q.41
179 Sea1
180 S.a1
181 F.41
182 G.41
183 Se81
184 9.41
1es 9.41
186 Gt
187 9.41
188 9.41
189 Fesl
190 Se41
191 9.41
192 S.41
193 F.41
194 9.41

STATIC BED +
PACKING SIZE

RUNNU .

195
196
197
158
169
200
201
202
203
204
20%
206
207
2¢cs
209
210
211
212

EIGHT = Q.44 ¥
= 0.038 M

LIQUID FLOW RATE.XG/SC.M-S

14,123
14,13
14.12
14413
14,12
14,13
14.12
14413
1e.12
14412
14.12
14412
16,12
18412
14,13
14.13
14,13
14.13

GAS FLOW RATE«KG/S5Q.M-S

2.20
2.47
2.56

2.58
2.72
2.92
3.07
3.24
3.44
3.53
3.70
3.82
4,03
2,18
a.32
4.37
a.43
4.59

GAS FLOW RATE.KG/SQ.M-S

1.65
2.10
2.26
2.48
2.61
2.88
2.90
3.21
3,37
2.51
2.66
.76
4.05
a.10
4.36
4.39
4.66
4.66

COLUMN PRESSURE DROP.PA

€45.2
€11.6
65645
623.4
€28,.6
€€S.2
6072
644,0
63401
681.5
604.3
€57.7
€09.0
672.7
€£9.0
€C7e6
€12.%
€10.5

CCLUMN FFRESSLRE CROP.PA

6§7.2
71t el
7€0.32
72032
755.2
7752
659 .4
761
71462
T€2 .8
€738
780.3
712.¢
7€2,8
721.7
774 .0
722.9
72341
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ETATIC BED HEIGHT = 0,44 ¥
FACKING SIZE = 0.038 M

RUN.NU. LIQUID FLOW RAYE sKG/SC M-S GAS FLOW RATE+KG/S5Q M-S COLUMN PRESSURE DRQP.PA

213 18.82 1.51 943.6
214 18.82 1.77 a72.3
218 18.83 2.15 eaz.e
216 18.83 2.23 87840
217 18.83 T 2,47 41,6
218 12.83 2.74 87645
219 18.82 2.79 £47.8
220 18.82 3.1 €56.€
221 18.83 3.2 e45.3
222 18.83 3.42 ES7.8
223 _ 18,83 3.48 08643
224 18.83 3.77 £19.¢
225 18.83 3.78 s18.2
226 " 18.82 4.02 $27.1
227 18.83 a.07 8aa.1
228 18.83 4.29 961.8
229 18.82 4.37 - saz.8
230 18,22 4.48 850.3
23 18.83 4.62 911.1
232 18.83 i ) 4.72 c€=2,.1
EYATIC BED HEIGHT = O.44 M

FACKING SIZE = 0.038 M

RUNGNU . LIQUID FLOW RATE KG/SQ M-S GAS FLOW RATE KG/SQ. M-S COLUMN PRESSURE DRDPPA
233 23.54 1.74 $80.4
23a 23.54 2418 35%.4
23s ) 21.54 ' 2.55 sa3.2
236 23.54 - 2.6l SE€S5 .3
237 23.54 2.91 $z5.3
238 - 23.5a 3.23 Sates
239 23.54 3.47 $31.5
240 23.5a 3,62 870.3
2a1 22.84 3.78 $79.9
242 23.54 .82 se7.c
243 23.54 4.06 576 .¢
244 23.54 a.1a S€9.5
245 23.54 4037 1027.0
246 23,54 a.06 $77.9
247 23.54 a.s1 1ce3.0
2a8 23.54 a.70 57941

249 23.54 4,71 1024.4
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STATIC UED HEIGHT = 0.29 M
PACKING SIZE = 0.025 ™

RUN,NU. LIQUID FLOW RATE(XKG/SQ.M-S GAS FLOW RATE«KG/SQ.M~-S ) COLUMN PFRESSURE DROP.PA
250 4.71 1.58 T ag3.9
251 : .73 1.90 ' 3es.1
252 a.71 2.31 . T 3864
253 4.71 2.76 ’ 402.6
254 4.7t T 3.04 35041
2ss a.71 . 3.54 362.6
256 a.71 3.90 353.9
257 a.71 4.32 337.6
258 4.71 a.72 as5.1
259 a.71 S.08 26349
260 a.71 S5.42 245,.1

STATIC BED REIGHT = 0.29 W
FACKING SIZE = 0,025 M

RUNeNUe LIQUID FLOW RATE,KG/SCeM=S GAS .FLOW RATE +KG/SQ, M-S COLUMN PRESSLRE DROPPA
2€1 9.a1 1.83 . ag2.7
262 9.41 ’ 2.24 S§17.7
263 9.41 2.62 515.€
2ea 9.41 : 3.11 540.2
2e5 9.41 3.53 . €10.2
266 S.41 3.90 522.7
267 Se4) 4,31 €1S.€
268 S.41 4.66 £i€.2
269 g.41 .02 sS40 .7
270 9,41 £.30 £32.7
271 Y.41 S.63 £32.7

STATIC RED HEIGFT = 0429 M

FACKING SIZE = £,025 M

RUN.NU. "LIQUID FLOW KATE.KG/SQ.M=-S GAS FLOW RATE.KG/SQ.M—=S COLUMN FRESSULRE DROP,PA
272 14,12 1«94 604,0
273 14,12 2.34 ’ 5977
274 14.12 2.77 $97.7
275 14,12 3.28 S$777
276 14.12 374 S71e4
277 ’ 14,12 4,08 £73.5
278 14,12 ‘ 4 .45 . €52.1
279 14.12 4.84 S€1.7
280 14,12 S.16 $63.9

281 14,12 S.44 612.7
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SETATIC GED HEIGHT = 0429 M
FACKING SIZE = C.025 M

RUNCNU .

282
283
284
285
286
287
2es8
28s
290

LIQUID FLGOw FATE oKG/SQ.M~S

12.83
18.83
18.83
1£.82
18.823
18.83
18.82
18.82
18.82

fy

" STATIC QED HEIGHT = 0,29 M
FACKING SIZE = 0.025 M

RUN . NU,

291
292
293
294
295
29¢€
297

STATIC BED
FACKING SIZE

RUN,NU.

298
299
300
301
202
303
3¢4
3¢S
306

LIQUID FLOW® RATE +KG/SC,M=~S

23.53
23.53
23.53
23.52
23,53
23.53
23.53

EIGHT = 04,44 ¥
= 04025 M

LIGUID FLOW RATE,KG/SQ M-S

4,71
a.71
4e71
4.71
4.71
4.71
4e71
4,71
4.71

GAS FLOW RATEKG/SQ.M-S"

1.51
1.94
2.57
3.05
3.45
2.86
4,26
4465
5403

GAS FLOM RATE XG/SQ,M-S
) T2.02
2.48
2.96
3.3s
3.81
a.11
4.53

GAS FLOW RATE 4KG/S5Q.M~5

177
2.20
2467
2.96
2.28
3.59
3.a8
4.1t
4,42

COLUMN PRESSLRE DROP.PA

657 .8
67645
€377
42,7
€S1 .5
C40e?
€€2.0
v3Se2

£26.4

COLUMN PRESSLRE DROP.PA

7603
737.8
7¢9.0
701.5
710,.2
700.2
702.7

CCLUNMN FFRESSLRE OROP,PA

647 .4
6€6.6
e38.1
631.1
€29,.7
€207
€29.2
Clhe2

[P |
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STATIC NED FEIGHT = 0,44 »

PACKING SIZE = 0,025 M
RUNJNU. LIGQUID FLOW RATEWKG/SCeM-S
307 ’ Feal
308 Se.41
309 Q.41
310 S.41
a1 9.41
32 S.41
313 Y.41
314 .41
315 Seal
316 9.41

STATIC UED H
FACKING SIZE

RUNNU.

317
318
319
220
321

STATIC RED H
FACKING SIZE

RUNGNU,.

327
328
329
330
331
332
333
334
335
338

EIGHT = 0.44 M
= 0025 M

LIQUID FLOW RATE+KG/SQC.M-S5

14,12
19.12
14,12
14.12
14.312
14.12
1a.12
14.12
1612

14,12

EIGHT = Q444 ¥
= 04025 M

LIQUID FLOW RATE KG/S5CeM~S

18.83
18.83
18.83
18.83
12.83
18.83
12,83
18.83
18.82
18,82

GAS FLOW RATE.XG/SQ.M~S

158
1.91
2.31
2465
2.96
3.28
3.61
2.89
4.20
4.47

GAS FLOW RATE.KG/S5Q.M-5

1.82
2.05
2.58
2.89
2.27
2.58
3.94
4.22
4e41
4,76

GAS FLOW RATE.XG/SQ.M=-§

1.42
1.96
2.40
2.67
3.05
3.37
3.74
4.03
4.36
4.64

COLUMN FFRESSLRE CROP,.PA

177.4
822.3
829,7
81313
810.0
803.3
786,.9
757.%
819.9
14,4

COLUMN PRESSLRE DROP,.PA

S918.3
855.€
909.5
€83,9
€79.4
€S4.8
$10.¢C
EET W2
RG3.3
€A LE

COLUMN PRESSURE DROP.PA

1007.6
$73.6
$78.5
9%9.7
S48.6
957 .0
Sat.c
Sla.1
9S5.3
SC9.0
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STAYIC BED HEIGHT = Q.44 ¥
FACKING SIZE = 0.025 M

RUNLNU. LICUID FLCW RATE +KG/SCeM-S GAS FLOW RATEKG/SQeM=S COLUMN PRESSLRE DROP.PA
337 23.53 1.03 1100.4
338 23532 142 1114.2
339 23,£2 1.87 1077 .9
340 23.82 2.36 1064.8
3a1 23.53 2473 10745
342 223.53 3.07 10€3.€
343 23.53 3.38 1072.¢
344 23453 3.74 1078.2
345 22453 4.02 1€C26.C
346 23.%2 431 1037.8

STATIC UVED HEIGHT = 0.29 ¥
FACKING SIZE = 0.019 M

RUNSNU, L.10UID FLOW RATE KG/SC M-S GAS FLOW RATE +KG/S5Q0eM-S COLUMN PRESSULRE DROP.PA
347 4.7 1.82 504,.8
3as8 4.7 2.19 €12.7
349 4471 2,34 537.1
3s0 4,71 2.55 522,.9
3asi1 a.71 2.76 £22.9
3s2 : 4,71 2.92 €€1.6
3s3 4,71  3.02 S37.7
3sa 4,71 3.21 545,2
3ss a.71 3.34 51649
3s6 A.71 - 3.53 s32.2
357 .71 3.66 s22.8
3sg 4,71 : 3.90 s28.2
3s9 4.7 4.25 =02.8
360 4.71 4.30 532,9
361 4.71 4.65 €10.9
362 4,71 4.97 S38.1
363 4.71 €.5% 542,7

364 4,71 S.66 S2%.4



C-13

STATIC QNED HEIGHT = 0.29 ¥

PACKING SIZE = 0,019 M

RUNNU . LIQUID FLUW RATE.KG/SC.M=S
3e&5 G4l
3&6 Geb1
2e7 9.41
2¢8 981
369 9.41
270 S.41
7 Sea1t
372 9.41
373 S.41
37 Se4l
37s a4l
376 Gedl
377 Sedt

STATIC DED HEIGHT = 0.29 ¥

FACKING SIZE = 00019 M

RUN.KU. LIQUID FLOW RATE,KG/SQ.M-S
37e 14.12
379 14412
380 14,12
EX:3) 14.12
382 14.12
383 14.12
384 149.12
8% 18.12
386 14.12
387 14,12
388 14.12
389 14412

STATIC 3€ED »
FACKING SIZE

RUNJNU,

390
391
392
3e3
394
2G5
356
397
298
3%9

EIGHT = C,25 ¥
= 0.019 M

LIQUID FLOW RATE +KG/SQ M-S

18.832
18.82
18.83
18.82
1e.€2
1P.82
1R .83
1€.82
i8.82
18.82

GAS FLOW RATE.KG/SQeM-S

2.02
2426
2,73
3.08
315
J.o8
3.50
2.84
4.26
4.63
4,96
S.28
5.58

GAS FLOW RATE.KG/SQ,M-S

1.48
1.86
2.18
2469
2.77
J.18
3,63
.98
4.3t
4.67
4.97
$.35

GAS FLOW RATEXG/SQ.M-S

1.55

COLUMN PRESSLRE CROP,PA

€€0a2
669 .6
661,1
€€242
€42.7
€€la2
€2GC.0
€£8.0
€751
€1 .5
€ELlLS
CC2a2
€cE7«C

COLUMN PRESSULRE DROP.PA

75848
745.0
751.2
703.5
760.3
7166
720.€
T7062€
71l %
714.%
726.€
733.3

COLUNMN PRESSULRE DROP.PA

828.¢
82%,7
ECS &
£837.8
789.5
ELT.4
TEE .8
ECSe?7
E13.%
£10.2



STATIC UED M
PACKING SIZE

C-14

EIGHT = 0.2 M
= 0.019 M

RUNJNU, L1QUID FLOW RATE«KG/SQeM~-S
400 23.53
401 23.%3
402 23453
403 23.53
404 23.53
408 22453
406 23.53
407 23.53
408 23,53
409 23.5)
210 2352
411 23.53
a2 23.53
413 22.53
414 23.82

STATIC BED HEIGHT = Q.44 M

FACKING SIZE = 0.019 M

RUNGNU.

415
a16
417
418
419
420
a21
422
423
a2s
42s
426
427
a28
a2g
430
a3y
432
433

LIQUID FLOW RATE +XG/SQeMN-S

4.71
4a71
a.71
4471
4,71
4.71
4.71
4.71
.71
4.71
A.71
4.71
4.71
4,72
4.71
4.71
4,71
Ae71
4471

GAS FLOW RATE«KG/SQM-S

1.98
2.50
2.88
3.00
3.28
3.58
3.66
3.69
4,05
4.06
4.37
4.40
4.69
4.72
S.06

GAS FLOW RATEKG/SQeM-S

204
2411
2.36
2.49
275
2.83
3.03
3.21
3.39
3.51

3.67
2.82
4.00
4.16
4.31

a.47
4,63

a.70
4.84

COLUMN PRESSURE DROP.PA

962.1
$42,.9
935,23
S45.1
542,80
$ES.5
$31.8
S44.7
930.3
924.1
935,85
930.3
s233.5
$63,2

929.1

COLUMN PRESSLRE DROP.PA

€003
€2C.2
817.5
EES5.A
E2CeS
£€26.5
821,.,9
829.1
20€.8
82645
et11,2
€134
800.8
£08.4
82S5.9
€12.9%5
756.C
ezt.s

ECR.a



C-15

STATIC NED HEIGHT = Os.4a M

FACKING SI2E = 0,019 M

RUNNU, LIQUID FLOW RATE +KG/SC M-S
434 9,41
43S 9.41
436 Q.41
437 9.41
438 9.41 °
439 .41
440 9.41
441 9,41
442 S.41
443 Q.4t
ass Saél
445 Ge41
&446 Qebl
447 9.41
448 S.41
449 S.41
450 9.41
451 9,41
452 9.41
453 S.a1
STATIC BED EKHEIGHT = Qe M

FACKING SIZE = 0.019 M

RUNJNU.

454
455
450
457
458
4S9
4¢0
461
a4€2
463
4€64
€S
466
467
408
469
470
ATt

LIQUID FLOW RATE «KG/SQ M-S

14412
14.12
14612
14,12
14.12
16412
14,12
14,12
14.12
18.12
14,12
14.12
14,12
14012
14,12
1e.12
14,12
14,32

GAS FLOW RATE +XG/SQ.M-5

1.75
2.23
2.25

. 2,63
2.64
2.91
2.93
3.24
2.28
3.58
3.58
3.85
3.9%
4.18
4,22
4.46
a.58
4,74

. S.03
s5.27

GAS FLOW RATEWXG/SQ.M-S

1.61

1.83
2.158
2.31

2.52
2.75
2.90
3.10
3.15
3.38
3.50
3.77
3.80
4.13
a.36
.64
4.92
5.18

COLUNN PFESSURE DROP.PA

1068,7
1048.9
1028.5
1075.3
1016,7
1017.0
1076.5
1035,
1071.3
10C6.0
1053 .5
1047.85
1€21.5
1022,2
10£0,.2
1030.1
1006.1
1048,.9
1C29.9
102147

COLUMN PRESSURE DROP.PA

1182.3
1122.2
112€.8
115845
1116,.8
1149.4
1137.4
1088,.3
1114.82
114S.1
11C8.8
10S1.6
1115.0
1119.8
1139.2
1128.0
1108,1
1106.1



C-16

STATIC HED FEIGHT = Q.48 ¥

PACKING SIZE = 0.019 M

RUNNU. LIQUID FLOW RATE,KG/SC.M-S
A672 18.83
473 18.83
474 18.83
ATS 18.83
476 18.82
AT7 18,83
A78 18,83
479 18.82
480 18,83
481 18.82
482 18.83
483 18,83
484 18,83
485 18.83
STATIC RED HEIGHT = Q.44 M

FACKING SIZE = 0,019 M

RUNGNU

486
ABY?
ags
489
4SS0
491

492
493
494
a9s
496
497
498
4s9
S00

LICUID FLOW RATEKG/SQ.M-5

23.53
22,83

«S3

GAS FLOW RATE+RKG/S5Q0eM—-S

1.91
2.08
2.30
2.52
2.69
2.96
3.28
3.62
3.91
a.20
a.a7
4.7
4.96
s.23

GAS FLOV RATE +KG/S5QeM-S

1.55
2,30
2.52
2.73
2.78
3.07
3.09
2.382
3.43
3«75
4.03
4.32
4.58°
4.92
£.20

COLUMN FRESSURE CROPPA

123€6.7
12217
1227.5
1212.6
1230.7
1203.8
1216.6
1248.7
1224.8
1203,.6
1159.6
1215.6
1161 .1
1228.1

COLUMN PRESSURE DRCP,PA

1349.1
126301
1403,.0
12€&.1
13€4 .4
1271 .¢C
1328.€
13C643
1373.C
1257.¢€
13462.0
1337.9
1333.2
1308.8
1243.9



APPENDIX D

Experimental Results for

Particulate Recovery in MBC
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Listing of Program Used to Calculate Penetration without Diffusiophoresis:

NOMENCLATURE

CSALC CROSS-SECTIONAL AREA OF THE COLUMN ., M2,

DELTA 1 STIRKING NUMUER

£G ¢« GAS VOIDAGE, M3/M3,

£P0BST I VOGLUME FRACTION OF PACKING AT STATIC CONDITION o M3I/M3.
G i GAS MASS FLUX, KG/M2-S,

GMF : GAS MINIMUMt FLUIDIZATION VELOCITYs KG/M2~Se
H P EXPANDED 36D HEIGHT o M

HLH S LIQUID HaLD-uP, M3 WATER/M3 OF EXPANDED HED VOLUME,
HLHST ¢ LIQUID HOLD-UP, M3 WATER/M3 QOF STATIC BED VOLUME.
HSTY S STATIC DLD HEIGHT ., M,

HuM ¢ HUMIDITY, KG WATER VAPOR/KG AIR,

KPSC = PARTICLE TRANSFER (QOEFF. FOR SPRAY COLUMNs 1/S
L s LIQUID MASS FLUXs KG/M2-5,

PP I PARTICLE DIAMETER, MICROUN.

DPU ¢ PACKING UALL DIAMLTER, M2,

PN $PARTICLE CONCENTRATIUN, #/M3

PSTAT : STATIC GAS PRESSURE AT INLET

PT POPILNETRATION,

PTC I PARTICLE TRANSFER COQEFFICIENT, 1/S.,

QG $ VLLUMETRIC GAS FLOW RATEs FT3/S.

QG6s1I ¢ VOLUMETRIC GAS FLOW RATE.s M3/S

REG T GAS REYNULDS NUMBER.,

REL T LIQUID REYNAOLDS NUMUBER,

FOGIN {1 GAS DENSITY AT INLET., KG/M3,.

RCGUUT: GAS DENSITY AT QUTLET. KG/M3,.

ROL T WATER DENSITY, KG/M3.

ROCP S PARTICLE DENSITYs KG/M3,

ST ¢ STCKL ¢S5 NUMILER

TOB s DRY-BULD GAS TCMPERATURE o Fo

TWL s WET=-UULDB GAS TEMPERATURE, F,

TL 2 LIQUID TEMPERATURE, Fo,

UGy T SUPEKFICIAL GAS VELOCITY « M/Se.

UGl ¢ INTCRSTITIALL GAS VELOCITYs M/S.

UL ¢ SUPERFICIAL LIQUID VELACITY, M/S.

ULl POINTERSTITIAL LIQUID VELOCITY o M/S,

UR T RLLATIVE VvVELOCITY, M/S,.

VISCG ! VISCUSITY OF GASe KG/M=5, PA-S,

VISCL ¢ VISCOSITY OF WATER, KG/M=S, PA-S,

ODIMENSIUN X(6)+,Y(6)

REAL L

RLAD(S4+9) ROP

FORMAT(F1049)

READ(S 1) CSAGQCWEPUST S ROL

FURMAT (3F10e90)

RECAD(SD411) (X(I)s1=1,6)

FORMAT(EFLIC ,.TC)

READ(S412) (Y(1),1=1,6)

FURMAT(OETLIGe3)

RCADIS 17 +LMND=8IYDPIILHST

FORMAT(2F1040)

Z-a
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WRITE(6G.S51) DPB+HST

FORMAT(1IHL o /35X s *PACKING SIZE =% 4F 6,431 Xe"M*,10X+*STATIC BED HEIGH

17 ="F5.3.1X|'M'o//)
WRITU(G52)

FURMAT(7TX s GeKG/SQM~S? 48 Xes*'LeKG/SQM=S* 16 Xs*REGAS® s 10X
1+'DPyMICRON' sGXo 'PT?,8Xe"ST*:8Xe'PTCs1/S5' 48Xy *THEQ.PY* 4/ / /)
READ(D s 15) NRUN

FORMAT(I2)

LINE=0O

DO 72 IN=1,NRUN

READ{Ss 18IUSGPM

FORMAT (F1040)
READ(S,19)DPURPST o TOBINsTWBIN,TDOOUT o TWOOUT , TLINSTLOUT

FURMAT (8F1J4D)

CALCULATION OF GAS FLOW RATE

PSTAYT=4"76.,¥PS1 /2,94

HUMIH=HUMID(TDUBIN, TURIN)

HUMOUT =HUMID(ITDDOUT o TWHOUT)

RLG=1 ¢ 75630% (1 « +HUMIN) *PSTAT/Z( (184429 *%HUMIN)X®{460.+TDBIN))
RUGSTI=RULY1I 603
Qh—.WUQJPbJ*(l.-.JZ*DPOR/PSI)*(OPOR/RDG)#t 5

GOS T=UG*e3048%x2x3,

GIN=1G+ROG* 454 /CSADC
GUUT=GIN%(] A HUMDUT) 7(1 , +HUMIN)

C=(GIN-GLUT )ZALUOGI{GIN/GOUT)

CALCULATION OF LIQUID FLOW RATE

L=,.9416%XUSGPM :
CALCULATION GF MINIMUM GAS FLUIDIZATION VELOCITY
GME =10 o BUADPOR * 4881 J 4%k (= ,019854L)

CALCULATIUMN UF THE BED HEIGHT

DLLTA=(G-GMF )/ GUF

HCUR=4 14681 ¥DELTAXGMF /IHST

H=( 1 « tHCUR ) *HIST

CALCULATION CF LIQUID HOLD-UP

HLHST=1 4150 =74 %L %%, B826%DPB4%({-1,289)
HLH=HL ST 2S5 T/ 14

CALCULATION OF GAS AND LIQUID VELOCITIES
ln)oqu-ufu;,l

DELPC=112.1 720 %%,44%DPB%%k (— 492)%HST
UDLLPC=DLLIPC*2.54/248 .84

PSTUUT=PSTAT-DELPC

RCGUUT =1 o« 7H 0354 (1 o« +HUMOUT }%PSTOUT/Z (( 1846 +29 o #HUMOUT ) ¥(460.+TDBOUT) )

RGGUUT=RCLLUTY 1 G003
RUG=(ROGIN+ROGOUT ) /24 -
UGIN=GIN/ROGIN
UGLUT=0GUT/ZRUOGOUT
UGJI=(UGINTUGOUT )/ 2.
EPL=CPBSTHHST/H
EG=1,.-tiLH~-EPD

UGI=uUG /LG

ULO=(L+ ((GIN=-GUUT) /2.))/7ROL
vLli=uLs/Zhid

Vit=UGIL+UL. ]

CALCULATION OF WATER VISCOSITY

*RELIQ®7X

¢-d
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TL=(TLIN+TLOQUT) /2,
TLC=((TL-32,)/1.8)~-8.435
RECV=2.1482%(TLC+{(8078.,4+(ABS(TLC))I*%2,)%%,5)—-120.

VISCL=1e/(13.%RFCV)
CALCULATION OF GAS VISCOSITY

TG=(TOSIN+TDBOUT I/ 2.

VISCG=FLAGR(XsY oeTGs146)
CALCULATIUN OF DIMENSIONLESS NUMBERS
REG=0PH*UGI YROG/VISCG ‘ -
REL =0PB UL T *¥ROL/VISCL

READ(5,21 )KRUN
FURMAT(12)
DU 7. J=1,KRUN
READ(S+20)DPPNIN, PNOUT
FOPMAT(3F1C,.2)
CZl et (2eE=082((462e+TG)/1e8)/(DPX]L,E-04))1%(2.79+894%EXP(~-2+47E+07 .
FPOPEL GE =04/ ((4EQ++TG) /1 e8))) :
OT=CH((DP*1 JE-T6)%%2, ) ¥RONPEUR/ (9, %VI SCG*DPB) .
CALCULATION UF PARTICLE PENETRATION
CTIOT=PMNCUT/PNIN
ULNULZ=M o 32245%U5G6PM
URHUZ=ULNOZ +UGOUT
D3C=es0*(1C*VISCG) 44D, 2/URNDZ
RKELU=D3JI*URNOUZ*RUGUUT/VISCG

CDRAG=1B.5/REDE%Ja6

IFIRED.LT. 2.} CDORAG=24,/RED

IF{RECD«GL+D)De) CuRA'“O.44
UTERMG=(RFOZCORAG™1 3,376%VISCG* (10900 «~ROGOUT)I/ROGOUT*%2,)%kk{1,/3,.)
STU=CR((DP%1 ., E-06)%%2,) *ROPXUTERMG/{9exVISCGxD3I0)

KPSC=Da 1l bOXLER] 535Gk ¢04745%STDE%X(~04+413)
PTSC=EXP{-1%KPSCH (1 e5=-H)/UGQUT)
PTI=PTTLT/ZPTSC
CALCULATIUON OF PARTICLE TRANSFER COEFFICIENT

IF(PT.L0ee) GU TO 7%
PTLN=ALUGIPT)
PYIC==(PTLNLUGO/H)

CUTPUT 0FF THE CALCULATED RESULTS
CUNTINUL
PTCTH=3704 7(??us*sr*t.80477#Qcct#(—2.6&?64)*REL¢*2.10754t(Hsr/oPB
1)xx1,02217

PTTHEC=E XP(-PTCTH*H/UGO )

WRITULLG eD3)GoL o REGeRLEL yDP o PT ST sPTCPTYHED

FORMATIOX 1F6.3012X0sF 0,3 08XsFB.205XsF1042+BX9F5,2+6XeF6,4s3XsE10.4,
43X eFT7Te3s8XeFGoetbGos/)

LIME=LINE+1L

IF(LINL.LT,27) GO TO 7¢C

WRITE(GL.54) DPDWHST

FCRMAT(LHL o Z+3SX»*PACKING SIZE =0 43F6.4¢1Xe*M', 10X *STATIC BED HEIGH
IT S0 F 5,341 Xe "M 35X * (CONTINUED)® 4//)

WRITI(EG.52)

LINF=¢

CUNT INUL

GO Tu 79

sTUP

END

=3
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FUNCTIUN FLAGR(XsY s XARG, IDEG, N}

FLAGR USES THE LAGRANGE FORMUILA TO EVALUATE THE INTERPULATING
POLYNUOMIAL OF DEGREE [DEG.s FUOR ARGUMLNT XARGe USING THE DATA
VALUES X(1)resoesXIN) AND Y(1)s eoseoY(N)se THE DATA X(1)soeseesXUN)
15 ASSUMED TO BE IN ASCENDING ORDER BUT NOT NECESSARILY EVENLY
SPACED )

DIMENSIUON X{(N),Y(N)

NI=IDLG+]

DC 11 MAX=N1sN

IF(XARGLT«X{MAX)) GO TO 12

CONTINUE

MAX =t

MIN=MAX~-IDLG

FACTOR=1,.

DU 2 1=MINsMAX

IF(XARGML.X(1)) GO TO 2

FLAGR=Y(1)

HRETURN

FACTUR=FACTOR* ( XARG=-=X(1))

YEST=C.

DU S 1=MINsMAX

TERM=Y (I )*FACTOR/(XARG-X(1))

DU 4 J=MIN,MAX

IF{leNEsJ) TERM=TERM/(X(1)=X(J))

YEST=YLST+TERM

FLAGR=YEST

RETURN

END

FUNCTION HUMIDITDO,.,TWB)

WULTHT=10U93 44— 655 %T WIS

PULAT=4 40 79%IXP(L5.932-12283,6/71460,+TWB)~5,0055%ALOG(460 oHTWH))
SATHUMZ o 022%¥(PPSAT/Z{700~PSAT) )

FUMID=SATHUM=(TDI3=TWI3) % e 227 /WBLTHT

REL TURN

LHY



TABLE D.1.

GsKG/5QeM~S

2,309
2.3¢9
2.309
2.3c9
2.324
2.324
2,324
2.324
2,346
2.346
2.346
24346
2.364
2,364
2,360
2.364
2.364%
2,382
2.382
2.382
2,382
2.742
2.742
2.742
2.7a2
2,767
2.767

PACKING SIZE =0,0380 M

A i

LeKG/SQeM=-S

4.708
4.708
4.708
4.708
9.410
9,416
9416
9.4106
14.124
14,124
ta.1249
14.124
18,832
18.832
18.832
18.832
18.832
23,540
23.540
23.540
23.540
44708
4708
44708
44708
9.4106
9.416

in MBC at Conditions without Diffusiophoresis

REGAS

10010.83
10010,83
10010.83
10010.83
9165.44%
9165.44
9165044
9165.44%
8750.499
8750,45
8750.45
8750.45
8527.16
8527.16
8527.16
8527.19
8527.16
8411,11
Ballell
8411.11
Ball.11
10276.45
10276+45
102706.45
10276445
9771.14
9771.14

STATIC DEDO HEIGHY =0.290 M

RELLQ

5085401
5085,01
5085401
5085.01
6439,27
6439.2f
6439.27
6439,.,27
7534.77
7634,77
7534477
7534.77
8432,91
8432.9{
8432.91

8432.,91 .

8432.91

- 9206,02

9206.02
9206402

9236.C2

6026.47
6026447
6C26.47
6026.47
7448,C4
7448.04

DP ¢ MICRON

2.50
3.50
4.50
5450
2.50
3.50
4.50
5.50
2.50
3.50
4.50
5450
1.75
2450
3.52
4.50
5.50
2.50
3450
4.50
5.50
250
3.50
4.50
5450
2.50
3.50

T

0. 7503
05241
0.4428
0.2542
0.5195
0.2518
0.1215
0.0568

‘0.3018

0.0872
0.0229
G.0100
00,4024
041330
0.0314
0.0072
0.0019
00997
0.0187
0.0007
0.0002
0+6570
0449486
0.2701
0« 1664
0.4219
0e¢ 2429

ST

0.8892E-02
0.1713E~01
0.2804€-01
0.4162C~01
0.8176E-02
0+1575E-01
0.2578E-01
0.3827E-01
0.7808E~02
0.1504E~01
0.2462E-01

0+3654E~0L.

0,.,3829¢-C2
0+7617E~-02
0e«1467€~-01
0+2402E~01}
0.3565E~01
0.7517E-02
O« 1448E-01
0¢2370E~-01
0.,351%E~-01
0+9188E-02
0.1772E-01
0.2890E~01
0+4300E-01
O«8750€-02
0.1685SE~01

Experimental Results and Estimated Penctration of Ferrous Sulphate Particles

PTC.1/S

2,462
545306
6.980
11.738
4,956
10.437
15.954

21.70s

8.281
16.86S5
26,092
31.831

5,893
13.058
22.411
31,907
40.668
14.204
24.526
45,136
51,626

3.666

6.998
11,424
15,651

6.758
11.082

THEQ+.PT

0e7172
0.5694
0.,4328
0.3164
0.4817
0.2900
0.1588
0,0797
0.2974
0.1280
0.0471
0.0150
0.3713
0.1785
240539
0.0130
0.0026
0.1072
. 0.0227
0.0036
0.0004
0.6395
044688
0,3242
0.2127
0.4251
0.2346

7
ey




b eend

BRI Y SU Lo N

Sein

PACKING SIZE

G+sKG/SQ4 M-S

2.767
2.767
2.792
2.792
2.792
2.792
2.822
2.822
2,822
2,822
2.822
2.853
2,853
2.853
2.853
3.105
3.10%
3.105
3.105
3.148
3.14a
3.144
3.144
3.144
3.163
3,163
3.163

=0.0380 M

LeKG/SQeM~S

9416
9.416
14,124
14.124
14.124
13.124
18.832
18,832
18.832
18.832
18,832
234540
23.540
23.540
234540
4,708
4.708
4.708
4.708
9.416
9416
9.416
9.410
9.416
14.124
14.124
14,124

REGAS

9771.14
9771.14
9508.45
9508.45
9508.45
9508.45
9385.46
9385,46
9385.46
9385.406

9385,46

9341.92

9341.92

9341.92

9341.92
10670.25
10670.25
10670.25
10670.25
10341.58
10341.58
10341.58
10341.58
10341,58
10145.04
10145,24%
10145,04

STATIC BED HélGHY =0290 M

RELIQ

7448.04
7448.04
8626.95
8626.95
8626.95
8626.95
9600.23
9600.23
9600.23
9600423
$600.23
10477406
10477.06
10477.006
10477.06
6948,25
6948.25
6948, 25
6948.25
8509.29
8509.29
8509.29
8539.29
8509,29
9680412
9680412
9€80.12

(CONT INUED)

DPsMICRON PT
4.50 00885
5450 040251
2,50 0.2890
3.50 0.1004
4.50 00295
S5.50 0.C066
1.75 0.3861
2450 0.1556
3.50 C.0416
4.50 0.0094%
5.50 0.0029
2450 00873
3.50 040119
4,50 0.0034
5450 0.0011
2450 06310
3.50 0.4208
4.50 042261
5,50 C,1220
2.50 0443021
3.50 0.2172
4.50 0.08062
5450 040260
5.50 0.0268
2.50 002051
3.50 0. 0885
4.50 0,0261

sY

0,2759E-01
0 «4095E~01
0.8526E-02
0e1642E-01
042688E~01
0.3990€~01
0.4233E~02
0eBA421E-02
0.1622€~01
0+2655€~C1
0.3941-01
048388E-02
0+1616E-01
0.2644E-01
0e3926E-C1
0+9609E-02
0.185CE-C1
03029E-01
0,4496E~01
0.9326E-02
0e1796E-01
04+2940E-01
0.4364E-01
0.4364E-01
0.9169C~02
0+1766£-01
0,.,2890E~C1

PTCsl/S

18.984
28.864

8.992
16.648
25.508
36,312

64508
12.724
21.750
31.903
39,963
15.988
29,044
37.211
44,675

4,078

7.666
13.169
18.632

7.324
12.277
19.706
29.340
29.101
11.876
18,179
27.335

- —— —

THEO.PT

0.1159
00517
D0.2654
0.1050
0.0353
0.0101

0+3545
0.1647
0.0471

0.0106
0.0019
01020
040209
0.,0032
0400048
0.5722
0.3883
042450
0.1448

.

0+3680
0.1838
0.0806
00314
0.0314
0.2323
040843
0.0253

L-a
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PACKING SIZE =0.0380 M

GsKG/5Q e M-S

3,163
3.193
3.193
3.193
3.193
3.193
3.193
3.193
3.193
3.268
3.268
3.268
3,268
3,492
34,492
3492
3.492
3.492
3.513%
3.514
3.514
3.514
3.544
3.544
3.544
3.544
3,564

LeKG/SQeM~S

14,124
18.832
18.832
18.832
18.832
18.832
18.832
18.832
18.832
+ 23540
234540
23.540
23.540
4.708
44708
4.708
4.7C8
4.708
94416
9416
94416
9.416
14.124
14,124
14,124
144,124
18.832

STATIC BED HEIGHT =0.290 M

REGAS

10145,04%
10064.72
10064.72
10064472
10064.72
10064,72
10064.72
10064472
10064.72
10138,.53
10138.53
10138.53
10138.53
11309.00
11309.00
11309.J)0
11309.00
11309.00
11030.29
11030.29
1103J3.29
11039.29
10917.75
10917.75
10917,75
10917.75
10885.45

REL!Q

9680,12
10667.79
10667.79
10667 .79
10667.79
10667,79
10667 .79
10667.79
10667.79
11660.,10
11669410
11660,10
11660410
7591,52
7591.52
7591,52
7591,52
7591.52
9178,91
9178.91
9178.91
9178,91
10422,41
10422,41
10422,41
10422,41
11483.84

(CONT INUVE

DPMICR

5.50
175
1.75
175
2.50
3.50
4.50
459
5.50
250
3.50
4.50
5.50
2450
3450
44590
5.50
5450
2450
3.50
4.50
550
2450
3.50
4.50
S+50
2.590

D)

ON PY

0.0115
0.3002
0.2815
0.2647
0.0945
0.0340
0.0C66
00067
0.,0045
0.0221
0.0036
0.0002
Q.0

0.6397
0.4213
0+20060
0.0989
0e«1045
0.4052
0.2008
040901
0.0269
0.2479
0.1016
0.0331
0.0114
0e2984

ST

0.4290E-01
0+4582E-02
0.45826-02
0.4582E-02
0.9113E-02
0.+17556-01
0.2873E~01
0.2873E-01
0.4264E-01
0.9171E-02
0.1766E~01
0.289 1E-01
0,42916~01
0+9965E-02
0.1919E-01
043141E-01
0.4663€-01
0.4663E-01
0.9781E-02
0.1884€-01
0.3083E-01
0.4577E~01
0.9682E~ 02
041865E—01
¢.3052e-C1
0+4531E-01
0.9676E-02

PTCet/S

33.446
8.571
9.028
9,468

16.805

24,075

35.716

35.635

38,539

260153

38.551

57.602
54760
3.897
7.542

13.784

20,188

19,709
74253

12.889

19.321

29,018

10.492

17,203

25.646

33.633

16.664

THEO, PT

0.0064
043323
063323
0,3323
Oel472
040389
0.0080
0.0080

8-a

0.0013
0.0940
0.0182
0.0026
0.0003
0.5471

0.3598
0.2188 :
0.1239 ;
041239 ;
0.3574 ‘
0.1749
0.0748
0.028a
0.2316
0.0838
0.0251

040063
041508 i



RO EEAREY
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PACKING SIZE =0.0380 M

GeKG/SQ,.,M-5

L+KG/SQ M-S

18.832
18.832
18.832
23.540
23.540
23.540
23.540

4,708

4.708

4.708

4.708

9.416

94416

9.4106

9.416
14,124
14.124
14,124
18.12%
18,832
18.832
18.832
18.832
23.540
23540
23.54C
23540

STATIC BED HEIGHY =0.290 M

REGAS

10885.45
10885.45
10885.45
11001,83
11001,.,83
11001.83
11001.83
11919.91
11919.91
11919.91
11919.91
11744,29
11744429
11744.29
11744.29
11664.54
11664.54
11664.54
11664450
11673.58
11673.58
11673.58
11673,.58
11711.76
11711.76
11711.76
11711.76

RELIQ

11480.849
11480,84
11480.84
12513,.,52
12513.52
12513.52
12513.52

8392.84

8392.84

8392,84

8392.84
10054,86
10C54.80
1J354,.,86
10054,86
11374.41
11374.41
11374.41
11373,41
12495,37
!2495.37
12495,37
12495,37
13413,05
13413,05
13413.05
13413,05

(CONTINUED)

DPsMICRON

3.50
4 .50
5.50
250
3.50
4590
5.50
2450
3.50
4.50
5.50
2.50
3.50
4450
5.50
2450
3450
4.50
550
2.50
3.50
4.50
S5.50
250
3.50
4.50
550

PT

0.0334%
0.0089
0.,0030
0.0954
0.0032
0.0017
0,0

06019
0.4102
0.18067
040977
Q43662
C. 1809
0.0783
0.0321
0.2128
00903
0.0272
0.0106
0.1191
0.0316
0.0079
0.6023
0. 0929
0.0372
0.0032
0.0

ST

0.1864E-01
0.3051E-01
0.,4529E~0t
0.9768E~02
0.1881E-01
043079€E-01
0.4571CE-01
0e¢100L1E-0O1L
0.2044E~-01
0.3346E-01
0.4967E-01
0.1048E-01
0.2019E~01
03305E£-01
0,4907E-01
0+104SE-01
0.2034E-01
0.,3296E-01
0.4892E-01
0.1043E~01
0.2019€-01
043304E~01
0.49C5E-01
0.1053E~-0t
042028E-01
0,3320E~01
0.4928E-01

PTCe1/S

24 .424
33.960
41.750
164320
39,787
44,313
4.431
4.498
74895
14.871
20612
8.227
14.006
20.862
28.164
11.984%
18.621
27.924
35.228
15.793
25,643
354905
45,058
17-065
35.445
41,229
4.123

THEO.PT

0.0405
00,0085
0.0014
0.1004
0.0203
0,0031
0.0003
0.5108

6-d

043203
0.1841
0.0977
Q43345
0.,1563
0.0633
0.0226
042175
00754
0.02tL4a
00051
0es14306
0.,0373
0.0075
0.0012
0.0987
0.0198
00,0029
0.0003



'
!

TSRS

A

GsKG/SQ M-S

24346
2,346
2346
24346
2.313
2.313
2313
24313
2.381
2.381
2.381
2.381
2.345
2.3;5
2345
24345
2399
2,390
24390
24390
2.355

24355 -

24355
2.355
2.400
2.,4C0
2.400

PACKING SIZE =),0380 M

LsKG/SQ.M-S

4.708
4,708
4.7C8
4.708
4,708
4,708
4.708
4,7C8
9.416
9,416
9.410
9.416
9.416
9.416
Q4416
9.416
144124
14,124
14.124
14.124
14.124
14.124
14.124
14.124
18.832
18,832
18.832

REGAS

10823.84
10823.84
10823.84
10823.84
10770,88
10770.88
10770.88
12770.88
10188.68
. 10188.68
10188.68
10188.68
10116.,95
10116495
19116.95
10116.95
9815.95
9815,95
9815.95
9815495
9733.07
9733.07
9733.07
9733.07
9618.49
9618,49
9018.49

STATIC BED HEIGHYT =0.440 M

RELIQ

4964.23
4964.23
4964.23
4964.23
4983,98
4983.98
4983.98
4983,.,98
6098.02
6098.02
6098,02
6098.02
6079,25
6073.25
6079.25
6079.25
6869.93
6869.93
6869,93
6869,.,93

6867.62

6867.62
6867.062
0B6T.62
TS31.60
7531.60
7531.00

DP,MICRON

1.75
2.50
3.50
4,50
1,35
135
2,50
3.50
1.75
2.50
3.50
4,50
1.35
175
2,50
3.50
175
2450
3.50
4.50
1.35

PY

Qe 6545
0445006
0.2083
0.1354
0.7314
07070
03765
0.2270
044237
Qe2272
0.0811
0.0449
00,6227
0.3913
0.1931
0.0791
0.2808
Q.1203
0.0364
00133
0.,4215
042495
0.1254
0.0357
0s2011
0.1806
0.0408

ST

0+4909E~-02
09763E~-02
0.1880E~C1
03077E~01
0«3019E~02
0e3019E~02
0.9837E-02
0.1894E-01
0+4621E~02
0.9189E-02
0.1769E~01
0.2896E-01
0+2840E-02
0+4655E-02
0+9256E-02
0.,1782E~01
0+4464E-02
0.8877€-02
0.1710E~01
062798E~-01
0+2739E-02
0+4490E-02
0+8928E-02
0.,1719E~-C1
0+4377E~02
0.43776~-02
0.8705E-02

PTCs1/S

2.634
4.958
9,749

12.426
1.959
2.171
6.118
9.285
4,892
8.4433

14.312

17.673
2.721
5389
9.446

14,569
6786

11.313

17.706

23.067
4.650
7.473

11.175

17.938
Bel57
8.703

15.566

PR P RS P

THEQ.PY

0.6607
0.4865
0.2949
0.1628
07527
0.7527
0.4795
0.2878
004587
Qe 2579
0,.10006
0.0329
05893
0.4552
042545
0, 0984
0.3177
0.1362
0.,0341
0+0066
0.4561
0.3109
0.1311
0,0320
0.2190
0.2190
0.,0713



B
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PACKING SIZE

GeKG/S5Q M-S

2.400
2.400
2.4C0
2.405
2.4C5
2,405
2.405
2.858
2.858
2.858
2.858
2.858
2.812
2.812
2.812
2.812
2.869
2.869
2.869
2.869
2.822
2.822
2.822
2.822
2.882
2.882
2.882

=00380 M

LeKG/SQ.M~S

18.832
18.832
18,832
23,540
23.540
234540
234540
4,708
4708
4.708
4.7C8
4,708
9.416
9.410
9e416
9.416
9.416
9.416
9.416
9.416
14.124
14124
14.124
14,124
14.124
14.124
14.124

STATIC BED HEIGHT

REGAS

9618449

9618.49

9618.49

9505.00

9505.00

9505.00

9505.00
11608,32
11608.32
11608,32
11608,32
11608.32
10883.,83
10883.83
10883.83
10883.83
11153.99
11153,99
11153,99
11153.99
10625.907
10625.,07
10625.07
10625,07
10894.96
10894,.96
10894.96

=0 0,440 M

RELIQ

7531460
7531.60
7531.60
0089.44
8089.44
8039.44
8089.44
5386457
5386457
5386457
5386.57
5386457
6832.03
6830.03
6830403
683003
6539.97
6539.97
6539.97
6539.97
7652419
'7652.19
7652419
7652419
7374413
7374.13
7374.13

(CONT I NUED)

DP+MICRON

3.50
350
4.50
175
2450
3.50
4450
1.75
2450
350
4.50
4450
175
2.50
350
4450
175
250
3.50
4450
1.75
2.50
3.50
450
1.75
2450
3.50

PT

0.0258
0.0174
0.0031
0.1543
0.0298
0.0136
0.0030
0.6288
0.4773
0.2871
0.,1481
01739
Q0.4362
00,2661
0.,0985
0.0100
0.4711
0e2903
0.1162
0.0270
0.2606
0.1146
0.0324
0.0129
00,3346
041826
00,0671

ST

0.1676E-01
0.1676E-01
0+2744E~01
0.43326-02
0.8615E-02
0.1659€-01
0+2715E-01
0+51276-02
0.1020E-C1
0+1965E— 0t
0.3216E-01
0.3216€~01
9.5010E-C2
0.99636~02
0+1918E=-01
0+3140E-01
0.4949E-02
0.9846E~02
0.1896E-01
0.3104E-01
0.4907E—02
0.9758€-02
0+1879E-01
0.3075E~01
0.4848E- 02
0+9E44E=02
0.1858E-01

PYCel1/5

18.596
20,603
29.332
9.154
17209
21,049
284479
2.994
4.774
8.054
12.326
11.291
5106
8,147
14.263
28.342
4.504
7400
12.881
21.6006
7.815
12,588
19.924
26,277
o.188
D612
15274

[ ——

THEOQ.PT

0,0114
0.0114
0.0013
0.1533
0.0383
0.0040
0.0003
0.6650
0.4919
0.3004
0.1673
0.1673
04399
0.2398
0.0890
0.0274
0.,4890
0.2881
0.1214%
040435
O0.3141
0.1335
0+0330
0.0063
0.3604
0.1695
040494

11-d




RPN

GsKG/SQ M-S

2.882
24823
2.823
2.823
2823
2 .850
24850
24859
2.850
3.177
3177
3.177
3177
3,159
3159
3159
3.159
3.224
3.224
3.224
3.224
3.251
3.251
3.251
3.251
3.273
3.273

PACKING SIZE =0.0380 M

LsKG/SQeM=~S

14,124
18,832
18,832
18,832
18.832
23,540
23.540
23,540
23.540

4,708

4.708

4.708

4.708

9.416

9.416

9.416

9,416
l4.124
14.124
14,124
14.124
18,832
18.832
18.832
18,832
23.540
23.540

STATIC BED HEIGHT

REGAS

1¢894,96
10449.65
10449.65
10449,65
10449,65
10421.28
10421.28
10421.28
10421,28
11897.07
11897.,07
11897.,07
11897,07
11503,73
11503.73
11533.73
11503,73
11410.68
11410.68
11410.,68
11410,.68
11352,32
11352.32
11352,.32
11352,32
11331.14
11331.14

=0.440 M

RELIQ

7374.13
8267.63
8267.63
B267.63
8267.63
8846438
8846.38
8846438
8846,38
6342419
6342, 19
6342.19
6342.19
7417.80
7417.80
7417.80
7417.80
8297.62
8297.62
8297.02
8297.62
'8968.64
8908.04
8968.04
8968,04
9590.07
9590, 97

(CONT [NUED)

DPyMICRON

4,50
1«75
2450
3.50
4.50
175
2.50
3.50
4,50
175
2.50
3.50
4450
1.75
2450
3.50
4.50
175
2450
3.50
4450
175
2.50
3450
4,50
175
24590

PY

0.0079
041853
00734
0.0172
0.0125
0.1540
0.0348
0.0110
0.0

0.5888
043989
0.1910
0.0860
04395
0e 2457
0.11062
0.0388
02972
041302
0.0420
040193
0.1747
0.0558
0.0195
0.0044
0.1501
0.0317

ST

0+3041E~01
0.4846E-02
0+9636E—02
0.1856E~-01
0.3037E-01
04+4829E~02
0.9602E-02
0.1849E-01
0 +3026C~Ct
0.+54506E~02
Qes1085E-01
0.2089E-C1
0e3418E-01
0+5335E-02
0.1061E-01
0e2043E~01
0+3343C-01
0+5243E-02
0«1042E-01
0,2007E-0C1
03285€E~01
0.5207€6-02
0,1035E-01
0+1994E~01
0+3263E-01
C.5203E-02
0.1035%E-01

P

TCel/S

27.338

9,383
14.534
22,601
24.391
10.072
18.082
24.285

2.429

3.653

64338
11.518
16.917

5.305

9.059
13.893
20.963

7.377
12.394
19.268
23.995
10.172
16.831
22,970
31.604
10.728
19.519

THEQ,PT

0.0114
042294
0.,0773
0,0131
0.0016
0.1715
0.0466
0.0055
040004
045882
03975
0.2094
040979
0.4287
042293
0.0825
0.0245
0.3176
041361
0.0341
00066
0.2417
0.08406
0,0152
0.0020
0.1840
0.0527

Z1-a




Tiade . .
s P il B

e

PO NI

PACKING SIZE =0.0380 M

GsKG/SQ M-S

3.273
3.273
3426
3.426
3.a26
3.426
3.445
3.445
3.445
3.445
3.470
3.a70
3.470
3.470
3.499
3.499
3.499
3.499
3.528
3.528
3.528
3.528

LsKG/SQ M-S

234542
23,540
4.708
4,708
4,708
4,708
9.416
9.416
94416
9.416
14.124
14,124
14.124
14,124
18,832
18,832
18.832
18,832
23.540
23.54¢C
23.540
23.540

REGAS

11331.14
11331.14
12460.42
12460.42
12460.42
12460.42
12171,93
12171.93
12171.,93
12171.93
12043.02
12043.02
12043.02
12043.02
11994,98
11994.98
11994.98
11994 ,98
12001.97
12001.97
12001.97
12001.97

STATIC BED HEIGHT =0.,440 M

RELIQ

9590407
9590.07
6371.48
6371.48
6371.48
6371.48
7591.82
7591.82
7591.82
75991.82
8484,62
8484.62
8484.62
8484.62
9199,.07
9199.07
9199.07
9199.07
9823.78
9823.78
9823,.78
9823478

(CONTINUED)

DP+MICRON

3.50
4.50
175
24.50
3.50
4.50
1.75
2450
3.50
4,50
1.75
2450
3450
4.50
1.75
250
3.50
4 .50
1.75
2450
3.50
4.50

PT

0.0071
0.0

0.,6078
0. 3657
0.1717
0.1205
00,4720
0.2816
0.1185
0.0519
0.3637
0.2059
0.0796
0.01067
0.2139
C.0881
0.0236
Q0.0042
0.1823
0.0291
0.0096
0.0015

ST

041992E~-01
0,.,326CE~01
0+5515E~-02
0.1097€~-01
0.2113E-01
0.3458E£-01
0.5407L-02
0.1C76E-01
0.2072E-01
0.3391E-01
045348E-02
04.1064E-01
0.2049E-01
0.3354E~-01
0+5334E-02
O0«1061E-01
0.2043E~01
0 .3345€C-01
0.5340E8-02
0.1062E-01
0.2046E-01
043349C-01

PTICs1/S

28.009
2,801
3.386
6.841

11.984

144392
4.776
8.062

13.569

18,824
60108
9.544

15,284

24.705
8.972

14.130

21794

31.78S
9.625

204007

26.302

36.747

THEQ.PT

0.0068
0.0006
046157
0.4302
00,2394
O0.1194
044509

¢1-a

0.2561
0.0988
0.0320
0.3443
0.1565
0.0432
0.0093
0+2662
041000
0.0202
0,0030

. 0.2095

0.0660
0.,0100
0.0011




re

wid

GeKG/SQe M-S

2.852
2.852
2.852
2,852
2.852
2.852
2.869
2.869
2.869
2.869
2,869
2.869
2.884
2.88a
2.884
2.884
2.884
2.884
2,891
2,891
2,891
2.891
2.891
2.891
2.897
2.897
2.897

PACKING SIZE =0,0380 M

LsKG/5QeM—5

4.708
4,708
44708
4.708
4,708
4,708
9416
S.416
9.416
9.416
94416
9.416
14,124
14,124
14.124
14,124
14,124
14,124
18.832
18.832
18,832
18.832
18.832
18.832
234540
23,540
23540

STATIC BED HEIGHY =0,580 M

REGAS

12293.83
12293.83
12293.83
12293.83
12293,83
12293.83
11925.2¢6
11925,06
11925.06
11925.006
11925.006
11925.006
11721,19
11721.19
11721.,19
11721,19
11721.19
11721.19
11605.68
11605.68
11605,68
11605.68
11605.68
11605.68
11556.95
11556.95
115506.95

RELIQ

520014
5200.14

5200414

520014
5200.14
5200014
6110.57
6110.57
6110.57
611057
611057
6113.57
6800.22
6800.22
68Q00.22
6830.22
6800.22
6800.22
7385.18
7385.18
385,18

'7385.18

7385.18
7385.18
7868.59
7868459
7868459

DP . MICRON

135
.75
2.50
3.50
4,50
950
1.35
1.75
2.50
3.50
4.50
S5.50
1.35
175
2.50
3.50
4.50
5.50
135
1475
2.50
3450
4.50
5.50
1.35
1.75
2450

PT

0. 6890
Qed7061
0.2552
0.1006
0.0329
0.0080
0645371
0.3130
Q.1436
0.0442
0.01506
0.0019
0.4146
0.2185
0. 0856
00,0273
0.0062
0.0020
0.2980
0.1242
0.0419
0.0116
0.0019
0.0

0.2436
00944
0.0312

ST

0e3377E-~02
0.5536€E-02
0.1101E~01
0+2121E-01
0.3471E-C1
0.51%3E-01
0¢3288E—-02
0,5391E-02
0.1072E-C1
0 +.2065E~-01
0.3380E-C1
0.5018E~01
0.3237€-02
0.5307C-02
0+1056E~01
0.2033E-01
0e3328E~-01
0.4940E~-01
0.3211E~02
0.5264E-02
0.1047E~01
0+2010E-01
0.33J0E-01
0.4899£~C1
043204E~02
0.5253E-02
0.1045E-01

PTICs1/5S

1.984
3.954
7.276
12.233
18.195
25.755
3.118
5.828
9.735
15.651
20.877
31.527
4.216
7.284
11.772
17.251
24.336
29.673
5.591
9.633
14.5650
20.574
29,060
2,906
6.349
10.609
15.584

THEO.PT

0.6511
0.5280
0.3293
Je1522
0.0609
0.0213%
0.5071
0,3639
0.1724
0.0508
0.0119
0.0023
0. 3980
0.2538
0.0921
00,0176
0.0025
00003
0.3138
0.1782
0. 0498
0.0062
0.0005
0.0000
02531
041293
0.0285

v1-a




AT I S AP

PACKING SIZE

GsKG/SQeM-S

24897

2 .897
2,897

=0+0380 M

LeKG/SQ M-S

234540
23,540
23.540

REGAS

11556.95
1155695
11556.95

STATIC BED HEIGHY =0.580 M

RELIQ

7868,.,59
7868.59
7868,59

(CONTINUED)

DP 4 MICRON

3.50

4.50
5,50

PT

0.0071
0.0009
0.0

ST

0.20126-01
043293E-01
0+4889€~-01

PTCW1/5S

22,218
31 .466
34147

THEO.PT

0.0024
00001
00000

Si-d

S __] |



PACKING SIZE

GsKG/SQe M-S

2.805
2.8C5
2.805
24805
2,805
2.837
2.837
2,837
2.837
2.837
2.837
2.845
2,845
2.845
2.845
2.845
2.854
2.854
2.854%
2.854
2.,854
2.909
2.909
2.909
2909
24909

=0.0250 M

LeKG/SQeM~S

4,708
4.708
4.7C8
44708
4,708
9s.410
9416
9.416
9.416
9.416
9.410
14.124
14,124
14.124
14.124
144,124
18.832
18.832
18.,832
18.832
18,832
234540
234540
23.540
23,540
23540

STATIC BED HEIGHT =0.290 M

REGAS

64504756
6450476
0450.706
6450.76
6450476
6388.36
6388.36
6388,36
6388.36
63688436
6388.36
6356.50
6356.50
6356450
6356.50
6356,50
6355.89
6355.89
6355,.89
6355.89
6355,489
6440.04
6440.,04
6440,04
6440.04
64404204

RELIQ

26514590
265150
2651.50
2651450
2651450
3185414
3185.14
3185.14
3J185.14
3185.14
3185.14
3581.87
3581.87
3581.87
3581.87
3581.87
3900.46
39230440
3900.46
3900446

3900446

4221449
4221449
4221449
4221449
4221449

DP«MICRON

1.75
2450
3.50
4450
5.50
1.75
2.50
3.50
4.50
4,50
S50
1.75
2450
3.50
4450
5.50
175
2.50
3.50
4.50
5450
1.75
250
3.50
4450
S50

PY

0.6971
0.5194
00,2431
0.1399
0e0472
0.5335
0.3389
0,1207
0. 0394
0.0386
0.0108
0.4246
0.2085
0.0701
0.0291
00,0052
03329
0.1120
0,0317
0.0069
040010
0.2328
0.0707
0.0064
0.0022
00,0008

ST

Ge60631L~-02
0.1325€~-01
0,2551£-01
0+4176E-01
0.6199E-01
0.6593E~-C2
0.1311£-01
0+2526E-01
0.4134E-01
0.4134C~01
0.6137E-01
0+46560E-02
0e«1305SE-01
0.2513E~-01
O+4114E-0CL
0+6107E~01
0.6571E~02
0+1327E-01
0.2517E-01
0:4120E-01
0.6117E-01
0.6656E-02
0.1324E—01
0.2550E~-01
0e«4174E~-C1
0.6196E-01

PYICs1/S

2.830

S.138
11,093
15.426
23.955

4.553

7.840
15.321
23.440
23.588
32.843

5.847
10.702
18.140
24,134
35.864

7.187
14,304
22,548
32.494
44.878

9.243
16.806
32,069
38.793
44.848

THED.PT

0.6436
Ce8647
0.2728
0.1450
0.0704
0.4895
0.2886
0.1218
0.0437
0+0437
0.013S
0s3752
0.1818
0.,0556
0.0136
0.0027
02931
0.1183
0,0268
040046
0.0006
0.2327
0,0792
0.0136
0.0017
0.0002

91-a



PACKING SIZE =0.0250 M

GsKG/SQ M-S

24393
2393
24393
2,393
24393
20393
2,393
2.405
2.4C5
244C5
24405
2.4C5
24405
24407
2.407
2.407
2+407
2.4C7
2408
2,408
2.408
2.408
2.40C8
2,416
2.416
2416
2.416

STATIC BED HEIGHT =0.440 M

LeKG/SQ M-S

4,708
4.708
4708
4,7C8
4.708
4.708
4,7C8
9.416
9.416
9.416
9.416
9.416
94416
144,124
14,124
14.124
14.124
14,124
18.832
18,832
18.832
18.832
18,832
23 .540
234540
23.540
23.540

REGAS

6793,79
6793.79
6793.79
679379
6793.79
6793.79
6793,79
671724
6717.24
6717.24
6717.24
6717.24
6717.24
668).83
6680,83
6680.83
668J.83
6680.83
6698,.,11
6698.11
6698,.11
6698.11
6698,11
6757.95
6757.,95
0757.95
6757 .99

RELIQ

2030.92
2030.92
2030.92
2030.92
2030492
2030.92
2030.92
2408.22
24 08,22
2408.22
2408.22
2408.22
2408.22
2686+ 16
2686,16
2686.16
2686. 16
2686.16
2916.18
2916.18

2916.18

2916.18
2916.18
3112.28
3112.28
3112.28
3112.28

DP¢MICRON

175
1.75
2,50
3.50
3.50
4.50
5.50
175
2450
! 3.50
4.50
4.50
S.50
1.75
2,50
3450
4.50
S.50
175
2450
3450
44+.50
5.50
1.75
2450
3.50
4450

PT

05913
0.6138
043505
C.1593
0.1257
0. 0590
0.0165
0+4251
042079
0.0573
0.0113
0e0110
0.0018
0.3006
0.1316
0.0321
0.0023
0.0

002220
0.0587
0.0111
0.0018
0.0

0.0959
060295
0.0C46
0.0008

ST

0.6968E-02
0,6968E~02
0.1386E~-01
0.2670E~-01
0.2670E~C}
C«4370E~01
0.6488C-01
0.6901E-02
0.1373E-01
0.2644E~-C1
044328E-01
0.4328E-01
0.6425E-01
0.6889E-C2
0.1370E-01
0.,2040E-01
0+44321E~01
C.6415E-01
0.6911E-02
0.1375E-01
0.2648E-01
0,4334E-01
0.6434E-01
0.6982E-02
Q.1389E~-01
0.2675e~-0C1
0,4379€E~-C)

PTCs1/S

24956
2.746
5.898
10.335
11.668
15.925
23.106
4.508
8.301
15.072
23.608
23.756
33.339
6.037
10.185
17.279
30.525
3.052
T«267
13.687
21,751
30.491
3.0?9
11.003
18.237
25.230
33.356

THEOD.PT

0e5502
0.5502
043537
O0.1718
0.1718
0e0729
0.0273
043931

0.1971

0.0638
0+0167
Q.0157
0,0C36
0.2866
0.1138
0.0251

0.0042
0,000S5
0.2146
0.0688
0.0107
0.0012
00001

041672
0.0446
0,0051

000049

L1-a
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PACKING SIZE =0.0250 M

GeKG/SQ M-S

24416
2.845

2,845

2.845
2.845
2.845S
2,862
2.8062
2.862
2,862
2,862

2.862"°

2.869
2,869
2,869
2.869
2,869
2,869
2,869
2.874
2,874

2.874

2,874
2.874%
2.888
2,.888
2.888

STATIC BED HEIGHT

LeKG/S5QeM=~-5S

234540
a.708
4.708
4.708
4.708
4.708
9.416
9.416
9.416
9.416
9.416
9.416

14.124

14,124

14.124
14,124

14.124

14.124

14,124

18.832

18.832

18.832

18.832

18.832

23.540

23.540

23.540

REGAS

67T57.95
7268,84
7268.84
7268.84%
7268.84
7268.84
7255.95
7255.95
7255.95
7255,95
7255.95
7255.99
7265.21
7265.21
7265.21
7265.21
7265.21
7265.,21
7265.21
7307.09
7307.09
7307.09
7307.09
7307.09
7391.49
7391,49
7391.49

=0+440 M

RELI1Q

3112.28
2287.91
2287.91
2287.91
2287.91
2287.91
2692, 10
2692.10
2692.10
2692.10
2692.10
2692.10

2986,20

2986.20
2986.20
2986,20
2986420
298620
2986.20
3211.09
3211,09
"3211.09
3211.09
3211.09
3427.78
3427.78
3427.78

(CONTINUED)

DP MICRON PT
5.50 0.0
175 05617
2450 03509
3.50 0.1398
4.50 0.Ca8a
5450 0.0151t
1.75 0.4224
2.50 0.2006
3.50 0.0733
4450 0.0201
4 .50 0.0210
550 0.0054
1.75 0.,3023
1e7S 03299
2450 0.1274
250 0.1445
3.50 0s0442
4.50 0+0105
5.50 0.0043
175 0.2282
2.50 0.,0801
3450 040177
4.50 0.0234
S.50 0.0
1«75 0.,1984
175 0.1542
2450 0.C410

ST

0.6501E-01
0.7551E~-02
0.1502E~01
0.2893E-01
0,4735E~-01
0702BE~-01
0.75356—-02
0.1499E-01
0.2887e-01
0+4725E-01
0e4725E~-C1
Q0.7014E-01
0.7558E-02
0.7558E£~-02
0.1503E-01
0.1503c~-01
0.2895£-01
044739E-01
0e7035E-01
047609E-02
0.1513E-01
0.2915£-01
0.4771€-01
0.7083E-01
0.7697€~02
07697E~-02
0.1531E~C1

PTC.1/S

34336
3.504
64362
11950
184394
254479
44929
9,189
18 .944
22.346
22.088
29.914
64546
6.066
11.272
10,585
17.064
24.940
29,822
7.807
13.337
21.311
30.020
3.002
8.325
9.621
16.438

THEQ.PT

00000
0.5301
0.3316
0.1540
040620
0.0219
0«3858
0.,1908
0.0604
0.0154
0.0154
0.0032
0.2900
042900
Ost1161
0.1161
040260
040044
0.0006
0.2278
0.0763
0.0128
0+0015
0.,0001
0«1816
0.1815
0.0514

8T1-a




.
!
PACKING SIZE =0.0250 M STATIC BED HEIGHT =0,440 M (CONTINUED)

GeKG/5Q.M—S LeKG/SQ M-S REGAS RELIQ DP¢MICRON PT ST PTCel/S THEO.PT
2.888 . 23.540 7391.49 3427.78 3.50 0.0072 0+2949E~-01 25.419 0.0065
2.888 234540 7391.49 3427.78 4.50 040014 0.48278-—61 33.969 0.0006
2.888 23.540 7391.49 3427.,78 5,50 0,0 0+7165E-01 3.397 0.0000

‘
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| .
{ PACKING SIZE =0.0250 M STATIC BED HEIGHT =0.580 M
{ G+KG/SDM-S LsKG/SQeM-S REGAS RELIQ DP. MICRON PT ST PTC 175 THEO.PT
|
i 2.926 4.708 7925.64 21804+66 1.75 0.3629  0.8123E-02 5,058 0.4077
2.926 4.708 7925.64 2183.66 . 2450 0.2119 0.1616E-01 7.743 0.2101
2.926 4.708 7925.64 2180,66 3.50 0.0722  0.3112E-01 13,118 0.0711
‘ 2.926 4.708 7925.64 2180.66 3.50 0.0707 0.3112E-01 13.222 0.0711
!' : 2.926 4,708 7925,64 2180.66 4.50 0.0255 0+5094E-01 18.307 0.0196
2 ; 2.926 4.708 7925.64 2180.66 4.50 0.0270 045094E-01l 18.033 0.0196
: | 2.926 4.708 7925.64 2182.66 © 5450 0.0065 0.7561E—01 25.105 0.0045
oy 2,936 9.416 7963,52 2518,98 1.75 0.2784  0.8201E-02 64105 0.2824
S 2.936 : 9.416 7963.52 2518.98 2.50 0.0901 0.1631E-01 11.492 041109
= ’ 2,936 9.416 7963.52 2518.98 3.50 040277  0+3142E-01 17.120 0.0241
,;‘ ; 2.936 9.416 7963.52 2518.98 4.50 0.0070 0.5142E=-01 23,672 0,0039
s 2.936 9.416 7963.52 2518.98 5.50 0.0 0.7633E-C1 24367 0.0005
_i% 2.946 14,124 8042,28 2757.03 175 042104  0.829)E-02 7.179 0.2104
P ; 2.9a6 : 14,124 8042.28 2757.03 2.50 0.0698  0.1649E=01 12.260 2.0665
£ 2.946 14.124 B042.28 2757.03 3.50 040176  0.3176E-01 18.606 0.0101
= { . 2.946 14.124 8042,28 2757.03 4.50 0.0041 0.5198E-01 25.318 0.0011
i; E 2.946 14,124 : 8042.28 2757.03 " 5450 040 0+7716E-01 2.532 0.0001
oo 2.951 18.832 8146418 2957.22 1475 041239  0.8396E-02 9.336 0,1624
o 2.951 16,832 B146.18 2957.22 2.50 0.0468 0.1670E-01 13.685 . 0.0424
o 2,951 18.832 8146.18 - 2957.22 3.50 0.0065 0.3216E~-01 22.508 0.0047
l 2,951 18.832 8146.18 2957,.22 4.50 €+0020 0+5265E-01 27.677 0.0003
2.951 ° 18.832 8146.18 2957.22 5.50 0.0 0.7815E-C1 2.768 0.0000
2.963 234540 8285.39 3124.57 1.75 0e1122  0.8547€—02 9.577 0.132a
2.963 " 23,540 82685.39 3124,57 2.50 0.0200 0.1700E-01 174130 0.0297
! 2.963 23.540 8285.39 3124.57 2.50 0e0154 0. 1700E-01 18.266 0.0297
' 2.963 234540 8285,139 3124.57 3.50 040029  043274E—01 25.609 040026

24963 234540 8285,.,39 3124.57 4.50 0.0 0.5359t-0G1 2.561 0.,0001

U S . e e e e et e - s s
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PACKING SIZE =0.0250 M STATIC BED HEIGHY =0,580 M (CONT INUED)
GeKG/S5G M-S Ly KG/SQe M-S REGAS RELIQ OP+MICRON PY
2.963 23.540 8285,39 3124,.57 5.50 0.0

ST

0.7955€E~01

PYTC»s1/5

0.256

THEO.PT

0,0000

Tz-d




Dre b pigys

i

PACKING SIZE

GeKG/SQe M-S

24377
2,377
2.377
2,377
2.377
2.386
2,386
24386
2.386
2,386
2.395
24395
24395
24395
2,395
2.410
2.410
2.410
2,410
244190
24421
24421
2.421
2.421
2.421
2.839
2.839

=0.0190 M

L+KG/SQeM~-S

4.708
4,708
4.708
4,708
4.708
9.416
94416
Q416
92.4106
9,416
14.124
14,124
14,124
14.124
14.124
18,832
18.832
18,832
18.832
18.832
23,540
23,540
23.540
23,540
234540
4,708
4.708

STATIC BED HEIGHT =0,290 M

REGAS

4499455
4499,55
4499,59
4499.55
4499,55
4502.20
4502420
4502.20
45024290
4502,20
4533.46
4533.46
4533,46
4533.46
4533.46
4592.41
4592.41
4592,41
4592.41
4592.,41
4643,38
4643.38
4643.,38
4643,38
4643.38
4874,53
4874.53

RELIQ

1291.41
129141
1291.41
1291441
1291 .41
155179
1551479
1551,79
1551.79
155179
1749.,16
1749.16
1749,16
1749.16
L749.16
1904,74
1904,74
1904.74
1904.74
190474

.2043,29

2043.29
2043.29
2043,29
2043.29
1606,18
1506,.18

DPy MICRON

1.75
250
3.50
4450
5.50
175
2450
3.50
4,50
550
1475
2.50
3.50
450
S5+50
1.75
2.50
350
4450
5450

PT

0. 6636
0.4153
0.,2305
0.1054
0.0444
0e4540
062523
0.0930
0.0174
0.0039
0.,3585
0.1606
00,0299
0+0059
0.0018
0.2939
041365
C.0079
04G013
0.0005
0.2106
00720
0.0122
0.0002
0.0

0.6775
C«4301

ST

0.8043E-02
0+1600E-01
0.3081E~01
0.5044E~01
0.7487€E-C!
0.80626~02
0.1604E-01
0.3089E-01
0.5056E~01
0+.7505E~01
0.8116E~02
0«1614E—01
0.3110E~01
0+5090E~G1
0.7556E~01
0.8214E~02
0.1634E~01
0+3147E~01
0.5151E~C1
0+7647E~01
0.8374E~-02
0+1665E~Ct
0.3208E~01
0.5250E~01
0.7793E~01
0.8692E~02
0. 1729E~01

PTCs1/5

2.946
6.312
10.543
16.163
22.379
5.260
9.189
15.847
27.051
37.053
6.468
11.529
22.129
32.400
39.796
7.397
12.030
29,204
40.271
45.566
9.179
15.508
25.971
49.356
4.936
2.898
6.178

e ——

THEO.PT

0e6165
0.4312
0.2404
041201
0.0543
De4643
0+2633
0,1042
0.0347
0.0099
0.,3564
00,1663
0.0478
0.,0109
0.0020
00,2844
0.1122
0.0246
0.0040
0.0005
0,2290
0.0770
0.0130
0,0016
0.0001
Qe5734
03801

zz-a



~
)

S

PACKING SIZE

GeKG/SQs M-S

2.839
2.839
2,839
2.848
2.848
2.848
2.848
2.848
2.864
2.864
2.864
2.864
2.864
2,875
2.875
2.875
2,875
2.875
2.897
2.897
2.897
2.897
2.897
3.201
3.201
3.201
3,201

=040190 M

LeKG/S5QeM-5

4.708
4.708
4.708
F.416
9.416
9.416
9.416
9.416
14.124
14.124
14,124
14.124
14.124
18.832
18.832
18.832
18.832
18,832
23.540
23.540
234540
23.540
234540
4,708
4.7C8
4.708
44708

STATIC BED HEIGHT =0.290 M

REGAS

4874.53
4874.53
4874.53
4902.78
49G2.78
4902.78
4902.78
4902.78
4956.86
4956.86
4956.86
4956.86
4956486
5022.80
5022.86
5022,86
5022.86
5022.86
5112.88
5112.88
5112.88
5112.88
5112.88
S166.,11
S5166.11
5166411
5166.11

RELIQ

1506.18
1506.18
1506.18
1780.68
1780.68
1780.68
1780.68
1780,68
1974.84
1974.84
1974,.84
1974,84
1974.84
2150.78
2150.78
2150.78
2150.78
215%.78
2299.44
2299.44

.2299.44

2299.44
2299. 44
1681,96
1681.96
1681.96
1681.96

(CONT INUED)

DP ¢ MICRON

3450
450
5.50
175
2.50
3.50
4.50
550
175
2450
3.50
4.50
G50

PT

0.2020
0.0648
0.0201
004964
042710
0.1078
0.0241
0.0054
0.3241
Q.1728
0.0446
0.0128
0.0016
0.2393
0.0952
0.0144
0.0019
Q0+0014
0.2009
0.0137
doOOJO
0.C009
0.0

0.5668
0.4114
041560
0.0859

ST

0e333CE-01
0+5451E~-01
0,8091E~-01
0.8799£~-02
0.1750E-01
0.3371E-01
Ge55176-01
0.819CE~-01
0.8908BE~-C2
Oe1772E—01
0.,3413E-014
0.5586E-01
0.8292E-01
0.9043E-02
0e1799E~01
0.3464€~-01
0.5671E~01
0«8418E-01
0,9211E-02
0.1832E-01
043529€~01
0.5776E-01
0.8574E~0C1
0.9351E-02
0.1860E-01
0+3581E-0t
0.,5862r-01

PTCe1/5S

11.909
20.376
29.096

4,910

9,153
15.617
264133
36.548

7.529
11.733
20.782
29.128
42,945

9.219
15.161
27.336
40.258
42.136
10.069
26,932
36.519
44,343

4,434

4,386

6.864
14.355
18,970

THEOQ.PT

00,1941
0.0874
0.0351
0.,4335
02337
00,0851
040257
00065
0.3430
041555
0.0427
0.0092
0.0016
0,2731
0s1046
0.0218
0.0034
0.0004
. 0:22061
00753
0.0125
0.0015
0.0001
05406
0.3431
0.1633
0.0676

¥
[AS]
(9}



g A e e

PACKING SIZE =0.0190 M STATIC B€D HEIGHT =0,290 M (CONT INUED])
€4 GeKG/SQeM~S LeKG/SQeM-~S REGAS RELIQ DP¢MICRON PTY sY PTC,1/S5 THEO,.PT
|

; 3J.201 42708 5166.11 1681,96 5.50 0.01990 0,8701E-01 30.604 00247

: 3.226 94416 5234.,22 1975,30 175 0.4078 049484E-02 64539 0.4091

; 3.226 9.416 5234.22 1975.30 2450 0.2051 0.1886E—01 11.550 0.2113

g 3.226 9.416 5234,.,22 1975430 3.50 0.0862 0.3632E-01 17,867 0.0718

3 g 3.226 9.416 5234.22 1975.,30 4.50 0.0404 0.5945E~01 23,399 00199
: ; 3.226 9.416 5234,22 1975,3¢C 550 0.0105 C.8825LE~01 33.185 0.0046
! 3,229 144124 5288+25 2176.3C 1.75 0.3067 0.9595€- 02 8,218 0.3242

. ; 3.229 14.124 5288.25 2176430 2450 0.1689 0.1908E~01 12.395 0.1410
i i 3.229 14,124 5288.25 2176.30 3.50 0.0665 0.,3675E-C1 18,894 0.0362
iq f 34229 14.124 5288.25 2176.30 4.+50 0.0205 0+,6015E~01 27.101 0.,0072
Z : 3,229 14.124 5288.25 2176.30 550 0.0024 0+8929E—-01 41.916 0.0011
; i 3.228 18.832 5347.14 2334 .54 1.75 0.2469 0.9762E-02 9,462 0.2626
:J i 3,228 18.832 5347.14 2344,64 2450 0.0760 0.1942E£-01 17.436 0.0978
B 3.228 18,832 §34T7.14 2344 ,64 J 50 0.0207 0.3739E-01 26.233 0.0194
{ 3,228 18.832 534714 2344 .64 4 .50 0. 0049 0.6120E-01 35,992 0.,0029
1: i 3.228 18.832 5347.14 2344,64 550 040016 0+9084E-01 43.466 0.0003
fj 34250 23,540 5447.47 2493.83 1.75 0.1988 0.,9942E~-02 10.650 0.2210
% P 3.256 234540 5447.4? 2493.83 2450 0.0517 0+1977E-01 19.533 0.0724
j 3,256 23540 544747 2493.83 3450 0.0034% 0.3808E-01 37.525 0.0117
j ! 3.256 23.540 5447.47 2493.83 4.50 0.0007 0.6233E-01 48,124 0,0013
} 3.256 23.540 9447.47 2493.83 5450 0.0 049252E~01 4.812 00001
3.542 4.708 5482.,23 1831,95 175 046345 0.9882E-02 3.563 0.5224

, 3.542 4.708 5482.23 1831.95 2450 0.3784 0.1965E£-01 T.611 0.3233
3.542 44708 $5482.23 1831.95 3¢50 061693 0+3785E~-01 13.910 0.1476

i 3.542 4,708 5482.23 1833,95 4,50 0.0991 0,6195E~01 18,102 0.0582

g 34542 4.708 5482.23 1831.95 550 0+0335 0«9195E-01 26.606 0.0201

i 3,582 9.416 5525445 2140.17 1475 0.4530 J+1005E-01 $5.913 0e3913

ve-a




| PACKING SIZE =0.0190 M STATIC BED HEIGHT =0.,290 M CCONTINUED)
i GsKG/SQ.M-S LeKG/SQ.M~-S REGAS RELIQ DPsMICRON PT ST PTC.1/5 THEOQ.PT
!
E 3,542 9416 5525.45 2140.17 2450 0.2880 0+1998€£~01 94293 041957
3.582 94416 5525445 2140.17 3.50 0.0791 0.3848E-01 18.941 0,0630
3.542 9.416 5525.45 2140417 4,50 0.0210 0.,6298E-01 28.838 0.0164
o 3.542 9,416 5525.45 2140.,17 5450 0«0089 049349€-01 35.218 0.0035
13 % 3.550 14124 5588427 2346408 1.75 0. 3831 0e¢1019£~01 6.883 00,3125
F 34550 14.12% 5588.27 2346.08 2.50 0.1523 0.2027E~-01 13.502 0.1323
T 3.550 14.124 5588.27 2346.08 © 3.50 0.0321 0.3903E-01 24.675 0.0325
i 3.550 14,124 5588.27 2346.08 4450 0.0183 0.6388E~01 28.712 0.0061
g 3.550 : 14.124 5588427 2346.08 5450 0.0048 0.9483E-01 38.238 0+0009
i 34569 18.832 5678.88 2527 .65 1.75 0.,3286 0.1035€E~-01 7.729 00,2555
! 3.569 18.832 5678.88 2527.65 2,50 0.1154 0.2059E-01 14.996 0.0932
6 3.5€9 18,832 5678,88 2527,65 350 00255 Q3964E-01 254470 V0179
. 3.569 18.832 5678.88 2527465 4,50 Ca0V47 0.6489E-Ct 37.294 0.0025
?5 3.569 ’ 18.832 5678.88 2527.65 550 0.0014 0.9631E—-01 45,766 . 0.0003
é 3.6C6 23.540 5788.10 2694.86 ‘l.75 0.2006 0.1054E~C1 10.695 0.2136
i? 3.606 23.540 5788410 2694.86 2.50 0,0583 0+2097E~-01 19.275 0.0683
4§ 3,606 23 ¢54C ’ 5788.10 2694, 86 3.50 0.0060 0.40386~01 34.718 0.0106
ig 3.606 23+540 5788.10 2694,86 4.50 0.0006 0.6610E-01 50,352 00,0012
;é : 3.606 23.540 5788.,1) 2694.86 S50 0.0 0.9812E~01 54035 . 040001
wd 3.849 4,708 5771,93 1976.13 1.75 05177 0.1034E~-01 $.190 05043
3.849 4.708 5771.93 1976.13 2,50 0.3503 0.2055€-C1 8.269 043040
34849 - 4.708 5771.93 1970.13 3.50 01633 0+3958E-01 14.283 0.1330
3.849 4.708 S771.93 1976.,13 4,50 0,0626 0.6478e-01 21.838 0.0498
34849 44708 5771.93 1976.,13 S50 040235 0.9616E-01 29.562 0.0162
3.878 94416 5857.40 2300406 1.75 0.3922 041054E-01 7047 0.3810
3.878 9.416 5857.40 2300406 2,50 0.,2281 0.2096E~01 11,127 0.1868

' 3.878 94106 5857.40 2300.06 3.50 0.0515 0.4037E~01 22.323 0.0582

sz-a
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PACKING SIZE =0,0190 M

GsKG/SQeM~-S

3.878
31.878
3.889
3.889
3.889
3.889
3.889
3.915
3.9156
3,915
3.915
3.915

LesKG/SQsM~-S

9.410

9,416
14.124
14,124
14,124
14.124
14.124
18.832
18.832
18,832
18.832
18,832

STATIC BED HEIGHT =0.290 M

REGAS

5857.49)
5857.40
5927.72
5927.72
5927.72
5927.72
5927.72
6(23.65
6023.65
6023.65
6023.65
6023.65

RELIQ

2300.06
2300,06
2517.48
2517,48
2517,48
2517,48
2517.48
2711,.,83
2711.83
2711.83
2711.83
2711.83

(CONTINUED)

DP¢MICRON

4,50
S50
1.75
2.50
3.50
4.50
S5.50
1.75
2,50
3450
4.50
5450

PT

0,0373
0.0077
043049
0+ 1244
0.0480
0.0173
0.0049
0.1990
0.0572
0.0221
0.0

Q.0

ST

0.6608E-01
0+9809E-01
0+.1070€~-0t
04212701
0.4096£-01
0¢6704E-01
0.9952E-01
0.1088E-01
0.2164E-01
0+4167E-01
0.6820E~ 01
0.1012€+00

PTC,1/S

24,748
364592

8,615
15.118
22.0295
29.419
38.542
11.379
204173
26.888

2.689

0.269

THEO .PT

0.0146
040030
0.3050
0.1268
0.0302
0.0055 o
0.0008 1o
0,2493
0.0893
0.0167
0,0023
040002

_




GsKG/SQs M-S

PACKING SIZE

2.416
2,416
2.416
2.416
2,416
2+423
24,423
2,423
2,423
2.423
2.425
24425
2,425
24425
2.425
2,435
2,435
2.435
2.435
24435
2,863

2.863 °

2.863
2.863
2.863
2,863
2+885

=0.0190 M

LeKG/SQeM-S

44708
4.708
4.708
44708
4.708
9.4106
94416
9.416
9416
9.416
14.124
14.124
14.124
14,124
14.124
18,832
18.832
18.832
18.832
18.832
4.708
4.708
4.708
4,708
44708
44708
9,416

STATIC BED HEIGHT =0.440 M

REGAS

$103.32
5103.,32
$103,32
5103.32
5103.32
5193.34
5193,34
5193,34
5193.34
5193.34
$5298.36
5298,36
$298.36
$5298,306
5298.36
5435,09
5435.09
54 35,09
$435,09
5435.09
5483.45
$483.45
5483.45
5483,45
5483.45
5483,45
5602.66

RELIQ

1142484
1142.84
1142,84
1142.86
1142.84
1355.33
1355.33
1355.33
1355.33
1355.33
1492.ca
1492.04
1492. 04
1892.04
1492.,04
1623.26
1623.26
1623.26
1623.26
1623.26
[1293.41
1293,41
1293.41
1293.41
1293441
1293.41
1514.09

DP oM ICRON

179
2450
3.50
4450
5450
1.75
2450
3.50
4 450
5450
1.75
2450
350
4.50
5450
175
2.50
3.50
4.50
550
L.75
2.50
2450
3450
4.50
S50
1.75

PY

0.4636
0.2668
0.1035
0.0124
0.0044
0.3148
0.1188
0+0266
0.,0105
0.0

0,2662
0. 0958
0.0187
0.0

0.0

0.1379
0.0415
0.0028
0.0008
0.0

0.4088
0.2408
O0e2491
0.0508
0.0227
0.0112
00,2923

ST

0+9069E~02
0+1804E-01
0.3475E~C1
05688E~01
0.8443E-01
0.9277E~02
0e1845€E-01
0.+.3554€E~01
0.5818E~01
0« B636E~01
0.9479E~02
0.1885E~01
0+3632E-~-01
0.5944E~01
0.8824E~01
09712E~02
0.1932E~CH
0e3721E~-01
0.6091E~01
09042E~-01
0+9878BE~02
0a1965€E~01
O0e1965E~C1
0e3784E~01
0.6193E~01
0«9193E~-C)
0.1015E~01

PTCe1/S

4,157
74143
12.262
23.719
29.372
5,936
10.940
18.630
23,388
2,339
6.518
11.549
19.588
1.959
0.196
9.436
15,150
27.915
33.723
3.372
5.240
8.342
84143
17.465
22,172
26.343
6.899

THEO.PT

0.4771
0.2761
0.1129
0.0390
0.0116
0.3379 ?
0.1515 ':’l
0. 0408
0.0086
0,0015
0.2625
0.0977
0.0194
0,0028
0.0003
0.2071
0.06a7
0.0096
0.0010
0.0001
044560
0,2552
0e2552
040989
0.0321
0.0088
0.3316



GsKG/SQeM~-S

2.885
2.889
2.885
2.885
24890
2.890
2,890
2.890
24890
2.892
2.892
2.892
24892
2.892
2.905
24905
2,9CS
24905
2,9C5
24905

PACKING SIZE =0.0190 M

L+sKG/SQeM-S

9.416

9.416

9416

9,416
14.124
14,124
144124
144,124
14.124
18.832
18.832
18,832
18.832
18,832
234540
23.540
23.540
234,540
234540
23,540

STATIC BED HEIGHT

REGAS

5602.66
5602466
5602.66
5602.66
5724 .64
5724.64
5724.64
5724.64
5724.64
58S53.11
5853.11
5853.11
5853.11
5853,11
6012.55
6012,55
6012,55
6012.55
6012.55
012,55

=0.440 M

REL1IQ

1514,09
1514.09
1514.,09
1514,.09
1656.27
1656.27
1656.27
1656.27
1656,27
1783.59
1783.59
1783,59
1783.59
1783.59
1889.C7
1089,07
1889,07
1839.07
1889.07
1889,07

(CONTINUED)

DPyMICRON

2,50
350
4.50
5.50
1«75
2450
3450
4.50
S5 +50
175
2.50
3.50
4.50
5450
1475
175
2.50
350
4,50
S50

PT

00,1633
00205
0.0135
0.0040
0.1617
0.0436
0.0106
0.0036
0.0

0« 1903
0.0236
0.0055
0+0014
0.0

0.1392
O« 1431
0.0296
0e 0027
0.0

0.0

ST

0.2018E-01
0.3887E-01
0,6363E~-01
0.9444E~01
0.1039E-01
0+2066E-01
0e3979E-01
0.6512E~01
0.9667E~-01
0« 2066E~CIH
0.2121E~01
0.4084E-01
0.668SE~ 01
0+9923E-01
0.1095E~-01
0+1098E-01
0.2178€-0C1
O0«2194E-C!H
0.6865E~01
0.1019E+00

PTCel/S

10163
21794
244152
30.947
9843
16.927
24,582
30.462
3.046
84725
19.711
27.404
34457
3.446
10.140
9.995
18.099
304452
3.048
0.308

THEDQ,PT

0414567
0.0387
00079
0,003
062637
040988
0.0197
0.0029
0.0003
0.2141
Qe 0685
0.0106
0.0012
0+0001
0. 1839
0.1839
0.0526
0.0068
00006
00,0000

8¢-a
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PACKING SIZE =0.0190 M

GvKG/SQeM~S

2950
2.950
24950
2.950
2.95)
2,958
24958
2,958
2.958
2.958
24958
2.962
2.962
2,962
2,962
2,962

L+sKG/SQ M-S

4,7C8
44708
4.708
4.708
4,708
9,416
9,416
9.416
9.416
9416
9416
t4.124
14.124
14,124
14.124
14.124

STATIC BED HEIGHY =0,580 M

REGAS

6005,4a1
6005.41
6005.41
6005.41
6005.41
6200.04
6200404
6200.04
6200,04
6200404
6200.04
6331.96
6391.96
6391,.96
6391.96
6391.96

REL1IQ

1262,38
1262.38
1262.38
1262.38
1262.38
1444.96
1344 ,96
1434.96
1434,96
1444.96
1444,.96
1516.31
1516.31
1516.31
1516.31
1516431

DP¢MICRON

1.75
2450
3453
4,50
5.50
1.75
2.50
2.50
3.50
4.50
5450
1,75
2.50
3.50
4.50
550

PT

00,2834
0.1272
0.0361
0.0051
0.0

0.2447
C.0884
040440
0.,0238
0.0105
0.9

0.1648
040345
040077
Q.0

0.0

ST

0e107S5E~01
0+2139E~01
O0«4118E~-01
0.6741E-CI
0.1001E+00
Oes1113E-01
0.2214E-01
042214E-01
0.4263€E-C1
0.6978E-01
0«1036E+00
0.1151E-01
0.2289E~Ct
0.4408E-01L
0.7214E~-01
0+41071E+00

PYCs1/S

60169
10.090
16250
25.848
24585
6.627
11.421
14 .699
17597
21.459
2.146
8,238
15.384
22,238
2.2248
0.222

THEO,PT

0.3181
0.1364
040342
00,0066
0.0010
0.2240
0,0742
0.0742
0.0122
0.0014
340001
0.,1985
0.0601
0.0088
00,0008
0.0001

62-d




PACKING SIZE =0.,0380 M STATIC BED HEIGHT =0.440 M

i ———

) GeKG/SQe M—S LeKG/SQe M-S REGAS REL IO DPsMICRON PY ST PTCst/S THEQ.PT

; 2.8538 94416 11022.79 6558091 0.35 049225 0+2680E-03 0490 09324

% 2.858 9.416 11022.79 6558.91 0.35 0.9418 042680E-~03 0+364 0.9324

; 2.858 9.410 11022,79 6558.91 0 .45 0.8957 0.4104E-03 0.669 0.9060

% 2.858 94416 11022.,79 6558,91 0+55 G.8280 0¢5828E-03 1146 08773

. ! 2.858 9,416 11022,79 6558491 0455 0.8232 0.5828E-03 f1.181 2.8773
?' . 2.858 9416 11022.,79 6558.91 0.70 0.8480 0.8974E~-C3 1.001 0.8309 ©
: ; 2.858 9.416 11022.79 65584 91 070 07133 04 89T74E-03 2.051 0.8309 é;

| 2.858 9.416 11022,79 . 6558,91 0.90 00,8614 O0el1421E-02 0.906 0e7648

& i 2.858 9.416 11022,79 6558.91 090 08347 0.1421E-02 1.024 0.7648

E_ T 2.858 94416 11022.79 6558.,91 0.90 0.782) 0e1421E-02 1493 0e7648

; E 2.858 9.416 11022,79 6558.91 0.90 c.8218 O.1421E~-02 1,191 0.7648

‘ E 2.858 94416 11022,.,79 6558.,91 1.10 0.7438 0e2064E~Q2 1797 0«6962

I’y E 2,858 9.416 11022,79 6558491 1.10 0.7284 02064E-02 1.924 0.6962

= } 2.858 Q.416 11022.79 6558.91 1.10 07236 0.2064E~-02 1.964 0.6962

; i 2.858 9.4106 11022.79 6558.91 1.10 0+ 6960 0+2064E—-02 2,200 0.6962

- ; 2.858 9.416 11022,79 6558,91 1,10 0.8116 0+2064E~-02 1.267 0.6962

1 2.858 94416 11022.79 6558.91 1.10 0.0816 Ce2064E~-02 24327 06962

2 .858 9.416 11322.79 6558, 91 1.35 0.5833 0+3034E-02 3.272 0.6103

2.858 9.416 11C22.79 6558,91 1 .35 0.6714 0.3034E-02 2.418 0.,6103

2.858 9.416 11022.79 6558.,91 {635 0. 6586 0e3034E-02 2+535 0+6103

2.858 9.416 11022,79 ,6558.91 1435 0.6102 0+3034E-02 2.998 0.6103

2.,8583 94106 11022,79 6558.91 1.35 045975 0.3034E~-C2 3.126 0.6103

2 .858 9e416 11022.79 6558.91 1.75 0. 4680 0.4974E~-02 4.609 0.4795

2.858 9.416 11C022,79 6558,91 1.75 0.,4634 0.,4974E~-02 0.659 0+4795

! 2.858 9.416 11022.79 6558.91 1.75 O.4711 064974E~-C2 4569 044795

: 2.858 G416 11022,79 6558.91 1.75 0.4362 04974E-02 $«036 044795

2.858 94416 11022,79 655L8.91 2,50 0.2560 0.,9891E£~02 8,271 0,2786



PACKING SIZE

*GsKG/S5QeM~S

2.858
2.858
2,858
24858
2.858
2.858
2.,858

=0.0380 M

RELIQ

6558.91
6558.,91
6558.91
6558.91
6558.91
6558,91

STATIC BED HEIGHT =0,440 M
LsKG/SQe M=5 REGAS
9,416 11022.79
9.416 11022.79
9.416 11022.79
g.416 11¢22.79
9.416 11022.79
9.416 11022.79
9,416 11022.79

6558.91

(CONT INUED)

DP+MICRON

2.50
2450
2.50
3450
3.50
3.50
4.50

PT

0.2727
042902
02661
0.1388
0e1162
80,0985
0+0429

ST

0,9891E-02
0+¢9891E~-02
0+9891E-02
0.190S5E~01
0+1905E-01
0+1905E£-01
0+3118E-01

PYICs1/5

7.887
7.510
84036
11.987
13.066
144069
19.114

THEQ.PT

0,2786
0.2786
02786
0.,1147
01147
01147
0.04C0

I¢-a
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PACKING SIZE =0,0380 M STATIC BED HEIGHT =0.440 M

{ GiKG/SQ.M=S LsKG/SQ. M-S REGAS RELIQ DP+s MICRON PT sT PTCsl/S THEQ.PT
i
: 2.891 18,832 10666.57 BC6066 035 0.8541 0+2591€-03 0.863 0.8804
: 24891 l18.832 10666.57 8060.66 0+35 0.84406 0+.2591E-03 0.924 0.8804
I 24891 18,832 10666.57 8J6J+66 0.45 0.8397 0.3969E~03 0.956 0.8357
: 2.891 18,832 10666,57 8060.66 0.45 0.9468 0+3969E-03 0299 0.8357
i i 2.891 18,832 10666.57 806366 0455 0.8609 0+5636E-C3 Q.782 0.7882
% t 24891 18.832 10666.57 8060466 0455 0.8428 0.5636E-03 04936 0.7882
E ? 2.891 18,832 10666,57 8060.606 0.55 00,7971 0.5636E~-C3 1.241 0,7882
; 24891 18,832 10666.57 B8060.66 0.70 0.7802 0«.8680E~-03 1358 07139
; 2.891 18,832 10666,57 8060466 Q.70 Q«7405 0.8680E~-03 1.6%4 0.7139
: 24891 18.832 10666.57 B8C60.66 0.70 0.7708 0.8080E-03 1.424 07139
24891 18,832 13666457 B06J3+466 090 0e7074 0.1375€E-C2 1.894 0.6140
" 3 2.891 18.832 10666,57 8C60,66 0.90 0.7570 0.1375E~ 02 1523 046140
. é 2.891 18.832 10666.57 B8060.66 090 0.7384 0,137SE-02 1.659 046140
- i 24891 18.832 1)666.57 806J. 066 0.90 0.6194 0+13756-02 2:621 0.6140
o : 2,891 18,832 10666,57 8060.0L6 1.10 0.4172 0,1996E-02 4.784 0.517S
- ; 2.891 18.832 10666,57 8060466 1.10 0.5418 Qe 1996E-02 3.354 0«5175
. 2,891 18.832 10666,.57 8060.+66 1e10 045650 0+1996E-02 3.124 045175
5 2.891 18.832 106066,57 8060.066 110 043902 0.1996E~-C2 5.150 0.5175
:: 2,891 18,832 10666,57 8060466 1.35 043640 0.2935E-02 54530 0.4073
— 2.891 18,832 10666,57 8060,66 1.35 0.3501 042935E~02 S5.743 04073
% 2.89¢ 18.832 10666.57 806J.66 1435 063758 0,2935E-02 5.355 0+4073
i 2.891 - 18.832 10666.57 .8060.66 175 041715 0+4811E—-02 9.648 042626
l 2.891 18.832 10666.,57 8060.66 1.75 0.1650 0,4811E-02 9,859 0.2626
; 2,891 18.832 10666.57 8060.66 1.75 042193 0.4811E-02 84303 02626
! 2,891 18,832 10666,57 8060.66 175 041853 0.4811€E-02 9.225 0+2626
: 2.891 18832 10066.57 B80b0.06 2.50 0.0016 0,9569E~-02 15,251 0.0978
2 .891 18.832 10666457 8062%.66 2450 0.0614 0.9569E~02 15,269 0.0978

Ze-a
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PACKING SIZE =0.0380 M STATIC BED HEIGHT =Qe440 M (CONTINUED)

GsKG/S5QeM-S LeKG/SQeM~-5 REGAS RELIQ DP¢MICRON PY ST PTC1/S THEO.PT
2.891 18,832 10666.57 806066 2.50 Q60653 0,9569E~-02 14,932 0.0978
2.891 18,832 10666,57 6060.66 2.50 0.0734 0+9569E-02 18.292 0.,0978
2.891 18.832 1066657 8060466 3.50 00169 0.1843C~-01 22.328 0.0194
2,891 18.832 10666457 B060.66 3.50 0.0172 0e41843E-01 224232 0.0194
2,891 18.832 10666.57 8060.66 4,50 0.0049 0,3016E-01 29.103 0,0029

e e L e e —
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PACKING SIZE =0.0380 ™

GeKG/SQe M-S

2.860
2.8€8
2.882
2.886
2.915

TABLE D.2.

LeKG/SQeM~-S REGAS
4,708 11547.,67
9.416 11089.95

14.124 10839.46
18 .,822 1 688,04
22.€40 10664.25

STATIC BED HEIGHY =0.440 M

RELIQ

5750.05
6862.45
7695.62
8390.35
9091 .06

DP+MICRON

2450
2450
2450
2450
2450

PY

0,4193
0.2204
0.1056
040497
G.0153

Experimental Results for Silica Particles

ST

0+.1182E-01
041142€E-01
041119E-01
0e¢1105E-01
0«1101E-01

PTC,1/S THEO.PT
S.637 0.3965
9.104 0.2088

12.778 0.1101
16,321 0.0582
21.993 0.0305

ve-a
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TABLE D.3.

PACKING SIZE =0,0380 M

GeKG/SQ. M-S

2.806
2.818
24829
2.834
2.862

LeKG/SQ. M-S REGAS
4,708 -41350,49
9.416 10886,27

14,124 10627,45
18,832 10477,06
23.540 10456.02

-

STATIC BED HEIGHT =0.440 M

RELILQ

5813.10
6899 .45
7718.79
8376,93
8997.76

OPeMICRON

200
2400
2.00
2,00
2400

Experimental Results for Latex Particles

PT

0.6719
0.5554
0.4220
0.3676
01968

ST

043712€-02
043576E~02
063501E-02
0,.,3455E~02
0.3444E-02

PTC.1/5

2.640
3,615
54007
S.552
8.721

THEQ.PT

0.6831
0.5273
0.4068
0.3169

02503
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aiiadodl

2,856
2.853
2.880
2.871
2.894

TAB

LeKG/SQaM=-S

4,708
9,416
144124
18.832
23.540

LE D.4.

STATIC BED H

REGAS

11514.99
11017.77
10787.23
10€12.73
105863.88

-

Experimental Results for DOP Particles

EIGHY =0.440 M

RELIQ

Ses8.87
7033.98
7886,35
8564, 08
3192.21

DPyMICRON

2450
2450
2450
250
250

PT

0.5954
0+3857
0.3280
0.2154
0.1642

ST

0+5248€-02
0.5085€E-02
0.4976E-02
0«4917E-02
0e4908€E-02

PTC.1/S

3. 370
S.774
6.375
8.404
9.595

THEOLPT

0«6044
0.4193
042956
0. 2096
0.1505

9¢-a
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Listing of Program Used to Calculate Penetration with Diffusiophoresis:

alalsisisiskaislislsinlalalslinliaiaiainiainisisisiatsiniaisiarainisininiskelisisliaialalntislialakaiainlals!

NOMENCL ATURE

csAaQcC
DELTA
£6
tPB ST
G

GMF

H

fiLH
HLUHST
HST
HUM
KPSC
L

P
DPL
N
PSTAT
°T
LT
uG
cGsl
REG
KLCL
ROGIN
KUGOUT
ROL
~OP
ST
TDUG
Twe
TL
UGU’
UGl
uL 3
uL I
UR
VILCG
vISCL
PT EXPT
PT ¢ INER
PID.1

50 80 80 00 0t 0080 004 24808804 008088800080 0000 0000000008000 || 600502000000 2080 BMNe R

PT.TUT .1
PTO .2
P1+.TOUT .2
PYD 3
PT,,TOT . 3

DIMENSTLO
FEAL L
KCAD(S, 9

CRCSS-SECTIONAL AREA OF THL COLUMN , M2,
STIRRING NUMDBER

GAS VOIDAGE, M3/M3,

VUL UME FRACTIUN OF PACKING AT STATIC CONDITIOUN o M3/M3.
GAS MASS FLUXs KG/M2-S,

GAS MINIMUM FLUIDIZATION VELOCITY, KG/M2-S,
EXPANDED DCED HEIGHT, M,

LIQUID HOLD~-UP, M3 WATER/M3I OF EXPANDED BED VOLUME.
LIGUID HOLO-UP, M3 WATER/M3 OF STATIC BED VOLUME.,
STATYIC OCD HCIGHT, M,

HUMIDITYs KG WATER VAPOR/KG AIR,

PARTICLE TRANSFER COUFFe FOR SPRAY COLUMN, 1/S
L1QUID MASS FLUXes KG/M2-5.

PARTICLE DIAMITER., MICRUN,

PACKING DBALL OTAMETUR, M2,

PARTICLE CONCENTRATION, #/M3

STATIC GAS PRIESSURE AT INLET

PENETRATIUN. .

PARTICLE TRANSFER COEFFICIENT. 1/S.

VULUMETRIC GAS FLOW RATE, FT3/S.

VOLUMETRIC GAS FLOW RATE. M3/S

GAS REYNGLDS NUMBER,

LICQUID REYNUOLDS NUMBER.

GAS DENSITY AT INLEY., KG/M3e

GAS DENSITY AT OUTLET, KG/M3,

WATER DENSITYs KG/M3.

PARTICLE DENSITYse KG/M3.

STUKE » S NUMHBER

DRY-UBULB GAS TEMPERATURE o Fo,

WET-UULD GAS TEMFERATUREs, F,

LIQUTD TEMPERATURE s Fe

SUPERFICIAL GAS VOLOCITY » M/S,

L£-0

JHTERSTITIAL GAS VELOCITY s M/S,

SUPCKHRFICIAL LIQUID VELOCITY. M/S.

INTERSTITIAL LIQUID VELOCITY o+ M/S,

RELATIVE VELOCITY, M/S,

VISCOSITY OF GASs KG/M—=3s PA-S.

VISCOSITY OF WATER, KG/M-S, PA-S.

EXPERIMENTAL PENETRATION

PLNLCTRATIOUN, DUL TO ONLY INCERTIAL MECHANISM,
DIFFUSTOPHURETIC PENETRATION EVALUATED BY SCHIMITT- VALDMAN
VELOCITY

PT,INCR % PTDI1

OIFFUSICPHORETIC PENETRATION EVALUATED BY MASS VELOCITY
PTLINER ¥ PTD2

DIFFUSIOPHUORETIC PENETRATION EVALUATED BY MOLAR VELOCITY
PT,INCR % PTD3

os be ot

e 1} oes i

N X{(u)eYG)
) ROP
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FORMAT(F1le))

RECAD(S,1() CSADC,,EPBSTsROL

FURMAT(3F1G.C)

READ(5s11) (X(1),1I=146)

FORMAT(GFIC o)

RLUAD(S+12) (Y{1),1I=1,0)

FORKMAT (601048)

READ(S s L 7+END= BC)DPB.HST

FORMAT (2F104))

URITCE (w51} OPBLIST

FURKMAT (LIHLI 27 95X s " PACKING SIZE =* qF 66491 Xe*M?,10X,*STATIC BED HEIGH
1T =%, 5331 Xs*™M*,7/)

WRITE(GLsbHY)

FCAaMAT(OLX o PGP o 9X o 'L * s 7Xe PHUMIN® ¢ S5Xo 'HUMOUT®* ¢ GXs 'DP® 46 Xo 'PTL.EXPT®* 3
ITRe " PT o INLI® 34X e " PTDel 33X e ' PToaTOT o1 24X " PTDe2% ¢ IXs'PT qTOT o2 04Xs?®
1PTD L3V 33X+ 'PT ,TUT 30 ,//)

PEEAD(S.15) NRUN

FOKMAT (I 2)

LINE=C

DU 70 11i=1, NRUN

READ(S » 18)USGPM

FURMAT (H10.9)

RECAD(S w19 10PUORWPS T s TOBIN. TWBIN, TOUBOQUT o TWBOUT« TLIN,TLOUT
FORMAT(EF10.7C)

CALCULATION (OF GAS FLOW RATE

PSTAT=40L+PS1/2.54

HUMIN=HUMID (TOBIM TWRIN)

HUMUGUT =HHUMID(TOBUUT,, TWOOUT )

RUEG=1e 75635 {1 s +tHUMIN) *PSTAT/Z( (18, +29 , xHUMIN) *(460, +TDBIN) )
ROGSTI=RKLG*¥1L.N3

QGCT e IBHBLESF (1 o= e I2%DPOR/PS LIS (DPOR/ROGI*% 5
QGSI=CUXk,3Ca8%k%3,

GIN=UG*RULG™ 454 /CSAOC
GLUT=GEMNY (1  +HUMDUTIZ L1 « +HUMIN)

OG={ GIN=-GOUT ) ZALUOG(GIN/GOUT)

CALCULATION UF LIQUID FLUW RATE

LTe 241 05USGPHM

CALCULATIGH GF MINIMUM GAS FLUIDIZATION VELOCITY
GME =10 4 BoRDPLY% 0488410 e %% [~ ,01985%L)

CALCULATICN OF THE DED HE IGHTY

DLLTA=( G~ GHMF )/ GMF —
HCOCR=414¢ 81 #OELTAEGUMF/HST -
t1=( 1 « +HCUR ) *HST

CALCULATION CF LIQUID HOLD-UP

HLHST=1 4 1S =J4*%L%¥ ( 8262DP3%k{(~] 4289)
HLUH=HLHSTXHST /H

CALCULATICN CF GAS AND LIQUID VELOCITIES
RUblN-RUOal

DELPC=112,17 L %% 44%DPB*%*{(~4492) %xHST
DELPCzDOLPCkD 254/248,84

PSTOUT=PSTAT-DELPC

ROCOGLUTZ L o 70035 ¢(1 o tHUMOUT ) *PSTOUT/( (184 +29 . ¥HUMDUT) *( 460, +TDBOUT) )
RUG=(RCOGIN+ROGOUT )72,

8¢-a




>

NOUCRWNN=O D

feg)

SLIC U OO0

Qo ore;

Qu CCOO0 OCLCOLLoeOw
(@R VED N @]
joa Al 51 4]
-

C o
co

(@]
~
M [WR Y

COCOCOCLLCO00 C©
o
=

COC U ouILUOO
.. <
o]

.o
L]

=X

0

JJ406

ocaz
3388

[aXARZ 1)
329D
o9l
GCaz2
2293
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21

20

UGIN=GIN/RGGIN
UGUUT=GCUT/RUOGOUT
UGU=(UGIN+YUGOUT I/ 2,

EFLSEPISTHIIST/H :

EG=1~HLH-LUPU

UGI=UGL /LG
ULC=(L+{{UGIN-GOUT)/24))/R0OL

UL I=ULO/HLN

UKk=Uul +UL 1

CALCULATIUMN GUF WATER VISCOSITY
TL=(TLINSILOUT Y/ 2.
TLC=((TL-32,)/1,8)~-8,435
NECV=2e1482%{TLC+{837844+(ABSITLC) )*%2,)%¥,5)~120,
VISCL=]1 7/ (1Cs*RECV)

CALCULATIUN OF GAS VISCDSITY
TG=(TDLIN+TDHOUT)/2,
VISCO=FLAGRIX oY e TGel46)

CALCULATIUGN GUF DIMENSIUONLESS NUMBERS
RUG=UPLAUGI®XROG/VISCG
RLL=DFPL%ULI*NOL/VISCL

RLAD(S ¢« 21 JKRUN

FORMAT(LZ)

DU 7. J=1+sKRUN
REAUV(S,22)0PPNIN, PNOUT
FURMAT(3F100)

(=l ot (2,E-CB8%((A60,+TG)/1.8)/(DPR1LE~04))*(2.79+.894*%EXP(=2,47E407
1430P%1e0=0a/{{46J0.4TG)/7148)))
ST=Cx((DP*] E-206)%%2,) xROP*UR/ (9 ,%VISCG*¥DPB)
CALCULATIGN OF PARTICLE PENETRATION
PTTUT=PNOUT/PNIN
PTEXPT=PTTOTH#GUUTHROGIN/(GIN&ROGOUT)
ULNUZ=),.323452USGPM

URMNGZ=ULNUZ +UGOUT
DIC=,,0B% (1 3VISCG) %0 ,2/URNOZ
RLD=DIS+URNOZAROGOUT/VISCG
CORAG=1BaH/REDE*Z 40

IFIRED LT 024} CDHRAG=244/RED

IF(RCDWGE «S00e) CORAG=0.44

ute Rdu'(HLU/CDRA(.*13.L764~V!SCG*( CO0«~ROGOUT ) /ROGOUT*%2 , ) 6% (1,73,
STD=C®((LP* ) b- )G)*#?.)*POP*UTFRMG/(9.*VlSCG*D30)
KPSC=0eJ1 65%L%k% ] o 50B¢GHEC e 745%STD®RK(=0,413)

PISC=&XP(—I*KPSL*(l.SzH)/UGOUT)

PT=PTEXPT/PTSC

CUTHRUT UF THL CALCULATIED RESULTS

CUNTINUE

I?Tglufgé?a.762285*ST*#.80477*REG**(—2.64264)*REL*#2.10754*(H$T/DPB
x 'R 7

PTTHCEG=EXP(-PTCTH*H/UGT)

RMS=29,/18.

SAHMOL=RMS* ¥ C e 5

PTDI=(1 4 +SURMS*¥HUMOUT ) /{1 « + SORMS*HUMI N)

PYDZ2=(1 e +HUMOUT )/ (1 « +HUMIN)

PTO3=(1 ,+RMSEHUMOUT ) Z7( 1 ,+RMSEHUMIN)

PTGTOI=PTTHLO*PTOIL

6¢-0
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PTOTO2=PTTHEO*PTD2

PTOYO3=PTTHEO*PTD3

WRITE(Es53) GeL s HUMINSHUMOUT yDP oPT sPTTHEOSPTD1 +PTOTDL! o PTD2,,PTOTD2,
1PTD3.PTOUTDSI .

FORMAT(L3F1 a4 4/)

LINE=LINL+]

IF(LINC.LT.27) GO TO 70

WRITIZ(LeD4G) DPBJHST

FURMAT(IHL o7 95X s *PACKING SIZE =¢3FOsGe1l Xe*M*»10Xe*STATIC BED HEIGH
1T =9 0FS5e381Xe ™M SX,'(CONTINUED) ,//) )

LINC=C

CUNTINUE

GO TU 79

sSTCP

END

ov-d
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TABLE D.S.

PACKING S1zZE

G

2.1319
2.1319
2.1319
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APPENDIX E

CALIBRATION OF THE AIR ORIFICE METER

A square-edged stainless steel orifice supplied by Foxboro
Corp. was used to measure the air flow rate. It was mounted to the
0.216 m ID (8.5") pipe. The inside diameter of the orifice was 0.1238 m

(4.875"). The ratio of the diameters is, therefore,

B = 0.57353

Pressure taps were flange type.

Total volumetric flow rate through the orifice is given by

Q = ——F Y /25 (E.1)
4 a /1_84 P
where F, is the thermal expansion factor of the orifice metal. For
the purpose of the present study it can be taken as one (page 156,
ASME (1971)). Y 1is the expansion factor for gases and can be written

as

Y = 1 - (0.41 + 0.35 34) AP/PJY (E.2)

P is the pressure drop across the orifice and P1 the static pressure

measured at the inlet pressure tap.

Since, for air, the ratio of specific heats of the gas, v,

can be taken as 1.4



E-2

nd 2

- 0 - C
Qg 1 (1 - 0.32 aP/P,) m/ 2 AP/p (E.3)

In order to determine the actual volumetric flow rate, employing the
method of "centroid of equal areas" the air velocities at 5 positions
corresponding to r/rc = 0.3162, 0.5477, 0.7071, 0.8367 and 0.9487 were
measured by a 0.0079375 m (5/16") standard pitot-tube and a micromano-
meter. Using the average of these velocities, the actual air flow rate

is calculated by

_ 2

QG = uavg Wdc /4 (E.4)
Using this value, coefficient of discharge for the orifice, C, is
evaluated from Equation (E.3) for 12 runs corresponding to different
flow rates. The results are given in Table E.1. The average of these
values is 0.6259 and this value for G is used in Equation (E.3) to

calculate the air flow rate in all the experiments.



TABLE E.1 Experimental Results for the Air Orifice Calibration

Run # Actual Flow Rate, m3/s C

1 . 4694 .619374
2 .4611 .616511
3 .4438 .618386
4 .4145 .613558
5 .3878 .62426
6 .3458 .60371
7 .3341 .62963
8 .3064 .627314
9 .2759 .635376

10 .239 .632013

11 .1945 .645902

12 L1537 .645105
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APPENDIX F

DESIGN OF THE ENTRAINMENT SEPARATOR

Figure F.1 shows a typical zigzag baffle arrangement.
Assuming that particles or droplets are collected at the surface
of the baffle due to the centrifugal force created during change
of direction of gas flow, Jashnani (1975) offered the following

model to predict the collection efficiency of zigzag baffles.

E = 1- exp(- u now e/uG b tan 5) (F.1)
where, u, = drop terminal velocity
n = number of rows (layers) of baffles

w = width of the baffle
8 = angle of the baffle from flow direction, radian

b = distance between the baffles

For calculation of terminal velocity, centrifugal acceleration,

a, should be used.

a = ZuGz/cosze w cot 8 | (F.2)

This model implies that the design variables that affect
performance of the zigzag baffle are the number of rows, width of the
baffle, distance between the baffles and the angle 6. By testing

various values for these variables in order to get poor collection for



the maximum particle size used in this study (5.5 um) and good col-
lection for liquid droplets, in the order of a few hundred microns in

size, the following values have been found to be the optimum.

6 = 30°
n = 4

w = .06m
b = .04 m

Table F.1 gives the predicted efficiencies for various droplet
sizes and superficial gas velocities, using the above values and

Equation (F.1).
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TABLE F.1 Predicted Collection Efficiencies for Zigzag Baffles Used
as Entrainment Separator for the Mobile-Bed Contactor

Per cent efficiency as a function of particle diameter and gas velocity.

TETA = 30. BN = 4, W= 6. B=4.0
Particle diameter in microns, dp
0.3 0.6 1.0 3.0 6.0 10.0 25.0 50.0 100.0 200.0 400.0 800.0
Gas Velocity, ug
cm per sec

100. 0.01 0.03 0.08 0.68 2.71 7.34 37.88 85.11 99.23 100.00 100.00 100.00
200. 0.01 0.05 0.15 1.36 5.34 14,13 61.42 94.86 99.86 100.00 100.00 100.00
300. 0.02 0.08 0.23 2.04 7.90 20.43 76.03 97.07 99.96 100.00 100.00 100.00
400. 0.03 0.11 0.30 2.71 10.39 26.27 83.62 98.16 99.99 100.00 100.00 100.00
500. 0.03 0.14 0.38 3.37 12.81 31.68 86.34 98.77 99.99 100.00 100.00 100.00
600. 0.04 0.16 0.46 4.03 15.17 36.69 88.38 99.14 100.00 100.00 100.00 100.00
700. 0.05 0.19 0.53 4.69 17.47 41.33 89.97 99.38 100,00 100.00 100.00 100.00

-4



APPENDIX G

CALIBRATION OF THE PRESSURE TRANSDUCER

Calibration of the pressure transducer used for pressure
drop measurements across the column was made by a simple U-tube mano-
meter filled with water. It was carried out at static conditions.
The results are presented in Table G.1 and in Figure G.1. The

straight line in Figure G.1 corresponds to the following equation:

AP = 1.27638(mV - 10) (6.1)

where pressure drop is given in units 'cm H,0".
'



TABLE G.1 Calibration of the Pressure Transducer

AP, cm H20 mV
.0 10.00
.53 10.46

1.32 11.03
2.51 11.91
3.6 12.78
5.41 14.14
6.68 15.16
8.15 16.32
8.2 16.34
9.68 17.53
11.43 18.89
13.05 20.25
15.16 21.8

17.02 . 23.21
19.23 24.96
21.26 26.57
23.82 28.43
26.44 30.5

27.79 31.69
29.95 33.45
31.5 34.6

33.15 35.88
34.72 37.22
36.6 38.73
37.82 39.68

39.55 41.07
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APPENDIX H

PRIME CALIBRATION OF THE PARTICLE COUNTER

The Royco Model 202 particle counter must be calibrated
periodically. The manufacturers suggest calibration at six month
intervals. Due to the high level of use in the present study, this
check was made every two weeks. During the whole course of the
present work the counter showed a steady and dependable performance.

Prime calibration is carried out by passing particles of
known size through the particle counter, comparing the indicated size
distribution with a known distribution, and making any necessary
calibration adjustments.

Polystyrene latex particles produced by Mr. M. Inoue, Pulp
and Paper Research Institute of Canada, were used in this process.
These particles were spherical, exceptionally monodispersed and with
known physical constants, such as density (1.05 gm/cms) and index of
refraction (1.595). Three different sizes (0.482, 1.06 and 2.0 um*)
were used, Figure H.1l shows electron micrographs of 0.482 and 1.06 pum
particles. The high monodispersity of these latex particles, as shown
in this photograph, provides a dependable test for calibrating the
particle counter.

These latex particles were dispersed by filtered and compressed
dry air stream using a particle generator shown in Figure H.2. The
input air causes a partial reduction in pressure over the jet which is

half submerged into the aerosol solution so that the aerosol solution

* Other 2.0 um latex particles supplied by Dow Chemical Co. were also
used for prime calibration.
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is drawn out of the jet and dispersed as a fine mist in which latex
particles are carried. By passing the mist through a dryer tube,
water evaporates and the end result is a fine dispersion of the latex
particles.

From the dryer tube the particles go into the counter.
Monitoring the size ranges around the known size of the latex particles,
the necessary adjustments to the particle counter can be made so that
the size distribution obtained by the counter coincides with the known
distribution of the particles. Details of these adjustments are

discussed in the manufacturers' service manual.



dp=1.06 microns

FIGURE H.1. Scanning electron microscope
photographs of latex particles

Magnification 6307 X
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APPENDIX I

CALIBRATION OF THE SAMPLING SYSTEM

A sampling system was designed to provide isokinetic sampling
conditions for particle analysis (Figure 5.11). Decrease of velocity
of the aerosol stream while passing through the diverging section of this
set-up overcame the difficulty imposed by the constant sampling rate
requirement of the Royco particle counter. Since the velocity in the
secondary sampling probe, which was connected to the counter, was always
constant, 0.4 m/s, by sliding this probe inward or outward the position
of its tip was adjusted at the point where the velocity of the main
sampled aerosol stream was also 0.4 m/s. In order to speed up this
procedure during the experiments a graph was prepared (Figure I.1).
After the sampling flow rate was calculated from the velocity measure-
ments at the inlet or outlet of the mobile-bed column, and the rotameter
was adjusted accordingly, using this flow rate, the position of the
secondary probe was found from Figure‘I.l and necessary adjustment was
made.

The rotameter used in the sampling system was manufactured
by Brooks Inst. Div., Emerson Electric Co., Markham, Ontario, (Tube No.
R-6-25-B, steel float). It was calibrated using a dry test-meter.

Calibration curve is given in Figure I.2.
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APPENDIX J

PRESSURE DROP AND PARTICULATE RECOVERY

STUDIES IN A SPRAY COLUMN

In order to account for particle collection between the
liquid distributor and the top of the mobile-bed, and thus to evaluate
particle penetration in active MBC volume from Equation 6.2, the amount
of particle collection in the spray column section above the bed must
be known. For this reason, the packing was removed so that the entire
column of the present study then served as a spray column of height 1.5 m
between the liquid inlet distributor and the lower support grid.
The results of pressure drop measurements and particle collection

experiments are discussed below.

J.1. Pressure Drop

As the assumptions summarized at the beginning of section 6.1.2
are also valid for a spray column, the overall momentum balance yields

the following equation:

AP = PL hL g H (J.1)
Liquid holdup in a spray column can be expressed as

hL=L/DLuLd (J.2)

where Uy is the velocity of liquid droplets with respect to a

stationary coordinate system, i.e.

(J.3)



Combining Equations J.1, 2 and 3:

AP =L g H/(up - up) (J.4)

In order to estimate the terminal velocity of drops, Urs required for
Equation J.4, the size of the drops should be known. This was
evaluated using the equation suggested by Merrington and Richardson

(1947),

d., =22 b (3.5)

Volume mean diameters thus evaluated were used to find Urs
up = (pr - 0)g d5y/18 (3.6)
T= WYL " Pg’s “30/°° Hg :

which was then used to calculate pressure drop from Equation J.4.

The agreement between measured pressure drop values and those
obtained by Equation J.4 for low and intermediate liquid flow rates
(L=4.7, 9.4 and 14.1 kg/mz-s) is very satisfactory. Figure J.1 shows
experimental data for these liquid flow rates and the predictions made
by Equation J.4 (solid lines).

At high liquid flow rates (18.8 and 23.5 kg/mz-s), however,

~ the model described above predicts lower pressure drops than measured

experimentally. This is not surprising because liquid holdup at such
very high liquid flow rates can no longer be evaluated by Equation J.2,
due to the change in break-up length of liquid jets, which changes the
overall characteristics of the column. In fact, such high liquid flow

rates are not common for a conventional spray column. Nevertheless,

02
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pressure drop data for these high liquid flow rates were correlated

by two following equations:
_ 2
For L =18.8 kg/m -s
Ap =35.1 G - 25.9 (J.7)
- 2
For L =23.5 kg/m"-s

AP =30.8 G +101.7 (J.8)

J.2. Particulate Recovery

A model for particle collection in a spray tower can be derived
by making a material balance over a differential element of volume.

This procedure requires the following basic assumptions:

1) Operation 1s steady state;

2) Water droplets are dispersed uniformly throughout
the tower volume;

3) No droplet interactions exist and the overall
collection efficiency can be computed by
integrating over all of the individual drops;

4) All liquid drops are assumed to be spherical,

i.e. no distortions

Using assumption 2, material balance over differential volume element

gives:

Ll d2

30
_ + = _
ug S np/z u; S, np/z Az Cd{Em np up =3 }SC dz  (J.9)
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where Cd is the droplet concentration and Em is the mean droplet

efficiency. Integrating Equation J.9

2
Pt = exp {—Cd Em uT T d30 H/4 uG} (J.10)

Due to assumptions 3 and 4, concentration of the droplets in the column

is
C.—h/(r d>./6) (J.11)
d= "V T30

or,

3
Cd =6 L/pL (uT - uG)ﬂ d30 (J.12)

Substituting Equation J.12 into J.10:

é_gé_ up Em H
2 Q; (up - ug) dgy

Pt = exp {- } (J.13)
Sparks (1971) obtained the same equation by a different approach.

By choosing a cylindrical axial volume with diameter equal to volume
mean droplet diameter in the column, he arrived at the same expression
for particle penetration given as Equation J.13. It may be soted that
Em in this equation can be predicted theoretically, as explained in
section 2.2.1.1. Figure J.2 shows the dependence of Em on Stokes
number and is computed theoretically by Allen (1975).

Instead of using this expression directly to evaluate pene-
tration in the spray section, experiments with ferrous sulphate particles
were performed to verify the validity of the expression for Pt. It was
found that the use of Equation J.13 did not predict the experimental

results. The first aspect to be questioned was the validity of Equation

J.5 to evaluate volume mean diameter of droplets. However, the
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FIGURE J.2. Dependence of theoretical particle collection efficiency of liquid
droplets on Stokes number '
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pressure drop predictions made using this equation agreed with the
experimental pressure drop measurements for at least low and inter-
mediate liquid flow rates. This validation with respect to pressure
drop indicates that this cannot be the only reason for the failure of
Equation J.13. Therefore, these experimental findings show that the
problem must be with the validity of assumptions 2, 3 and/or 4 made
to derive Equation J.13. Consequently, it is seen that, even for the
simplest gas-liquid contactor, a counter-current spray column, a micro-
écopic model may give incorrect results due to some invalid assumptions
which it was necessary to introduce because of lack of precise infor-
mation on gas-liquid contacting phenomena in the column. Furthermore,
this shows that use of the theory which involves a particle transfer
coefficient, kp’ as developed in Chapter 4, is a more appropriate
approach than most of the models currently used for various gas-liquid
contactors.

Experimental data obtained from 72 runs for the unit operated
as a spray column were, therefore, used to obtain the particle transfer

coefficient, k from Equation 4.3.5. Values of k C thus

p,SC’ P,S

calculated are correlated by the following equation

_ 1.508 .0.745 . -0.413
k, sc = 0.0165 L G St4 (J.14)

where

2
= !
Sty =c dP pp ur/9 Mg d30 (J.15)
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Experimental results, calculated values of k and predicted particle

p,SC
penetration from equations 4.3.6 and J.14 are given in Table J.1.
Figure J.3 shows typical experimental results for 3.5 um particles.
Solid lines in this figure are not correlations of each set of runs
but, rather, correspond to the predicted penetration using Equation J.14.
It is interesting to note that, over the range of liquid flow
rates studied, particle penetration may either increase or decrease with
gas flow rate. Two opposing phenomena occur simultaneously as gas
velocity increases, i.e. penetration tends to decrease due to increase
in inertial collection efficiency of drops, but tends to increase due
to shorter residence times of the gas phase as interstitial velocities
of both phases increase. Of these opposing effects, the former is
predominant for L up to 9.4 kg/mz—s, the latter for L = 14 kg/mz-s and
higher. Although it is interesting that the data of the present
investigation are sufficiently accurate to show the changeover from one
effect to the other predominating, Figure J.3 also indicates that, for
practical purposes, penetration is effectively independent of gas
velocity. This factor suggests design and operation of a spray column
used for particulate recovery should be at the highest gas velocity
consistent with stable operation and acceptable liquid carry-over.
Figure J.4 shows the agreement between experimental particle

penetration data and those evaluated using Equations J.14 and 4.3.6.



TABLE J.1. Experimental Results and Estimated Penetration
of Ferrous Sulphate Particles in Spray Column at

Conditions without Diffusiophoresis

L G St Pt kK Pt

exp p,SC est
kg/m’-s  kg/m’-s _
d = 2.5 Um
P
4.710 2.684 0.106 .8941 0.167 .95094
4.710 3.197 0.119 .9528 0.086 .9059
4.710 3.724 0.130 .9069 0.202 .9035
4.710 4.034 0.139 .8768 0.295 .9003
4.710 4.676 0.152 .8908 0.300 .8975
9.420 2.665 0.150 .8973 0.160 .7163
9.420 3.190 0.163 .7906 0.416 .7143
9.420 3.677 0.174 .8258 0.391 .7129
9.420 4,034 0.183 .6789 0.868 .7095
9.420 4.618 0.195 .8864 0.309 .7068
14.123 2.656 0.194 .4408 1.209 .4790
14.123 3.185 0.207 .5070 1.202 .4823
14,123 3.665 0.218 L5137 1.356 .4852
14.123 4,036 0.227 .4314 1.885 .4844
14.123 4.607 0.239 .4528 2.028 .4846
18.831 2.657 0.238 .1285 3.029 .2671
18.831 3.188 0.251 .1801 3.036 .2749
18.831 3.667 0.261 .2091 3.188 .2813
18.831 4.035 0.271 .1816 3.824 .2823
18.831 4.599 0.283 L2131 3.950 .2856
23.539 2.671 0.282 .0139 6.345 .1234
23.539 3.206 0.295 .0168 7.278 .1314
23.539 3.670 0.305 .0476 6.208 .1371
23.539 4.050 0.314 .0550 6.526 .1399
dP 3.5 um
4.710 2.684 0.205 .8196 0.297 .8305
4,710 3.197 0.229 .8684 0.251 .8239
4.710 3.724 0,250 .7012 0.734 .8195
4,710 4.034 0.267 .7902 0.528 .8140
4.710 4.676 0.292 .7859 0.626 .8090
9.420 2.665 0.289 .7680 0.391 .5201
9.420 3.190 0.314 .6242 0.835 .5168
9.420 3.677 0.335 .5168 1.348 .5148
9.420 4,034 0.352 .4978 1.563 .5104
9.420 4.618 0.376 .5712 1.437 .5064
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L G St Ptexp kp,SC Ptest
kg/mz—s kg/mz—s _ -
= 3. m
dp 3.5 u
14.123 2.656 0.374 .2178 2.249 .2364
14.123 3.185 0.419 .2800 2.252 .2222
14.123 3.665 0.419 .2888 2.529 .2420
14.123 4.036 0.436 .2598 3.022 .2416
14,123 4.607 0.460 .2480 3.569 .2418
18.831 2.657 0.459 .0490 4.452 .07506
18.831 3.188 0.483 .0665 4.801 .07943
18.831 3.667 0.503 .0907 4.890 .08310
18.831 4.035 0.520 .0971 5.228 .08390
18.831 4.599 0.544 .1030 5.808 . 08581
23.539 2.671 0.542 .0042 8.121 .01656
23.539 3.206 0.567 .0057 9.203 .01875
23.539 3.670 0.587 .0150 8.563 .0203
23.539 4.050 0.604 .0133 9.720 .0212
=4, m
dp 4.5 p
4.710 2.684 0.335 .5697 0.839 .7349
4.710 3.197 0.375 .5748 0.983 .7252
4,710 3.724 0.409 .4843 1.500 .7188
4.710 4.034 0.437 .6023 1.136 L7107
4.710 4.676 0.478 .5756 1.435 .7033
9.420 2.665 0.473 .4600 1.150 .3381
9.420 3.190 0.514 .3438 1.892 .3346
9.420 3.677 0.547 .3596 2.089 .3324
9.420 4.034 0.575 .3652 2.257 L3277
9.420 4.618 0.614 .3740 2,523 .3234
14.123 2.656 0.612 .1010 3.383 .0912
14.123 3.185 0.652 .1416 3.459 .09348
14.123 3.665 0.685 .1687 3.623 .09506
14.123 4.036 0.713 .1070 5.011 .0948
14.123 4.607 0.752 .1492 4.869 .09493
18.831 2.657 0.751 .0146 6.239 .01363
18.831 3.188 0.791 .0292 6.258 .01497
18.831 3.667 0.822 .0323 6.993 .01614
18.831 4.035 0.851 .0438 7.012 .01640
18.831 4.599 0.890 .0394 8.263 .01702
23.539 2.671 0.888 .0029 8.670 .001104
23.539 3.206 0.927 .0026 10.602 .001366
23.539 3.670 0.960 .0090 9.604 .001557
23.539 4.050 0.988 .0039 12.480 .001674
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